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Abstract: This study provides new insights into sustainable fuel production by upgrading of bio-
derived oxygenates by catalytic hydrodeoxygenation (HDO). HDO of ethylene glycol (EG),
cyclohexanol (Cyc), acetic acid (AcOH), and phenol (Phe) was investigated using a Ni-
MoS:2/MgAlLQOs catalyst. In addition, HDO of a mixture of Phe/EG and Cyc/EG was studied as a first
step towards the complex mixture in biomass pyrolysis vapor and bio-oil. Activity tests were
performed in a fixed bed reactor at 380-450 °C, 27 bar Hz, 550 vol ppm H>S, and up to 220 h on
stream. Acetic acid plugged the reactor inlet by carbon deposition within 2 h on stream, underlining
the challenges of upgrading highly reactive oxygenates. For ethylene glycol and cyclohexanol,
steady state conversion was obtained in the temperature range of 380-415 °C. The HDO macro-
kinetics were assessed in terms of consecutive dehydration and hydrogenation reactions. The results
indicate that HDO of ethylene glycol and cyclohexanol involve different active sites. There was no
significant influence from phenol or cyclohexanol on the rate of ethylene glycol HDO. However, a
pronounced inhibiting effect from ethylene glycol on the HDO of cyclohexanol was observed.
Catalyst deactivation by carbon deposition could be mitigated by oxidation and resulfidation. The
results presented here demonstrate the need to address differences in oxygenate reactivity when
upgrading vapors or oils derived from pyrolysis of biomass.

Keywords: Hydrodeoxygenation (HDO); ethylene glycol; acetic acid; cyclohexanol; phenol;
molybdenum sulfides; biomass
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1. Introduction

Fast pyrolysis is a well-known method for converting solid, lignocellulosic biomass such as
wood and straw into bio-oil, a potential liquid hydrocarbon fuel [1]. Different catalytic processes can
be coupled with fast pyrolysis in order to improve particularly the heating value and the stability of
bio-oil. Such catalytic upgrading can be integrated in the pyrolysis step as in catalytic fast pyrolysis
or catalytic fast hydropyrolysis [2—4], and/or downstream as catalytic hydrodeoxygenation (HDO)
[5,6]. This downstream hydroprocessing can be performed either on pyrolysis oil vapors or on the
condensed bio-oil.

Several HDO studies on various model compounds, in particular phenolic ones, have shown
that a broad range of catalysts can be used for bio-oil HDO. An overview of these studies can be
found in recent review articles [5-7]. In real biomass pyrolysis vapors and condensed bio-oil,
aromatic and aliphatic compounds co-exist, exhibiting many different oxygen functionalities such as
alcohol, aldehyde, ketone, ester, carboxylic acid groups or furans and phenols [8-10] . The reactivity,
and hence also the instability, of these functionalities has been mapped out in various studies
[5,11,12], indicating that the most reactive bio-oil constituents originate from the cellulosic part of
biomass.

In a next step, it is particularly relevant to study the HDO of both cellulose and lignin derived
model compounds to understand the competitive reactions occurring during HDO of real feedstocks.
Dwiatmoko et al. [13] have shown that the HDO of guaiacol over a Ru/C catalyst in a batch autoclave
at 270 °C was strongly suppressed by the presence of furfural, when the molar furfural/guaiacol ratio
was increased above 0.47. This was explained by competitive adsorption, which was also observed
for 5-hydroxymethylfurfural. Ryymin et al. [14] reported competitive adsorption of methyl
heptanoate and phenol over a sulfided NiMo/Al20s catalyst operated at 250 °C in a batch reactor.
Boscagli et al. [15] performed HDO of phenol and D-glucose in a batch autoclave at 340 °C over
supported Ni and Ru catalysts. D-glucose was readily converted in water and in bio-oil. Phenol
conversion, however, was strongly suppressed in bio-oil. Their results show that not only the activity,
but also the selectivity to reaction products depended on the reaction medium. To investigate such
interactions further, studies are required that are conducted in continuous flow and step by step
allowing to process more complex reaction mixtures.

In this work, a sulfided NiMo catalyst with MgAl2:Os as water and sulfur tolerant support was
used to study the HDO of cellulose and lignin type model compounds in a continuous flow, fixed
bed reactor (EG: ethylene glycol, Cyc: cyclohexanol, Phe: phenol, and AcOH: acetic acid). Water
tolerance is important, since oxygen is removed as water in HDO. Deoxygenation can alternatively
also occur by other reactions such as decarbonylation or decarboxylation. Sulfur tolerance is
important, as biomass contains sulfur [16,17], which is a known poison to transition metal based
catalysts. Macro-kinetic models were derived to quantify the reactivity and selectivity of the
conversion of the C2 and Cs alcohols. The results show the importance of studying more complex
reaction mixtures during HDO of oxygenated species when upgrading vapors or oils derived from
fast pyrolysis of biomass.

2. Results
2.1. Reaction Thermodynamics

HDO reactions are typically exothermic, with a significant contribution from hydrogenation
reactions. This is also the case for the HDO of phenol into cyclohexane (AH = -290 kJ/mol at 380-450
°C), of ethylene glycol into ethane (AH = -190 kJ/mol at 380-450 °C), and of cyclohexanol into
cyclohexane (AH = -84 kJ/mol at 380-450 °C), calculated with HSC Chemistry v. 9.4.1. The theoretical
adiabatic temperature rise that would occur from these reactions in the given experiments would be
165-195 °C from ethylene glycol HDO (Phe/EG, EG), 45 °C from phenol HDO (Phe/EG), and 15-50 °C
from cyclohexanol HDO (Cyc/EG, Cyc). The reactor temperature did in fact increase rapidly (by up
to 16 °C) when the liquid feed was started (Figure S3). The temperature could however be controlled,
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as the reactor was not operated adiabatically, and to some extent also due to deactivation and
occurrence of endothermic reactions, such as cracking.

2.2. Reaction Schemes

Based on the experimental results for conversion of ethylene glycol over sulfided catalysts, the
HDO reaction pathway for ethylene glycol has been assumed to consist of a series of consecutive
dehydration and hydrogenation reactions (Scheme 1). Acetaldehyde is expected to form via the
tautomerization of ethenol (vinyl alcohol), and both compounds can be hydrogenated to form
ethanol. In other experiments, where an extended gas analysis was performed, acetaldehyde was
detected in the product gas from ethylene glycol HDO over sulfided catalysts. CO and CH4 can form
from the decarbonylation of acetaldehyde, but cracking of ethylene glycol also occurred, giving a
yield ratio of CO/CHs > 1. CO2 can form from the water gas shift (WGS) reaction. The MgALO4
support catalyzes dehydration and alcohol condensation reactions [18].
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Scheme 1. Different reaction paths for the conversion of ethylene glycol into various Ci, Cz, and Cs+
products; in blue: target reactions and in red: side reactions. A indicates additional heat. Cz.ox is used
as a lumped term for ethylene glycol, ethenol, acetaldehyde, and ethanol. Reactions 1a and 24 are

included in the macro-kinetic model, see section 4.5.

Based on the results from the activity tests, the conversion of cyclohexanol was assumed to
follow a dehydration step forming cyclohexene, which could then be hydrogenated to cyclohexane
(Scheme 2). Dehydrogenation into benzene was not observed, although it is thermodynamically

D la

Scheme 2. Possible reactions of cyclohexanol HDO. AH = 41 kJ/mol (reaction 1b) and -124 kJ/mol

favorable.

(reaction 2b) at 380-450 °C. Reactions 1b and 2b are included in the macro-kinetic model, see section

4.5.

~
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2.3. HDO of Ethylene Glycol

HDO of pure ethylene glycol and mixtures of phenol/ethylene glycol and cyclohexanol/ethylene
(EG, Phe/EG, Cyc/EG) and that of the phenol/ethylene glycol mixture after catalyst reactivation
(Phe/EG-ReAct, see Section 2.4) was performed in a continuous flow, fixed bed reactor at 40 barg and
380 to 450 °C (see section 4). The conversion of ethylene glycol (Figure 1) was close to 100 % at 450 °C
in the beginning of each experiment, except for the reactivated catalyst, where it was 86 %.
Deactivation however occurred, and a decrease in conversion was observed before the temperature
was decreased to 420 °C (at time on stream (TOS) = 24 h). Steady state activity was obtained at the
subsequent temperature set points of 400, 390, and 380 °C. Increasing the temperature from 380 °C to
410 °C after 170 h (EG and Phe/EG), did not allow for steady state operation in terms of product
yields, and continuous deactivation was observed (Figure 2). As the temperature was brought back
to the initial set point of 450 °C, the conversion increased to 88-95 %. It was thus slightly lower than
the initially obtained conversion and continued deactivation was evident from the product yields
(Figure 2).

The reaction temperature was identical (within <2 °C) for the experiments with pure ethylene
glycol and the Phe/EG mixture. The temperature was however notably lower (up to 10 °C) when
cyclohexanol was present in the feed, which affected the conversion and yields accordingly. This
lower temperature was due to the endothermic dehydration of cyclohexanol.

-8-EG —*-Cyc¢/EG -o-Phe/EG -C--Phe/EG-ReAct

100
mE
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— 60
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- 3]
» 40 =
x <
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f/:.c )
450°C 420°C 400°C 390°C | 380°C N d 450°C
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Figure 1. Conversion of ethylene glycol, Xtc, from experiments with pure ethylene glycol and
mixtures of cyclohexanol/EG and phenol/EG, and with the phenol/EG mixture after catalyst
reactivation (Phe/EG-ReAct, see Section 2.4). For experimental conditions, see Materials and Methods
section 4.4, Table 6. Set point temperatures are shown. For Phe/EG-ReAct, the step at 390 °C was
extended by 15 h (not indicated in the figure for simplicity), until a step at 280 °C was introduced.

Figure 2 shows the yields of Ci-C2 gas products. The yield of CO2 was = 1-5 % during the initial
deactivation period and <0.5 % at the subsequent steady states. There was an initial (TOS < 10 h)
decrease in the yield of ethane and a corresponding increase in ethylene (Figure 2a-b). This initial
deactivation in hydrogenation activity was presumably caused by loss of SH-groups from the active

edges of the promoted MoS: particles [19], while carbon deposition also contributed to the overall
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deactivation. During steady state operation at 380-400 °C, the yields of ethane and ethylene,
respectively, were below 5 %. The yields obtained immediately after returning to 450 °C at 200 h were
approximately the same as obtained at 24 h, at the end of the initial 450 °C operation period,
supporting the observation that steady state activity was obtained during 70-170 h on stream with
little further deactivation during this period.

CO was the main cracking product formed (Figure 2c-d). The C2/C1 yield ratio obtained in the
experiments (Figure 3) increased linearly with decreasing temperature, showing the enhanced
cracking at elevated temperature. The higher variations in the C2/C1 ratio at lower temperatures was
caused by greater relative fluctuations in the measured concentration of C1 products.

The combined yield of propane and propylene was < 10 % during the initial deactivation period
(450-420 °C, 0-70 h). However, at the subsequent steady state period (380-400 °C, 70-170 h), this
number was less than 1 %, and it remained low (< 2%) during the remainder of the activity tests,
indicating that active sites (probably acid sites) responsible for carbon-carbon bond formation had

been deactivated.
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Figure 2. Carbon based yields of: (a) Ethane; (b) Ethylene; (c) CO; (d) CHa from the conversion of
ethylene glycol in experiments with pure ethylene glycol and mixtures of cyclohexanol/EG and
phenol/EG. For experimental conditions, see Materials and Methods section 4.4, Table 6. Set point

temperatures are shown (see also Figure 1).
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Figure 3. Selectivity towards HDO compared to cracking expressed as the C2/Ci gaseous product ratio
as a function of measured reaction temperature from the conversion of ethylene glycol in experiments
with pure ethylene glycol and mixtures of cyclohexanol/EG and phenol/EG. For experimental
conditions, see Materials and Methods section 4.4, Table 6. Data taken from the final 5 h of each

operating temperature. Error bars show two standard deviations.

Calculated first order rate constants for each reaction temperature and fitted Arrhenius
parameters based on these rate constants (for reactions 1a and 2a) are listed in Table 1, see section 4.5
for macro-kinetic model. Based on the evaluation of the Mears' criterion and the effectiveness factor
[20] (Figure S4), it was concluded, that the experiments were conducted without significant external

or internal diffusion limitations.

Table 1. First order rate constants as a function of reaction temperature, and apparent activation
energies and rate constants at the mean temperature of 395 °C for the conversion of ethylene glycol
(reactions 1a and 2a) as pure compound and in mixture with phenol and cyclohexanol. For
experimental conditions, see Materials and Methods section 4.4, Table 6. For macro-kinetic model,

see section 4.5.

TOS T k’la'lO3 ,2u‘103 Ea,la Ea,Zu k’la,mean'1O3 k’Zu,mean'103

Experiment [h] [°C [L/(min-g)] [k]/mol] [L/(min-g)]
1
90-104 399 164 271
EG 134-139 388 124 264 93.3 8.15 15.0 269

165-170 377 9.41 258

99-104 397 14.2 250
Phe/EG 134-139 386 10.8 235 959 221 13.6 248
165-170 376 8.15 220

148-153 388 12.6 78.4
Phe/EG-ReAct! 141 323 16.4 83.3
173-178 377 8.19 71.1

64-69 413 222 336
Cyc/EG 85.4 2.43 14.8 332
85-90 390 13.3 331
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1 After catalyst reactivation, see Section 2.4.

The thermodynamic equilibrium of reactions 1a and 24 is fully shifted towards the product side
at the applied operating conditions (calculated with HSC Chemistry v. 9.4.1.). Incomplete conversion
of ethylene glycol was however obtained during steady state operation and ethylene and ethane were
formed at similar yields (Figure 1-Figure 2). Thus, the reaction mixture was far from equilibrium,
possibly partly due to the initial loss of hydrogenation activity. The hydrogenation of ethylene had a
low apparent activation energy of 2.4-32 k]J/mol and a rate constant, k’2smean, which for the fresh
catalysts was 18-22 times larger than that of the initial dehydration and hydrogenation of oxygenates
into ethylene, k’ismean. Although this fast hydrogenation of ethylene was probably affected by mass
transfer limitations, giving a low apparent activation energy, the trend in reactivity remains
unaffected.

The kinetics of ethylene glycol HDO were rather similar for ethylene glycol as pure feed or in
the presence of phenol or cyclohexanol, especially for the first dehydration and hydrogenation step
where k’1amean= 14-16-103 L/(min-g) and Ea1. = 85-96 kJ/mol, suggesting that no inhibition of ethylene
glycol HDO from phenol or cyclohexanol occurred (Figure S5a). The hydrogenation of ethylene was
more affected by the presence of phenol or cyclohexanol (Figure S5b). Cyclohexanol seemed to have
a slight promoting effect, while phenol seemed to have a slight inhibiting effect. Phenol is expected
to adsorb strongly onto the support [21,22], which may block the accessibility to active edge sites
responsible for hydrogenation and deoxygenation (brim sites and vacancies)[23-25], and thereby
limit this activity. Cyclohexanol dehydration is suggested to occur over the acid sites of the support,
and it is possible that this occupation of acid sites has prevented coke formation, keeping
hydrogenation sites accessible.

The reactivated catalyst showed a decreased hydrogenation rate and a significantly higher
barrier for the initial ethylene glycol dehydration and hydrogenation, as k’2smean decreased from 248-
332-103 L/(min-g) to 83-10° L/(min-g) and Ea1. increased from 85-96 kJ/mol to 141 kJ/mol (Table 1).
This may be due to changes in the active phase (see below).

2.4. Catalyst Reactivation

If HDO of biomass feedstocks occurs during pyrolysis (as in catalytic fast hydropyrolysis), the
operating temperature should not be increased markedly, as this would favor gas formation and limit
the oil yield [1]. This means that catalyst reactivation cannot be performed analogously to
conventional hydrotreating, in which catalyst activity can be maintained by continuously increasing
the reaction temperature until the end of run temperature (the upper limit allowed by the equipment)
is reached [26]. If HDO on the other hand is carried out downstream of a pyrolysis unit, it allows for
a greater flexibility in the choice of operating temperature, as this step is decoupled from the
pyrolysis.

At the end of a catalytic cycle in conventional hydrotreating it is possible to regenerate the spent
catalyst ex-situ by combustion of deposited coke and reload it into the reactor [27]. Such an ex-situ
regeneration could be particularly suitable for HDO catalysts, where deactivation is faster. To test
this, the catalyst tested for HDO of the phenol/ ethylene glycol mixture was reactivated in-situ in the
reactor setup. Deposited carbon was removed in an oxidation step (545 °C in 7.6 % Oz in N, Figure
S9), which left the active sulfide phase in a partially oxidized state requiring a resulfidation step to
convert the resulting MoOxSy phase back into the active MoS: phase. The concentrations of NOx
(negligible), CO, COz, Oz, and SOz where monitored using an Emerson NGA 2000 gas analyzer. The
carbon deposition on the catalyst was calculated based on the flow of N2 and Oz into the system and
the measured concentrations of oxidation products and Oz, giving a carbon deposition of 15.4 wt%.
After resulfidation, the catalytic activity was measured again (EG/Phe-ReAct, Figure 1 and Figure 4).
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Figure 4. Carbon based (a) Cz yield; (b) C2/Ci ratio; (c) Ethylene yield, and (d) Ethane yield for the first
125 h on stream, were the reaction temperature was the same. Based on ethylene glycol. 1% run
(Phe/EG) and 2M run (reactivated catalyst, Phe/EG-ReAct). For experimental conditions, see Materials
and Methods section 4.4, Table 6. Set point temperatures are shown (see also Figure 1). For conversion,

see Figure 1.

Overall, reactivation of the catalyst was possible, as the yield of deoxygenated C: species of the
reactivated catalyst (24 run) was similar to the yield of the fresh catalyst (1st run). However, the
reactivated catalyst showed a different rate of deactivation (especially at < 50 h). After a period of
around 50 hours with deactivation, the Cz yields from the 1t and 2" run were similar (Figure 4a). The
reactivated catalyst showed a different product selectivity with less cracking (Figure 4b) and less
hydrogenation (Figure 4c and d). Particularly the hydrogenation activity was markedly lower for
the reactivated catalyst. The reactivated catalyst’s poorer activity for ethylene glycol HDO was
evidenced by the increase in activation energy for the initial dehydration/hydrogenation, Ea 1, from
96 to 141 kJ/mol, and by the decrease in the rate constant for hydrogenation, k’z,mean, from 248-10- to
83-10° L/(min-g) (Table 1).

The size distribution of the active MoS2 particles was obtained from analyses of TEM images
(Figure 5 and Figure 6) of the spent catalysts from the experiment with pure ethylene glycol (EG) and
with the phenol/ethylene glycol mixture including the reactivation step (Phe/EG-ReAct). The results
indicate that some degree of sintering occurred during the reactivation process. In line with previous
results [19], the observed average length (Figure 6a) and stacking (Figure 6b) for both spent catalysts
were 5.1-5.3 nm and 1.2-1.4 nm, respectively. The majority of the observed sulfide particles in the
spent catalyst samples were distributed as short monolayer slabs. The maximum degree of stacking
was 3 for the non-reactivated catalyst, while several multilayer slabs with stacking degrees of 4-10
were observed in the reactivated spent sample (Figure 6b). These multilayer slabs were also longer
than in the non-reactivated sample, as evidenced from the longer tail at >10 nm (Figure 6a).
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276 As aresult of the apparent sintering during catalyst reactivation, the concentration of active edge
277  sites and brim sites (present at the top layer) has decreased, while the concentration of MoS: present
278  ininactive bulk and basal plane positions has increased.

279
280
281 Figure 5. TEM images of the sulfided NiMo/MgAlL:Os catalyst after the experiments: (a) EG; (b)
282 Phe/EG-ReAct.
283
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40
| (a)
S 30 ~
o i
=
g 20 1
=3
é i
10 A
0 4
F oY EYSPE RS ZoOCSE DS DR o 2
R R R
284 Slab length [nm]
100
— 80
=
g 60 £
-] z
@ ]
& 5
2 40 E
=3
20 8 9 10
0 T T
| 2 3 4 5 6 7 &8 9 10
285 Stacking [-]
286 Figure 6. Particle size distribution for spent catalysts from experiments EG and Phe/EG-ReAct: (a)

287 Slab length; (b) Stacking. Based on > 700 slabs in > 40 TEM images for each sample.
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288

289 The composition of the catalysts from the EG and Phe/EG-ReAct experiments is shown in Table
290 2. The molar Ni/Mo ratio was 0.3 (same as the fresh catalyst) in the non-reactivated spent catalyst
291  from the EG experiment, whereas it had increased to 0.5 for the reactivated catalyst, indicating loss
292  of Mo. MoOs, which is formed during the initial oxidation stage of the regeneration, can be converted
293  into volatile molybdenum hydroxy oxides in the presence of water [27,28]. Therefore, the oxidation
294  conditions should be carefully controlled (low heating rate and high air flow) to limit the surface
295  concentration of water formed during the combustion of carbonaceous materials from the catalyst.
296  Especially the loss of brim sites along with the loss of Mo explains the loss of hydrogenation activity
297  in the reactivated catalyst.

298
299 Table 2. Composition of the spent catalyst after long term experiments.
TOS Mo Ni Ni/Mo S C S/Mo
Experiment [h] [wt%] [wt%] [molar] [wt%] [wt%] [molar]
EG 221 2.55 0.46 0.29 1.71 18.8 2.00
Phe/EG-ReAct! 220(2~d)  1.45 0.44 0.49 2.40 11.3 4.96
300 1 After catalyst reactivation.
301
302
303 2.5. HDO of Cyclohexanol
304 HDO of cyclohexanol was performed on both the pure compound (Cyc) and as a
305  cyclohexanol/ethylene glycol mixture (Cyc/EG), see Figure 7.
306
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308 Figure 7. Carbon based product yields from the conversion of (a) Pure cyclohexanol (Cyc); (b) A
309 cyclohexanol/ethylene glycol mixture (Cyc/EG). Based on cyclohexanol. For experimental conditions,
310 see Materials and Methods section 4.4, Table 6. The conversion of cyclohexanol for the pure
311 compound (a) was 299.5 % during the entire time on stream and is therefore not shown. Set point
312 temperatures are shown.
313
314 Pure cyclohexanol was almost fully converted (Xcyc 299.5 %) during the entire duration of the

315  activity test at 390-450 °C and a WHSV of 18 h-! (Figure 7a). Cyclohexene and cyclohexane were the
316  dominant products, only trace amounts of cyclohexanone were detected (not shown). The yield of
317  cyclohexene was 60-80 % and that of cyclohexane was 14-30 %. There was an initial decrease in the
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yield of cyclohexane and increase in cyclohexene indicating some deactivation of hydrogenation
activity as observed for the conversion of ethylene glycol. The first dehydration step of cyclohexanol
into cyclohexene (reaction 1b) was very fast with a conversion above 90 % (Table 3). The measured
rate may therefore be affected by mass transfer limitations.

Table 3. First order rate constants as a function of reaction temperature, and apparent activation
energies and rate constants at the mean temperature of 395 °C for the conversion of cyclohexanol
(reactions 1b and 2b) as pure compound and in mixture with ethylene glycol. For experimental

conditions, see Materials and Methods section 4.4, Table 6. For macro-kinetic model, see section 4.5.

TO S T klb'103 k’Zb'103 Ea,lb Ea,Zb klb,mean'103 k’2b,mean‘103

Experimen [h] [°C [L/(min-g)] [k]J/mol] [L/(min-g)]
t ]
Cyc 53-63 413 >5241 55.1
- 43.3 - 45.2
78-88 391 >5241 43.5
CyC/EG 54-64 413 21.4 74.4
121 82.9 12.1 50.3

74-84 390 10.3 44.9

! Due to full conversion of cyclohexanol in this experiment, kinetic parameters were not fitted for
reaction 1b. ki was calculated as k;, = — % In(1 — X;,), with Xis = (Fcen+Fcan)/Fcyc e, see

section 4.5.

In the presence of ethylene glycol (Figure 7b), >90 % conversion of cyclohexanol was initially
obtained, decreasing to approximately 70 % after 30-65 h on stream, where an approximate steady
state was obtained at 413 °C. As the temperature was decreased to the set point of 400 °C, the
conversion continued to decrease reaching 49 % at 82 h on stream. Shortly after, setup issues forced
termination of the experiment. The product composition from this experiment was comprised of
cyclohexene, cyclohexane, cyclohexanone, and 1,4-dioxaspiro[4.5]decane (a ketal coupling product
from cyclohexanone and ethylene glycol). The yield of HDO products were 4.5-16 % cyclohexene and
0.7-2.5 % cyclohexane at TOS >30 h. The yields of by-products were significant: 5.7-11 % 1,4-
dioxaspiro[4.5]decane, and 6.8-19 % cyclohexanone in the same time period.

As the conversion of cyclohexanol in the presence of ethylene glycol was performed at a four
times higher residence time compared to the experiment with pure cyclohexanol (Table 6), these
results show that ethylene glycol inhibited the conversion of cyclohexanol significantly. This was also
reflected by the rate constants (Table 3). With ethylene glycol present in the feed, the rate constant,
ki, decreased from > 524-10° L/(min-g) (independent on temperature) to 10-21-10° L/(min-g), and
there was a notable activation energy of 121 kJ/mol. This detrimental effect was explained by
deactivation of acidic active sites by a competitive adsorption of ethylene glycol derived compounds
(HDO intermediates and side products) as well as carbon deposition. The hydrogenation of
cyclohexene was also affected by the presence of ethylene glycol, which caused the activation energy,
Ea, to double, while the rate constant remained more constant (at the reference temperature of 395
°C). This could be caused by the competition for hydrogenation active sites.

As mentioned, the hydrogenation of ethylene (reaction 2a) was the fastest step in ethylene glycol
HDO. For pure cyclohexanol, the initial dehydration to cyclohexene was the fastest step with k'z/ki
< 0.1. This further indicates that the conversion of ethylene glycol and cyclohexanol takes place on
different active sites. Full deoxygenation of cyclohexanol can occur on acid sites supplied by the
support without interaction with the MoS: active phase, whereas ethylene glycol HDO depends on
MoS: for hydrogenation of ethenol/acetaldehyde. The equilibrium of the reactions in Scheme 2 is fully
shifted towards cyclohexane and benzene (Figure S6) at the applied reaction conditions. Cyclohexene
is thermodynamically expected to occur in minute concentrations. Since benzene was not detected in
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the liquid product, and cyclohexene was a dominant product, hydrogenation/dehydrogenation
activity was the limiting factor, possibly due to coking of Ni-MoS: active sites.
2.6. HDO of Phenol

Phenol, which was fed in a mixture with ethylene glycol, was not converted at the applied
conditions over the sulfided NiMo catalyst. The only products detected in low yields from phenol
were alkyl substituted phenols and coupling products (primarily 2-ethylphenol, 3-methylphenol, and
benzofuran), which were ascribed to the catalytic activity of the support acid sites [18]. These non-
deoxygenated coupling products were mainly formed during the first 30 h on stream at a total phenol
based carbon yield of up to 12 %. After 30 h, this yield was 0.4-3.7 %.

The lack of ring hydrogenation could explain the lack of phenol conversion. A NiMo catalyst
was chosen over a CoMo catalyst due to its known hydrogenation activity [29,30]. Ni-MoS: has been
reported to promote phenol HDO by aromatic ring hydrogenation (HYD) prior to breakage of the C-
O bond, whereas direct deoxygenation (DDO) can be performed with Co-MoS: [31-34].
Hydrogenation of the aromatic ring is however limited by thermodynamics (Figure S6-Figure S7)
and favored only at temperatures well below 300 °C. The temperature was therefore decreased to 280
°C (at 170-200 h) for the reactivated catalyst (Phe/EG-ReAct), based on the work of Mortensen et
al.[35], who reported =20-55 % phenol conversion over a Ni-MoS52/ZrO: catalyst tested in the same
flow reactor setup for a TOS of 100 h at 280 °C, 100 bar, =283 vol ppm H2S and a WHSV of 4.0 h-! of
50 g/L phenol in 1-octanol. No conversion of either ethylene glycol or phenol was however observed
at 280 °C.

Mechanistic effects may have contributed significantly to the lack of ring hydrogenation. It has
been proposed that HDO of phenolic species over Ni-MoS: requires a flat ring adsorption onto the
slab surface [33,36], which facilitates ring hydrogenation. If most active sites were occupied by
ethylene glycol, its derivatives, or coke, these species could sterically hinder flat ring adsorption of
phenol. Ryymin et al. [14] reported a slight suppression of methyl heptanoate HDO in the presence
of phenol at 250 °C and 75 bar using a commercial NiMo/Al2Os catalyst in a batch reactor at reaction
times lower than 50 minutes. At the same time, they reported a notable inhibition of phenol HDO in
the presence of methyl heptanoate during the entire reaction time of ~4.5-5 h, and suggested that the
inhibiting effect of the ester on phenol conversion was caused by a competition for active sites. This
is in line with the findings of Boscagli et al. [15], who showed that phenol HDO over Ni and Ru
catalysts was strongly inhibited in the presence of a light phase pyrolysis o0il, mainly containing
cellulose derivatives. An additional possibility could be that the H2S concentration, being a known
inhibitor in phenol HDO [32], was too high for phenol conversion in the current experiments.

2.7. HDO of Acetic Acid

The HDO of acetic acid was briefly tested at 450 °C with a feed of #0.06-0.13 mL/min acetic acid
corresponding to 1.0-2.3 mmol/min. After 2 h on stream, a coke plug developed in the reactor inlet
(above the catalyst bed), resulting in a pressure drop of 48 bar. This experiment clearly illustrated the
issues of heating reactive oxygenates, which others also have faced when using bio-oil for HDO
studies [37-39]. The short TOS resulted in the gas product yields summarized in Table 4, which
compares the yields with those from the conversion of pure ethylene glycol at similar conditions.

Acetic acid can undergo different reactions such as decarboxylation to form CHa and COs,
decarbonylation (of two acetic acid molecules) to form ethylene, CO, and water, and ketonization (of
two acetic acid molecules) to form acetone, COz, and water [40]. It is also possible that acetic acid can
be converted by HDO to acetaldehyde and water, allowing for similar reactions as for ethylene glycol.
The formation of acetone could be the reason for the high yield of propane and propylene formed
from acetic acid compared to ethylene glycol, which indicated the higher propensity for carboxylic
acids to polymerize. The ethane/ethylene ratio was higher (at =10) for acetic acid HDO compared to
ethylene glycol HDO (at =3), which could be due to differences in the mechanism for ethylene
formation. The higher yield of Ci1 and coke from acetic acid HDO also indicated a higher degree of
cracking of acetic acid compared to ethylene glycol, which was partly caused by an up to 13 °C higher
reaction temperature (Figure S3).
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Table 4. Gas product yields at TOS = 0-2 h for the conversion of ethylene glycol (EG) and acetic acid
(AcOH) at 450 °C.

Experimen CH: CO CO: Ethylene Ethane Propylene Propane Total carbon

t [%]  [%]  [%] [%] [%] [%] [%] in gas phase
[%]

EG 8-9 12-13 4-5 8-11 28-29 4-7 3 67-74

AcOH 17-21 17-20 7-8 2 21-24 8-11 9-11 83-93

2.8. Investigation of Catalyst Deactivation

In order to gain more insight into the deactivation routes, the spent catalysts were investigated
in more detail. The composition of spent catalysts from several experiments is shown in Table 5 and
it should be noted that the Ni/Mo ratio was constant at 0.3 indicating no loss of Mo or Ni (see also
Table 2).

Table 5. Spent catalyst composition.

TOS Mo Ni Ni/Mo S C S/Mo
Experimen [h] [wt%] [wt%] [molar] [wt%] [wt%] [molar]
t
Phe/EG 220(1s) - - - - 15.4 -
Cyc/EG 90 2.63 0.42 0.26 1.69 13.6 1.92
Cyc 96 2.96 0.51 0.28 2.18 3.81 2.51
AcOH 2 3.09 0.52 0.27 2.03 2.76 1.96

The amount of carbon deposited strongly depends on the time on stream (Figure 8). In line with
previous reports [18,19], this is probably the main cause of deactivation. The severe carbon deposition
is partly caused by a very high space velocity, which was chosen to facilitate steady state activity with
a conversion below 100%. If the liquid hourly space velocity, LHSV, is decreased to obtain full
conversion, the carbon deposition is expected to occur at a lower rate than observed here, based on
the results from previous work [18]. The high amount of carbon (13.6 wt%) deposited on the catalyst
from the experiment with the cyclohexanol/ethylene glycol mixture, was affected by the lack of Nz
flushing at reaction temperature, as the experiment was terminated abruptly due to equipment
malfunction.

@ This work
18 4/ ADabros et al.®
@ Dabros etal.® |

=
=
=
=
2 8
=
2 o6
E
o 4
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0 . . . .
0 50 100 150 200 250

TOS [h]
Figure 8. Carbon deposition as a function of time on stream. From HDO tests performed at 380-450

°C. Data from this work (Table 2 and Table 5, circles: text denotes experiment name), Dabros et al.@
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[18] (Table 3, triangles, X = 100 % denotes experiments with full conversion), and Dabros et al.® [19]
(Table 2, diamonds).

TEM (Figure S8) indicated that the deposited carbon was present throughout the spent catalysts,
which is in agreement with previous findings [41]. The carbon appeared crystalline in agreement
with Raman spectroscopy data on similar catalysts [18]. The lattice distances were analyzed by
performing fast Fourier transforms of several crystalline areas in the TEM images of spent catalysts,
which showed the presence of the MgAl2O4 support, and indicated the presence of crystalline carbon
as well.

3. Discussion

This work clearly demonstrates the present and future challenges of bio-oil HDO. The different
reactivity and competitive adsorption of different oxygenate functionalities present in bio-oil make
catalytic HDO difficult as a one-step upgrading technique. While many HDO studies have
demonstrated promising reactivity of single model compounds over various catalyst systems, studies
on one-step upgrading of condensed bio-oil have revealed the challenge of dealing with complex
compound mixtures [37-39]. Model compound studies should therefore be used to provide valuable
insights by considering the interaction between several compounds with different functionalities, to
better understand the comprehensive network of reactions and interactions, such as competitive
inhibition and carbon deposition, which influence the activity and stability of the working catalyst
during HDO. Moreover, advanced preparation [42,43] and characterization [44] techniques continues
provide relevant contributions to the understanding and optimization of HDO over sulfided
catalysts.

More advanced techniques than one-step bio-oil upgrading are more promising. One option is
to perform the HDO step in-situ during fast pyrolysis as catalytic fast hydropyrolysis in a fluid bed
reactor [4,16,45-49]. In this way, reactive oxygenates can be upgraded immediately once they are
formed, and more stable compounds such as phenols, can be deoxygenated downstream.

Another option, which is in line with the idea of local fast pyrolysis and centralized bio-oil
upgrading, e.g. at a petrochemical refinery, is to perform multistage HDO of condensed bio-oil
[11,12,50-53]. Here, HDO is carried out in several stages at increasing temperature. In this way, the
most reactive cellulose derived compounds can be hydrogenated at low temperatures of 80-180 °C in
the first stage. The temperature is gradually increased in the subsequent stages to treat the more
refractory compounds, ending at a final temperature of 300-400 °C, which is suitable for
hydrocracking and deoxygenation of polyaromatics and heavy organic acids, which otherwise are
disturbed by the more reactive constituents [12]. The hydrogenation of carbonyls and polyols first
appears to be a good strategy, since no inhibition of ethylene glycol HDO by cyclohexanol or phenol
was observed, while strong inhibition of cyclohexanol and phenol HDO by ethylene glycol and rapid
coking of acetic acid was observed.

Catalyst deactivation is a critical challenge for all catalytic HDO techniques. Carbon deposition
should be minimized by operating at a high hydrogen pressure, a high hydrogen to bio-oil ratio and
a low bio-oil space velocity. Herein, it has been demonstrated that sulfide based catalysts can be
reactivated with appreciable activity and selectivity. As an important next step, we propose to
determine the true catalyst lifetime as well as whether the reactivation process is feasible at large
scale.

4. Materials and Methods

4.1. Catalyst Preparation and Characterization

A NiMo catalyst was prepared by sequential incipient wetness impregnation of 300-600 pum
sieve fraction of the MgAl20O4 support (prepared by calcination of Al20s-MgO supplied by Sasol [19]).
The first impregnation was performed with an aqueous solution of ammonium heptamolybdate
hexahydrate (Fluka, > 99.0 %). The second impregnation was performed with an aqueous solution of
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nickel nitrate hexahydrate (Sigma-Aldrich, > 97 %). Each impregnation was followed by drying
overnight at 110 °C. Finally, the catalyst was calcined in a flow of 2.5 NL/min 20 % O2in N2 by heating
with a ramp of 5 °C/min to 500 °C and holding for 3 h.

The fresh catalyst was characterized by inductively coupled plasma optical emission
spectroscopy (ICP-OES) and Ne-physisorption (BET). Spent catalyst samples were additionally
characterized by transmission electron microscopy (TEM) and elemental C and S analysis. The latter
was performed by combustion and infrared (IR) detection and quantification of the combustion
products (CO:z and SO2). N2-physisorption was performed using a QuantaChrome Autosorb iQ: or
Monosorb MS-21 gas sorption analyzer at liquid nitrogen temperature (-196 °C). Catalyst outgassing
was performed prior to N2-physisorption for 2 h at 350 °C under vacuum. TEM was done using an
aberration corrected FEI Titan 80-300 operated at 300 kV.

The calcined oxide phase catalyst contained 3.33 wt% Mo and 0.66 wt% Ni (molar Ni/Mo ratio =
0.33). The specific surface BET area (55A) was 77 m?/g.

4.2. Activity Testing

A high pressure fixed bed reactor setup (Figure S1) was used for the catalytic activity tests. The
experimental procedure is described in the Electronic Supplementary Material (Figure S1- Figure S2).
Catalyst activation was performed in the catalytic activity setup at close to atmospheric pressure in a
flow of 10-12 vol % H-S. In activity tests, both the liquid model compound, or compound mixtures,
and gas mixture (Hz, N2, and H2S/H:) were fed to the reactor. The reactor effluent was separated into
gas and liquid. The gas was analyzed online with gas chromatography (GC) using a thermal
conductivity detector (TCD)). The liquid was collected and analyzed offline with GC using a flame
ionization detector (FID) and mass spectrometry (MS), using effective carbon numbers for
quantification [54]. Experiments were terminated by flushing the reactor with N2 at ambient pressure
and > 400 °C for 30 min to desorb any condensed species from the catalyst pores.

4.3. Calculations

The conversion, X, of model compound A was calculated based on the molar flow in, F4feeq,
and out, Fy oy, of the system:

_ FA,feed - FA,out

X, -100% (1)

FA,feed

The carbon based yield, Y, of product i was calculated as:

F.-v..
_176".100% )

Y, =
13
Fpfeed " Ve,a

Fi is the molar flow rate of compound i, and vc, is the number of carbon atoms in compound i. The
product composition from each experiment showed that C1-Cs products were formed from ethylene
glycol and not from cyclohexanol. Thus, in experiments with ethylene glycol, the yield of these
compounds were calculated based on the ethylene glycol feed, and the yield ratio of desired HDO
products (ethane and ethylene) to CO, CO2, and CHs was used as a measure of selectivity:

9 _ YC2H6 + YC2H4_ (3)
Ci Yeo+Yeo,+Yeu,

The yields of cyclic Cs products from experiments with cyclohexanol were calculated on a
cyclohexanol basis. In an experiment with both ethylene glycol and cyclohexanol in the feed, 1,4-
dioxaspiro[4.5]decane (CsH1O2) was formed. The yield of this compound was based on the
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cyclohexanol feed by multiplication of the molar flow of CsH14O2 with 6/8 to disregard the carbon
derived from ethylene glycol.

The model compound conversion as well as the yields of liquid products (e.g. cyclohexane and
cyclohexene) was generally subject to larger fluctuations than the yields of gaseous products. This
was caused by a longer stabilization time (from a low volumetric flow rate), a lower frequency in the
product analysis, and a less stable pressure reduction in the liquid product collection compared to
the gas product analysis (online GC-TCD measurements every 30 minutes). Typically, around 40 mL
liquid product was collected over the course of 5 hours, giving one data point, compared to around
10 GC-TCD measurements of the gaseous products within the same period of time.

4.4. Reaction Conditions

The conversion of acetic acid (AcOH, Sigma-Aldrich, > 99.5 %), ethylene glycol (EG, Sigma-
Aldrich, 2 99.8 %), phenol (Phe, Sigma-Aldrich, > 99 %), and cyclohexanol (Cyc, Sigma-Aldrich, > 99
%) in pure and mixed solutions was investigated using 0.5 g NiMo catalyst at 380-450 °C and 40 barg
with 27 bar Hz and 550 vol ppm H:S (total gas feed: 1550 NmL/min). The partial pressures of the
model compounds and products were low enough to keep them in the gas phase during reaction.

The conversion of pure ethylene glycol (experiment: EG) was compared with that of an ethylene
glycol feed containing either phenol (Phe/EG) or cyclohexanol (Cyc/EG). In these experiments, a
constant oxygen molar feed flow of 4.9 mmol/min was targeted (Table 6). An experiment with pure
cyclohexanol (Cyc) was performed to assess if cyclohexanol HDO had been affected by the presence
of ethylene glycol. In this experiment, the volumetric feed flow (0.16 mL/min) was used as design
parameter instead of the oxygen flow.

Table 6. Average model compound feed flow rates. Operating conditions: 27 bar Hz, 550 vol ppm H:S,
40 barg total pressure (balance N2). WHSV: Weight hourly space velocity in gmodel compound/(geat-h). The
total flow of N2, Hz, and Hz2S was 69 mmol/min (1550 NmL/min).

Experiment /

EG Phe/EG Phe/EG-ReAct Cyc/EG Cyc
Parameter

Molar flow rates [mmol/min]
Ethylene glycol 2.5 2.2 2.2 2.2
Phenol 0 0.4 0.4 0
Cyclohexanol 0 0 0 0.4 1.5
Oxygen 49 49 49 4.8 1.5
Carbon 49 6.9 6.9 6.7 9.0
Total flow rate [mL/min] 0.14 0.16 0.16 0.16 0.16
Total WHSV [h-] 19 21 21 21 18

The activity tests were conducted for up to 220 h on stream. An initial accelerated deactivation
(at 420-450 °C) was performed (until 70 h) to avoid further loss of activity at 380-400 °C, which would
otherwise be observed [19]. The cyclohexanol/ethylene glycol experiment (Cyc/EG) was terminated
after 90 hours on stream due to equipment malfunction. For comparison, the pure cyclohexanol
experiment (Cyc) was also run for 90 hours on stream, followed by 10 hours at 450 °C before
experiment termination.

4.5. Macro-kinetic Model

Due to the lack of oxygenate quantification in the product gas and incomplete condensation of
acetaldehyde/ethenol and ethanol in the liquid products, the macro-kinetic model was set up with a
lumped Czox term covering ethylene glycol, ethenol, acetaldehyde, and ethanol as indicated in
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Scheme 1. The kinetic model was based on the assumption of a constant hydrogen pressure (large
excess) and first order kinetics for the remaining species. All species were assumed to be in the gas
phase, and the total volumetric flow rate was assumed constant, which is a valid approximation for
the highly diluted feed (see Table 6). The reactions included were the joint dehydration and
hydrogenation of Czoxinto ethylene and the subsequent hydrogenation of ethylene into ethane:

. Reaction 1a:

K
Corox +Hy = C,H, + 2H,0 4)
AH = —47 KkJ/mol , at 380-450 °C for Czox= EG )
* Reaction 2a:
k2
CH, + Hy - C2Hs (6)
AH = —141 kJ/mol, at 380-450 °C 7)

The reaction rate, , of reaction 1a and 2a was set up using lumped rate constants k” and the
concentration, C, of the lumped Cz.0x compounds and ethylene (ETY):

Tia = kiq* CCz,ox (8)

T2qa = Kaq * Cpry 9)

The packed bed reactor model was used to set up molar flow balances for Czox, ethylene, and
ethane (ETA) based on reactions 1a and 2a:

dFCz,ox

@i = o = koG 10)
dFery , ,
aw =T —T2q = kig" Ccz,ox — k34" Cery (11)
dFgra ,
aw =Tyq = K34 " Cery (12)

W is the catalyst mass and F is the molar flow rate. The concentration was determined from the total
gaseous volumetric flow rate, v, as Ci = Fi / v. The rate constants were parameterized at a mean
temperature, Twmen, of 395 °C in order to decouple the activation energy and the pre-exponential factor:

“E, 1 1 (13)
k = kiean - €xp R (?_T >
mean

T is the temperature in K, Ea is the apparent activation energy in kJ/mol and R is the gas constant
(8.314-10% kJ/(K-mol)). The inlet molar flows of ethylene glycol (F¢, .. .= Fcgg ), ethylene (zero), and
ethane (zero), were used as initial conditions for the system of differential equations, which was
solved, while kmean and Ea were fitted.

The macro-kinetic model for HDO of cyclohexanol into cyclohexene (CEN) and cyclohexane
(CAN) was derived similarly as to that for ethylene glycol as shown below. Hydrogen is not a reactant
in reaction 1b, but in reaction 2b it is included in the lumped rate constant, k"z, with the assumption
of being present in large excess:
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dI/I;,C = —T1p = —kqp - Coye (4

aw T T T = keap - Ceye = kap * Cean (19
dFcan '

aw Top = kop " Cepn (16)

Only steady state data at each temperature was used, and for each steady state, the data used
was the average from the final 5 hours at the given steady state.

5. Conclusions

The HDO of different biomass derived model compounds was investigated at 380-450 °C, 27 bar
H:, and 550 vol ppm H:S over a Ni-MoS:/MgAIL:Os catalyst. The results demonstrate a pronounced
different reactivity of the compounds in HDO, ranging from the highly reactive acetic acid, which
rapidly coked up the reactor inlet, to phenol, which only underwent limited alkyl substitution
reactions with low yields. In addition, the HDO reactions were strongly influenced by the presence
of several compounds. Ethylene glycol was readily converted in the presence and absence of
cyclohexanol and phenol without significant influence on the macro-kinetic parameters. However,
cyclohexanol deoxygenation was strongly inhibited by ethylene glycol, due to competitive
adsorption and carbon deposition on acid sites.

This study proves the necessity of investigating HDO of mixed cellulose and lignin derived
model compounds in the attempt to understand the reactions occurring during upgrading of real
biomass based feeds. The results indicate that immediate stabilization of reactive cellulose fragments,
i.e. before condensation, may be beneficial in order to reduce catalyst coking and avoid inhibition of
the HDO of less reactive oxygenates. Alternatively, pyrolysis oil upgrading could be performed in
several steps — first removing the most reactive compounds, then the less reactive ones. The industrial
potential of sulfide based catalysts for HDO was strengthened by the regenerability of the applied
Ni-MoS: catalyst. Deposited carbon could be removed from a spent catalyst by oxidation and
resulfidation.

Future steps in the assessment of the commercial viability of the Ni-MoS:/MgAl2OsHDO catalyst
should focus on bridging the gap between more complex model compound mixtures and real feeds
as well as assessing the industrial catalyst lifetime and optimizing the reactivation conditions.

Supplementary Materials: The following are available online at www.mdpi.com/xxx/s1, Figure S1: Simplified
process diagram of the continuous flow fixed bed reactor setup. P: pump. MFC: Mass flow controller. PIC:
Pressure indicator and controller. S1: Separator. dP: Differential pressure cell. C1: Condenser. V1-V8: Magnetic
valves, Figure 52: Schematic drawing of reactor design including pressure shell, internal reactor, and thermo
pocket. The gas and liquid inlets are shown. The insert to the right shows the gas and liquid feed flow paths at
the internal reactor tube inlet, Figure S3: Initial temperature profiles. In the experiment with acetic acid (AcOH),
the acetic acid feed was stopped at TOS =2.2 h, Figure S4: Effectiveness factor estimated for the fastest reaction
in the conversion of ethylene glycol (dashed line) and cyclohexanol (solid line) as a function of catalyst particle
radius. The actual particle radius used in HDO activity tests (150-300 um) is shaded, Figure S5: Arrhenius plots
for the rate constants presented in the main manuscript (Table 1). (a) k’1a: Initial dehydration and hydrogenation
of C20x intro ethylene. (b) k’2a: Hydrogenation of ethylene into ethane, Figure S6: Equilibrium composition during
cyclohexanol HDO calculated with HSC Chemistry v. 9.4.1.Feed composition: 2.1 kmol cyclohexanol, 66.1 kmol
Hz, and 31.8 kmol N2. Products included: H20, cyclohexane, cyclohexene, and benzene. The concentration of
cyclohexene is multiplied with 100 for visualization, Figure S7: Equilibrium composition during phenol HDO
calculated with HSC Chemistry v. 9.4.1.Feed composition: 0.55 kmol phenol, 65 kmol Hz, and 31.2 kmol Na.
Products included: H20, cyclohexane, benzene, Figure S8: TEM image of spent catalyst from the experiment: EG,
Figure S9: Off-gas concentration profiles and temperature profile from carbon burnoff from the spent catalyst
after experiment Phe/EG (before Phe/EG-ReAct). Performed in-situ with 1 NL/min 7.6 %Oz in N2.
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