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A B S T R A C T

This study presents numerical simulations of rotary kiln reactors for wet biomass carbonization. For this, a 
numerical tool has been developed resolving the carbonization process in time and space. Biomass particles are 
represented by Lagrangian particles that collide and form a moving bed. The gas phase is treated as an Eulerian 
phase. Both phases are fully coupled with the exchange of momentum, energy, and mass of chemical species. The 
tool is implemented in the open-source OpenFOAM® framework and additional submodels for devolatilization, 
drying and radiation have been developed for the conditions relevant during the carbonization process. In this 
way, models for the complex physical processes are combined in a single simulation tool. 

A rotary kiln reactor of laboratory-scale is used to validate the numerical tool and to perform parameter 
studies to determine biomass conversion in dependence on the wall temperatures. The results also give insight 
into the sensitivity of biomass to carbon conversion with respect to the biomass moisture content and mass flow 
rate. The validated tool is used to perform simulations of an industrial-scale rotary kiln reactor, which are carried 
out on a supercomputer on up to 1120 CPU cores. The simulations demonstrate the effect of different wall 
temperatures on the optimal conversion of biomass to char and help to choose the optimal wall temperatures 
depending on the biomass properties.   

1. Introduction

The utilization of lignocellulosic biomasses and biogenic wastes for
energetic purposes and conversion to organic chemicals, syngas or 
charcoal has attracted increasing interest in the recent past. Particularly, 
thermochemical conversion of biomasses or biogenic wastes to charcoal 
increasing the energy density considerably and providing multi-purpose 
raw chemicals is being discussed intensively [1–4]. The thermochemical 
process focused in this study is steam-assisted carbonization, which 
upgrades low-energy density and wet organic feedstock in the absence of 
oxygen [5]. Carbonization is a kind of slow pyrolysis in which biomass is 
treated for 30–90 min at 250–400 ◦C in an inert atmosphere [6–9]. The 
superheated steam in the freeboard gas enhances the heat transfer and 
reaction kinetics [10]. To provide the superheated steam no additional 
gas input is introduced since the input biomass has high water content. 

Compared to the virgin feedstock, the solid product has an increased 

carbon content as well as calorific value and its properties are similar to 
brown coal [11]. Unlike hydrothermal carbonization (HTC), the reac
tion time is relatively short, the process is continuous and operates at 
atmospheric pressure [6,12]. With this process, degradable wastes can 
be converted with high yield into stable bio-char of high energy density 
preventing their biological degradation [3,13,14]. Biomass degradation 
is a complex chemical process comprising multiple reaction pathways as 
well as products [2]. Therefore, biomass conversion mostly is described 
using simplified and formal reaction equations. The approach used in 
this work is given in section 2.3.4. 

Current technologies for converting biomass to energy-densified 
products still face the complex nature of the various physical pro
cesses during wet-biomass carbonization, the characteristics of multi
phase flow which is complicated to study experimentally [15], and the 
fluctuating parameters of the feedstock, e.g., moisture content, volatile 
fraction, size distribution, etc. [16–19]. These give rise to large un
certainties for designing and operating that process on an industrial 
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scale. 
The thermochemical conversion of biomass is governed by a large 

number of concurrent physical processes including the primary pyrol
ysis involving heating-up, drying, biomass particle shrinkage and 
chemical reactions. Radiative and convective heat transfer, as well as 
mass transfer under often turbulent conditions also have an impact. 
Experimental techniques developed in laboratory scales are difficult to 
scale up and are often based on empirical correlations. Scale-up can be 
supported by numerical simulations and models that reproduce the 
interplay of the aforementioned complex phenomena. 

Numerical modeling and algorithms of multiphase flows have been 
developed continuously in recent years. For instance, a suitable 
approach to modeling two-phase dense flows is the Eulerian-Lagrangian 
method. Cundall and Strack [20] introduced an explicit Lagrangian 
numerical scheme for the distinct/discrete element method (DEM). The 

effect of fluid on the movement of granular particles in a horizontal pipe 
was included in the work of Tsuji et al. [21]. In this model, inter-particle 
forces were expressed by the Hertzian contact theory [22]. This method 
is limited to a low number of particles due to the computationally 
intensive neighbor-finding algorithm [21,22]. The DEM model is based 
on the soft-sphere model and allows precise simulation of the collisions 
[23]. But besides memory limitations for particle-based calculations, 
very small time steps are required to calculate the motion during colli
sion [24]. 

To avoid these limitations, Andrews and O’Rourke [20,25,26] 
introduced the Multiphase Particle In Cell (MP-PIC) model where the 
particle motion includes particle-particle interaction. This interaction 
has been considered by incorporating the gradient of the solid stress as a 
force on the particle for dense particle flows with volume fractions 
above 5% [27,28]. Using the MP-PIC model, four-way coupling, i.e. 

Abbreviations 

CFD Computational fluid dynamics 
DEM Distinct/discrete element method 
DOM Discrete ordinates model 
DPM Discrete particle model 
FVM Finite volume method 
HTC Hydrothermal carbonization 
htc heat transfer coefficient 
MRT Mean residence time 
MP-PIC Multiphase particle in cell 
MS Moisture content 
PSD Particle size distribution 
RET Radiative transport equation 

Symbols 
ap Particle acceleration 
Ap Particle’s projected area 
Apc Projected area of the cell 
As Particle’s surface area 
cp Heat capacity 
C∞ Vapor concentration in the bulk gas 
ci Mass fraction of component i of biomass 
D Mass diffusivity 
dp Particle’s diameter 
dt Timestep 
Ea Activation energy 
Fc Collision force 
Fd Drag force 
Fg Gravity and Buoyancy force 
g Gravitational acceleration 
hfg Enthalpy of water phase-change 
hs Sensible enthalpy 
htot Total enthalpy 
htc Heat transfer coefficient 
k0 Frequency factor of Arrhenius approach 
krxn Reaction rate 
kC Mass transfer coefficient 
M̃H2O Molar weight of water 
mp Particle’s mass 
ṁdry Drying mass rate 
ṁdevol Devolatalization mass rate 
n Order of the reaction 
np Number of particles in a computational cell 
Np Molar flux of vapor 
Npp Number of particles per parcel 

Q Transferred heat 
Q̇ Heat flux 
Rep Reynolds number 
Sp,h interphase exchange source term for enthalpy 
Sp,m interphase exchange source term for mass 
Sp,mom interphase exchange source term for momentum 
Srad interphase exchange source term for radiation 
Sp,Yi interphase exchange source term for species 
p Gas pressure 
Tp Particle temperature 
Tg Gas temperature 
ug Gas velocity 
vp Particle’s velocity 
xp Location of particle 
Ychar Mass fraction of char within a particle 
Yvol. Mass fraction of volatiles within a particle 
Ymoist. Mass fraction of moisture within a particle 

Greek letters 
αp Volume fraction of solid particles 
α Diffusion coefficient for energy 
ΔHrxn Enthalpy of reaction 
εp Particle’s emissivity 
η Overall thermal efficiency 
κ Absorption coefficient of gas phase 
κ∗ Modified absorption coefficient of gas phase 
λg Thermal conductivity of the gas 
μg Dynamic viscosity 
νg Kinematic viscosity 
ρ density 
σ Stefan-Boltzmann 
τ Stress tensor 

Indices 
k Species 
p Particle 
g Gas 
0 Initial state 
final Final state 
mom ​ Momentum 
conv Convection 
rad Radiation 
dry Drying 
devol Devolatilization  



2. Modeling & numerical simulation

2.1. Development of the solver

The main challenge of simulating biomass conversion in rotary kiln 
reactors is the complexity given by the large number of physical pro
cesses that need to be modeled. The open-source CFD framework 
OpenFOAM® [34] provides a large number of solvers for various engi
neering applications. However, to provide all capabilities required for 
the simulation of rotary kiln reactors additional models and components 
have to be complemented. 

Two of OpenFOAM®’s standard solvers have been combined into a 
new solver (Fig. 1, left). The “coalChemistryFoam” module solves the 
Navier-Stokes equations and additional transport equations for energy 
and chemical species of the Eulerian gas phase. Additionally, particles 
are tracked in a Lagrangian reference frame and coupled with the gas 
phase. The Lagrangian particles are however only two-way coupled with 
the gas phase excluding particle-particle interactions. Therefore, the 
particle collision model from OpenFOAM®’s “MPPICFoam solver“ has 
been implemented considering particle-particle collisions and therefore 
enabling the simulation of particle beds. 

In addition, a new set of models has been developed (Fig. 1, right) 
and implemented. These include a new radiation model including the 
effect of dense particle flows instead of assuming infinitely small parti
cles. A new single-step kinetic for carbonization of biomass based on an 
n-th order Arrhenius model is employed. An extension for non-spherical
particles has been implemented as well. A new drying model is intro
duced extending OpenFOAM®’s drying model to full-steam 
atmospheres. 

2.2. Governing equations 

The gas-phase inside the reactor is modeled as the Eulerian phase and 
treated as an ideal gas mixture. The governing equations for total mass, 
momentum, energy and chemical species are: 
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The subscript g indicates a quantity of the gas phase. ρg is the gas 
density, t the time, ug the gas velocity and p the pressure. The subscript 
eff denotes the effective properties computed as the sum of molecular 
and turbulent transport properties. This affects the viscosity in the stress 
tensor τeff , the thermal diffusivity αeff and species diffusion coefficient 
Di,eff . g is the gravitational acceleration, htot the total enthalpy, hs the 

Fig. 1. Combining the capabilities of two existing OpenFOAM® solvers (left) into a new solver and development of physical models to correctly capture all processes 
in the reactor (right). 

two-way interaction between the particulate and the continuum phase 
as well as particle-particle interactions in the moving bed, can be real-
ized. Instead of resolving all particle collisions as in the DEM models, 
using solid stress makes the MP-PIC model considerably faster than DEM 
models for large scale simulations [29]. 

Earlier studies developed and verified models for biomass conversion 
in indirectly heated kilns using detailed chemistry coupled with 
conductive, convective and radiative heat transfer between bulk, gas 
and the kiln [30,31]. In those models, the biomass is modeled as a ho-
mogenous bulk in a one-dimensional plug flow reactor. However, to 
study the impact of size distribution, mixing and conversion of each 
particle, a more advanced approach is required that accounts for the 
individual treatment of the particles in the bed. 

In this work, we present a solver that integrates models of all physical 
processes required for the simulation of three dimensional, time- 
resolved biomass conversion of moving particle beds in a single appli-
cation. This is realized by combining OpenFOAM®‘s particle collision 
models (Discrete Particle Model, DPM and MP-PIC) for dense inert 
particle flows with OpenFOAM®‘s models for heat transport and 
chemical kinetics. Throughout this work, the MP-PIC collision model is 
used. Additionally in the appendix, a validation case with DPM is pre-
sented. The coupling in terms of momentum, energy and chemical 
species between the solid and the continuous gas phase is considered by 
four-way coupling. Submodels for heat transfer, moisture evaporation 
and devolatilization have been adapted and extended to conditions 
typically encountered during biomass conversion. All these submodels 
are validated against data obtained from own laboratory experiments. 

After validation, the developed solver is used to simulate wet 
biomass carbonization in a laboratory-scale rotary kiln for a set of pa-
rameters with full biomass conversion. In a further step, the model is 
applied to a pre-defined industrial-scale reactor. Unlike the lab-scale 
simulations, polydispersed particles are considered. The main optimi-
zation parameter is the temperature of the industrial-scale reactor. The 
results are assessed in terms of the particle properties, e.g., size distri-
bution and degree of conversion. 

The average gas velocity originates from evaporation and devolati-
lization and corresponds to the laminar regime for the laboratory-scale. 
In the industrial scale kiln with a 15 times larger reactor diameter, 
slightly different flow regimes appear, and consequently, the flow in the 
industrial-scale reactor is in the transition regime and slightly turbulent. 
The turbulence model is additionally applied to ensure the consideration 
of localized turbulent flow induced by the particle bed as well as the 
consideration of higher rotational Reynolds numbers. Thus, the solver is 
adjusted to use fluid turbulence employing a Large-Eddy approach using 
the Smagorinsky sub-grid model. Because the simulation of the large- 
scale reactor requires the use of supercomputers, a study on numerical 
efficiency and scaling-up behavior is presented following the consider-
able advances and experiences on performance optimization in recent 
years reviewed e.g. by Ref. [29] as well as own experience in 
high-performance computing with OpenFOAM® [32,33]. 



dxp

dt
= vp, mp

dvp

dt
= Fc + Fg + Fd + Fp, (5)  

where mp is the particle mass, vp the particle velocity, Fc the collision 
force, Fg the gravitational force. Fd and Fp are the drag force and the 
pressure gradient force, respectively, which have no considerable in
fluence due to the operating parameters used in this work. Particles are 
assumed to be thermally thin, presupposing Biot numbers Bi < 1 for all 
particles. The Biot number is given by Bi =

htc dp
2λ , where htcis the heat 

transfer coefficient, dp the characteristic length and λ the thermal con
ductivity of the solid. This definition of the Biot number follows Bryden 
et al. [35] which is used also by Ref. [36] because it accounts for a 
correction of the surface temperature due to the contribution of radia
tion. Estimating the htcto about 35 W/m2K and the thermal conductivity 
of wet biomass to 0.25 W/mK, with the characteristic length of 0.9 cm 
the condition of Bi < 1 is fulfilled (the critical diameter of particles 
before drying is 1.4 cm and the largest particle in this study has a 
diameter of 0.9 cm (see Table 2)). 

The improvement that could be gained through the temperature 
resolved model does not influence the end time of the reaction. This is 
due to the large pyrolysis number,Py = λ

krxn ρp cp d2
p 

determining the ratio 

of internal heat transfer and the rate of the carbonization reaction, 
which for the present work is approximately 10 (see Fig. 7). Therefore, 
in favor of computation efficiency, the thermally thin model is utilized 
while dealing with a large number of particles. The temperature of each 
particle is computed from 

mpcpp

dTp

dt
= Q̇conv + Q̇rad Q̇dry Q̇devol, (6)  

where cpp is the heat capacity of the particle, Tp its temperature, Q̇conv 

the heat flux by transfer due to convection, where the convective heat 
transfer coefficients are computed from the Ranz-Marshall correlation 
[38]. Q̇rad the radiative heat flux is calculated through an enhanced 
variant of the discrete ordinate model accounting for the shielding of 
radiative heat transfer due to neighboring particles (section 2.3.5). In 
this model, contact heat transfer is assumed to be substituted by con
vection and radiation of neighboring particles within the same compu
tational cell. Further clarification and support regarding this 
substitution are given in 3.3.2. Q̇dry, the energy change during drying 
and Q̇devol, the net energy change due to devolatilization are discussed in 
the next section. Drying and devolatilization are also the two processes 
by which the particle mass changes 

dmp

dt
= ṁdry + ṁdevol (7) 

The particle density ρp is assumed to be approximately constant, so 

that the particle diameter can be approximated from dp =

(
6 mp
π ρp

)1 /

3

. 

Due to the variation of thermophysical parameters for particles, e.g., 
thermal conductivity, the critical diameter of particles undergoing the 

reaction is different and smaller than that of the particles being dried. 
Considering the particle shrinkage, the largest particles in the solid 
phase are smaller than the critical diameter of 0.85 cm. 

For the coupling of Eulerian and Lagrangian phases, the sources 
terms are described for the transfer of mass, momentum, heat and spe
cies in a specific computational cell i with the volume Vcell and applied to 
all Np particles within this cell. 

Sp,m =

∑Np
i=1ṁdry, i + ṁdevol, i

Vcell
(8)  

Sp,mom =
∑Np

i=1

Fd

Vcell
(9)  

Sp,h =
∑Np

i=i

Q̇conv Q̇dry Q̇devol

Vcell
(10)  

Sp,Yk =

∑Np
i=1ṁdry,i,Yk + ṁdevol, i,Yk

Vcell
, k = 1, 2,…Nspecies (11)  

here ṁdry,i,Yk and ṁdevol,i,Yk are the source terms of mass conversion for 
species k. 

2.3. Physical models 

The gas-phase transport properties (viscosity, heat conductivity, 
species diffusivity) are computed from the temperature-dependent 
Sutherland [37] model and enthalpy and heat capacities are computed 
from JANAF polynomials [38]. For the Lagrangian particles, drag force 
is computed from solid sphere drag, which plays a subordinate role due 
to the low gas velocities. 

2.3.1. Collision model 
The computation of collisions between solid particles consumes the 

main portion of the computing time due to a large number of particles. 
In OpenFOAM®, the discrete particle model DPM [39–41], where col
lisions are fully resolved, and the Multiphase Particle In Cell (MP-PIC) 
model, where collisions are approximated by a stress tensor, are 
implemented. In Ref. [42] the accuracy of both models has been eval
uated against experimental data and the MP-PIC model has shown a 
much better computational performance with slightly better accuracy of 
average residence time compared to the DPM model. Therefore, the 
MP-PIC model is chosen in this work as a compromise between accuracy 
and computational effort. The limiting factor of both models is the size 
of the Lagrangian particles which cannot be larger than the cells in the 
computational mesh. The axial and transversal movement of particles 
within the bed is not prescribed by any bed-model, but the result of the 
collision model due to the resolved computation of forces for the solids 
movement. 

2.3.2. Non-spherical particles 
In OpenFOAM®, Lagrangian particles are assumed to be spherical, 

which is not true for realistic biomass feeds. The movement of the par
ticles in the MP-PIC method is critical because it directly affects the 
resulting dispersion and mixing of the solid and the residence time of 
particles in the reactor. The simulated residence time of spherical 
wooden particles was in good agreement with experimental data [42]. 
The related results from Ref. [42] are summarized as supplementary 
material. 

To adapt the MP-PIC model for non-spherical particles, an additional 
resistance force was introduced in Equation (5) that prohibits the quick 
rollout of particles from the inclined reactor. The approach represents 
the real biomass particles with unspecified geometries and comparable 
thickness to diameter ratio and helps to adjust the bed motion and the 
residence time of non-spherical biomass based on measured residence 

sensible enthalpy, Srad the source term due to radiation and Yi the mass 
fraction of the ith species. As gaseous species, N2, O2, ​ CO2, ​ H2O, CO 
and tar are considered. 

The coupling between the Lagrangian particles representing the 
biomass particles is achieved by the source terms Sp,m, Sp,mom, Sp,h and 
Sp,Yi , which describe interphase exchange for mass, momentum, 
enthalpy, and species between gas and particles, respectively and are 
computed by the physical models described in section 2.3. The gov-
erning equations for the Eulerian phase are solved by the Finite Volume 
Method (FVM). Time is discretized implicitly using the Euler scheme and 
spatial derivatives are discretized by upwind and central schemes. 

The Lagrangian particles are tracked in a Lagrangian frame of 
reference. The particle position xp is computed from 



ṁdry =

⎧
⎪⎪⎪⎨

⎪⎪⎪⎩

Np Ap M̃H2O , Tp < Tboil.

Q̇
hfg + Δhsorp

, Tp ≥ Tboil.

, (12)  

Δhsorp = 0.4hfg

(

1
Mp

Mfsp

)2

Mp < Mfsp (13)  

where Ap is the particle surface area; M̃H2O is the molar weight of 
evaporating species (water) and Np denotes the molar flux of vapor, 
which is calculated for each particle from Npi = kC(Cpi C∞), where kC is 
the mass transfer coefficient, Cpi vapor concentration at the particle 
surface, calculated based on the saturated partial pressure of the evap
orating medium at the surface temperature and C∞ the vapor concen
tration in the bulk gas. Q̇ represents the total heat delivered to the 
particle, the denominator of Eq. (12) reflects required enthalpy for the 
phase change and hfg is the latent heat of evaporation. For moisture 
contents below the fiber saturation point, Eq. (13) adds additional heat 
of sorption δhsorp to the enthalpy of phase change where Mp denotes the 
moisture content (dry basis) and Mfsp the moisture content at the fiber 
saturation point. 

2.3.4. Devolatilization model 
Studies of indirectly heated reactors like [30,31] presented and used 

comprehensive models for the decomposition of biomass which included 
high-temperature secondary tar cracking and competitive decomposi
tion. Klose et al. [30] used these secondary reactions for tar and solid for 
operating temperatures of up to 800 ◦C. Babler et al. applied a two-step 
scheme of the pyrolysis model from Ref. [47] which is principally 
capable to simulate the decomposition with inert and reactive tar up to 
700 ◦C. Morf et al. [48], however, stated that secondary tar reactions 
only become important when the operating temperatures exceed 650 ◦C. 
Due to lower operating temperatures, in this study, a simplified deri
vation of a previously developed model tailored to steam-assisted 
carbonization for the regarded condition is applied, in which second
ary reactions are assumed to be negligible. 

Based on experimental findings of Bockhorn et al. [9,11,49,50], a 
devolatilization model has been implemented based on a formal con
version equation 

C6.0H9.9O4.4 → 0.7C5.7H7.85O3.14 + 1.3H2O + 0.2CO2 + 0.3C6H6O3 (14)  

and an n-th order Arrhenius approach: 

ṁdevol = k0e
Ea

RT mv
nmv0

1− n, Q̇devol = ṁdevolΔHrxn (15) 

Using this approach, the formed char is described by C5.7H7.85O3.14 
and the volatiles evolving during carbonization H2O, CO2, and tar are 

released to the gas phase and their share in the total amount of volatiles 
was determined by experiments resulting in Eq. (14). The component tar 
is represented as a virtual species with the properties of Hydrox
ymethylfurfural. In Eq. (15), k0 = 2.58 × 10111

s is an effective pre- 
exponential factor averaged for the total amount of volatiles. Like
wise, the activation energy Ea = 159.2 × 106 J

mol and the reaction order 
n = 1.22 represent effective parameters. mv is the volatile mass in the 
particle and mv0 the total amount of volatiles. δHrxn is the (endothermic) 
enthalpy of the over-all reaction determined to 194 kJ/kgFeedstock. 

2.3.5. Radiation model 
Heat transfer due to radiation is computed based on OpenFOAM®’s 

Discrete Ordinates Model (DOM) of the Radiative Transport Equation 
(RTE) [51,52] for discretized directions as well as local discretization. In 
the original implementation, solid particles are assumed to be small and 
their volume fraction is considered negligible in the cell. In the rotary 
kiln, however, the biomass particles form a multi-layer bed, where the 
different layers provide a shading effect. The absorption coefficient κ∗g 

for a cell is computed from κ∗g = κg(1 αp) in the original implementa
tion, where κg is the absorption coefficient of the gas and αp the volume 
fraction of solid particles in that cell. This is modified by using 

κ*
p =

Apc

V
min

(
Apc,

∑
App

)

max
(

Apc
∑

App,Asmall
)εp (16)  

V is the cell volume, Apc is the area of a cell projected to a discrete di
rection and 

∑
App is the sum of all solid particle areas projected into that 

direction. The relative position of particles is considered by performing 
ray-tracing. While following a ray through the computational cells, the 
surface of particles within a cell is determined based on the sum of the 
projected area of all of the particles in that cell. This projected particle 
surface area is compared to the projected area of the cell in the direction 
of the ray to calculate the effective opacity of the cell and consequently 
the absorption coefficient of the solid phase. Asmall is a numerical limiter 
to avoid division by zero. As the cell becomes filled with particles, the 
denominator approaches zero and κ*

p becomes large, representing the 
effect of particles blocking radiation. The radiation between particles 
belonging to different cells is taken into consideration, however, all 
particles in the same cell are lumped together into an effective solid 
surface area. The absorbed radiation heat in a cell is distributed to the 
particles within that cell based on their average projected area. The 
emission is based on every particle’s surface temperature and surface 
area. The emissivity of the particles εp is assumed to be unity. 

3. Experimental setup and validation

3.1. Experimental setup

For the validation of the developed numerical tool, experiments in an 
indirectly heated laboratory-scale tubular rotary drum reactor by Car
bolite Gero Ltd. (UK) have been performed. The length of the tube is 
approximately 1.4 m with an outer diameter of about 8.0 cm. The 
reactor provides a 1-m and 4.5 kW electrically heated zone, which 
covers the middle of the rotating tube (Fig. 2). Two sides of the reactor 
are cooled down by small blowers to prevent damage to sealings. The 
wet biomass enters the reactor through a hopper, as the only input. The 
gas-phase temperature is measured by thermocouples and solid products 
are collected at the outlet. The gas leaving the reactor is filtered and a 
Non-Dispersive Infrared Absorption (NDIR) analyzer BINOS® (Leybold- 
Heraeus, Germany) measures the CO and CO2 concentration. For ex
periments with cold flows, the tubular reactor is exchanged by a glass 
tube which allows measurements of residence times and mixing 
behavior of the biomass by visual monitoring. The reactor rotates with a 
speed of 3–12 rpm and can be inclined between 0◦ and 5◦. Typical 
biomass mass flow rates are between 1 and 15 kg/h. 

time. The enhanced friction method models the effect of non-sphericity 
and has proven to predict the correct particle behavior in experiments 
with prescribed residence time as well as the experimentally observed 
mixing without increasing the complexity of the simulation. The simu-
lated residence time of real biomass particles with arbitrary geometrical 
parameters showed good agreement with measured residence times in 
the lab-scale rotary kiln at different inclination angles. 

2.3.3. Drying model 
The newly implemented drying model switches between a thermal 

drying model [43] and a Stefan-Maxwell based diffusion model [44] to 
allow a wide range of applicability. Additionally, the hygroscopicity of 
the biomass is taken into account by using the model of Stanish et al. 
[45] in Eq. (13). The modified thermal model assumes that drying oc-
curs at the pressure-dependent boiling temperature Tboil. in a saturated 
atmosphere. Tboil. originates from the semi-empirical Antoine correla-
tion [46]. The modified drying model additionally considers the evap-
oration below Tboil.. The moisture evaporation rate is written as



3.2. Numerical setup 

The computational domain is a cylinder of the same dimensions as 
the laboratory reactor and is made-up of 11,200 hexahedral finite vol
umes. The wall temperature is fixed to match the experiments. Fig. 3 
shows the computational domain and an example of the wall tempera
ture profile. At the inlet of the domain, biomass particles at a fixed mass 
flow rate are inserted. The reactor rotates with a prescribed velocity, 
which is implemented as a rotating boundary condition for the velocity. 

3.3. Validation cases 

3.3.1. Particle movement 
The type of transversal movement within the particle bed effects 

dominantly the mixing and residence time of granular materials in ro
tary kilns and consequently, it determines the temperature gradient and 
the conversion of the solids in the bed [53]. To establish the type of 
movement of the particles in the rotary kiln for experimental work and 
the simulations, it is essential to define comparable criteria [54]. They 
can be in the form of critical wall friction coefficients and critical rota
tional Froude numbers in terms of the filling degree as given by the bed 
behavior diagram from Mellmann et al. [55,56]. 

For the lab-scale reactor, the Froude number is obtained to be about 
1.2 × 10 4 representing a transition process between sliding and mixing 
motion. During the experiment with spherical particles and while using 
the glass tube, the sliding motion occurs which means the particle-wall 
friction is smaller than critical friction. On the other hand, the substi
tution of the metal tube in the heated kiln exhibits a slightly different 
motion as the spherical particles surge transversally. However, using 
real biomass particles with unspecified particle shape, the clear slump
ing/rolling types of motion is observed. 

The movement of biomass particles in the rotating reactor can be 
simulated correctly [42]. Measured and simulated residence times of 
single particles and bulk movement are presented in the appendix for 
different reactor inclination angles and rotation speeds. The mixing due 

to particle movement inside the reactor has been measured with parti
cles of different colors in Ref. [42] and the generalized mean mixing 
index [57] was determined. The simulations predicted the mixing index 
within 15% deviation compared to the experimental ones. In addition, 
the axial dispersion coefficients in the rotary drum were calculated 
based on the average velocity of particles. The values lie between 10 6m2

s 

and 10 5m2

s which is a common range of values in literature data [58]. 

3.3.2. Radiative and convective heat transfer 
The radiative heat transfer model is tested for an artificial case of a 

bed consisting of 1800 particles with diameters of 1 cm in a box with 20 
cm edge length. The temperature of the top wall of the box is set to 636 K 
and the other walls, as well as the particles, have a temperature of 373 K 
initially. As shown in Fig. 4, after 11 s the top layer of the particle bed 
has heated up, while the net heat flux between the bottom layer and the 
bottom wall is zero. Therefore, the effect of the particle bed on radiation 
is qualitatively captured. 

In order to quantify the accuracy of the model, the heat flux from the 
top wall to the top particle layer is computed analytically from a view 
factor model [51]. The heat flow predicted by the newly implemented 
radiation model differs by approximately 1% in contrast to the original 
radiation model by OpenFOAM which yields a difference of about 15%. 

The heat transfer coefficient (htc) due to convection is determined 
experimentally in the lab-scale rotary kiln reactor by inserting single 
wood particles with a moisture content of 50 wt.% and adjusting the 
residence time so that the particles leave the reactor with a remaining 
moisture content of about 25 wt.%. From the energy balance for the 
particles Qconvection + Qradiation Qlatent Qsensible = 0 the convective heat 
transfer coefficients are derived. Here Qradiation = σ⋅ε⋅A⋅(T4

g T4
p)⋅t is 

used, where the particle emissivity ε is about 0.85 [59,60], the area of 
the particle is approximately constant and the mean temperature Tp is 
computed from the initial and final temperatures. Likewise, 
Qsensible = mp⋅cp⋅(Tp0 Tpfinal ) is computed from the initial and final par
ticle temperature and its mean heat capacity. Qlatent is determined 

Fig. 2. Experimental setup for the lab-scale rotary kiln reactor.  

Fig. 3. Numerical setup of the full length 1.4-m lab-scale rotary kiln reactor. Linear temperature drop on both sides of the reactor based on the experi
mental conditions. 



experimentally by measuring the evaporated water content from parti
cles by multiplying the reduced weight of particles to the evaporation 
enthalpy. Fig. 5 shows measured and calculated htc values from an exact 
corresponding numerical simulation for different reactor temperatures 
using the Ranz-Marshall correlation. The Ranz-Marshall correlation 
calculates htc of each particle based on its Nusselt number, which is 
based on particles’ Reynolds number. The figure demonstrates that the 
convective heat transfer model to the discrete phase for single-particle 
with low Reynolds number is reliable. Again, the simulated results lie 
well within the experimental uncertainties, which are obtained from 10 
repeated measurements. This experiment and simulation are done for 
assessment of the precision and applicability of the Ranz-Marshall htc 
model for a single particle inside the reactor. Based on the observation of 
Wakao et al. [61], the Nusselt number for packed beds approaches the 
same limiting value from the Ranz-Marshall correlation for lower Rey
nolds numbers. In this study, the Reynolds number is generally low. 
Therefore, the Ranz-Marshall correlation is applied to both setups of 
single particles and particles in the bed. 

McCarthy et al. studied the ratio of convective to contact heat 
transfer in rotary drums with similar parameters as applied in this study 
[62]. For conditions of low convective heat transfer coefficients and for 
particles with low thermal conductivity, e.g. biomass, the ratio of 
convective to conductive heat transfer is above 30 at 10 rpm. This holds 
even in the case of neglecting radiation in the rotary drum, whereas in 
the case of homogenous mixing the temperature distribution in the bed 
is more uniform. Therefore, the negligible influence of contact heat 

transfer in the well-mixed and high-temperature rotary drum can be 
assumed. Heat transfer between the walls and particles in contact with 
the wall is considered directly via radiation to the corresponding cell 
and indirectly via convection to the gas-phase and then to the discrete 
phase. 

3.3.3. Drying and devolatilization model 
The modified drying model has been validated in Ref. [42] demon

strating that the results match the analytical solution of a single particle 
drying in different atmospheres. 

For validating the n-th order Arrhenius approach for the devolatili
zation, walnut shells (30 wt.% moisture content) at a mass flow rate of 
0.58 kg/h are treated in the laboratory rotary reactor at residence times 
of 40–45 min and different reactor temperatures. The biomass is 
modeled as mono-sized particles with a diameter of 6 mm and the 
properties of the weight-averaged pseudo-component for the thermal 
degradation process (see section 2.3.4). The simulation has been per
formed for 1 h and the mass loss due to carbonization is recorded and 
compared with the measured mass loss, see Fig. 6. The results demon
strate that the n-th order Arrhenius approach from section 2 is able to 
predict the biomass conversion within experimental uncertainties for a 
large temperature range. 

3.3.4. Full process 
For validating the entire conversion process including heating, dry

ing and devolatilization spherical wooden particles with a moisture 

Fig. 4. Distribution of particle temperatures (a) and distribution of heat flux density on the side walls (b) during the box test with 1800 particles.  

Fig. 5. Comparison of calculated and experimentally evaluated heat transfer 
coefficient for single spherical particles in a tubular reactor. 

Fig. 6. Final normalized mass loss equivalent to the degree of conversion for 
different reaction temperature in experiment and simulation. 



content of 42 ± 4 wt.% are used as biomass feed. This feed is added 
batchwise. The operating conditions for the experiments are summa
rized in Table 1. 

The effects of solids residence time at process temperatures of 350 ◦C 
are analyzed in Fig. 7. In these experiments, the total mass of the solid 
biomass is measured at different reaction times. The biomass input is 
heated up and moves along the reactor. The initial mass loss is due to 
drying. After five to 10 min, carbonization takes place and further re
duces the mass. The comparison between experiment and simulation 
shows excellent agreement regarding the prediction of the reaction end 
time. The deviation at 10 min might be caused by simultaneous drying 
and carbonization, which is not sufficiently resolved by the applied 
drying and thermally thin particle models. 

4. Results, discussion and scale-up calculations

The extended numerical tool is used for the simulation of the
laboratory-scale rotary kiln and a large-scale rotary kiln. The two re
actors are not the result of a correspondent scale-up. Both designs were 
determined by the plant builder before the study. The laboratory 
experimental setup is used to verify and validate the numerical simu
lation so that it can be used in the large-scale plant as well. The pa
rameters for the simulations are given in Table 2. The results are 
presented in the following sections. 

4.1. Laboratory-scale results 

The laboratory kiln reactor rotates with a speed of 10 rpm and has an 
inclination angle of 0.5◦–2.0◦. This results in a mean residence time of 
2700 s. Biomass as wooden bulk or other material with specified size 

ranges is fed into the empty reactor, which has a constant wall tem
perature. The simulations are performed until steady-state conditions. 
The results presented in the following refer to steady-state conditions. 
The definition concerning the full conversion of biomass in pyrolysis 
widely depends on material and research focus. In this work, the steam- 
assisted carbonization of biomasses is described by the conversion 
equation Eq. (14). and the corresponding kinetics Eq. (15). With this, the 
conversion in dependence on mean reaction time can be calculated. 

4.1.1. Influence of the reactor wall temperature 
The different stages of the carbonization process undergone by the 

discrete phase are shown in Fig. 8 at steady-state conditions (physical 
time 3600 s). The left indicators represent the length of the reactor (z- 
direction) and the Mean Residence Time (MRT≈2700 s) of the particles. 
Different zones in this work are determined from post-processing, and 
they are not a part of the numerical model assumptions or a priori 
domain division. In the heating up zone (blue region), the mass of 

Fig. 7. Validation of the entire process with wooden spherical particles. 
Comparison of own experimental work with results from the developed solver 
based on OpenFOAM®. 

Table 1 
Summary of operating conditions for the validation test.  

Biomass input Reactor 

Input mass (g) 138 ± 8 Wall temperature (◦C) 350 ◦C 
Initial temperature (◦C) 25 Pressure atmospheric 
Moisture content wt.% 42 ± 4 Length (m) 1.4 
Dry mass (g) 80.0 ± 0.2 Diameter (cm) 8.0 cm 
Volatile fraction (wt.%) 75 Rotation (rpm) 10 rpm 
Particle diameter (mm) 6.0 Inclination (◦) 3 
Heat of reaction (kJ/kg) 400 Gas input none 
particle density (kg/m3) 1224.7 Gas output to condenser 
Dry mass cp (J/kg.K) 2000 Coal-collector purged with N2

Table 2 
Parameter study of lab-scale and large-scale rotary kiln reactor for wet biomass 
carbonization.  

Size Wall 
Temp. 
(K) 

Mass flow 
rate (kg/h) 

Moisture 
content (%) 

Particle size (mm) 

Lab- 
scale 

573 0.580 50 6 

598 0.580 50 6 

1.160 0, 10, 20, 
30, 50 

1.760 50 

623 0.580 50 6 
673 0.580 50 6 

Large- 
scale 

673 350 50 Normal distribution 
expected: 6, variance: 2, 
range: 1-9 

723 
773 
873  

Fig. 8. Four stages of the process in the rotary kiln at different wall tempera
tures (top view). 



towards the end of the reactor. With mass flow rates above 2 kg/h, 
devolatilization does not start as far as the biomass is in the reactor. 

4.1.3. Influence of moisture content 
Fig. 12 depicts the influence of the initial moisture content (MS) of 

biomass particles on the gas temperature at a constant reactor wall 
temperature of 598 K and a mass flow rate of 1.160 kg/h. Raising the MS 
at a constant mass flow rate shows a similar effect on the gas tempera
ture as raising the mass flow rate at the constant moisture content 
(compare with Fig. 11). However, while raising the MS, the final con
version is first slightly increased although one may think about the 
downtrend. 

This effect on final conversion is due to an increased heat transfer 
coefficient in the presence of higher MS in the freeboard gas. In this case, 
the larger cpg of steam leads to a higher Prandtl number. Consequently, 
the Nusselt number increases resulting in a higher heat transfer coeffi
cient of particles. Additionally, the larger heat capacity of the gas keeps 
the temperature higher during the heating of cold/wet biomass bulk 
which leads to an increase in the overall heat transfer to the bulk. 

The overall conversion rate of cases with MS 0% and 10% from 
Fig. 13 proves that despite the increase in total required heat, the gain in 
the interphase heat transfer dominates. The difference between the final 
conversion of the cases with MS 0% and 30% is unexpectedly small, see 
Fig. 13. The reason for this is that a large zone of the reactor (heating up 
and drying zone) is completely filled with the super-heated steam 
YH2O = 1.0. 

4.2. Scale-up motivation & process optimization 

The simulations of the large-scale reactor require considerably larger 
computational resources. In order to find an optimal setup, a grid in
dependence study is carried out. The finest computational mesh consists 
of 2,700,000 hexahedral control volumes with an average edge size of 2 
cm. The total length of the reactor is 12 m. This is the finest possible
mesh resolution due to the restriction from particle volume fractions in a
cell (section 2). A coarser mesh with an average edge size of 4 × 4 × 4 cm
is composed of 375,000 cells. Comparing with the finest mesh, the
relative deviation in time-averaged gas temperatures at the centerline of
the reactor is only about 0.30% after 230 s physical time. Therefore, the
latter grid which accelerates the simulation 8.45 times is chosen for the
large-scale simulation as a compromise between precision and perfor
mance. Other mesh resolutions with average edge sizes of 2 × 2 × 5 and
2 × 2 × 10 cm have also been studied but their precisions, despite the
higher resolutions, is lower than that of the 4 × 4 × 4 cm cell grid. This
emphasizes that the aspect ratio of cells is a decisive factor. The nu
merical grid is adopted to resolve the eddies with the largest scale within
this particular application and except mesh resolution study, the longi
tudinal integral length scale criterion from Kim et al. [63] is considered.

The CPU performance for the computation of the disperse phase 
using the MP-PIC method is tested for a short simulation with 2 s 
physical time and increasing the number of particles from 5000 to 
450,000 in 11 steps. The computation effort increases linearly with the 
number of particles in the domain. For a single CPU, the average 
execution time per timestep grows from 5.1 s to 31.2 s for the smallest 
and largest number of particles, respectively. In contrast to the lab-scale 
simulations, where each parcel represents one particle, in the large scale 
simulations, parcels with 10 particles are modeled for a feasible 
computational performance. In the steady-state condition, there are 
more than 3,330,000 particles in the domain at the same time. On the 
other hand, it was found in Refs. [42] that the computation time of the 
DEM-based model in the lab-scale grows exponentially with the number 
of particles. Even applying the reduced particle stiffness model sug
gested by Ref. [64] to the DEM, it is still computationally expensive for 
large-scale simulations. 

In the modified fvDOM radiation model, 72 global spatial directions 
for ray-tracing are used to calculate the radiation field in each 20th 

Fig. 9. Gas temperature on a cutting plane through the center of the rotary kiln 
for different wall temperatures (side view). Here and in all consequent figures, 
the bulk and gas move from left to right. 

particles does not change while their temperature increases. In the 
drying zone (yellow region), the moisture content (MS) of particles is 
decreased to zero by evaporation/vaporization. After drying, devolati-
lization starts (red region), where particles release volatiles (tar, H2O 
and CO2) and lose further mass. Reaching the final mass of the particles, 
the over-burned stage (black region) shows a further increase in tem-
perature. Other possible changes in product properties along the over- 
burned zone are not in the focus of this study and therefore are 
omitted, although, in reality, further secondary reactions may occur. 
The goal of the process is to achieve a full conversion and to minimize 
biomass in the over-burned state. 

The heating-up zone is relatively short compared to other zones. The 
carbonization is kinetically limited and therefore the reaction zone is 
comparatively long. At a wall temperature of 573 K, a final conversion of 
71% is attained and reaches 88% and 99% at wall temperatures of 598 K 
and 623 K, respectively. On the other hand, at the highest temperature, 
not even half of the reactor length is required to complete the 
conversion. 

The optimum wall temperature for the lab-scale reactor is 623 K, 
where the reaction is completed at the end of the kiln and only a short 
over-burned zone exists. The conversion is very sensitive to the wall 
temperature. The final conversion of the particles is also given for each 
case at the right-hand side of each case in Fig. 9. 

4.1.2. Influence of mass flow rate 
In Fig. 10, the influence of the biomass mass flow rate is illustrated 

for the reactor with the wall temperature of 598 K and the initial 
moisture content of particles of 50%, see also Table 2. The final con-
version strongly depends on the length of the contact between the bulk 
and the hottest freeboard gas. Due to the high energy consumption of the 
process, a larger mass flow rate increases sharply the required heat and 
consequently limits overall conversion. The analysis of the influence of 
the mass flow clearly shows that the reactor is under heat transfer lim-
itation by higher mass flows. This is due to the heat transfer limitation 
within the reactor since the constant wall temperature is maintained. 

Initially, the gas phase in the reactor consists of dry air. During the 
drying phase, the air is gradually displaced by moisture and later partly 
by volatiles. Under steady-state conditions, only water vapor and vola-
tiles are present in the gas phase and the mass fraction of non- 
condensable volatiles is 1 YH2O . With the lowest particle mass flow 
rate in Fig. 11 (top), the carbonization reaction starts within the first half 
of the reactor and the mass fraction of volatiles grows suddenly near the 
bulk and is diluted gradually in the moisture from the drying zone. By 
raising the mass flow rate, the moisture released from the bulk displaces 
a larger volume in the reactor. Due to the same wall temperature in all 
cases, the volatile release is postponed and the reaction zone is shifted 



timestep (solver frequency of 20). The results are compared to the 
refined case with 128 directions and the solver frequency of 1. Only 
2.5% decrease in average particle temperatures is observed while the 
computation time is reduced by a factor of 7. 

For the large-scale simulations, the performance of the parallel runs 
is tested with 2 up to 1120 CPU cores on the high-performance computer 
“bwUniCluster 1.0”. Reasonable parallel scaling is observed up to 560 
cores. The total amount of CPU-hours for each simulated case with 
different temperatures is around 40,000. 

The operation parameters for the large-scale rotary kiln are taken 

according to those of the laboratory scale rotary kiln. The residence time 
of the bulk is taken from the lab-scale simulation based on the experi
mental study of the kinetically limited carbonization reaction to ensure 
the reaction is completed [9,49,50]. Although most parameters such as 
particle composition, MS, initial temperature, reaction mechanism, etc. 
are taken from the former, the filling degrees between the lab-scale 
(14%) and large-scale (4.4%) are different. This is because the 
biomass particles in the lab-scale and the large-scale reactor have the 
same MRT, but the mass flow rate is higher by a factor of 350 in the 
large-scale reactor (Table 1). Considering a comparable heat transfer 

Fig. 10. Gas temperature on a cutting plane through the center of the rotary kiln at different mass flow rates (side view).  

Fig. 11. Moisture mass fraction YH2O on a cutting plane through the center of the rotary kiln at different mass flow rates (side view).  

Fig. 12. Gas temperature on a cutting plane through the center of the rotary kiln at the different MS (side view).  



coefficient for kilns, the main concern is the final product quality. To 
satisfy the energy-intense process, a larger area for the heat transfer and 
therefore a comparably larger kiln is required. 

The gas velocities within the reactors are generally low. For the 
laboratory-scale case, the average gas velocity is around 0.1 m

s , while it is 
in the order of 0.12 m

s in the industrial scale kiln. This corresponds to 
Reynolds numbers Re < 200 for the laboratory-scale and Re ≈ 3050for 
the large scale with 15 times larger diameter. An additional simulation 
without turbulence model has shown that the difference in heat transfer 
coefficients is below 5%. This shows that the turbulence model does not 
change the results qualitatively and both scales are still comparable. 

4.3. Large-scale results 

The large-scale reactor has a length of 12 m and a diameter of 1.2 m 
and rotates with a speed of 10 rpm. For the large scale, the rotation of 
below between 3 and 5 rpm is common for rotary kilns with built-in 
installations [53,54]. Since the large-scale reactor does not have a 
shovel or internal flights in the simulation but instead is a cylinder, the 
larger rotational speed is applied for comparable mixing in the numer
ical setup. However, based on the bed behavior diagram from Henein 
et al. [49] the bed motion is still in the same regime regardless of 10 or 3 
rpm, where the Froude number lies in the range of 10 5 < Fr < 10 3 

associating an analogous bed motion to the lab-scale reactor with metal 
tube and therefore this overdesign has negligible implications. A poly
disperse distribution for biomass particles is considered in the kiln (see 
Table 2 and Fig. 17). 

The wall temperature of the kiln is chosen for the parameter study. A 
uniform wall temperature is considered for the entire wall of the reactor. 
The results presented in the following are for different wall temperatures 
from Table 2 at steady-state conditions. Also, transient results for a 
specified case with the wall temperature of 773 K are illustrated in order 
to show how the steady-state is reached. 

4.3.1. Transient study of gas-phase parameters 

4.3.1.1. Gas-phase temperature. Fig. 14 presents the time evolution of 
the gas temperatures at a central rectangular cutting plane of the tubular 
kiln reactor as well as at 7 cross-sectional planes at a distance of 2 m 
each. A homogenous temperature profile can be seen in locations far 
from the bulk. However, after the drying zone, the gas temperature near 
particles shows a uniform profile. The radial homogeneity of the tem
perature field in the reactor is enhanced compared to the lab-scale de
vice. After 1800 s the temperature profile approaches the steady-state 

and there are no significant variations in the gas temperature distribu
tion except at the low-temperature region (blue range, due to wet par
ticles) which expands towards the exit. The gas temperature near the 
outlet is close to the corresponding wall temperature at all times. 

Although the freeboard gas is initially at room temperature, the 
simulation with constant wall temperature results in rapid heating of the 
gas (100 s). At the beginning, the O2 and N2 contents in the freeboard gas 
are 0.21 and 0.79, respectively. During the process, moisture and vol
atiles substitute the initial gas while the atmospheric pressure pushes the 
gas out of the reactor through the outlet patch. After approximately 
1800 s, there is no air/oxidizing agent in the reactor anymore. 

4.3.1.2. Volatiles mass fraction. The time evolution of the tar mass 
fraction YTAR of the gas phase is illustrated for the case study with the 
wall temperature of 773 K in Fig. 15. At 400 s, the devolatilization is 
observed between 6 and 8 m (3rd and 4th planes). However, at later 
times, the devolatilization starts further downstream while a higher 
volume is filled with volatiles. The tar mass fraction reaches the sta
tionary state after around 1800 s in this case as well. The distribution of 
CO2 is the same as tar and only its magnitude differs due to the lumping 
of the volatiles. 

4.3.1.3. Accumulated mass of by-products. Fig. 16 shows the moisture 
release (a) and volatile release (b) from the solid phase at different 
temperatures. The rate of moisture released from the bulk shows an 
expected increase when increasing the wall temperature of the reactor. 
At 773 K a small decrease is visible in the drying rate at around 3000 s as 
the bulk mass increases in the reactor constantly. The trend in the first 
half of the simulation is closer to that of 873 K. By increasing the mass 
input, however, the colder gas moves more rapidly in the reactor and 
consequently, the heat transfer limitation in the drying zone slows down 
the drying rate. 

Fig. 16b shows the development of volatile release. The cases 673 K, 
723 K and 773 K reach their stationary states while the rate of 873 K is 
still on a slight non-linear rise. The accumulated volatile release in the 
reactor at 673 K after around 1500 s remains constant because the un
satisfactory heat transfer is not initiating chemical conversion of the 
biomass. At this temperature, the total amount of supplied heat is used 

Fig. 13. Gas MS on a cutting plane through the center of the rotary kiln at 
different initial MS of particles (side view). 

Fig. 14. Gas temperatures at an axial cutting plane through the center and 
cross-sectional planes in the large-scale rotary kiln at different times (iso
metric view). 



for heating-up and drying. 

4.3.2. Steady-state results for large-scale simulations 

4.3.2.1. Influence of the wall temperature on carbonization. For the large- 
scale simulations, particles are used, which initially contain the mass 
fraction of moisture Ymoist = 0.50, volatiles Yvol. = 0.25 and fixed carbon 
and ash Ychar = 0.25. Ideally, the char mass fraction of particles leaving 
the reactor is Ychar = 1.0, which can be observed for the cases where the 
wall temperature lies above 723 K, see Fig. 17a giving the results for 
stationary conditions (3600 s). 

In contrast, the conversion degree for the wall temperature of 673 K 
is not satisfying, as the graph shows more than 50% of particles leaving 
the reactor are not even completely dried since their Ychar is below 0.5. 
Increasing the reactor temperature to 723 K, the conversion to charcoal 
is improved. Around 92% of particles already reach the desired mass 
fraction Ychar ≥ 0.90. 

Fig. 17 suggests that the wall temperature in the ideal case should be 
between 723 K and 773 K. Therefore, these two cases are further referred 
to “the optimal wall temperature cases”. Seasonal or material-related 
variable parameters such as MS and input temperature of the biomass 
would require further adjustments of the wall temperature. 

4.3.2.2. Influence of particle size on the product at different wall temper
atures. The variation of the particle sizes calculated with the constant 
density model (see section 3.2) are depicted in Fig. 17b for stationary 
conditions. The size distribution is shifted to smaller sizes when 
increasing the wall temperatures due to increasing release of moisture 
and volatiles. 

The effect of particle sizes on their temperature distributions along 
the reactor is shown in Fig. 18. The PSD is divided into the small fraction 
(smaller than 5 mm) and the large fraction (larger than 5 mm). The 
particle size has no influence on the conversion of the bulk in different 
lengths of the reactor. This means, that due to the good mixing in the 
bulk, the particles with different sizes have an identical temperature in 
each longitudinal section of the reactor. Similar behavior is also 
observed during the conversion of biomass in the experimental work on 
the lab-scale reactor where the carbon content of the char exhibits good 
product homogeneity and a standard deviation being less than 2.7%. 

4.3.2.3. Analysis of the process stages along the reactor. For the investi
gated temperatures, similar to the lab-scale, four zones/stages are 
introduced (compare with Fig. 8). To compare the two scales, it is worth 
mentioning that the range of wall temperatures in the large-scale sim
ulations in Fig. 19 (673–873 K) is considerably higher than the range in 
the lab-scale simulations in Fig. 8 (573–673 K). At the same wall tem
perature (673 K) and the same MRT (2700 s), the laboratory and large- 
scale reactors show different behaviors: while the biomass in the lab- 
scale reactor reaches the over-burned state at the end of the reactor, 
the reaction has not even started in the large-scale reactor even with a 
significantly smaller degree of filling. This demonstrates, that the 
scaling-up behavior cannot be predicted directly from the laboratory- 
scale results and full simulations of the large-scale reactor are necessary. 

At a wall temperature of 873 K, only 7 m of the reactor are used to 
complete the biomass conversion as defined in this study. Further re
actions related to this temperature, e.g., secondary cracking and other 
exothermic decompositions are neglected, as explained previously in 
section 4.1. This impacts negatively the desired state of the product and 
additionally increases energy consumption. The optimum wall temper
ature lies between 723 K and 773 K, where the reaction is completed and 
no over-burned zone exists at the end of the rotary kiln. The overall 
comparison of these four cases shows that the conversion is quite sen
sitive to the wall temperature. 

4.3.2.4. Thermal power of the process. Based on the steady-state condi
tions, the thermal power transferred to the bulk material in the rotary 
kiln at the optimized wall temperature of 773 K is evaluated. The final 
temperature of the gaseous products is 773 K (see Fig. 20) and the final 
temperature of the solid phase is 770 K (calculated from the average 
temperature of the product at the outlet). The thermal power for the heat 
transferred from the inner wall to the bulk is given in Table 3 calculated 
from the integration of overall thermal demand for the different steps 
including sensible heat and latent heat and reaction enthalpy. For 350 

Fig. 15. Tar mass fraction at an axial cutting plane through the center and 
cross-sectional slices with the wall temperature of 773 K (isometric view). 

Fig. 16. Accumulative release of moisture (a) and volatiles (b) from the biomass during the conversion.  



kg/h input the inner thermal power of the carbonization reactor is about 
180 kW which gives assuming an overall efficiency of η = 0.6 a total 
power requirement of about 300 kWth. 

The demanded thermal power for drying of the input bulk with 50% 
MS (yellow zone) in Fig. 19 dominates the sum of the other stages. The 
portion of the heat flux in each zone approximately corresponds to the 
length of the stage in the reactor. The thermal power for the reaction 
contains the power for heating up the dried bulk and gas components as 

well as the enthalpy of devolatilization. Their shares are 21% and 5.5%, 
respectively. 

4.3.2.4. Gas temperature in the rotary kiln. The wet bulk cools down the 
surrounding gas and as a result, the coldest zone tracks the non-dried 
bulk in the reactor. The gas-phase temperatures at the bottom of the 
reactor in Fig. 20 are correlated to the stages of the process given in 
Fig. 19. 

At higher temperatures, the evolution rates of moisture and volatiles 
become higher, consequently causing higher average velocities in the 

Fig. 17. Char mass fraction of particles (a) and particle size distribution (b) of input and products at different reactor wall temperatures.  

Fig. 18. Effect of particle sizes on their temperatures along the reactor 
(top view). 

Fig. 19. Stages of the process along the reactor after reaching steady-state 
(top view). 



reactor, see Fig. 16. The accumulative mass release at 873 K is around 
15 kg higher than that at 773 K. This amount corresponds to a higher 
velocity and consequently lower gas residence time in the reactor. It 
explains why the gas in the hottest reactor, unlike other cases, does not 
have enough time to reach the final temperature at the end of the 
reactor. For the 873 K, the outflow velocity of the gas is on average 0.15 
m/s with local maxima of 0.45 m/s. The highest velocity in the entire 
domain is the same in all cases due to the rotation of the kiln and has a 
value of 0.627 m/s (10 rpm rotation). 

4.3.2.5. Moisture and volatiles in the gas-phase. At the steady-state 
condition, the initial air is completely displaced by the produced 
steam and volatiles. Fig. 21 depicts the mass fraction of moisture within 
the reactor, where the rest of the gas are non-condensable volatiles (tar 
and CO2). Therefore, the blue color in the figure represents the relatively 
higher mass fraction of volatiles. The negligible amount of volatiles in 
the beginning of the reactor at 673 K comes from partial devolatilization 
of some biomass up to 1500 s before reaching steady-state. The volatiles 
are gradually being diluted over time (Fig. 16b, blue curve). 

For the other cases, the amount of moisture in the first half of the 
reactor increases with temperature. At the highest temperature, almost 
only water vapor exists. Drying rate and consequently the velocity are so 
high that they counteract the penetration of produced volatiles to this 
area. 

The volatiles being produced in the second half of the reactor with 
increasing wall temperature lead to a shift of the reaction zone more to 
the inlet. Likewise, the mass fraction of volatiles is reduced due to the 
dilution with a comparatively larger amount of moisture from the drying 
zone. The comparison of the amount of moisture and volatiles at the 
latest points from Fig. 16 confirms the domination of the vapor gener
ation over that of volatiles. As a consequence, gas with a relatively 
higher mass fraction of moisture is present at the outlet. This shows that 
some length of the reactor remains effectively unused and the product is 
over-burned. 

5. Conclusion

In this work, a simulation tool is presented to simulate the transient,
two-phase and multi-dimensional carbonization of wet biomass in ro
tary kiln reactors. It is based on the open-source framework Open
FOAM® and combines its Lagrangian capabilities to simulate the 
biomass particle bed and its Eulerian approach to simulate the gas 
phase. Both the discrete biomass particles and the multicomponent gas 
phase are fully coupled. New models for drying, chemical carbonization 
kinetics and radiation have been developed for the conditions in the 
rotary kilns and implemented into OpenFOAM®. 

A series of validation cases show that the new models are able to 
accurately simulate the complex physical processes that govern the 
heating, drying and carbonization inside the reactor. The tool is used to 
perform a series of simulations for wet biomass carbonization in a rotary 

Fig. 20. Gas-phase temperature in the rotary kiln at different wall temperatures 
(isometric view). 

Table 3 
Inner thermal power of the rotary kiln reactor.  

Process stages Thermal power 
(kW) 

Thermal power in 
% 

Thermal power to heat up (blue zone) 22.6 12.5 
Thermal power to dry the bulk (yellow 

zone) 
109.7 61 

Thermal power for the reaction (red 
zone) 

48.3 26.5 

Total heat transferred 180.6 100  

Fig. 21. MS of the gas in the rotary kiln at different wall temperatures (iso
metric view). 
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