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Abstract

Biopharmaceutical products (such as recombinant proteins and vaccines) play a
central role in modern medicine. The manufacturing process of such large
biomolecules includes multiple upstream and downstream processing steps. The raw
material is being transformed into crude intermediate products by upstream processing,
and the final products are gained by several sequential downstream processing steps,
such as isolation and concentration of the target biomolecules, intermediate
purification, and polishing. Especially because of their ease of operation and flexibility,
membrane-based unit operations are widely used in these downstream processing
schemes. However, despite the basically simple underlying physical principles,
membrane-based technologies encounter diverse challenges and obstacles when
applied to biological feed solutions. In the case of ultrafiltration, concentration
polarization (CP) and fouling phenomena of accumulated proteins at membrane
surfaces are a major hurdle for system performance. A common way to reduce the
degree of accumulation is so-called tangential flow filtration (TFF) in which the
retentate is pumped at high velocities parallel to the membrane surface. However, the
resulting short residence times within the membrane module require that the retentate
is guided in a loop and passes the pump and membrane several times, resulting in a
batchwise process. As an alternative to the traditional batchwise operation, continuous
processing gets more and more attention over the past years due to its distinguished
advantages, such as the reduction of the equipment footprint and a constant and
improved product quality.

In case of ultra- and diafiltration, continuous processing is achieved by so-called
single pass tangential flow filtration (SPTFF) and single pass diafiltration (SPDF).
However, because of the limited concentration factors achieved within conventional
SPTFF units, the formulation of highly concentrated protein solutions requires
cascades including several of these filter units as well as the respective pumps,
reservoir tanks, valves and tubings. In consequence, current systems for continuous
UF/DF are characterized by increased complexity, high capital costs, and the demand
for sophisticated measurement and control technology.

In this work, a novel single-unit membrane filtration system for continuous UF/DF
is presented. The 3D-printed prototype of the filtration module is composed of two
lateral compartments and one central middle part, clamping two commercial UF
membranes between the lateral and the central parts. All three parts contain a hollow-
grid structure creating flow channels and mechanically supporting the membranes.

The combination of three channels and two membranes allows to withdraw permeate



and simultaneously deliver fresh diafiltration buffer into the central retentate channel.
In order to have full control over the different feed and effluent streams of the module,
the system is operated in constant flow mode with transient pressures. This is achieved
by connecting the module with three high performance piston pumps and multi-port
valves provided by a commercial AKTA Explorer FPLC system. Although these
systems are originally intended for applications in chromatography, they also allow a
convenient online monitoring of UV and conductivity signals in case of diafiltration
experiments. In addition, the integrated multiport valves and the programmable control
software enable new operation modes of filtration module, such as a cyclically
alternating for direction of diafiltration buffer through the membranes.

In the beginning the filtration module was characterized by the determination of the
water flux through the membranes under different transmembrane pressures applied,
and of the duration needed to reach quasi-stationary operation for both tasks,
concentrating of a protein feed and buffer exchange of the original feed solution. In the
first small prototype having a flow path length of only 47 mm, concentration factors of
five could be achieved, however, the obtained buffer exchange efficiency was only
46%. Thus, a second prototype module with increased flow path length and optimized
hydrodynamics was designed and fabricated.

In subsequent experiments, pure diafiltration with alternating flow direction of the
diafiltration buffer was investigated by applying the same flow rate in the feed and
retentate stream. The influence of various parameters, including the duration of the
switching intervals between the DF flow direction, the flow mode between the feed
solution and DF buffer (co-current and counter-current), the number of diavolumes
applied, and the volumetric flowrate of the feed solution, on the DF efficiency was
investigated comprehensively. The results show, that the DF efficiency could be
increased from the initial 46% in the small prototype up to 99.3% at 7.2 diavolumes
and a switching interval of 3 min. Those findings approve that the switching events of
the flow direction of DF buffer through the membranes works like a cyclic inherent
backflush and reduces concentration polarization and the corresponding pressure
build-up strongly.

To understand the complex hydrodynamics and mass transport phenomena in the
designed novel membrane module, a 2D finite element (FEM) model has been
developed using COMSOL Multiphysics. Considering the porous grid-structure present
in each flow channel of the module, a dynamic version of the Brinkman equation was
used for the simulation of the hydrodynamics, including time varying local pressures
and velocities. The modeling of the transport of dissolved species was achieved by

common mass balances including convective flux tangential and perpendicular to the
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membrane, back diffusion into the bulk solution and eddy dispersion caused by the
flow through the coarse grid. The simulated results are in good agreement with the
experimental data. Seeking optimal parameter settings for higher diafiltration
efficiencies, key factors such as pressures, velocities, and local concentrations of
protein and salt within the module were predicted using the developed model. In a
parameter study it showed, that compared to the method applying switching events,
the unidirectional operation manner results in better diafiltration efficiency. However,
in this operation mode there exists a comparably low, maximum allowable feed load to
guarantee that the maximum pressure within the module will not exceed the pressure
limit of the system. When a higher feed load is required, the method of alternating DF
buffer flow can be applied to reduce the pressure built-up, but at the expensive of
intensified mixing effects in the module and correspondingly a reduced diafiltration
performance.

In summary, this thesis presents a thorough experimental and theoretical study of
a novel type of continuously operated, single pass tangential flow filtration system. The
designed module is able to achieve up to 99.9% diafiltration efficiency (99.3% at 7.2
diavolumes) within a single filtration unit. By this its performance is comparable to more
complex three-stage counter-current SPTFF systems, described so far in literature for

continuous diafiltration.
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Zusammenfassung

Biopharmazeutische Produkte (wie rekombinante Proteine und Impfstoffe) spielen
eine zentrale Rolle in der modernen Medizin. Der Herstellungsprozess solch groRRer
Biomolekile umfasst mehrere vor- und nachgelagerte Verarbeitungsschritte. Das
Rohmaterial wird durch sogenannte Upstream-Prozesse in Zwischenprodukte
umgewandelt und die Endprodukte werden durch mehrere sequenzielle Downstream-
Prozessschritte, wie z. B. Isolierung und Konzentration der Ziel-Biomolekiile,
gewonnen. Vor allem aufgrund ihrer einfachen Bedienung und Flexibilitdt sind
membranbasierte Verfahren in diesen Downstream-Prozess-Schemata weit verbreitet.
Trotz der im Grunde einfachen physikalischen Zusammenhdnge stoRRen
membranbasierte Technologien jedoch auf eine Reihe von Herausforderungen und
Hindernisse, wenn sie auf biologische Ausgangs-Ldsungen angewendet werden. Im
Falle der Ultrafiltration sind Konzentrationspolarisation (CP) und Fouling-Phanomene
von akkumulierten Proteinen an der Membranoberflache eine groRe Hurde fir die
Systemleistung. Eine gangige Methode, die Akkumulation von Proteinen zu reduzieren,
ist die sogenannte Tangentialflussfiltration (TFF), bei der das Retentat mit hohen
Geschwindigkeiten parallel zur Membranoberflache gepumpt wird. Die daraus
resultierenden kurzen Verweilzeiten innerhalb des Membranmoduls erfordern jedoch,
dass das Retentat in einem Kreislauf gefuhrt wird und Pumpe und Membran mehrfach
passiert, was zu einem chargenweisen Prozess fihrt. Als Alternative zum traditionellen
chargenweisen Betrieb finden Prozesse mit kontinuierlicher Betriebsweise aufgrund
ihrer Vorteile, wie z. B. der Reduzierung der Anlagengrdf3e und einer konstanten und
verbesserten Produktqualitat, n den letzten Jahren immer mehr Beachtung.

Im Falle der Ultra- und Diafiltration wird eine kontinuierlicher Betriebsweise durch
die sogenannte Single-Pass-Tangential-Flow-Filtration (SPTFF) und Single-Pass-
Diafiltration (SPDF) erreicht. Aufgrund der begrenzten Konzentrationsfaktoren, die in
konventionellen SPTFF-Einheiten erreicht werden, erfordert die Herstellung von
hochkonzentrierten Proteinldsungen jedoch ein Kaskadensystem, das mehrere dieser
Filtereinheiten sowie die entsprechenden Pumpen, Vorratstanks, Ventile und
Schlduche umfasst. Aktuelle Systeme zur kontinuierlichen UF/DF sind daher durch
erhohte Komplexitat, hohe Investitionskosten und den Bedarf an anspruchsvoller
Mess- und Regeltechnik gekennzeichnet.

In dieser Arbeit wird ein neuartiges Single-Unit-Membranfiltrationssystem fur
kontinuierliche UF/DF vorgestellt. Der 3D-gedruckte Prototyp des Filtrationsmoduls
besteht aus zwei Seitenteilen und einem zentralen Mittelteil, wobei zwei kommerzielle

UF-Membranen zwischen den seitlichen und dem zentralen Teil eingespannt sind. Alle
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drei Teile enthalten eine Hohlgitterstruktur, die Stréomungskandle schafft und die
Membranen mechanisch stitzt. Die Kombination aus drei Kandlen und zwei
Membranen ermoglicht es, Permeat abzuziehen wund gleichzeitig frischen
Diafiltrationspuffer in den zentralen Retentatkanal zu liefern. Um die volle Kontrolle
Uber die verschiedenen Zu- und Ablaufstrome des Moduls zu erhalten, wird das
System im mit konstanten Volumenstromen aber transienten Driicken betrieben. Dies
wird durch die Verbindung des Moduls mit drei Hochleistungskolbenpumpen und
Mehrwegeventilen erreicht, die von einem kommerziellen AKTA Explorer FPLC-
System bereitgestellt werden. Obwohl diese Systeme urspriinglich fir Anwendungen
in der Chromatographie vorgesehen sind, ermdglichen sie auch eine komfortable
Online-Uberwachung von UV- und Leitfahigkeitssignalen bei Diafiltrationsversuchen.
Darlber hinaus ermdéglichen die integrierten Multiport-Ventile und die
programmierbare Steuerungssoftware neue Betriebsmodi des Filtrationsmoduls, wie
z.B. ein zyklischer Wechsel der Flussrichtung des Diafiltrationspuffers durch die
Membranen.

Zu Beginn wurde das Filtrationsmodul durch die Bestimmung des Wasserflusses
durch die Membranen bei verschiedenen anliegenden Transmembrandricken und
durch die Dauer, die zum Erreichen eines quasistationaren Betriebs fir beide
Aufgaben, Aufkonzentrierung eines Proteinlésung und Pufferaustausch, benétigt wird,
charakterisiert. Im ersten, kleinen Prototyp mit einer Stromungspfadlange von nur 47
mm konnten Konzentrationsfaktoren von finf erreicht werden, die erzielte
Pufferaustausch-Effizienz betrug jedoch nur 46%. Daher wurde ein zweites
Prototypmodul mit vergroRerter Stromungspfadlange und optimierter Hydrodynamik
entworfen und hergestellt.

In anschlieBenden Experimenten wurde die reine Diafiltration mit wechselnder
Flussrichtung des Diafiltrationspuffers bei gleicher Flussrate des Feed- und
Retentatstroms untersucht. Der Einfluss verschiedener Parameter, darunter die Dauer
der Umschaltintervalle zwischen den DF-Strdmungsrichtungen, der Stromungsmodus
zwischen Feed-Lésung und DF-Puffer (Gleichstrom und Gegenstrom), die Anzahl der
aufgegebenen Diavolumina und der Volumenstrom der Feed-Ldsung, auf die
Diafiltrationseffizienz wurde umfassend untersucht. Die Ergebnisse zeigen, dass die
Diafiltrationseffizienz von anfanglichen 46% im kleinen Prototyp auf 99,3% bei 7,2
Diavolumina und einem Schaltintervall von 3 min gesteigert werden konnte. Diese
Ergebnisse bestatigen, dass die Schaltvorgange der Flussrichtung des DF-Puffers
durch die Membranen wie eine zyklische inhérente Rickspulung wirken und die

Konzentrationspolarisation und den entsprechenden Druckaufbau stark reduzieren.
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Um die komplexen Hydrodynamik- und Stofftransportphdnomene in dem
neuartigen Membranmodul zu verstehen, wurde ein 2D-Finite-Elemente-Modell (FEM)
mit COMSOL Multiphysics entwickelt. Unter Berlcksichtigung der pordsen
Gitterstruktur, die in jedem Strémungskanal des Moduls vorhanden ist, wurde eine
dynamische Version der Brinkman-Gleichung fur die Simulation der Hydrodynamik
verwendet, einschliellich zeitlich variierender lokaler Driicke und Geschwindigkeiten.
Die Modellierung des Transports der gelésten Spezies wurde durch Ubliche
Massenbilanzen erreicht, die den konvektiven Fluss tangential und senkrecht zur
Membran, die Ruckdiffusion in die Bulk-Lésung und die durch die Stromung durch das
grobe Gitter verursachte Dispersion beinhalten. Die simulierten Ergebnisse sind in
guter Ubereinstimmung mit den experimentellen Daten. Auf der Suche nach optimalen
Parametereinstellungen fir hohere Diafiltrationseffizienzen wurden mit dem
entwickelten Modell Schliisselfaktoren wie Dricke, Geschwindigkeiten und lokale
Konzentrationen von Protein und Salz innerhalb des Moduls vorhergesagt. In einer
Parameterstudie zeigte sich, dass die unidirektionale Betriebsweise im Vergleich zur
Methode mit einem Wechsel der Stromungsrichtung des DF-Puffers zu einer besseren
Diafiltrationseffizienz fuhrt. Allerdings ist in dieser Betriebsart nur eine vergleichsweise
geringe, maximal zulassige Flachenbelastung (spezifischer Filtratfluss) zu erreichen,
da der maximale Druck im Modul das Drucklimit des Systems nicht Giberschreiten darf.
Wenn eine hohere Flachenbelastung erforderlich ist, kann die Methode der
alternierenden Stromungsrichtung des DF-Puffers angewendet werden, um den
Druckaufbau zu reduzieren. Dies geschieht allerdings zu dem Preis verstarkter
Mischeffekte im Modul und einer entsprechend reduzierten Diafiltrationsleistung.

Zusammenfassend wird in dieser Arbeit eine griindliche experimentelle und
theoretische  Untersuchung eines neuartigen, kontinuierlich  betriebenen,
Tangentialfluss Filtrationssystems vorgestellt. Das entworfene Modul ist in der Lage
eine Diafiltrationseffizienz von bis zu 99,9% (99,3% bei 7,2 Diavolumen) in einer
einzigen Filtrationseinheit zu erreichen. Damit ist seine Leistung vergleichbar mit
komplexeren dreistufigen Gegenstrom-SPTFF-Systemen, die bisher in der Literatur

fur die kontinuierliche Diafiltration beschrieben wurden.
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1 Introduction
1.1 Background

The biotechnology industry is dedicated to the production of various biomaterials
and biomolecules for applications in food, chemistry, and biopharma. Especially due
to the broad application in therapeutics or diagnostics, the demand for biological
products including vaccines or recombinant proteins is steadily increasing during the
last decades [1-3]. A generic biopharmaceutical processes is commonly divided into
upstream and downstream processes to reach the desired final products. During the
upstream processing, the target microbes and/or cells are grown from starting
materials to the crude product mixture in the appropriate culture broth. This processing
involves all steps related to the initial acquisition of tissue, primary cell isolation, cell
culture and harvest of cells [4]. The subsequent downstream processing is designed
to achieve the desired quality of the fill-finish products, containing the concentrated
bioingredients with minimum impurities and the formulated buffer for safe storage and
delivery. All necessary remaining steps such as product capture, virus clearance,
purification, polishing, and formulation are accomplished in downstream processing
[3,5,6]. Within this scope, a complete bioprocess for the manufacturing of biological
products generally consist of five stages in sequential orders: isolation, expansion,
differentiation, separation/purification, and preservation [4]. In practice, the production
procedures need to be adjusted to the corresponding products. For instance, the
procedures mentioned above are complete for the production of secreted products like
monoclonal antibodies (mAbs); while for the production of bacterial products via
continuous processing, the process operations of cell lysis and, in many cases, protein
re-folding have to be added [3,6,7]. Various unit operations have been applied in
downstream processing to recover the desired products from its crude biomass. It
embraces a wide range of fractionation and purification methods including filtration,
chromatography, extraction, centrifugation, and precipitation [1,8-11]. From an
economic point of view, the simplest and cheapest separation units should be carried
out earlier than the expensive and complex ones in the process [12].

Membrane processes were originally developed for applications in the fields of food,
dairy and water industry [13,14]. However, over the past decades they have been
broadly employed also bioprocessing. Common applications in this field are
microfiltration for the clarification of crude biomass, membrane-adsorber for
purification and polishing steps, as well as ultrafiltration (UF) and/or diafiltration (DF)
for the concentration and formulation of biotechnological products (typically proteins or

DNA) [3,15,16]. Compared to alternative separation units like chromatography,



membrane systems have several advantages including flexible operating to scale-up,
high throughput, and almost identical residence time for all molecules during the
course of the filtration process [17-19]. Much research efforts have been devoted to
the development of membrane materials, modules, and optimized processes [20].

In downstream processing, ultrafiltration is used primarily for concentrating the
macromolecules retained by the membrane, while diafiltration is designed to exchange
or dilute the buffer in which the macromolecule is dissolved. In industry, UF/DF is
widely done batchwise, using filtration modules in combination with recycle loops, hold-
up tanks, and a stepwise or continuous addition of diafiltration buffer [21,22].
Comparing to batchwise, continuous processes have the potential to significantly
reduce the cost of goods and footprints of equipment, increase manufacturing flexibility,
as well as enhance the product quality [5,9,23,24]. In order to change batchwise to
continuous processing, single pass tangential flow filtration (SPTFF) gets increasing
attention in this decade, because it avoids the necessity of hold-up tanks and recycles
loops. In a SPTFF unit, the feed flow passes the filtration system only once. By this,
unwanted temperature rise and high shear-stress resulting from multiple passes
through the pump and the loop can be reduced drastically, facilitating to provide a
beneficial process conditions for the fragile biomolecules. In 2011, Casey et al. [25]
proposed a continuous cascade SPTFF system to concentrate bovine Immunoglobulin
G (IgG) from 3 to 25-fold when applying different feed concentrations ranging from 5
to 45 g/L. This configuration is proved to be applicable to high value biomolecules
which are sensitive to shear-stress or high temperature. Arunkumar et al. [26] firstly
utilized an SPTFF system for the in-process cell culture harvest of six different
biological assets simultaneously. By adding a high capacity adsorptive filter during
primary recovery to reduce the process-related particulates and soluble impurities,
they maintained stable hydraulic conditions. The robustness of the system was
demonstrated by the small variance of the performance from cell culture lot-to-lot
deployment. In another study, Rucker-Pezzini et al. [27] presented a sequential
diafiltration setup including three SPTFF units to remove small impurities during
continuous monoclonal antibody purification. The specified exchange efficiency of
99.75% was obtained with only six diavolumes of diafiltration buffer applied. They also
emphasized the significance of the trade-off between the reduction of fresh buffer
consumption and the increasing system complexity when increasing the number of
stages. More recently, the group of Zydney constructed multi-stage countercurrent
single pass DF systems and reused the permeate from one stage as the diafiltration
buffer in the previous stage. By this they obtained a slightly reduced diafiltration

performance but a strong reduction of buffer consumption [27-29]. Although the
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reported use of co- and counter-current cascades of SPTFF systems improves the
efficiency of continuous UF and DF applications clearly, the resulting systems and their
control are complex and result in increased costs for this unit operation. In addition,
because of the reduced flow rates within the retentate channels, conventional SPTFF
are more prone to the problems of concentration polarization (CP) and related
phenomena such as membrane fouling [30-35]. Especially due to the increasing
importance of continuous process control also in the biopharmaceutical industry, there
is therefore a need for novel continuous membrane filtration modules that combine a

simple design with high efficiency.

1.2 Research Objectives

This dissertation is aimed to design and realize truly continuous UF/DF processes
by developing a novel single unit membrane module for the concentration of
macromolecules and their formulation by buffer exchange. Besides the design,
fabrication and experimental testing of the UF/DF module, extensive computational
modeling should be used in order to optimize the module and to find optimum process
conditions using a minimum amount of experiments. The model should be able to
predict local concentration and pressure profiles under various operation modes
providing different flow patterns, and to extract key figures of the process such as,
concentration factors, diafiltration efficiencies, and dynamic pressure build-up. In
details, the following objectives had to be accomplished in this work:

(1) Conceptualization of a novel single unit membrane module, capable of
conducting continuous ultra- and diafiltration. Fabrication of prototypes of this module
by the help of additive manufacturing in combination with commercial membrane
sheets.

(2) Characterization of the designed system and experimental demonstration of its
capability to achieve continuous concentration of a model protein while simultaneously
changing the buffer.

(3) Scale-up of the prototype module and characterization of its diafiltration
performances for different flow configurations (unidirectional, co-current, and counter-
current).

(4) Model development and simulation of the designed system to thoroughly
understand the underlying transport processes of dissolved species within the module,

thus determining optimal operation settings for different demands.






2 Fundamentals

2.1 Membrane filtration for downstream processing

Membranes are generally characterized by the pore size or nominal molecular
weight cutoff (MWCO), which is typically considered as the molecular weight of the
solute that has a rejection coefficient of 90% [14]. For pressure-driven membrane
processes, the primary separation mechanism is on the basis of molecules size
compared to the membrane pore size. At the membrane-solution interface, the larger
biomolecules are retained by the membrane while the smaller molecules can penetrate
the membrane freely. Proteins are composed by a linear sequence of 20 natural-
occurring amino acids and thus have a complex three-dimensional geometry structure
[36]. The hard sphere model is widely used to obtain a representative radius of the
protein [22]:

1
r = 0.88- MW3 (2.1)

where r is the protein radius in nm and MW its molecular weight in kilo Daltons (kDa).
Notably, due to the diffuse ion cloud around charged proteins, the effective radius of
proteins employed in a membrane process may be significantly larger than this
simplified theoretical prediction [37].

In addition to its characteristic pore size, the structure and charge of the membrane
also influence the separation performance [15]. However, in the practical designing of
membrane processes, membrane selectivity, the volumetric permeate flux and the
membrane system capacity are determining factors for the separation efficiency [14].
The membrane selectivity is decided by the distribution of pores, membrane
composition and the membrane surface properties [38,39]. The system capacity is
estimated as the volume of feedstock solution that can be processed per unit
membrane area in the allowance of the existing system limitations, e.g. regarding
maximum pressures [14]. For example, using a hydrophobic polysulfone membrane
may cause the adsorption of some biomolecules at the pore entrance and thus change
the effective MWCO as well as solvent flux and sieving coefficient, defined as the

concentration ratio of molecules in the filtrate and feed flow [40]. The volumetric

permeate flux of a membrane is defined as J (mﬁ_h):
J= Lp-TMP (2.2)
and
_ _9Q
Le = 27wp 2:3)



where Lp is hydraulic permeability (volumetric flow rate per unit membrane area per
unit pressure, L/(m? - h- bar)) and TMP is transmembrane pressure. Because of the
concentration polarization and membrane fouling phenomena, the actual permeate
flux detected is generally lower than the theoretical value of the clean membrane [22].
Concentration polarization is reversible and always observed at the upstream
membrane surface, while fouling is irreversible and occurs on or within the pores of
the surface and underneath. In addition, extremely concentrated solutes may deposit
on the external surface of the membrane as gel layer [41].

Based on the pore size of the membrane, pressure-driven membrane processes
can be classified into microfiltration (MF), ultrafiltration (UF), nanofiltration (NF) and
reverse osmosis (RO), as shown in Fig. 2.1. The range of the pore sizes used in these
processes is commonly defined as 0.02-10 um for MF [14,40,42], 10-100 nm for UF
[42,43], 1-10 nm for NF, and < 1nm for RO [43,44], respectively.
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Fig. 2.1 Membrane pore sizes in various filtration processes and the corresponding examples
of typical solutes and particles [44].

Microfiltration membranes enable to reject intact cells, bacterial and cell debris but
allow the proteins and smaller solutes (like salts, viruses) to pass simultaneously.
Ultrafiltration membranes are usually utilized to separate proteins and other
macromolecules from smaller solutes like amino acids. Therefore, ultrafiltration
membranes are advantageous to concentrate proteins in the frame of downstream
processes for protein purification. The degree of concentration obtainable during a
single pass of the membrane system is determined by the flow rate ratio between the
feed and retentate streams. Nanofiltration membranes are often used to separate e.g.

amino acids or antibiotics from small salts and water. Reverse osmosis membranes
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are broadly explored to produce high quality water by removing practically all dissolved
substances, including sugars and salts. In addition to those mentioned pressure-driven
membrane processes used in biotechnological industry, there also are concentration-
driven filtration process like dialysis and temperature-driven separation like membrane
distillation. Dialysis is mainly based on the diffusion effect caused by the solute
concentration gradient near the membrane, especially hemodialysis has been
commonly developed for the treatment of kidney failure in biomedicine.

According to the flow direction of feed relative to the membrane position, filtration
manners are classified mainly as normal flow filtration (also hamed dead-end filtration)
and tangential flow filtration (TFF), as illustrated in Fig. 2.2 [45]. In normal flow filtration
mode, the feed flow direction is perpendicular to the membrane surface and all
components transport towards the membrane. The retained macromolecules deposit
gradually on the membrane which may result in a severe flux decay over time.
Therefore, dead-end filtration is mostly selected for processing of feedstocks with a
very low concentration of retainable particles or molecules. In the manner of tangential
flow filtration, the feed flow is directed parallel to the membrane, which means the
concentrated proteins on the membrane can be swept away due to the shear stress of
the flow, thus maintaining the permeate flux at an acceptable level.

Normal Flow Filtration Tangential Flow Filtration
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Fig. 2.2 Typical modes of normal flow (Dead-end) filtration and tangential flow filtration [45].

2.2 Membrane fouling during ultrafiltration

Ultrafiltration has been widely used in concentrating biological targets such as
proteins and the membrane process performance is mainly determined by the
permeate flux. Therefore, the deposition of molecules on the membrane surface or
within the membrane pore structure is a serious limitation to the process efficiency

because it has a negative influence on this key figure, increasing capital and



operational costs [46]. The phenomenon of accumulation of the rejected component at
the membrane surface is commonly known as concentration polarization. Early in 1972,
Mark C. Porter presented the concentration polarization phenomenon in ultrafiltration
firstly [34]. In those early stages, concentration polarization was recognized as one of
the reasons for membrane fouling, resulting in a severe decrease of the
transmembrane flux [34,47]. Later some studies extended the theory of fast initial
concentration polarization by the fouling phenomena of cake or gel formation and pore
plugging, being long-term effects during the filtration process when the solute
concentration over the membrane exceeds its solubility [31,33,48,49].

Membrane fouling and the related phenomena including concentration polarization,
cake or gel formation, and pore plugging lower the permeability and selectivity of
membranes inevitably. The flux decay across the membrane is undergoing three
phases. Howell and Velicangil [50] claimed that the first phase accomplishes in a few
seconds, reaching a quasi-steady-state concentration distribution at the membrane
surface. The initial reduction of permeate flux is attributed to this concentration
polarization, providing a rapid buildup of a proteinaceous film over the membrane
surface. Such a film is obviously increasing the resistance to permeate flow in addition
to the intrinsic resistance of the membrane [51]. In the following around ten minutes,
the adsorption of macromolecules onto the membrane surface and pores result in a
further gradual decline of permeation rates. Finally, the long-term decay of permeate
flux is attributed to the third stage of membrane fouling. In this stage, the highly
concentrated retained solutes start to form a gel or cake layer between the polarization
layer and the membrane surface. The porous cake layer is corresponding to the
packing capacity of the retained solutes, which is the predominant factor to decline the
flux at a slower rate continuously [31,50,52-54]. The pressure drops across the
membrane itself will maintain at a relatively constant level. However, applying excess
transmembrane pressure will not increase the hydraulic permeate flux because the
applied additional pressure will mainly be absorbed by a compression of thicker cake

layer increasing its resistance [31,34].

2.2.1 Theory of concentration polarization and membrane fouling

Concentration polarization (CP) and membrane fouling are major limiting factors in
the ultrafiltration process due to the subsequent reduction in permeate flux. Therefore,
considerable studies have been explored in this area to thoroughly understand these
phenomena. The main theories utilized to describe these phenomena are the mass
balance of solutes (convective-diffusive transport) determined by the hydrodynamic

conditions in ultrafiltration and the osmotic pressures associated with the
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thermodynamic properties of solutes in different layers, such as the pure polarization
layer adjacent to the membrane, and gel or cake layer between the membrane surface
and the polarization.

In the pressure-driven membrane filtration process, CP or fouling level is
determined by the difference in solute molecules transported towards the membrane
surface and resuspending back to the bulk solution. The polarization layer starts to
form when the convective transport towards the membrane is greater than the back-
diffusive flow to the bulk solution. Fig. 2.3 illustrates the schematic of steady state of

concentration polarization at the membrane surface in typical cross-flow filtration [30].

X=0

Fig. 2.3 Scheme of the concentration polarization in typical cross-flow filtration. The axial
velocity u declines with the decreasing distance from the membrane surface, and the local
permeate flux v, has a reverse proportionality to the thickness of the local CP layer. The
thickness of the CP layer is determined by the convection-diffusion transport near the

membrane surface.

The spatial distribution of the solute can be described by a two-dimensional
convective-diffusion equation is employed to describe the system with the assumption

of constant density and diffusivity of solutes [49]:

% 4y %y p e (2.4)

where c is the concentration of solutes, v is the flow velocity orthogonal to the
membrane surface, u is the velocity parallel to the membrane, and D is the diffusion
coefficient of the retained molecules. In Eg. (2.4), the terms on the left side indicate
the accumulation and the pressure-driven convective transport of solutes and the right

side describes the diffusion behavior of species based on Fick’s law. The models



based on this equation are well-known, including but not limited to the film model, gel-
polarization model, gel- or cake-layer model, which will be illustrated in section 2.3.2
in detail.

2.2.2 Fouling reduction

The accumulation of retained solutes on the membrane is an inevitable, complex
phenomenon and hard to counteract once established. Such deposition behavior of
molecules is generally described as reversible concentration polarization and/or
irreversible membrane fouling [33,55,56]. In the case of concentration polarization, the
aggregated solutes on the membrane can resuspend to the bulk when the applied
pressure across the membrane diminishes; while membrane fouling related
phenomena - a gel or cake layer, pore blocking, or plugging - are normally irreversible
and difficult to combat once the foulant block or plug into the pores. A myriad of
practical approaches against the flux decay caused by the above-mentioned
phenomena have been pursued, including but not limited to pretreat the feedstock
[47,57], surface modification of the membrane and selection of suitable membrane
materials [58—60], optimization of the hydrodynamics in the feed flow module [61,62],
and good fluid management techniques [2,63].

When planning a membrane process, it is of significance to choose the suitable
membrane type according to the properties of the target biomolecular solution. For
example, Kwon and Zydney et al. [64] found for the formulation of the same model
PEGylated protein, the fully retentive regenerated cellulose membranes have an
enhanced filtration performance than the partially retentive polyethersulfone
membranes because of the different dominating deposition behavior. The main reason
for the flux decay in the case of cellulose membranes is concentration polarization;
while when using the polyethersulfone membrane, membrane fouling was observed.
Those foulants were composed of aggregated PEGylated proteins which have the
properties of increased size, greater hydrophobicity, and lower electrostatic
interactions. Kelly and Zydney [65] demonstrated that the fouling phenomenon is also
impacted by the physicochemical characteristics of proteins. The proteins containing
a free thiol group are more easily to form protein aggregates through the intermolecular
thiol-disulfide bonds.

Besides, a large number of researches have clearly demonstrated the critical role
of membrane chemistry [56,58,59,66,67], protein properties like shape and charge,
solution conditions such as pH, salt concentration (ionic strength) [68—70], and addition
of antifoam to decrease the viscosity of the solution, on the rate and degree of fouling

phenomena. A well investigated example is ultrafiltration of bovine serum albumin
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(BSA) [68,70,71]. The isoelectric point (IEP) of this globular protein is at pH = 4.8,
where it has a minimum solubility. As a consequence, the agglomerating tendency of
proteins is maximized when the pH environment of the solution in the system is close
to 4.8.

Various flow systems have also been constructed to minimize the concentration
polarization by an increased back transport of aggregates from the polarization layer
into the bulk solution. The most straightforward way is to reduce the thickness of the
polarization layer by increasing turbulent mixing at the membrane surface [72]. Using
a magnetically driven stirrer to slow down the deposition speed during the course of
the filtration process is a simple and direct way in the laboratory [34]. In comparison,
effective fluid management by novel designs of membrane modules, such as flat-plate,
open-tube, hollow fiber, and spiral-wound is popular in the industry [47]. Those
modules can provide either turbulent or high-shear stress laminar flow by allowing the
feed stream to flow tangentially over the membrane surface. In another study,
Watanabe et. al [46] reduced concentration polarization and controlled membrane
fouling of humic substances during NF and MF processes by vibrating the membrane
to increase the shear rate at the edge of the membrane, which can increase the mass
transfer rate for back diffusion and thus decrease the concentration on the membrane.
They verified the different mechanisms of back diffusion of large and small molecular
substances. The shear-induced diffusion is the major factor for humic substances with
a molecular weight of more than 6 kDa; while for substances with lower MW, both the
shear-induced diffusion and Brownian diffusion are helpful to maintain the level of

permeate flux.

2.3 Modeling of ultrafiltration processes
2.3.1 Fluid mechanics and mass transfer

For the hydrodynamics of aqueous solvents in a pressure-driven membrane
process, the permeate flux can be predicted by Darcy’s law in Eq. (2.5), which states

the flux J is proportional to the applied pressure difference as driving force.

J=—Mup (2.5)

with p being the dynamic viscosity of the fluid, VP is the pressure gradient in the flow
direction, and K, is the intrinsic permeability of a porous membrane, having the
dimension of (length)2. The intrinsic permeability is independent of the properties of

fluid but related to the membrane properties. An integral of Eq. (2.5) yields:
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Q= AP (2.6)

where Q is the flow rate through the membrane, A is the effective membrane area, and
6 is the thickness of the membrane. From Eg. (2.6), the pressure gradient can be

expressed as:

vp= 2T 2.7)

A comparison with Eqg. (2.3) reveals the relation between the intrinsic and the
volumetric permeability of a membrane as:
KM= LP'H' 8 (28)

When the solution contains macromolecules, which are too large to pass the
membrane, the phenomena of concentration polarization or/and fouling occurs,
limiting the process performance consequently. Therefore, prediction of those
phenomena is crucial to understand the underlying transport of the solutes, to
optimize the processing design, and to predict the system performance. Membrane
fouling is dependent on various factors such as the hydrodynamics in the system and
the properties of the solute and membrane [34,73], resulting in a complex system that
is hard to predict by simple mass transfer models. Hence, the coupling of convective-
diffusion equation for mass transfer balance, Navier-stokes equations for motion
balance and the corresponding boundary conditions are solved to simulate the flow
field containing the target solutes in the membrane modules. A generic flow chart for

the mass transfer analysis is illustrated in Fig. 2.4 [52].

‘ 1. Feed Solution/Suspension ‘

‘ 2. Membrane Type ‘

|

‘ 3. Module Design ‘

________________ Vo

‘ 4. Fluid Mechanics (Flow field-u, v, w) ‘ ‘5. Mass Transfer ‘

4A — Continuity Eq. ‘SA-Convective-Diffusion Eq. ‘
4B — Momentum Balance (Navier-Stokes Eq.) 'Ll

4C — Initial/Boundary Conditions (Geometry dependent)

LTI l R |

‘ 6. Models |

h. 4

‘ 7. Performance Prediction & Design ‘

Fig. 2.4 Generic procedure for mass-transfer analyses. Adapted from Reference [52].

12



Solute transport from bulk solution to the membrane surface is governed by
convective flow dragging the solute along with it [63]. The convective flux vector Jis

described as the product of solute concentration and the velocity vector, J = c®. For
an incompressible fluid neglecting the body fields (e.g., gravity), the velocity vector
must satisfy both the conservation of overall steady-state mass balance (continuity
equation) and the steady-state momentum balance in each of the three dimensions
(Navier-Stokes equations). The expression of the continuity and Navier-Stokes

equations needed to be solved are
-0 (2.9)

<

V-

v CpUV + VP V-uﬁ =0 (2.10)

+

where p is the mass density of the solute, Vis the gradient vector operator, P is the
scalar pressure field, and ¥ is a dyadic product. The boundary conditions for the
momentum balance are ¥ = 0 at the impermeable wall, v = v, for a permeable wall
and v = vy for the fluid far away from the membrane surface. For a specific solute at
steady state, without considering any chemical reactions among the solutes, the

concentration profile is resulting by conservation of solute mass as:

V.ct+ V-DVc=0 (2.11)

where c is the concentration of the solute. In this partial differential equation, the
second term on the left side represents the back-diffusion transport described by
Brownian diffusion. The corresponding boundary conditions are c = ¢, at the
membrane surface and ¢ = cp for the fluid far away from the wall in free solution.

To describe the complex transport problem involving velocity flow and solute
concentration accurately, it requires to simultaneously solve the set of five coupled
non-linear partial differential equations (conservation of overall mass convection-
diffusion equation, velocity fields in each of three dimensions Navier-Stokes equations,
and solute concentration profile continuity equation) with boundary conditions
[63,74,75].

Numerical modelling is a powerful tool to investigate the mechanisms of membrane
fouling. Computational fluid dynamics (CFD) modelling, using numerical methods, has
been performed widely to solve the complete set of aforementioned equations and
predict the concentration profiles and flux distribution in membrane filtration [76-82].
These equations are solved by dividing the geometry of interest into finite elements or
finite volumes and coupling discretization methods like finite difference and finite
volume discretization with numerical methods [83]. Compared to the analytical mass

and momentum transport models, the main advantage of CFD methods lies in their
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ability to provide a rigorous analysis of the spatial and transient distribution of
parameters such as solute concentration, flow, and pressure with a reduced number

of assumptions [84,85].

2.3.2 Classical models for membrane fouling

Based on the mass balance of solutes and momentum balance of fluid during the
filtration processes, there are various models describing and analyzing the phenomena
of concentration polarization and membrane fouling. The boundary layer model (also
named film theory-based model [77]) and the resistance-in-series model are commonly
employed. In addition, considering the thermodynamic properties of the solution, the
osmotic pressure model is also applied for the prediction of the performance of

ultrafiltration processes.

Boundary layer model

Broadly speaking, the boundary layer model describes two phases of the
deposition of large molecules at the membrane surface, including the stagnant film
layer and the gel layer formation (also named cake-enhanced concentration
polarization [86]). In this model, a thin layer of unmixed fluid with thickness & is
assumed to exist between the well-mixed feed solution and the membrane surface, as
shown in Fig. 2.5 [72].
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Fig. 2.5 Schematic description of the concentration polarization phenomenon at the membrane
surface. Adapted from reference [72].
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The concentration gradient, as the key controlling factor for the thickness of the
polarization layer, is the driving force to diffuse concentrated solutes back into the bulk
according to Fick’s law. The solute concentration decreases from the maximum value
at the membrane surface to the minimum concentration in the bulk [86]. In this
hydrodynamic approach, in addition to an assumed constant diffusion coefficient of
retained solutes and constant densities of solvent and solute, the concentration
gradient parallel to the membrane surface is neglected compared to the concentration
gradient in the direction perpendicular to the membrane [42].

When the system reaches steady state, a simple mass balance provides that the
rate of solute flux passing through the membrane equals the convective transport rate
of solutes towards the membrane minus the rate of back diffusion away from the

membrane surface.

Jep =]c—D;i—; (2.12)

where J is the transmembrane flux (m/s), cp and c are solute concentrations in the
permeate and boundary layer, respectively, D is the diffusion coefficient of the
macromolecules (m2/s), and x is the distance to the membrane surface (m). For 100%
solute retention, a good approximation for most proteins in ultrafiltration, ¢, = 0. Thus

[34,46],

Je=DZE (2.13)

with a maximum concentration in the boundary layer, namely the concentration at the
membrane surface ¢y, an integration of Eq. (2.13) is obtained with the boundary

conditions of c(x = §) = cg and c(y = 0) = ¢ [87],

J =2 (2.14)

B

where cj is the solute concentration in the bulk solution. This shows that the permeate
flux through the membrane is only influenced by the boundary thickness 6 and the
solute properties (D and the maximum concentration in the boundary layer cy).
Therefore, the method to enhance permeate flux is either to reduce the thickness of

the boundary layer or to increase the overall mass-transfer coefficient k,,,.

Ky, = % (2.15)
inserting Eq. (2.15) into (2.14), the permeate flux is defined as
] =koy lncc_j: (2.16)
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The mass-transfer coefficient k,,, varies in different flow regimes and also depends
on the membrane configuration. It can be described by Leveque and Dittus-Bolter
correlations for laminar flow and turbulent flow, respectively [71].

laminar flow:

Sh =k, 7t = 1.62 (Re Sc )°% (2.17)

turbulent flow:

Sh = k. = 0.023 Re®® Sc'/? (2.18)

where Sh is the Sherwood number, k; is the mass transfer coefficient in laminar flow,
dy is the equivalent hydraulic diameter, D is the diffusivity of the solute, Re is the
Reynold number, Sc is the Schmidt number, and L is the length of the feed flow
channel. Substitution of Re and Sc in Eq. (2.17) and (2.18) yields,

2
k, = 1.62(%)0'33 (2.19)

(u0'8D0'67)
(dh0-2v0.47)

k, = 0.023 (2.20)

respectively. With u being the average fluid velocity through the channel and v is the
kinematic viscosity (v = u/p, being the ratio of viscosity and density of the fluid). One
approach to increase the mass transfer coefficient is to increase the velocity through
the regime according to Eq. (2.19) and (2.20), which consequently results in a higher

shear stress. For a Newtonian fluid, the wall shear stress 1y, is defined by
Tw = Wy (2.21)

where y is the shear rate at the wall. For different module configurations, the shear
rate is calculated by
y =6u/h for rectangle channels  (2.22)

y =8u/d fortubes (2.23)

where h is the channel height and d is the tube diameter. Thus, a higher mass transfer
coefficient can be obtained by increasing the shear stress as a result of increasing the
flow velocity.

Several studies found that the oversimplified film model of Eq. (2.16) is insufficient
to explain the flux trend versus the applied transmembrane pressure in long-term
ultrafiltration for macromolecular feed solution and colloidal dispersion experiments. In
these experiments, stable permeate flux through the membrane was observed when
applying a series of increasing pressures at steady state. Michaels [87] and Blatt et al.

[88] forwarded a hypothesis that the permeate flux is proportional to the applied
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pressures when the concentration in the boundary layer is lower than the solute
solubility. However, when the increasing concentration reaches the so-called ‘gel
concentration’ cg, retained solutes precipitate on the surface to form solid or
thioxotropic gels. This hypothesis has been proved by Porter in 1972. He demonstrated
in colloidal dispersions the post-formed polarization layer can grow into a close-packed
gel layer and becomes thicker [34]. In this case, increased transmembrane pressure
only temporarily produces a high flux, which brings more solutes towards the
membrane and thus increases the hydraulic resistance to the flow by the thicker gel
layer. As a result, the permeate flux subsequently reduces back to the stable level. In
this case, cy in Eqg. (2.16) can be replaced by the maximum gel concentration cg (or

cake concentration for particle suspensions) and thus,

Jim =k In 22 (2.24)

with J;;m being the limiting flux. It is logarithmically related to bulk concentration cg and
approaches 0 when the limiting concentration in bulk cg);, equals the gel
concentration cg. In addition to the classical boundary layer model, according to the
hydrodynamics, thermodynamics and fundamental relationship of energy balance of
particle suspensions, Song and Elimelech [31] proposed a novel dimensionless
filtration factor Nr to completely describe the concentration polarization in cross-flow
filtration. In their model, they also divided the deposition of particles on the membrane
surface into two phases. One is the pure polarization layer, in which the flux through
the membrane is proportional to the applied pressure. Furthermore, an additional cake
layer forms between the membrane surface and the polarization layer when more
solutes flow towards the membrane surface, as presented in Fig. 2.6.

Similar to the assumption in the boundary layer model, for the mathematical
derivation of their theory, particles are treated as 'hard' spherical particles and thus no
interaction between particles is considered. The expression of the dimensionless

filtration number Ny is

__4ndp3(AP)
Np = e (2.25)

where dp is the effective particle radius, AP is the pressure drop across the
accumulated layer, k is the Boltzman constant (1.38x1022 J/K), and T is the absolute
temperature. This number describes the ratio of the energy required to resuspend a
particle from the accumulated layer into the bulk solution and the thermal (dissipative)
energy. Comparing the filtration number to a critical value Ng, which is varied by the
given particles and the filtration types (see Table 2.1), the polarization layer with its

concentration-gradient is observed in the vicinity of the membrane surface only when
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Nr < Nec. An additional cake layer will form between the membrane surface and the
CP layer when Nr > Nrc. This modified model based on the boundary layer film model
is available for both porous and non-porous membrane, but limited to describe the

concentration polarization phenomenon in processing for multi-components.

(a) Concentration Polarization (Ng < Ng.)

y \ concentration polarization layer
particle . - . .
suspension

membrane

permeate flux

(b) Cake Formation (Ng > N.)

concentration polarization layer
cake layer

particle
suspension

membrane

permeate flux

Fig. 2.6 Schematic description of concentration polarization and cake formation phenomena at
the membrane surface. (a) Lower than the critical filtration number Ngc, a pure concentration
polarization layer forms. (b) Higher than the critical filtration number Ngc, particles accumulate

and form a cake layer [89].

Table 2.1 Ranges of the filtration number (NF) for different cross-flow filtration systems

Filtration system  Pressure (kPa) Particle size (m) Filtration number (Ng)

Reverse osmosis 10%°—4 x 10° 3.6 x 1010 0.049-0.20
Ultrafiltration 10%2-108 10° - 107 0.10 — 10°
Microfiltration <30 5x10% —10° 5x10%—-5x 10%°

Several studies have investigated the fouling phenomena based on the coupling
of this analytical model and the associated numerical mathematic methods. Ahmad et
al. [90] used a commercial CFD package to predict the concentration profile, mass
transport and wall stress in the narrow channel. Using the film theory which links the
hydrodynamics and mass transfer, they evaluated the thickness of the boundary layer
from the simulated solute concentration at the membrane surface. Subramani et al.

[77] compared the prediction of salt concentration polarization in cross-flow filtration
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using a finite element method based numerical model and the classical film layer
analytical model. They highlighted, in the case of a small lab-scale short membrane
filtration channel with low cross-flow and low flux, that the results obtained with both
approaches compared well with each other. While for the case of high cross-flow and
high permeate flux in most full-scale modules, the film theory-based model
overestimated the degree of concentration polarization (especially at the end section
of channel), because it assumes a fully developed flow at the channel entrance and
neglects the boundary thickness-dependent permeation. Later, Monfared et al. [91]
simulated the influence of baffles arrangement to increase permeate flux during the
gelatin-water ultrafiltration. Considering the interaction between the gelatin and the
polysulfone membrane used, an appropriate interaction energy term coupling the
amount of accumulated gelatin in the film layer at steady-state and the transient

deposited gelatin concentration was included in the gelatin transport equation.

Resistance-in-series model

Ultrafiltration performance also can be explained by the resistance-in-series model,
which is originally used for heat transfer problems. In this model, there is no need to
evaluate the thickness of various layers in the vicinity of the membrane or the transport
mechanism occurring [72]. The assumption made in this approach is that concentration
polarization only occurs on the feed side of the membrane. The solute flux J crossing
the membrane and the adjacent layers are described as

] = kou(cs = cp) (2.26)

with k,, being the overall mass transfer coefficient, cg and cp are solute
concentrations in the feed bulk and permeate solution, respectively. Similarly, both the

flux crossing the feed-side boundary layer and across the membrane are also J
J =kpi(cs —cu) (2.27)

J =ku(cy —cp) (2.28)

where k;; and k,, are the mass transfer coefficients of the fluid boundary layer and the
membrane, respectively, and c,, is the solute concentration at the membrane surface.
From Eq. (2.26) - (2.28), a simple expression of the resistance-in-series model is

derived as

— =14l (2.29)

Kov  km ' kp

The total mass transfer coefficient is predominantly impacted by the membrane
intrinsic mass transfer coefficient k,, when the fluid boundary layer contributes in a

large value k;;, corresponding to a small resistance 1/kj;; when k;; is small, the
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resistance 1/kj; turns to be the critical fraction of the total resistance to flow. kj; is
dependent on serval system parameters, resulting in empirical correlation of the type:
ky,, = constant u*hfDYT? (2.30)

where u is the fluid velocity through the membrane module, h is the feed channel
height. One limitation of this model is that those empirical correlations for the mass
transfer coefficients require a large body of experimental data [34,92,93]. Thus this
model is not suitable to evaluate new membrane processes or module designs.

An alternative expression for a resistance-in-series model is to take the total

resistance of the membrane and the adjacent layers into consideration.
|AP|

/= oo (231)
where R, is the intrinsic membrane resistance, which is calculated by
Ry = ?—P (2.32)

with J,, being the flux with pure water. R is the resistance caused by various layers
such as the polarization, gel and filter cake layer. Therefore, it is possible to express
the boundary layer model in terms of resistances according to the practical layers near
the membrane, see Table 2.2.

Using this resistance-in-series model and with the help of the finite element method
to solve the set of differential equations describing the mass transfer and
hydrodynamics profiles, the fouling mechanism in the filtration process has been
studied more and more comprehensively. In 2009, Marcos et al. [79] developed CFD
models using the commercial software COMSOL to illustrate the transient flow and
concentration profiles in a hollow fiber ultrafiltration system for concentrating soy
protein extracts. A resistance model considering a global resistance, comprising of the
resistances of the clean membrane, the polarization layer, the cake layer and the
blocked pores was used to link the major parameters, such as the protein
concentration, pressure and the permeate velocity through the membrane. In a
separate study, Macedo et al. [96] used the resistance-in-series model to demonstrate
the mass transfer mechanism in ultrafiltration using three different membranes for the
concentration of pretreated ovine cheese whey. As the MWCO of membranes used in
their study are 10 kDa and 20 kDa, and the molecular weights of the target whey
proteins are 36.6 KDa and 14.2 KDa, respectively, the phenomena of both
concentration polarization and membrane fouling (external and internal) were
assessed. With the modeling results, they found the major contributor in the flux

reduction varied with the used membrane material.
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Table 2.2 Examples of the expressions of the boundary layer model in terms of various

resistance layers

Expressions Filtration system Reference
S L -
/= T (RutRs) universal
_ |AP| i
J= n(Rm+RpI+RG) Fane [94]
AP _ Chudacek et al.
J=———— stirred or cross-flow UF
u (Ry+Rsp—Rsgr) [95]
J= AP
HRg constant TMP UF Marcos et al. [79]
Rg = Ry + Rpo; + Reare + Rpiock
AP
J= Rt RonTRR) UF Macedo et al. [96]
AP .

J= (R +Ran) unstirred dead-end UF  Luca et al. [97]
Note:
Ry, the membrane resistance R, the polarized solutes resistance
Ry, the boundary layers resistance R, the gel-layer resistance (colloids)
Rsp, the deposited solutes resistance (=Rg) Rgiock» the blocked pore resistance
Rsg, the resistance removed by stirring Rg, the fouling resistance
Rpo1s Rep, the pure CP layer resistance Ry, the global resistance
Rcares the cake-layer resistance (particles) R,p, the additional resistance

Luca et al. [97] used a multi-scale model integrating macroscopic and microscopic
methods to simulate the UF performance for BSA aqueous solutions. They proposed
one factor named the additional resistance R,; , which can be derived from
computations on the basis of BSA properties like the average surface charge, the
effective diameter and contact molecular surface instead of empirical or semi-empirical
correlations exploited from a set of experiments. By applying this factor to estimate the
specific cake resistance, they observed a compact deposited BSA layer was adjacent
to the membrane, and a reversible loose structure of concentration polarization layer

was formed further away from the surface.

Osmotic pressure model
For a pure solvent feed flowing through a tortuous membrane channel under

laminar flow conditions, the permeate flux can be described by:
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_ 1aP]|
HRm

J (2.33)

where ] is the transmembrane flux (volumetric rate per unit membrane area), AP is the
transmembrane pressure, W is the viscosity of the solvent, and R, is the intrinsic

membrane resistance which can be expressed by the Carman-Kozeny equation [42]

_1808(1-8)* _ &

Ry Fer=Taialio (2.34)
where 8 and K, are the thickness and intrinsic permeability of the membrane,
respectively. For the presence of solutes in ultrafiltration, the flux is generally
calculated by:

_ 1AP|-|An|
S = Rmtre) (2.35)

where AP is the pressure difference across the membrane, Ar is the osmotic pressure
difference, corresponding to m(cy) — m(cp) with the concentration at membrane
surface and in the permeate, respectively.

Compared to the solute concentration in reverse osmosis, the typical feed
concentrations of macromolecules processed in ultrafiltration have a much smaller
osmotic pressure. The osmotic pressure of dilute solutions is influenced by the solution
pH, ionic strength and excluded volume. However, the concentration in the polarization
layer can be one to two orders of magnitude higher than that in the bulk solution. In
this case, even in ultrafiltration the resulting osmotic pressure can reach significant
levels, as illustrated in Table 2.3. Consequently, the osmotic effect should be
considered as long as the boundary layer remains Newtonian and no gel layer or
precipitation occurs [42,94]. Although the osmotic pressure model has been proved
equally useful to describe membrane filtration processes as the boundary layer
resistance model [98], the osmotic effects are frequently ignored and the osmotic-
pressure model is rarely employed for ultrafiltration systems but for forward osmosis
system [80,99].

As mentioned above, the osmotic-pressure model is not frequently used for the
analysis and prediction of concentration polarization and fouling phenomena in the UF
process, but there are still a few published works integrating this model with others. In
2006, Bacchin [78] used finite volume CFD modelling to solve the momentum and
mass transfer equations in cross-flow colloidal dispersion filtration of colloidal
suspensions and to predict the relationship between the colloidal osmotic pressure and
the volume fraction of the colloids. They state that the transition of deposition
mechanism from the dispersed phase (a loose layer with a low fractal dimension) to

the condensed phase (a compact ordered deposit) is determined by the critical flux

22



dividing the filtration conditions into the reversible concentration polarization (lower

than the critical flux) and irreversible deposit or gel layer (higher than the critical flux).

Table 2.3 Osmotic pressure of model macromolecular solutions [49,98,100]

Conc. Osmotic
(g/L) pressure (kPa)

BSA (pH 5.4) Whey Dextran
proteins T10 T70 T500
100 7 63 72 21 13
200 25 126 216 97 84
300 60 298 595 284 267
400 134 685 1300 - -

Instead of using the osmotic-pressure model independently, Fernandez-Sempere
et al. [101] proposed a mathematical model combing the convection-diffusion
mechanism with the osmotic pressure model and the resistance-in-series model to
predict the concentration and permeate flux profiles in dead-end UF of PEG-10000
solutions, the simulation results show reasonable agreement with the experimental

data.

2.4 3D printing technology in bioengineering

The technology used for printing physical three-dimensional objects from digital
models is called 3D printing (also known as ‘additive manufacturing’ or ‘rapid
prototyping’). The principle of this technology is to form the desired item by laying down
successive layers of material in different shapes. In 1984, Charles W. Hull firstly
developed this technology and named it Stereo lithography [102]. A 3D image of an
object is designed using computer-aided design (CAD) software, then the printer
receives the structure information to print the object by depositing the materials layer-
upon-layer. 3D printers are typically classified into four types according to their printing
technology: stereo lithography (SLA), selective laser sintering (SLS), fused deposition
modeling (FDM) and PolyJet photopolymerization [103-106]. Fig. 2.7 shows the
schematic illustration of working principles of each type of 3D printer. The SLA printer
is primarily composed of a vat to contain a photosensitive resin (photopolymer) and a
laser source to provide the UV light. The vat can move freely in the vertical direction

and the laser source can move horizontally. Since the photopolymer is photosensitive
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to the laser beam, the material is solidified when expose to the UV light. This process
is repeat for each layer until the item is fabricated completely.
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Fig. 2.7 Schematic illustration of working principles of typical 3D printers [107—109]. (a) SAL
printer. (b) SLS printer. (c) FDM printer. (d) PolyJet printer.

In the SLS printer, the vat that contains the liquid photopolymers is replaced by a
powder-bed. Each layer of the material is placed to the desired place by the controlling
of a leveler or roller on the tray. The thickness of each layer is around 0.001 to 0.1
inches and it is controlled by the strength of the laser beam and material types [110].
A wide range of materials have been used for 3D printing including plastic, resin, metal,
rubber, concrete, glass, ceramic or composite materials [111]. Compared to the laser
strength used in SLA printer, much stronger laser strength (e.g. a carbon dioxide laser)
is applied in SLS to fuse the small powder materials into a mass of desired 3D shape.
In contrast to the SLA and SLS printers, the FDM printers have extrusion nozzles to
melt the thermoplastic materials which are in the form of continuous filament. Each
time, a small stream of plastic squeezed out from the nozzle will be formed into the
designed shape on the flat build platform surface. PolyJet (also known as MultiJet)
printer uses material jetting (MJ) 3D printing technology. It is composed of a build
platform, a material container, and a carriage on which ultraviolet lights and jetting print

heads are mounted. Before starting the print, photopolymer resin needs to be heated
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appropriately to obtain the desired viscosity. When the carriage reaches the
designated position, the printer heads selectively jet the liquid resin onto the build
platform in the form of droplets, and immediately the UV lights cure them into an ever-
growing solid. Then the build platform moves vertically to accommodate the next layer
until the objects are finished [108]. Due to the multiple printing heads, PolyJet printers
enable printing different materials simultaneously. In addition to fabricating the target
objects during the printing process, support materials are also used to support the
overhangs and thin features. The support materials are removed either mechanically
(cutting, drilling), dissolved chemically (sodium hydroxide, etc.), or by heating the
modules if paraffin wax is used as support material [107].

Due to the profound advantage in high reproducibility and resolution, facile and
flexible manufacturing, the emerging additive manufacturing technology has been
widely explored to build devices according to requirements, such as plastic molds in
a microscale electrodialysis platform for desanilation [112], a fluidized bed reactor for
intensification of electrochemical reactions [113], 3D printed multipumping system for
the detection of lead [114] and 3D printed two-piece modular devices integrated with
disk-based solid phase extraction (SPE) for the water analytics [115].

With the notable transition of the application from the industrial design, construction,
and biomedical applications to the recent bioseparation and chromatography, more
printable materials have been developed such as cellulose hydrogels and agarose
[116-119]. In 2014, Fee et al. [120] firstly used 3D printing technology to fabricate a
monolithic chromatography columns, in which not only the uniform particle size
distribution but also the location and orientation of each bead can be controlled
precisely in the porous bed with the help of replicate CAD models. They demonstrated
their novel approach is not limited to chromatography application and has the potential
to design various geometry elements for the packed bed according to the demands of
any application (e.g. filtration and catalytic reaction) requiring fluid-solid contacting.
More recently, Moleirinho et al. [121] proposed the application of 3D printing in the
purification of viral particles of downstream processing using 3D printed porous
chromatographic stationary phases. By functionazing two different ligands
(hydroxyapatite and DEAE) on the cellulose columns, they achieved a comparable
recovery yield and dynamic binding capacity with other conventional/traditional
techniques for viral purification, such as density gradient ultracentrifugation and anion
exchange chromatography using membrane adsorbers. In their study, they proved that
the use of 3D printing technology in the field of bioseparation is more flexible and can
both meet the specific purification requirements with customized columns and avoid

complicated packaging procedures. All in all, 3D printing technology opens new
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avenues for the production paradigm and manufacturing possibilities because of the

merit and easy share between different laboratories.
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3 Design of a novel module for continuous UF/DF

system

3.1 Design and fabrication of the membrane module

There are several types of modeling software tools to create 3D printable objects.
For instance, the easy-to-use options such as Tinkercad for beginners, Blender for
amateurs and advanced users, Autodesk Inventor for advanced users and
professionals. In this study, Inventor was used for the designing of the novel membrane
module. The designed module mainly exists of two 3D-printed lateral parts to contain
either fresh diafiltration buffers or permeates, and one 3D-printed middle part form the
feed-retentate channel. The channels of all three parts are filled with a hollow grid-
structure mechanically supporting the two UF membranes which are placed between
the middle part and the upper and lower lateral parts (Fig. 3.1 (a)). A 3D printer PolyJet
system EDEN 260 (Stratasys, Eden Prairie, USA.) was used to print the modules with
high resolution. It has the nominal resolution in x-, y-direction of around 40 pm and in
z-direction of 17 pm, providing the ability to print sufficiently fine structures. In addition,
it offers the ability to print smooth surfaces, an important feature to avoid leakage when
assembling the membrane between the parts. Fig. 3.1 shows an exploded view of the
first prototype of the designed module and a photograph of the 3D printed parts. The
material used for the 3D printed parts is either VeroWhite or VeroClear, both are
composed of a UV curable polyacrylate polymer with good chemical resistance.

The grid-structure of the middle part is preliminarily designed as a hollow-carved
cubes arrangement, providing no obstacle for the flow in y-direction (perpendicular to
the membrane surface) while guiding and diverting the flow in x-direction (parallel to
the membrane surface). In the system, species transport in the feed-retentate channel
is influenced by the convective flux towards the membrane, back diffusion away from
the surface and eddy dispersion effects based on the flow through the grid structure.
In order to investigate the influence of the flow path in the grid, in addition to the grid
structure shown above, four other grid structures of the middle part were designed,
leading to different degrees of eddy dispersion effects (Fig. 3.2). With the pillar-support
grid-structure (Fig. 3.2 (a)), the membrane area covered by the grid is minimum, thus

providing the maximum effective membrane area.

27



Fig. 3.1 Exploded view and photograph of the first prototype of the novel membrane module for
continuous UF/DF. (a) 3D printable models designed in Autodesk Inventor, (b) 3D printed
modules produced using a PolyJet system EDEN 260. 1. lateral part to transport either
diafiltration buffer or permeate solution; 2. middle part forming the feed-retentate channel and
the mechanical support of the membranes; 3. inlet of the feed flow; 4. outlet of the retentate

flow; 5. hollow-carved grid structure to allow tangential flow along the membrane surface.
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Fig. 3.2 Different designs of the grid-structure of the middle part of the membrane module. (a)
Pillar-support grid-structure, (b) Grid-structure with maximized flow path length, (c) Grid-

structure with highly anisotropic flow path, (d) Grid-structure with minimized flow path length.
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However, in case of this minimized support area, the mechanical load onto different
parts of the pressurized membrane must be considered to prevent membrane damage.
The grid-structures of the middle part in Fig. 3.2 (b) and (d) have similar characteristic
of the flow perpendicular to the membrane, however, they differ in the way the flow is
guided with the plain of the grid. Structure (b) enforces a meandering flow guiding the
fluid towards the sides of the channel and back into the middle. By this, the length of
the flow path is increased, and because the volumetric flow rate is kept constant, the
flow velocity in the cubes is increased. In contrast, the grid-structure in (d) provides
multiple flows path along the grid, reducing the flow velocity in the single cubes. The
highly anisotropic flow path grid-structure in (c) offers strong eddy dispersion effects
due to the strongly varying directions of the streamlines along both, short and long,
membrane sides.

For the purpose of increasing the buffer exchange efficiency using the novel
module design, an advanced version was developed to provide longer residence time

of the feed solution by increasing the length of the flow path.

(a) ; _}:p 0 / Membranes

Fig. 3.3 Scaled-up membrane module for continuous DF. (a) 3D printable models designed in
Autodesk Inventor, (b) 3D printed parts fabricated by the PolyJet system EDEN 260. 1. lateral
part to transport either the diafiltration buffer or the permeate solution; 2. middle part forming
the feed-retentate channel and mechanically support two membranes located next to it; 3. inlet
of the feed flow; 4. outlet of the retentate flow; 5. hollow-carved grid structure to allow the

tangential flow along the membrane surface.

As shown in Fig. 3.3, the main features of the scaled-up module are the same as the
prototype one, only the length of the channel guiding feed, retentate, diafiltration buffer,

and permeate was increased almost 5-fold.
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3.2 Experimental set-up

The overview of the experimental set-up used in this study is shown in Fig. 3.4.
The system in (a) is for the continuous concentration of proteins and simultaneous
buffer exchange. A commercial cross-flow system (SARTOFLOW® Smart, Sartorius)
was applied in this case. With the exception of replacing the original filter cartridge
with the prototype membrane module and the addition of a syringe pump for the supply
of the feed solution, the system was not altered. In our case, the SARTOFLOW system
was used to pump fresh diafiltration buffer in a loop through the upper lateral part and
to record the weights of the storage tank of fresh diafiltration buffer and the storage
vessel of the retentate stream in-real time. In addition, the pressures in the feed,
retentate and the inlet of the diafiltration buffer were recorded A syringe pump (Pump
11, Harvard Apparatus) was used for pumping the feed solution into the middle part of
the module at a constant flow rate, independent of the pressures in the system.

Fig. 3.4 Overview of the system used for UF/DF. (a) System coupled with the prototype
membrane module for continuous UF/DF simultaneously, (b) System coupled with the scaled-

up memembrane module for high efficiency buffer exchange using continuous DF.

For the characterization and testing of the scaled-up prototype of the membrane
module a second, sophisticated test setup was established, allowing various new
operation modes such as counter-current flow directions of retentate and DF buffer.
The test setup consisted of an AKTA FPLC system and the SARTOFLOW cross-flow
filtration system (see Fig 3.4b). The Akta was used to convey the volume flows and to
measure the protein concentration and the buffer conductivity. In addition, the flow
direction of the diafiltration buffer was controlled by means of the multiport valves and
the control software of the FPLC system Unicore. Conductivity and UV signal were
monitored in real time. Pressures and weight changes of the storage tanks of
diafiltration buffer and permeate were recorded using the SARTOFLOW. Pump A of

the AKTA system was used to pump the feed. Pump B was used to control the flow of
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the retentate. The use of the high-pressure piston pumps of the FPLC system ensures
a precise control of the volume flows of feed and retentate, independent of dynamic
pressure build-up in the membrane module. For reliable operation of the piston pump
B controlling the retentate flow, a counterpressure exceeding the one at the retentate
outlet has to be generated downstream of pump B. This can easily be accomplished
by connecting a thin capillary of appropriate length to the pressure side of the pump B.
Besides the capillary, the retentate passed the UV measuring cell and the conductivity
cell of the FPLC system. Since only two scales were available for real-time data
tracking, the weights of the respective containers, before and after the experiment,
were noted for feed and retentate and converted into a volume flow rate by dividing
the experiment duration. The optional sample pump of the AKTA system was used to
deliver the diafiltration buffer, pumping the buffer from the tank on the online scale of
the SARTOFLOW system into the membrane module via the pressure sensor. The
permeate was transferred at ambient pressure via a tubing from the module to the
permeate tank placed on the second on-line balance. All volume flows were calculated
based on the change in weight, assuming a density of 1 g/cm3.

Process control was thus carried out at constant volume flows and variable
pressures. To keep the hold-up volume of the periphery as low as possible, AKTA
capillaries were used for the majority of the tubing. This ensured a faster response of
the system to volume flow changes. Since the module and the pressure sensors are
equipped with luer-lock connectors, appropriate adapters are needed to connect them
with the AKTA capillaries. The pressures for the calculation of the transmembrane
pressure were measured at the diafiltration side between the sample pump and the
module. Because of the short flow path in the module and the comparably low feed
flow rates, the pressure drop in the retentate channel is neglected and the same
pressure on the feed and the retentate connectors of the module is assumed. This
simplification had to be made due to the design and location of the pumps, sensors

and valves.
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predicted data are validated by experimental results, revealing a good agreement of

the qualitative behaviour of the module but also its quantitative characteristics. In
addition, a thorough parameter study is conducted, showing that the performance of
our single module can match the performance of a conventional three-stage counter-

current SPTFF system.
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5 Continuous Ultrafiltration/Diafiltration using a 3D-

printed two membrane single pass module
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Helmholtz-Platz 1, 76344 Eggenstein-Leopoldshafen, Germany
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Abstract A 3D-printed ultra-/diafiltration (UF/DF) module is presented allowing
continuous, simultaneous concentration of retained (bio-)molecules and reduction or
exchange of the salt buffer. Differing from the single pass UF concepts known from the
literature, DF operation does not require the application of several steps or units with
intermediating dilution. In contrast, the developed module uses two membranes
confining the section in which the molecules are concentrated while the sample is
passing. Simultaneously to this concentration process, the two membranes allow a
perpendicular in and outflow of diafiltration buffer reducing the salt content in this
section. The module showed the continuous concentration of a dissolved protein up to
a factor of 4.6 while reducing the salt concentration down to 47% of the initial
concentration along a flow path length of only 5 cm. Due to single pass operation the
module shows concentration polarization effects reducing the effective permeability of
the applied membrane in case of higher concentration factors. However, because of
its simple design and the capability to simultaneously run ultra- and diafiltration
processes in a single module, the development could be economically beneficial for

small scale UF/DF applications.

Keywords: SPTFF, UFDF, continuous,3D-printing, SPDF

Published in Biotechnology and Bioengineering. 117 (2020) 654-661

35


mailto:matthias.franzreb@kit.edu

5.1 Introduction

Ultrafiltration(UF) is a powerful membrane technology to separate dissolved
macromolecules from low molecular weight components [1]. According to their
retention properties, UF membranes are especially useful to concentrate dilute product
streams in the biotechnological industry. Another common application of UF
membranes is within the frame of so-called diafiltration (DF) applied to reduce the ionic
strength or change the buffer type in which the retained macromolecules are dissolved
[2]. During diafiltration the feed solution buffer is continuously or stepwise diluted by
the addition of pure water or a new buffer, while constantly withdrawing a part of the
solution as permeate through the UF membrane [3]. During the process of
concentration of the biomolecule solution by UF/DF, the permeate flux declines over
time mostly because of concentration polarization near the surface of the membrane
and the increasing viscosity of the recirculated feed solution[4]. Therefore, the
conventional way of operation of UF/DF system in biotechnology is so-called tangential
flow filtration (TFF) in which the fluid flows mainly parallel to the plane of the membrane
and at relatively high speed, resulting in the prevention of pronounced concentration
polarization and membrane fouling. However, the high flow speed leads to only small
concentration effects during one passage through the UF/DF system [5,6]. In
consequence, frequent recirculation of the feed solution in a loop is required, strongly
increasing the energy demand, and resulting in the danger of unwanted temperature
increase. The high flow speed and frequent recirculation also increases the shear
stress onto the dissolved substances and can result in foaming problems, which may
lead to damage or denaturation of sensitive biomolecules [7]. An alternative to TFF is
normal flow filtration (NFF), also called dead-end filtration, in which the flow velocity is
perpendicular to the plane of the membrane. NFF prevents high shear stress but
quickly leads to strong concentration polarization, membrane plugging and very low
fluxes through the membrane. As a possible solution to this dilemma single pass
tangential flow filtration (SPTFF) has been developed by Gaston de los Reyes in 2005
[8]. Applications of single pass UF with the tangential flow have been reported before,
e.g. for blood concentration [9], however, de los Reyes and Mir specially adapted the
technology to protein concentration and optimized multi-module setups.

The basic principle of SPTFF is to improve the conversion of a single pass, saying
the ratio between the permeate and the feed flow and therefore the concentration
factor of the target solute, through increasing the residence time. Increasing the
residence time can be accomplished by reducing the feed flow or increasing the flow

path length within the membrane module [10]. Although operating with a single pass
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of the fluid, compared to dead-end filtration SPTFF still has the advantage of tangential
flow having the potential to sweeping away e.g. aggregated molecules from the surface
of the membrane and limiting concentration polarization. Additional benefits of SPTFF
are the avoidance of additional piping, storage and control instrumentations for the
loop section of conventional TFF [5,11,12]. Original SPTFF was mainly used for
debottlenecking downstream processes by concentrating process streams between
two unit operations, e.g. chromatography steps [13,14]. SPTFF also proved useful for
decoupling upstream and downstream process units by inline concentration of clarified
cell culture broth [15,16]. Recently, SPTFF has been reported as an interesting tool for
continuous diafiltration [17,18]. In this operation mode several SPTFF units are
sequentially connected while the diafiltration buffer is added between the units.
Passing the first SPTFF unit the feed is concentrated by a certain factor, followed by
dilution with diafiltration buffer, usually to a level at which the target biomolecule
reaches the concentration originally present in the feed. By this, using an arrangement
with three modules, Rucker-Pezzini could demonstrate a continuous buffer exchange >
99.7% with the help of SPTFF. Regarding the required amount of diafiltration buffer,
the efficiency of such an arrangement could even be improved by realizing a counter-
current principle, in which fresh diafiltration buffer is only applied in the feed of the last
SPTFF stage, while the permeate of this stage is used for dilution of the feed of the
preceding SPTFF stage [19]. Nevertheless, independent of using con-current or
counter-current routing of the buffer, continuous diafiltration using SPTFF requires
sequential concentration and dilution of the target biomolecule. If the sequence starts
with the concentration step in the first SPTFF module, the degree to which this
concentration can be done without the risk of forming aggregates or operating at
impracticable low permeate fluxes is limited. If the sequence starts by diluting the feed
with diafiltration buffer in front of each SPTFF module, the degree of this dilution is
limited by the condition that the required buffer amount should be minimized. Up to
now no SPTFF module has been reported, which allows a gentle diafiltration process
at constant or slightly increased target molecule concentration, as it is the case in
conventional diafiltration with continuous replacement of the permeate volume by fresh
diafiltration buffer.

Therefore, it was the purpose of this study to design and investigate a first small
prototype of a SPTFF system realizing continuous, and truly simultaneous UF and DF
operation by the use of a two-membrane set-up. Applying commercial UF membrane
sheets and high-resolution 3D-printing techniques, a device is fabricated in which the
feed flows through a narrow channel formed by two adjacent membranes and a porous

spacer between. By this, one membrane can operate in SPTFF mode while the second
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membrane simultaneously is permeated by pure water or diafiltration buffer, gradually
replacing the solution in the channel. Controlling the pressures in the different fluid
reservoirs of the device as well as the residence time of the feed solution in the central
channel, the degree of concentration as well as buffer exchange can be adjusted
independently.

5.2 Material and methods
5.2.1 Protein solution and membrane

The model protein used for UF/DF experiments was bovine serum albumin (BSA,
molar weight 66.5 kDa) purchased from PanReac AppliChem (Darmstadt, Germany).
The feed solution was prepared by dissolving BSA powder (0.1 g/l) and sodium
chloride (100 mM, Merck KGaA, Darmstadt, Germany) in ultrapure water, the pH of
the solution was determined as 6.40. The ultrapure water for buffer preparation was
produced by a Sartorius arium® pro system (Sartorius, Géttingen, Germany). For buffer
exchange a low salt solution containing 5 mM of NaCl was used. The used OMEGA
ultrafiltration polyethersulfone (PES) membrane (30 kDa MWCO, OTO30SHEET, Lot.
#H31861) was purchased from Pall Life Sciences (Hauppauge, USA). According to the
manufacturer, the water permeability and BSA passage of this membrane are given
as 458.5 L/(m2 h bar) and 0.86%, respectively.

5.2.2 3D printed UF/DF module

All experiments were performed with a self-designed diafiltration module shown in
Fig. 5.1. Except for the membrane all parts of the module were 3D printed with a
PolyJet system EDEN 260 (Stratasys, Eden Prairie, U.S.A.) using the material
VeroWhite. VeroWhite is a UV curable polyacrylate polymer with good chemical
resistance. The PolyJet technology offers a nominal resolution of 17 pum in z direction
and around 40 um in x,y direction, delivering the required resolution for smooth
surfaces which can be sealed by the membrane and the fine channel structures within
the module. The PolyJet technology uses a support material to realize the closed
channel structure. After the printing the support material is dissolved by 1M sodium
hydroxide solution overnight.

The 3D-printed membrane module is assembled of three parts, two lateral parts
and one middle part, which form the required liquid distribution system and provide
mechanical support for membranes. The module contains two rectangular membrane
sheets, one on each side of the middle part. The size and hold up volume of the central

section of the middle part are 20 x 50 x 2 mm? and 1.4 ml, respectively. The membrane
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is supported by a grid-like structure with 1 mm thick walls at a distance of 3 mm. In
order to allow the tangential flow along the membrane, the walls are perforated by 1x2
mm? openings. Subtracting the area covered by the printed support grid, an effective
membrane area of 0.000532 m? results on each side.

Membrane module

Fig. 5.1 3D-printed UF/DF module for single pass diafiltration: 1. lateral part, 2. middle part, 3.
assembled module, 4. commercial OMEGA ultrafiltration membrane, 5. UF/DF peripheral

equipment. UF/DF, ultrafiltration/diafiltration

A syringe pump (Pump 11, Harvard Apparatus, Holliston, USA) is used to enter the
feed solution into the middle part in a single pass operation mode. Perpendicular to
the flow direction of the feed solution, the flow of the exchange buffer is controlled by
a conventional lab-scale UF/DF system (SARTOFLOW® Smart, Sartorius, Gottingen,
Germany). The use of such a conventional UF/DF system is not mandatory for
operating the developed module, however, it allowed the automatic recording of the

mass changes of the exchange buffer storage and of the permeate.

5.2.3 Description of the experimental set-up and the monitored parameters

The described membrane module was integrated into an experimental set-up for
UF/DF experiments as shown in the scheme of Fig. 5.2. For simultaneous single pass
ultra- and diafiltration the feed solution was pumped into the module with a constant
volume flow Qe controlled by a syringe pump. The volume flow Qr leaving the middle
part of the module was controlled by a throttle valve in the outlet and the pressure Pr
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was monitored by a sensor. The peristaltic pump of the conventional UF/DF system
was used to pump the exchange buffer in a loop through the upper part of module. In
the loop two sensors monitored the pressures Pprin and Porou at the inlet and the
outlet of the upper module part. Porin and Porout Were controlled by a throttle valve
located downstream of the Ppr,out SENsor as well as the adjusted flow in the loop. When
the pressures Poprin and Ppeou in the upper module part were adjusted above the
pressure Pr in the middle part, a specific flux Jor of exchange buffer passed the UF
membrane ‘a’ between the respective module parts. The exchange buffer storage was
placed on a balance allowing accurate monitoring of the volume flow Qpr, Which is
given by the specific flux Jor times the effective membrane area. The pressure at the
lower part of the module was kept at atmospheric pressure, resulting in a pressure
difference TMPp between the middle part and the lower part and a corresponding
specific flux Jp through the second membrane ‘b’. The resulting permeate volume flow
Qr could leave the lower module part via two outlets and was collected in a small
beaker placed on a second balance. In summary the operation of the developed
system could be accurately monitored and described by six parameters, the volume
flows Qor, Qp, Qr, and Qr as well as the transmembrane pressures TMPpr and TMPp.
Qr, TMPpr and TMPe were given or known from the applied pressure sensors; Qor, Qp
and Qr were calculated from the time resolved monitoring of the respective masses

Mpr, Mp, and mg.

diafiltration

buffer -
MpF |

feed

>
-

mg
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Fig. 5.2 Scheme of the flow paths and different control points of the developed two-membrane

module for simultaneous ultra- and diafiltration.

5.2.4 Experimental procedure
Experiments were performed by first adjusting the constant feed volume flow Qr
as 0.5ml/min by the help of the syringe pump and the volume flow in the loop by help

of the peristaltic pump of the conventional UF/DF system. Afterwards pressure valves
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downstream of the sensors Porowr and Pr were regulated to set Qr and the
transmembrane pressures TMPpr and TMPe. Because of the interplay of these
parameters, their control required some experience and several readjustments. After
the parameters settled at the desired values the system was operated for at least
another 30 min to guarantee steady state conditions. In order to check if the
dependencies between transmembrane pressures and resulting fluxes follow the rules
known from conventional UF/DF systems, the water fluxes passing membranes ‘a’ and
‘D’ were determined for different operation conditions. Nine sets of parameter
conditions were chosen with TMPpe and TMPp in a range of 0.07 to 0.3 bar. After
adjusting a new parameter set and reaching steady state, the volume flows Qgr, Qor,
and Qp were determined by averaging over a period of 10 min.

After characterizing the hydrodynamic behavior of the system, a series of
experiments with a feed solution containing BSA and NaCl were conducted. The
execution of the experiments mainly followed the procedure described in the section
above. However, in case of low volume flows Qr it turned out to be difficult to reliably
achieve constant volume flows by the help of the simple throttle valve available.
Therefore, another way of controlling the average volume flow Qr was chosen by
completely closing the respective valve for an interval of 2min, 4min, 6min and 12min,
respectively and opening and releasing a defined amount of liquid only in short defined
intervals in between. Although this operation mode is not fully continuous anymore, it
has the advantage of easy control and reliable adjustment of the average flow. In
addition to the measurement of the exchange buffer and permeate masses, BSA
concentration and conductivity were measured in the collected retentate samples. The
concentration of BSA was measured by UV spectroscopy (PerkinElmer Enspire®)
based on the absorbance at 280 nm. Conductivity was measured by a conductometer
(WTW LF330, Weilheim, Germany) equipped with cell (WTW TetraCon® 325,
Weilheim, Germany). In the investigated concentration range the contribution of the
concentration of BSA on the conductivity can be neglected, and in good approximation

the conductivity is directly proportional to the concentration of NaCl as cyacir =
CNacLF % with Ag, Ar being the conductivity of the feed and retentate, respectively. In
F

our experiments the feed solution having a concentration of NaCl of 100 mM was partly
exchanged by diafiltration buffer (5 mM NacCl) during the single pass through the
filtration module. Therefore, the degree of buffer exchange can be calculated from the

conductivities by:
Buffer exchange (%) = ﬁ -100% (5.1)
with Apr being the conductivity of the diafiltration buffer.
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5.3 Results and discussion
5.3.1 Water fluxes and protein concentration dependent permeability

As described, a commercial membrane was used in all experiments of this study.
To ensure the validity of water permeability data given by the manufacturer also in the
unusual set-up with three pressure levels and membrane ‘a’ operating in a crossflow
manner while membrane ‘b’ operating under single pass conditions, the resulting
fluxes of pure water were measured for the expected parameter range. Fig. 5.3 shows
that the water fluxes of the membranes ‘@’ and ‘b’ increased linearly with the
corresponding TMP. From the slope of the linear fit the permeabilities of membrane ‘a’
and membrane ‘b’ were found to be 487.9 £ 8.0 L/(m?2 h bar) (R2=0.998) and 442.5 +
8.2 L/(m?2 h bar) (R? = 0.997), respectively. Therefore, the permeabilities are equal
within an experimental error of less than 10% and closely similar to the value given by
the manufacturer 459 (L/m2 h bar).
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Fig. 5.3 Water flux of membranes ‘a' and ‘b’ in the module calculated by mass balances of
experiments with different volume flows Qf and Qg and different transmembrane pressures
TMPpr and TMPe. (A) membrane ‘a‘; (B) membrane 'b'.

SPTFF applies much slower flow velocities within the membrane filtration modules
than conventional TFF, which pumps the retentate in a loop. Therefore, the ability to
prevent concentration polarization in front of the UF membrane is reduced. In case of
our module design which uses an additional perpendicular flow of diafiltration buffer
within the module for simultaneous ultra- and diafiltration, this problem is even
enhanced, because the flux through membrane b is formed by the sum of the permeate

and the diafiltration fluxes. Therefore, additional experiments have been conducted
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studying the dependency of membrane permeability on the BSA concentration in the

retentate and the applied transmembrane pressure.
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Fig. 5.4 Membrane permeability in dependence of BSA concentration and applied
transmembrane pressure. The experiments were conducted in conventional TFF mode using
only one membrane. This was achieved by removing the middle part of the module and
returning the retentate to the feed tank in a loop. (a) Variation of BSA concentration in the
retentate loop. The initial BSA concentration in the loop was 0.1 g/L BSA in 100mM NacCl,
except for the first point, which shows the permeability in case of pure water. Afterward, the
BSA concentration was increased stepwise by adding increasing volumes of a concentrated
BSA stock solution to the loop. The applied transmembrane pressure was constant at 0.75 bar
except for the experiment applying pure water (TMP = 0.3 bar). (b) Effect of TMP onto
permeability and flux of the used UF membrane, feed solution 0.1 g/L BSA, 100mM NacCl. BSA,

bovine serum albumin.

Fig. 5.4A shows the decrease of the permeability of membrane ‘b’ with increasing
BSA concentration. The permeability follows the expected trend with an approximately
exponential decrease with increasing BSA concentration, however, compared to
conventional TFF the decrease is strongly pronounced even at rather low protein
concentrations. On the other hand, the decrease seems to level off at a permeability
of around 200 L/(h m2 bar) in case of BSA concentrations of around one gram per liter.
Therefore, the SPTFF with combined ultra- and diafiltration seems to be suitable for
low to moderately concentrated protein solutions. In the second series of experiments
we investigated to which extent the increase of the transmembrane pressure increases
the flux and if an optimal operation point could be identified. Fig. 5.4B shows that within
the examined range the flux steadily rises with increasing transmembrane pressure,

however, in a nonlinear fashion. The flux curve shows no clear transition point but
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rather a constantly decreasing slope, which also indicates in an almost linear decrease
of the permeability with increasing transmembrane pressure. Therefore, no clear
optimum could be identified and the achievable performance seems to be limited by
the pressure resistance of the UF membrane and the 3D-printed SPTFF module.

5.3.2 Time course of the UF/DF experiments

In the following, the time required to reach stationary UF/DF operation conditions
has been investigated. For this, experiments with a feed solution containing 0.1 g/l
BSA and 100 mM NaCl at a constant feed flow Qf = 0.50 ml/min were conducted and
samples of the effluent Qr were taken in intervals of 5 or 10 minutes. Because the
module was filled with ultrapure water initially, the course of the effluent concentrations
of both substances starts at zero and approaches a constant plateau after reaching
stationary conditions. Fig. 5.5A shows the time courses of the effluent concentrations
of BSA and NaCl in case of an experiment having its focus only on diafiltration
(cesar/Cesar = 1). As can be seen, BSA and NaCl reach their plateau after around 40
min. The experiments were conducted in triplicates and the resulting standard
deviations indicate that the module performance and its start-up behavior are highly
reproducible. According to the records of the weight differences Amg, Ampe and Amp
determined for every interval, the average volume flows in the membrane module were
calculated to be Qr = 0.42 ml/min, Qor = 0.50 mI/min, and Qp = 0.58 ml/min. Together
with the applied feed flow of QF = 0.50 ml/min the mass balance closes completely if
a constant solution density is assumed. A residence time (RT) of the solution of around
3.3 min in the middle grid can be calculated by the division of the free volume of the
middle module part (1.4 ml) and the average retentate flow Qgr. Considering the volume
of the tubing before and after the module (3 ml and 4 ml), the total residence time
increases to 19.5 min. Comparing the residence time and the duration of 50 min to
reach stationary conditions, it shows that it requires around two times the residence
time to reach a stationary state. This ratio indicates a relatively strong mixing within
the middle part of the module, which we think is mainly due to the grid structure and
the short length of only 5 cm of the flow path. In this experiment a reduction of the salt
concentration down to 52.3% of the inlet concentration was observed, while the ratio
between the BSA concentration in the outlet and the one in the inlet approached the
expected value of 1.2, indicating that the module was operated in plain diafiltration

mode.
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Fig. 5.5 (A) Time course of BSA and NaCl concentration in the retentate for an experiment with
Qe/Qr = 1.19, Qp/Qor = 1.16, TMPp/TMPpr = 2.07, (B) effect of the volume flow ratio Qr/Qr
onto the achieved concentration factor of BSA and the resulting reduction of the salt
concentration after achieving stationary conditions. Q/Qr = 1.19; 2.01; 3.00; 5.68, Qpr/Qp =
0.86; 0.88; 0.63; 0.57, TMPp/TMPpr = 2.07, 4.16; 6.21; 5.04 respectively. Error bars are equal
to £SD.

In case of ideal diafiltration behavior with constant transversal plug flow between
the feed inlet and retentate outlet (Qr = Qr and therefore also Qpr = Qp) the salt
concentration in the retentate can be calculated by (the derivation of this equation is
given in the SI part):

cnactr = (CvacLF — Cnacipr) * €XP (— Z—i) + CnacipF (5.2)

If the salt concentration in the diafiltration buffer is zero (cyqc; pr = 0) Equation (5.2)
reduces to a form which is similar to the well-known equation of constant volume
diafiltration in a conventional TFF system [5], however, with the volumes of the initial
feed and the used diafiltration buffer replaced by the respective volume flows. Equation
(5.2) gives a predicted value of cygcir/Cnacir = 35%, which is only two third of the
experimental value of 52.3%. In fact, the experimental value is much closer to the
predicted value, if ideal mixing is assumed within the retentate chamber (see Table
5.1). In this case the local salt concentration in the permeate is constant throughout
the module and equals the salt concentration in the retentate. Solving the respective

mass balance:
CNacCLR = (CNaCl,F *QF *+ CnacLDF QDF)/( Qp + Qr)

= (CNaCl,F *QF + CNacLDF QDF)/( Qr + Qpr) (5.3)
results in a predicted value of cyqcir/Cnacir = 52.7%. The good agreement is a clear

indication of the backmixing within the short module, corresponding with a reduced

diafiltration efficiency.
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Table 5.1 Comparison of the measured salt reduction efficiencies with the predictions of the
two idealized theoretical models, (i) plug flow and (ii) complete mixing of feed and diafiltration

buffer in the module

Flow rate ratio  experimental result, Plug flow®, Complete Qor Q
Qr\Qx () CrNac1 (MM) CrNac1 (MM) mixing®, (ml/min)  (ml/min)
C, Nact (MM)

1.19 523 35.0 52.7 0.5 0.6

2.01 355 20.8 41.7 0.8 0.9

3.00 437 27.7 56.2 0.5 0.7

5.68 472 32.1 60.5 03 0.6
: Qp

(1) cg = (cp — cpr) " €xp (— Q_> + Cpr

F

Qr *¢r + Qpr " CpF
Qr + Qpr

(ii) cg =

5.3.3 Concentration and diafiltration with varying volume flow ratios
Finally, a series of experiments was conducted aiming to achieve substantial
concentration factors of BSA while simultaneously reducing the salt content and
operating in a continuous fashion. Fig. 5.5B shows the expected behavior with the
concentration factor of BSA increasing almost linearly with increasing volume flow ratio
Qr/Qkr:
Cesar _ Or (5.4)

Cpsar QR

The only exception from the ideal relationship was observed in case of repeated
experiments with a Qg/Qr ratio above five. In these experiments the concentration
factor stayed about 20% below the expectations, assumingly because of the non-ideal
BSA retention of the membrane and some BSA accumulation within the module. The
influence of this non-ideality starts to grow with increasing concentration and
increasing residence time, as it is the case for decreasing retentate flows Qg while the
feed flow Qr is kept at 0.5 ml/min. Keeping the feed flow Qr at a constant value and
reducing the retentate flow Qg, it could expect a slight decrease of the remaining salt
content in the retentate if the flow of the diafiltration buffer through membrane ‘a’ Qoe
would stay at a constant level. Because of conservation of mass, in this case Qp would
have to increase for decreasing retentate flow, and with increasing Qe a higher amount
of salt would be transferred into the permeate. However, in reality our experiments
showed a decrease of the volume flow Qopr with increasing volume flow ratio Qr/Qr

and a corresponding slight decrease of Qp. Nevertheless, the experiments show that
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the developed module allows setting the levels of protein concentration by ultrafiltration
and salt removal by diafiltration independently, by adjusting the input flows and
pressures in the module parts. At a given feed flux per membrane area of 56 L/(m?2 h)
our system reached a concentration factor (CF) of 4.5, which compares well with the
SPTFF concentration factors reported in literature in case of comparable feed fluxes
(CF 3 - 4 in case of a feed flux of 52 L/(m2 h) [14], and CF 5 in case of a feed flux of
55 L/(m2 h) [16]). As can be seen from Table 5.1, the achieved salt concentrations
were in a range between 35 and 52% of the salt concentration in the feed. This degree
of salt reduction will be too low for most practical applications requiring diafiltration,
however, one has to take into account that the salt reduction is achieved using a very
short flow path length in the SPTFF module of only 5 cm. Comparing the experimental
results with the predictions of the two idealized SPTFF models introduced in section
5.3.2 one finds that the measured retentate salt concentrations are in-between.
Therefore, the flow regime within the SPTFF module seems to be in-between complete
mixing and plug flow, with a tendency to complete mixing at low CF values,
corresponding with shorter residence times within the module. Nevertheless,
increasing the flow path length to e.g. 50 cm while keeping the width constant, the
middle part of the module resembles a long narrow channel with permeable walls and
it can be expected, that the flow regime approaches plug flow conditions more and
more. Using eq. (5.2) and the assumption of a constant flux of diafiltration buffer
through membrane ‘a’ per length of the flow path it can be estimated that a single 50
cm SPTFF module of our design should be able to reach diafiltration efficiencies
beyond 99%.

5.4 Conclusion and outlook

The data presented show that the developed 3D-printed UF/DF is able to
concentrate large biomolecules, e.g. proteins, of a continuous sample feed while
simultaneously reducing the salt amount of the sample matrix. This is achieved by the
application of two membranes allowing the continuous in- and outflow of pure water or
diafiltration buffer perpendicular to the flow direction of the sample stream. This feature
clearly differs our set-up from other single pass TFF systems, using only one
membrane to split the feed into a permeate and a retentate stream. In order to achieve
continuous diafiltration with such systems several units have to be assembled in a row
with dilution in between. In our system, the degree of simultaneous dia- and
ultrafiltration can be chosen independently by adjusting the pressures in the upper and

middle part of the module, as well as the volume flow ratio between the sample feed
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and the outlet of the middle part of the module. We are aware that the demonstrated
degree of around 55% buffer exchange is much lower than the values of 99 or even
99.9% often requested in biopharmaceutical downstream processes, and that 55%
buffer exchange would be easily achievable in a single unit of the known SPTFF
systems. However, in order to reach 99% or 99.9% buffer exchange in a single unit of
a conventional SPTFF the initial dilution would have to be 100 or even 1000 times,
leading to uneconomical amounts of diafiltration buffer and membrane areas required.
Therefore, the process has to be divided into several SPTFF units with intermediate
addition of diafiltration buffer. In contrast, the developed SPTFF module allows a
continuous infiltration of diafiltration buffer throughout the complete flow path.
Therefore, future modules having a longer flow path should be able to achieve high
degrees of buffer exchange within a single SPTFF unit. In the described setup the flow
and the pressure in the upper part of the module are controlled by a conventional
UF/DF system. However, optimized future versions of the set-up could use simple
pressure controlled reservoirs for a controlled delivery of the diafiltration buffer to the
upper part of the module. In addition, besides the described simultaneous UF/DF mode,
the module could also be used for plain single pass TFF operation if required. In this
case the direction of the flux passing membrane ‘a’ would be reversed by adjusting
Porin and Pprou to ambient pressure. By this, the membranes on both sides of the
retentate channel will available for ultrafiltration, as it is the case in conventional TFF
and SPTFF modules. Finally, stacked versions of multiple 3D-printed cassettes
separated by membranes could be realized, with alternating function as buffer delivery,
sample concentration, and salt removal sections. Still, we doubt that the simple planar
design of the setup is suitable for high-throughput applications. Rather, the direction of
future developments will be further size reduction, parallelization and simplified
hydraulics of the setup to allow simple buffer exchange and concentration in the area

of bioanalytic and high throughput process development.
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5.5 Support Information

S1: Details of the experiments to characterize the water fluxes of membranes ‘a’ and
‘b’ in the 3D-printed SPTFF module.

No. TMPpr TMPp  time membrane Qr Ampr  Amp  Jpr Jp
[bar] [bar] [min]  size [cm? [ml/min] [g] [g] [L/(hm?)] [L/(hm?)]

1 0.07 0.22 10 532 0.5 3.6 8.0 40.6 90.2
2 0.10 0.24 10 532 0.5 4.6 100 519 112.8
3 0.12 0.26 10 5.32 0.5 53 10.5 5938 118.7
4 0.14 0.28 10 532 0.5 6.6 11.4 744 128.6
5 0.16 0.30 10 532 0.5 7.7 120 86.8 1353
6 0.21 0.14 10 532 0.5 9.4 5.4 106.0 61.2
7 0.26 0.12 10 532 0.5 109 4.4 1229 494
8 0.28 0.11 10 5.32 0.5 119 4.0 1342 45.1
9 0.30 0.11 10 5.32 0.5 12.6 3.6 142.1 403

S2: Details of the experiments on simultaneous ultra- and diafiltration in section 3.3
Every point in Fig. 5.5A is the average value of three independent experiments for
simultaneous concentration of BSA and NaCl buffer dilution.

interval TMPpr  TMPp Qr Qor Qr Qe Q/Qr CBSAR CNaCIR

time [min] [bar] [bar]  [ml/min]  [mI/min]  [ml/min]  [ml/min] [ [CasaF [CNaciF
2min-1 0.14 0.26 0.50 0.51 0.41 0.63 1.21 1.03 51%
2min-2 0.12 0.29 0.50 0.48 0.43 0.53 1.16 1.03 53%
2min-3 0.12 0.27 0.50 0.46 0.45 0.54 1.11 0.98 N.A.
Average 0.50 0.42 1.19 1.01 52%
SD +3% +1%

Average 0.50 0.17 3.00 2.92 43.7%
SD +10% +4%

12min-1 0.33 1.39 0.43 0.36 0.08 0.47 5.02 4.74 39.9%
12min-2 0.26 1.70 0.50 0.41 0.08 0.65 6.05 4.67 44.9%
12min-3 0.37 0.84 0.50 0.26 0.08 0.70 6.00 4.42 56.9%
Average 0.48 0.08 5.68 4.61 47.2%

SD +17% +9%

N.A.: not available.
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S3: Details of the experiments to determine membrane permeability in dependence of
BSA concentration in the retentate

The given numbers are the average value for three independent experiments.

time TMP CBsA flux permeability
[min] [bar] [g/L] [LHM] [L/ (h m? bar)]
0 0.30 0 126.3 479.2
10 0.75 0.12 306.1 407.2
20 0.75 0.23 250.6 334.2
30 0.75 0.36 225.6 299.6
40 0.75 0.48 206.8 276.0
50 0.75 0.63 193.3 256.9
60 0.75 0.80 175.4 232.7
time TMP CBSA flux permeability
[min] [bar] [g/L] [LHM] [L/ (h m? bar)]
0 0.30 0 126.3 479.2
10 0.75 0.09 282.0 373.7
20 0.76 0.31 226.3 298.8
30 0.75 0.44 197.4 264.0
40 0.76 0.63 183.3 242.4
50 0.76 0.82 169.2 222.4
60 0.75 1.03 155.1 206.6
time TMP CBsA flux permeability
[min] [bar] [g/L] [LHM] [L/ (h m? bar)]
0 0.30 0 126.3 479.2
10 0.76 0.11 312.3 413.0
20 0.76 0.25 275.7 363.6
30 0.76 0.34 237.8 314.7
40 0.75 0.47 212.4 281.6
50 0.75 0.60 200.5 266.2
60 0.75 0.75 181.4 242.4

SD values calculated from the results of Table S3.
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time TMP Cssa flux permeability
[min] [bar] [g/L] [LHM] [L/ (h m? bar)]

0 0.038 0 15.7 11.2

10 0.002 0.02 16.0 21.2

20 0.005 0.04 24.7 325

30 0.004 0.05 20.7 26.0

40 0.003 0.09 15.5 21.2

50 0.005 0.12 16.4 23.1

60 0.003 0.15 13.8 18.5

S4: Derivation of equation 2 of the main text

The following section shows the mathematical derivation of equation 5.2 of the main

text:

CNaclLR = (CNaCl,F - CNaCl,DF) T exp (— 0

) + Cnaci,pF

Figure S5.1 shows a sketch of the module and the fluxes within:

membrane module

dQps Cpr

Qx+dx1 Cx+dx

dQp, Cy

Cx: salt concentration at location x in the middle part of the module,

Qx: tangential flow within the middle part of the module,

cor: salt concentration of the diafiltration buffer,

I: membrane module length.

The mass balance of salt within a differential segment of the module is given by:
(S5.1)

Qxcx + dQDF "Cpr = dQP "Cx t+ Qx+dx " Cx+dx

(5.5)

Under the assumption of an equal spatial distribution of the flows of diafiltration buffer

through membrane ‘a’ and permeate through membrane ‘b’ the following relationships

hold for the differential flows dQpr and dQp:

dQpr = QlﬂdX, dQp = %dx

(S5.2)

In contrast to conventional TFF systems the assumption of an equal distribution of the

permeate flow throughout the whole flow path is justified in our module in the case of
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pure diafiltration because the protein concentration does not change if the infiltration
of diafiltration buffer Qpr through membrane ‘a’ equals the withdrawal of permeate Qp

through membrane ‘b’. Inserting eq. S5.2 into eq. S5.1 results in:

Q Q
QxCx + %dx *Cpr = Tpdx “Cx + Qxiax " Cx+dx (85-3)

Together with the condition of pure diafiltration (Qor = Qp) One gets Q, = Qxiax = QF,
meaning the tangential flow within the middle part of the module stays constant, eq.
S3 transfers into:

Q
Qrex + 222 dx - cpp = L dx - i + Qp * Crvax (S5.4)

Dividing by Qr and applying Taylor expansion of Cx+dx gives:

Qr &, dey
Cy T+ ol dx - cpp = ol dx-c, +c, + . dx (S5.5)
Which reduces to:
QprF . _ 9p dey
0, Cpr = _Qpl Cy + . (856)

Case I: If the diafiltration buffer contains no salt, cpr = 0, eq. S5.6 simplifies to:

— 2 dx == (S5.7)

Qrl Cx

Integration between the entrance of the module (x = 0, cx = ¢¢) and the effluent of the

module (x =, cx = Ccr) gives:

L Qp _ [CR dc,
_ o _QFl . dx — ch —Cx (558)
and finally:
Q
CrR = Cp ' exp (— é) (S5.9)

Case IlI: If the diafiltration buffer itself contains small amounts of salt, cpr # 0, the

derivation changes to:

Qp | __dcx
B —— (S5.10)
dcy = d(cy — cpr) (S5.11)
L Qp _ fCR d(cxy — cpr)
—| =—-dx= _
0 Qrl cg S~ CpF
_9 _ ., CRCDF
Pl —— (S5.12)
Q
cg = (cp — cpp) - exp (— i) + ¢pr (S5.13)
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which equals eq.5.2 of the main text, remembering that for the sake of simplified

notification we used c instead of cnaci in Our notation.
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6 Continuous single pass diafiltration with alternating
permeate flow direction for high efficiency buffer

exchange
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Abstract Looking at current trends within downstream processing (DSP) of high
value bioproducts, it shows that there are ongoing efforts in replacing batch processes
by continuous variants. However, a unit procedure which still lacks a simple and
compact continuous variant is diafiltration. Here, we present such a single piece of
diafiltration equipment achieving continuous buffer exchange of up to 99.90%. The
device is composed of a 3D-printed single pass diafiltration (SPDF) module containing
two commercial ultrafiltration membranes. While the retentate is flowing through a
narrow channel between the two membranes, the channels above and below can
supply diafiltration buffer or remove permeate solution. The obtained results illustrate
systematically the vulnerability of the device to the effect of concentration polarization
at the membrane surface, and that this problem can be strongly reduced using an
alternating direction of diafiltration buffer perfusion through the membranes as process
inherent backflush. By this, a quasi-stationary operation could be obtained during
continuous diafiltration, making the device an interesting option for in-process buffer
exchange.

Keywords: diafiltration, continuous processing, single pass tangential flow filtration,

buffer exchange, counter-current
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6.1 Introduction

The production of high-quality biological products is widely becoming a key
demand in the biomanufacturing industry. Batch processes, as the popular choice of
the current commercial-scale production of biological products, are increasingly
challenged by new, continuous process variants [1-3]. Several continuous process
technologies, including perfusion bioreactors with continuous in- and outflow of
materials, single pass tangential flow (SPTFF) units, continuous chromatography and
continuous crystallization have been reported for multi-product clarification, purification
and formulation [4-8].

There exist also recent developments exploring systems for continuous
ultrafiltration (UF) and diafiltration (DF) [9-13]. Compared to conventional tangential
flow filtration (TFF) in which the retentate is pumped in a loop and passes the
membrane module several times, single pass tangential flow filtration (SPTFF) is more
suitable for integration into continuous manufacturing schemes. As early as 2002,
Lipnizki [14]and co-workers conducted a theoretical study of batch and continuous
diafiltration of a protein solution using between two and ten plate-and-frame membrane
modules. They compared three operation modes: (i) batch diafiltration with retentate
recycling and all modules operation in parallel, (ii) continuous diafiltration with the
retentate passing the modules sequentially and the admixture of diafiltration buffer
between the stages, and (iii) continuous counter-current diafiltration injecting fresh
diafiltration buffer only once in the final stage and always using the permeate as
diafiltration solution of the proceeding stage. It showed that all three operation modes
could reach the objective of 98% diafiltration efficiency, with the counter-current
diafiltration requiring on the one hand more membrane area, but on the other hand,
substantially less diafiltration buffer than the other operation modes. These results are
in agreement with later findings reported in the literature [15] demonstrating that
continuous counter-current multistage membrane processes result in better
purification performances and reduced buffer requirements. However, the achieved
purification factors and degrees of buffer exchange were relatively low, compared to
the 99.9% diafiltration efficiency often required in biopharmaceutical processes. A first
study approaching this limit was conducted by Rucker-Pezzini et al [6] showing the
feasibility to obtain a buffer exchange greater than 99.75% using a three-stage single
pass diafiltration (SPDF) process, with several repetitive steps of concentrating and
diluting. In the same year also Nambiar and Zydney [16] demonstrated an around 350-
fold impurity removal (corresponding to approximate 99.7% buffer exchange) applying

a flow ratio of 19 between the diafiltration buffer and the feed (19 diavolumes) in a
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counter-current two-stage single pass diafiltration system. The latest work reported by
the same group exemplified a counter-current three-stage DF system by
reconstructing the aforementioned two-stage DF system [17], which allowed to reduce
the buffer consumption and accomplished up to 99.9% impurity removal. A different
approach is the use of hollow fiber membrane systems originally designed for blood
dialysis for counter-current diafiltration of protein solutions. Yehl et al. [18,19] applied
a hollow fiber dialyzer for continuously removing the model impurity vitamin B1, from
concentrated 1gG solutions. They achieved around 1000-fold impurity removal at a
very small buffer consumption between 2.25 - 4.5 diavolumes. However, to obtain
these results the hollow fiber module had to operate at an unusually low specific feed
rate of 0.16 L per m2 of membrane area and hour. Nevertheless, to the knowledge of
the authors, the approach of Yehl and Zydney is the first system achieving continuous,
highly efficient diafiltration in a single device, which can be also realized as disposable.

In this work, we present an alternative design of a single pass membrane module,
which can achieve comparable diafiltration efficiencies in a single device, however
using common membrane sheets and specific feed rates, which are at least an order
of magnitude higher than the ones in the mentioned hollow fiber modules. Different
continuous DF modes, such as single-direction, alternating co-current and alternating
counter-current, have been implemented in two 3D printed prototypes. In addition, the
susceptibility to concentration polarization of the model protein at the membrane
surface could be reduced to an acceptable level by implementing an alternating
direction of the permeate flow through the membranes.

6.2 Material and methods

6.2.1 Feed solution and applied membrane

Bovine serum albumin (BSA) from PanReac AppliChem (Darmstadt, Germany)
was used as the model protein in all experiments. BSA powder (1 g/L) was dissolved
in 100 mM sodium chloride and 30 mM monosodium phosphate buffer at pH 7.10
(Merck KGaA, Darmstadt, Germany). The used ultrapure water was produced by a
Sartorius arium® pro system (Sartorius, Gottingen, Germany). For buffer exchange,
either ultrapure water or a diafiltration buffer containing 30 mM monosodium
phosphate and 5 mM sodium chloride were used. The OMEGA ultrafiltration
polyethersulfone (PES) membrane (30 kDa MWCO, OTO30SHEET, Lot. #H3186I)
purchased from Pall Life Sciences (Hauppauge, USA) was applied in the 3D-printed

membrane modules as described in the next section.
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6.2.2 Prototype and scaled-up 3D-printed UF/DF module

The continuous SPTFF experiments were carried out using two versions of a self-
designed diafiltration module shown in Fig. 6.1. Both modules were 3D printed using
a PolyJet system EDEN 260 (Stratasys, Eden Prairie, USA.) using the material
VeroWhite [20]. Each module was composed of two lateral parts and one middle part,
all of them housing a narrow hollow-carved structure of 2 mm height allowing a
tangential flow along the membranes placed between the parts. The grid-like design
of the hollow-carved structure served at the same time as mechanical support for the
two membranes. Bounded by these membranes, the middle part forms a channel in
which the feed is transferred into the retentate during a single pass. During this
passage diafiltration buffer can perfuse into the middle channel via one membrane
while simultaneously permeate perfuses through the opposite membrane. Except for
the flow path length, the structure of the three parts described was the same in the first

prototype module (Fig. 6.1A) and the scaled-up module (Fig. 6.1B).

Membranes . Membranes

Fig. 6.1 Design of the 3D-printed membrane module for single pass UF/DF. (A) prototype
module, (B) scaled-up module. 1: lateral parts for either diafiltration buffer or permeate solution;
2: middle part forming a flow pass for the feed, a membrane is placed between the middle part
and the adjacent lateral part on both sides; 3: inlet of the feed flow; 4: outlet of the retentate
flow; 5: hollow-carved grid structure to support the membranes. The width of the hollow-carved
structure is the same in both modules (17 mm), while the length of the flow path in the scaled-
up module is 5.2-fold larger than the one in the short prototype module.

Table 6.1 below illustrates the main dimensions of the modules. Subtracting the
area covered by the grid, the effective membrane area of the scaled-up module was
5.2-fold larger than the one of the prototype module. A longer flow path length was
built in the scaled-up module in order to prolong the residence time of the retentate in

the middle section, offering a practical way to improve the buffer exchange. Additionally,
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for the purpose of improving the leak tightness of the assembled module, narrow slots

for rubber sealings were added on the inner side of the lateral parts in the scaled-up

module.
Table 6.1 Dimensions of the two versions of the 3D-printed SPTFF module
A. Prototype module B. Scaled-up module
V Jateral part (M) 1.25 6.46
V middie part (MI) 1.18 6.08
L fiow path (CM) 4.70 24.5
A efective, membrane (MM?2) 532 2972

6.2.3 Experimental set-up

Fig. 6.2 shows the developed experimental set-up for the continuous diafiltration
process. The set-up combined the developed SPTFF module with two commercial
systems: a FPLC system (AKTA purifier UPC 10, GE Healthcare, Uppsala, Sweden)
including an additional sample pump and a membrane filtration system Sartorius
(SARTOFLOW® Smart, Sartorius, Gottingen, Germany). This combination allowed a
detailed and precise control of the operation conditions as well as an online monitoring
of the main process parameters. The three high-pressure piston pumps of the FPLC
system guaranteed a pressure independent control of the feed, diafiltration buffer, and
retentate flows. The multiport valves of the FPLC system allowed an automated
switching of the in- and outlet positions of the diafiltration and permeate flows. In

addition, the system monitored the UV/Vis and conductivity signals in the retentate.

permeate diafiltration

buffer

Mmep

me
feed

>

retentate

Fig. 6.2 Scheme of the experimental setup. The direction of the flows perfusing membrane a
and b could be switched by means of the rotary valves of the FPLC system. The BSA and salt
concentration in the retentate were monitored in real-time by UV and conductivity sensors,

respectively.
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For the control of feed and retentate flows the feature of the Akta FPLC system
originally intended for the execution of salt gradients was used. The Akta software
allows to precisely adjust the sum-flow of pump A and B and the ratio of how this sum-
flow is distributed between the two pumps. If the ratio is selected as 1:1, saying the
fraction of pump B is set to 50% of the sum-flow, the feed and retentate flows exactly
match and the system is operated in pure diafiltration mode. Moreover, if the fraction
of pump B is adjusted to less than 50% the system is able to operate in a combined
concentration / diafiltration mode. Exemplary concentration factors resulting from
different settings of pump B are listed in the supplementary information (see Sl Table
S6.1). Besides the flows of the feed and retentate controlled by pumps A and B, the
flow of the diafiltration buffer was controlled by the sample pump C of the Akta system.
All flow rates were calibrated to the desired value before each experiment by collecting
the corresponding effluent during a certain period. BSA concentration was monitored
at a wavelength of 280 nm, and diafiltration efficiency was calculated via the
conductivity signal (see Fig. S6.1 in the supporting information). For the diafiltration
process, fresh diafiltration buffer entered the middle part of the module at a constant
flow rate and two rotary valves were applied to adjust the in- and outlet positions of the
diafiltration buffer and the permeate at the lateral parts of the module. The pressures
at the diafiltration inlet (Ppr) and the retentate outlet (Pr) as well as the weight of the
diafiltration buffer and permeate reservoirs were monitored using the pressure sensors
and scales of the Sartorius system. The developed process mode using an alternating
permeate perfusion direction requires a repetitive switching of the valve positions and
the flow rate of pump C. The corresponding process sequence was programmed using

the software Unicorn 5.20 (GE Healthcare Bio-Sciences, Uppsala, Sweden).

6.2.4 Investigated diafiltration process modes

Different diafiltration studies were executed in order to explore the effect of varying
stationary or alternating flow path onto the resulting diafiltration efficiency. First, the
stationary two membranes unidirectional DF illustrated in Fig. 6.3A was tested.
Through continuously pumping the exchange buffer perpendicular to the flow direction
of the feed in the middle chamber, the limitations of this operation mode with
unidirectional DF buffer flow were tested. In this mode, membrane a is constantly
permeated with a fixed flow of fresh diafiltration buffer, while membrane b was
constantly permeated by the solution flowing in the middle part, containing residues of

the feed solution and fresh buffer.
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Fig. 6.3 Different continuous DF process modes controlled by switching the rotary valves. (A)
Co-current diafiltration applying a unidirectional flow through membranes a and b, (B) Co-
current diafiltration applying an alternating flow direction through membranes a and b, (C)
Counter-current diafiltration applying an alternating flow direction through membranes a and b.
The DF processes (B) and (C) can be executed with or without the flushing steps 2 and 4. The
blue dashed lines indicate the membranes and the black dashed lines represent the flow paths

which are blocked.

Second, an alternating co-current diafiltration mode illustrated in Fig. 6.3B was
investigated. This mode is characterized by a cyclic operation including the repeated
use of four steps differing in the adjusted valve positions and resulting in different flow
paths. In the first step the left rotary valve is adjusted to connect DF buffer to the inlet
of the upper part of the module while the right valve blocks the outlet of this part. In

consequence, the DF buffer is pumped from the upper to the middle part of the module.
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For plain diafiltration the feed and retentate flows are adjusted exactly at the same flow
rate. Therefore, because of the conservation of mass, the permeation of the diafiltration
buffer into the middle part enforces the same volume to permeate through membrane
b. After a certain interval, the system switches to step 2 by changing the setting of the
left valve defining the inlet position of the DF buffer. As a result, the flow path of the
DF buffer is changed in a way that it simply flushes the lower part of the module in
order to clean it from the permeate remaining after the end of step 1. In the third step,
the setting of the right valve defining the position of the permeate outlet is changed in
a way that it blocks the simple flushing of the lower part of the module and forces the
DF buffer into the middle part crossing the first membrane (now named a’ while being
membrane b in step 1) and the permeate to cross the second membrane b’. By this
the flow direction of the DF buffer is reversed sweeping away the concentration
polarization layer formed by retained protein at membrane b (now a’) surface during
step 1. Finally, in step 4 the setting of the left valve is changed again, resulting in a
flushing of the upper part of the module, having the same purpose than the flushing of
the lower part during step 2. At the end of step 4, the cycle closes and by switching the
setting of the right valve, the system enters a condition resembling the one of step 1.
By switching the valves, the flow direction of the DF buffer is reversed again and the
concentration polarization layer formed at the surface of membrane b’ during step 3 is
removed.

The third operation mode tested was an alternating counter-current diafiltration
mode as illustrated in Fig. 6.3C. As can be seen, the four steps during a full process
cycle of this mode resemble the ones of the co-current diafiltration mode with the
difference that the flow direction of the DF buffer and permeate in the upper and lower
part of the module is opposite to the flow direction of the retentate in the middle part.

In this mode it was also tested if the flushing steps 2 and 4 can be skipped.

6.2.5 Analytical methods

For each diafiltration mode mentioned above, the sequential operating steps were
executed repeatedly to approach a quasi-stationary state of the process. The achieved
degree of buffer exchange is expressed as:

Buffer exchange (%) = (1 - M) -100% 6.1)

CBuffer,F

where Cgutter r @Nd Cautier F are the concentrations of the initial buffer in the retentate and
the feed (see Fig. S6.1). Two idealized physical models were used to predict the limits
of buffer exchange. As shown in our previous work [20], the assumptions of ideal plug

flow in all parts of the DF module and co-current flow direction result in an equation
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which is analogous to the well-known equation of constant volume diafiltration in a
conventional TFF system [21], however, with the volumes of the initial feed and the
used diafiltration buffer replaced by the respective volume flows:

Q
CBuffer,R = (CBuffer,F - CBuffer,DF) T exp (_ QLFF) + CBuffer,DF (6-2)

The second idealized model simply assumes complete mixing of the feed and the
diafiltration buffer flows, as it is performed sequentially in the continuous diafiltration
approach of Rucker-Pezzini et al. using several conventional SPTFF modules [6]. In

this case the resulting concentration Cguter, r IS given by:

ceusrerk = (QF * Cpuffer,rt Qpr * Cousrer,pr)/(Qr + Qpr) (6.3)

Besides, although the focus of our work was on continuous diafiltration, also the
concentration factor (CF) of the used model protein BSA was defined using equation
(4).

CF = BSAR (6.4)

CBSAF

where cgsa, R and Cgsa, F iS the concentration of BSA in the retentate and the feed,
respectively. The main purpose of CF is to see the time course of BSA and the degree
to which BSA is retained in the diafiltration module due to membrane fouling and/or

concentration polarization.

6.3 Results and discussion

6.3.1 Co-current diafiltration with unidirectional permeate flow

The first test series was designed to verify the accuracy of the flow control of the
developed system and to study the influence of the flow rate of the diafiltration buffer
onto the degree of buffer exchange. In the experiments the small prototype module
was used in co-current mode and unidirectional flow of the DF buffer and the permeate
through the membranes. Both the feed and retentate flow rates were kept at Qr = Qr
= 0.5 ml/min (56.4 L m? h) over the course of the experiments, while increasing the
diafiltration buffer flow rate Qpr by 0.1 ml/min in every step from O to 0.5 ml/min.

Standard deviations were analyzed by conducting every step in triplicates.
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Fig. 6.4 Degree of buffer exchange of the co-current DF process with unidirectional flow through

the membranes. In the course of the test series the flow rate of DF buffer was increased

stepwise from 0 to 0.5 ml/min in steps of 0.1 ml/min, while the feed and retentate flow were

kept constant at 0.5 ml/min. (A) Normalized concentration of the components of the original

buffer remaining in the retentate, (B) Concentration of BSA in the retentate, (C) Pressure in the

middle part of the membrane module, (D) Degree of buffer exchange and concentration factor

of BSA plotted versus the flow rate Qpr. The dashed lines represent the theoretical buffer

exchange values corresponding to the idealized models of complete mixing (------ ) and plug-

flow (- — =), respectively.
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In the experiments the concentrations of BSA and buffer in the retentate, as well
as the pressure in the middle part of the module were monitored during the continuous
operation (see Fig. 6.4A - C). In addition, Fig. 6.4D shows the resulting buffer exchange
and CF values for different flow rates of the diafiltration buffer Qpe, and the theoretical
values calculated using eq (6.1) and eq (6.4), respectively. The plot of the feed buffer
content remaining in the retentate in dependence of the applied Qpr shows the
expected picture (Fig. 6.4A). If no diafiltration buffer is applied, the feed buffer
concentration in the retentate shows a steep increase to the level of the buffer
concentration in the inlet after a short delay determined by the residence time of the
liquid in the middle part of the module. The steep increase also indicates that in this
case the flow profile in the middle part approximates an ideal plug flow. With increasing
Qor the feed buffer concentration in the retentate starts to decline. By using accurate
flow control of Qg, Qgr, and Qpr instead of the more common pressure control, the
incompressibility of water enforces that the permeate flow through membrane b equals
Qor in the case of the boundary condition Qr = Qr, which was applied in all experiments
of Fig. 6.4. Together with the permeate flow a certain amount of the feed buffer is
removed through membrane b resulting in the decreased level of this buffer in the
retentate. However, Fig. 6.4B and 6.4C directly reveal the problems arising with the
unidirectional flow through the membranes. During the initial period (Qor = 0) the BSA
concentration in the retentate shows the expected steep increase. Because BSA is not
able to penetrate the membranes and the ratio of Qr/Qr = 1 is not changed, in the ideal
case, cesa Would stay constant at this level throughout the complete experiment. That
said, Fig. 6.4B shows that cssa deviates from this ideal behavior. After each increase
of Qor the signal of cgsa shows a sharp dip followed by a slow return to the original
level. Beyond Qopr = 0.2 mL/min the applied step duration is insufficient for the return,
resulting in cgsa in the retentate permanently staying below the feed level. In
consequence BSA shows an ongoing accumulation within the module. This
observation is consistent with the time course of Pr shown in Fig. 6.4C. During the
initial steps (Qor = 0 - 0.3 mI/min) Pr stays at plateau levels below 0.3 bar, with the
level of the plateau showing a small increase each time Qopr is increased by 0.1 mL/min.
The increase is caused by the simple fact, that after each step also the amount of
permeate which has to penetrate membrane b is increased, requiring a larger
transmembrane pressure (TMP). When Qpr increased to 0.4 and 0.5 mL/min, the
picture changes in a way, that within the monitored step duration no constant plateau
of the pressure is reached, but the pressure displays a constant increase. This reveals
that, besides the proportionally increased TMP required for higher Qpr, an additional

pressure drop results from the concentration polarization of BSA at the surface of
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membrane b. Finally, the resulting buffer exchange is plotted in Fig. 6.4D and
compared with the theoretical values calculated based on the plug flow as well as the
complete mixing model (detailed values are shown in the Sl part, Table S6.2). As can
be seen, the experimental values lie between the two idealized models with a tendency
to be closer to the plug flow results, something that can be expected to take into
account the steep breakthrough observed in Fig. 6.4A. Nevertheless, the achieved
buffer exchange of around 63% at Qpr/Qr = 1 is too low to be of practical use. In order
to achieve higher levels of buffer exchange, the flow of the diafiltration buffer must be
increased further. Unfortunately, the attempt to follow this direction quickly leads to an

inadmissible increase of the pressure within the middle part of the module.

6.3.2 Co-current diafiltration with alternating flow direction through the membrane

As described above, the use of a unidirectional permeate flow through membrane
b of our module quickly resulted in a constantly rising pressure within the middle part
of the module when the flow of the diafiltration buffer approached a ratio of Qpe/Qr
around one. In order to avoid this problem, we introduced a single pass filtration with
alternating flow direction of the diafiltration buffer. As in the case of the experiments
described in section 6.3.1, the short prototype module was used and the flow rates of
the feed Qr and the retentate Qr were adjusted at 0.5 ml/min (56.4 L m? ht) while the
diafiltration buffer flow rate Qpr was increased by 0.1 ml/min steps, starting at an initial
value of 0.1 ml/min up to a maximum of 0.8 ml/min. Every parameter set was operated
for 30 minutes, with a switching time of the alternating flow direction through the
membrane of 10 min. After switching the inlet position of the diafiltration buffer, the
remaining permeate was flushed with high flow rate of 10 ml/min for 10 seconds (for
details see operation mode ‘B’ in Fig. 6.3, section 6.2.4). Since this operation mode
resulted in a cyclic backflush of the accumulated concentration polarization layer of
BSA, the signal detected by the UV sensor showed strong fluctuations. Hence, in order
to get representative analytical results for each parameter set, the retentate was
collected during the corresponding 30 min period and the average concentrations of
BSA and feed buffer residues in the retentate were determined from this sample.
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Fig. 6.5 Degree of buffer exchange of the co-current DF process with alternating flow direction
through the membrane. In the course of the test series the flow rate of DF buffer was increased
stepwise from 0.1 to 0.8 ml/min in steps of 0.1 ml/min, while the feed and retentate flow were
kept constant at 0.5 ml/min. (A) Normalized concentration of the components of the original
buffer remaining in the retentate, (B) Concentration of BSA in the retentate, (C) Pressure in the
middle part of the membrane module, (D) Degree of buffer exchange and concentration factor
of BSA plotted versus the flow rate of diafiltration buffer Qpr. The dashed lines represent the
theoretical buffer exchange values corresponding to the idealized models of complete mixing (-

----- ) and plug-flow (- —-), respectively.
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Fig. 6.5A shows the same trend of slowly decreasing residues of the feed buffer in
the retentate with increasing Qor. However, the decrease does not show one clear
step after increasing Qor by 0.1 ml/min, but a relatively smooth decrease superposed
by a wiggle of the buffer concentration caused by the switching events of the
alternating flow direction of the DF buffer. While this wiggle is relatively small in the
case of the buffer concentration, it is much more pronounced for the BSA concentration
in the retentate (Fig. 6.5B). Beyond a Qopr of approx. 0.3 ml/min cgsa in the retentate
fluctuates between 0.6 and 1.3 g/L. Besides this short-term fluctuation, the average
BSA concentration in the retentate is close to 1 g/L and therefore almost equal to the
feed concentration. The minima of the concentration fluctuations show a slightly
decreasing trend, which is likely caused by the fact that higher Qopr result in a stronger
concentration polarization during the 10 min intervals between the reversals of the DF
buffer flow direction. Nevertheless, Fig. 6.5B is a first indication that the inherent
backflushing caused by the cyclic reversal of the flow of the diafiltration buffer may
result in the desired effect of limiting the accumulation of BSA within the filtration
module. Looking at Fig. 6.5C it shows that also the pressure in the middle part of the
module shows strong fluctuations in the case of higher Qpor. Comparing the pressure
peaks in Fig. 6.5C with the pressure plateaus in Fig. 6.4C one has to keep in mind that
in Fig. 6.4 Qor increased stepwise to only 0.5 ml/min while in Fig. 6.5 the steps went
up to a final diafiltration flow of 0.8 ml/min. Comparing the average pressure at Qpr =
0.5 ml/min in both experiments, the P values are 2.24 bar and 0.24 bar in the case of
the unidirectional and the alternating flow direction of the diafiltration buffer. This shows
that the alternating flow operation mode is able to temporarily reduce the pressure
build-up caused by the concentration polarization layer by sweeping this layer away.
However, especially in the case of the highest Qpr of 0.8 ml/min the reformation of the
polarization layer at the opposite membrane after the switching event is quite fast,
resulting in a pressure increase of more than 1.6 bar within a 10 min period. Finally,
when looking at Fig. 6.5D, it must be concluded that the alternating DF flow operation
mode did not result in an improved buffer exchange. Actually, in the case of the same
Qor the buffer exchange of the alternating DF flow operation mode was even slightly
less than the buffer exchange achieved with unidirectional DF flow mode (see S| Table
S6.3). The explanation for this decrease is threefold. First, as can be expected, the
alternating DF flow direction increases the mixing within the middle part of the module.
Therefore, the buffer exchange moves closer to the lower boundary values given by
the model assumption of complete mixing. Second, during the short flushing periods
being part of the switching cycle, no diafiltration buffer enters the middle part of the

module while the feed solution is continuously pumped into this region. And third, the
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flushing time of 10 seconds may not be long enough to remove all residues of the
permeate. Therefore, in the initial phase after switching the flow direction the
diafiltration buffer entering the middle part of the module may be contaminated by
these residues. In conclusion, the results of Fig. 6.5 show that the alternating DF flow
operation mode does not improve buffer exchange if the same parameters are applied
as in the case of the unidirectional flow mode. However, the frequent reduction of the
accumulated concentration polarization layer opens a wider window of possible
operation parameters if the switching times are adjusted accordingly. In the next
section, we discuss the results of different test series in which this parameter space
was explored in order to find optimum operation conditions for the buffer exchange of

our system.

6.3.3 Optimization of co-current diafiltration with alternating DF flow direction

The first parameter investigated was the flushing time applied for washing out the
permeate residues from the lateral module part which serves for delivering the
diafiltration buffer after the switching of the flow direction through the membranes. The
investigated flushing times were 5, 10, 15 and 20 s while keeping the switching interval
time at 10 min and the volume flows at Qr = Qr = Qpr = 0.5 ml/min (56.4 L m2 h1).
Each flushing parameter was investigated for 30 min, which means reversing the
direction of DF flow for three times.

The experiments showed the highest buffer exchange of around 50% in the case
of a flushing time of 15 s, and no significant difference of buffer exchange between 10,
15 and 20 s flushing time (see Table 6.2). When a flushing time of only 5 s was applied,
the buffer exchange dropped significantly to 46%. Based on the hold-up volume of the
section of the lateral module part which stays in contact to the membrane (1.25 ml)
and the high flow rate during the flushing step (10 ml/min) the residence time of the
liquid in this section can be approximated to 7.5 s. Therefore, a flushing time of 15 s
corresponds to approx. two times the residence time and should guarantee an almost

complete removal of permeate residues.

Table 6.2 Degree of buffer exchange as a function of flushing time

Flushing time (s) Buffer exchange SD
5 45.8% 0.01
10 48.4% 0.03
15 48.8% 0.03
20 48.2% 0.004
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The next parameter investigated was the duration of the interval between the
switching events of the DF flow direction. On the one hand, within long intervals the
pressures in the module may approach a critical level. On the other hand, short
intervals and frequent switching will increase the mixing in the module and the amount
of DF buffer which is consumed for flushing. In order to investigate these relationships,
we conducted two initial test series with increasing Qor (0.1 ml/min steps) applying
switching intervals of 10 min and 5 min. Again Qr and Qr were kept constant at 0.5
ml/min. The respective Fig. S6.2 in the Sl part shows that at low Qpr the buffer
exchange in the case of a switching interval of 5 min is slightly worse than the buffer
exchange in the case of a switching interval of 10 min. This observation is within our
expectation, because in the case of 5 min switching intervals the related detrimental
effects, like mixing and short periods without diafiltration buffer entering the middle part
of the module, occur more frequently. However, in the case of higher Qpr values this
trend seems to be reversed. A possible explanation for this effect is that in the case of
higher Qopr values longer intervals between the flow reversals will lead to an enhanced
concentration of BSA at the membrane surface. If BSA reaches very high
concentrations it starts forming a gel like structure which hampers also the perfusion
of hydrated ions and the sieving coefficient of the salt of the buffer drops below one,
reducing the efficiency of buffer exchange.

Despite the small detrimental effect of short switching intervals, they offer the
chance to increase Qopr further. From our idealized plug flow model, it is known that a
ratio of at least Qor/Qr = 7 is needed for a buffer exchange around 99.9%. Therefore,
an experiment having a Qor/Qr of 7.2 was conducted, in order to see how far the
conditions of the co-current diafiltration with alternating DF flow can approach.
Because the required Qpr turned out to be too high in the case of Qr = 0.5 ml/min (56.4
L m?2 h?t), we reduced the feed flow to 0.25 ml/min (28.2 L m* h1) and adjusted Qpr at
1.8 ml/min. In addition, the switching interval was reduced to 3 min.

Fig. 6.6A shows the resulting time course of the buffer exchange for this experiment.
Because of the reduced feed flow, the system requires a longer duration to approach
guasi-stationary conditions, however, after 80 min a stable buffer exchange of around
92% could be achieved. This is the first time we succeeded to get a buffer exchange
above 90% using the developed single pass filtration module. This enables potential
applications having only moderate requests regarding the degree of diafiltration, such

as reducing the salt content between two ion exchange chromatography steps.
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Fig. 6.6 Time course of the buffer exchange and the pressures in the middle (Pr) and the lateral
(Por) part of the module for co-current diafiltration and alternating flow direction of the DF buffer
through the membranes. The flushing time for the lateral part and the switching interval were
15 s and 3 min in both experiments. (A) small prototype module with a 5 cm flow path length,
(B) scaled-up module with 25 cm flow path length. The dashed lines represent the theoretical
buffer exchange value corresponding to the idealized models of complete mixing (-«---- ) and

plug-flow (- — =), respectively.

Besides the time course of the degree of buffer exchange, Fig. 6.6A also shows
the pressures in the middle (Pr) and the lateral (Por) part of the module. Because of
the short switching interval of 3 min, plotting the complete time course of the pressures
results in a rather turbulent picture showing more than 70 narrow pressure peaks for
Pr and Por (see Fig. S6.3 in the Sl). Therefore, Fig. 6.6A only shows the average
pressure values observed in each of the switching intervals. After an initial phase, the
average pressure Pr in the middle part approaches 2 bar with a very small incline
during the duration of the experiment of 3.5 h. The pressure Ppe in the lateral part of
the module which is connected to the inlet of the diafiltration buffer is around 0.5 bar
higher than Pr and follows exactly the same trend. The consistency of the
transmembrane pressure resulting from the difference between Ppr and Pk indicates,
that the permeability of the membranes for pure diafiltration buffer stays constant and

there is no permanent fouling of the membranes within the duration of the experiment.

6.3.4 Co-current diafiltration with alternating DF flow direction using a scaled-up
module

While the increase of the Qor/QF ratio to around 7 resulted in a clear improvement

of buffer exchange, the value of 92% is still rather far from the theoretical optimum.

Comparing our prototype module with other SPTFF modules, the very short flow path
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length of only 47 mm is an obvious difference hampering high buffer exchange.
Therefore, the next stage in our stepwise optimization was the design of a scaled-up
module having a flow path length of 245 mm. Using this new module, an experiment
applying the same parameters (Qr = Qr = 0.25 ml/min; Qpr = 1.8 mI/min) than the
preceding one with the small module was conducted. In consequence, the feed flux
per membrane area was reduced from 28.2 L/(m? h) to 5.05 L/(m? h), which is about
10 times less than conventional SPTFF systems used in multistep diafiltration. As can
be seen in Fig. 6.6B, the buffer exchange in the scaled-up module increased to 95%,
while using the same amount of diavolumes (7.2). More pronounced than this increase
in buffer exchange is the strong drop in the maximum pressures achieved during the
switching intervals, staying constant at Pr = 0.21 bar and Ppr = 0.35 bar throughout
the experiment. Comparing these pressures with the ones appearing in the small
module, it can be seen that while the pressure difference between Ppr and Pr reduced
only by approx. a factor of 3.6, the pressure in the middle part of the module (retentate
chamber) dropped by almost a factor of 10. This shows, that besides the direct effect
of the reduced specific flows, in the scaled-up module the pressure build-up in the
middle part is also reduced due to a diminished concentration polarization. Again,
detailed time courses of Ppr and Pr are displayed in the Sl Fig. S6.3. It reveals, that in
contrast of the time courses observed in the small module, the pressures in the scaled-
up module reach a plateau after approx. 2 min and remain practically constant
afterwards. Even when the diafiltration flux Qpe was further increased from 1.8 ml/min
to 3.6 ml/min (14.4 DV), the pressure Ppr in the module quickly reached a stable value
of only about 1 bar. In case of this high diafiltration flux, the degree of buffer exchange
reached up to 98.2% (see Sl Fig. S6.4).

6.3.5 Counter-current diafiltration with alternating DF flow direction using a scaled-up
module

For the unidirectional operation mode, as it is illustrated in Fig. 6.3A, the inlet
position of the diafiltration buffer does not matter, because the complete upper lateral
part of the module is filled with pure diafiltration buffer. However, in the case of the
operation mode with alternating DF flow this situation changes. Now, after a switching
event permeate residues are present in the lateral part which is entered by the
diafiltration buffer, and the mutual alignment of the flow directions of Qs and Qpor makes
a difference. From general engineering principles but also from the literature on single
pass diafiltration [17,18] it is known that a counter-current design should have inherent
advantages. Therefore, we explored the buffer exchange of our scaled-up module in

case it is operated in counter-current mode with alternating DF flow direction, as it is
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explained in section 6.2.4 Fig. 6.3C. Three variants of counter-current DF were tested,
differing in the application or the omission of the flushing step after switching the DF
flow direction and the selected feed flow. The first two experiments were conducted
under the same conditions: Qs = Qr = 0.25 ml/min, Qpr = 3.6 ml/min at a switching
interval of 3 minutes and a flushing flow rate of 26 ml/min for 15 s (if flushing was
applied). For these operation conditions, the idealized models calculate theoretical
buffer exchange of 93.5% and 100.0% in the case of complete mixing and plug-flow,

respectively.
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Fig. 6.7 Degree of buffer exchange and average pressures in the middle (Pr) and the lateral
(Por) part of the module during the counter-current diafiltration with alternating flow direction of
the DF buffer through the membranes. Qpr = 3.6 ml/min, switching interval 3 minutes. (A) Qr =
Qr = 0.25 ml/min, with flushing steps applying 26 ml/min for 15 s, (B) Qs = Qr = 0.25 ml/min,
without flushing steps. (C) Qr = Qr = 0.5 ml/min, without flushing steps.

In the experiments applying counter-current mode with alternating DF flow direction
the buffer exchange attained 99.7% with flushing steps applied (Fig. 6.7A). When
compared with a corresponding experiment using exactly the same operation
parameters but co-current flow (see Sl Fig. S6.4) it shows that the performance of the
counter-current mode is clearly better (99.7% compared to 98.2% buffer exchange).
While the difference may not look very significant at first glance, one has to be aware,
that this means that the retentate resulting from the co-current operation contained six
times more (1.8%:0.3%) remaining ‘impurities’ than the retentate resulting from the
counter-current operation. When the intermittent flushing steps were omitted in the
counter-current mode, the degree of buffer exchange even reached 99.9% (Fig. 6.7B).
These results demonstrate the strong improvement that can be obtained if permeate
residues in the lateral parts of the module are pumped towards the feed inlet because
of the applied counter-current mode. Thus, if they penetrate back into the middle part
after reversal of the DF flow direction, they dilute the high feed buffer concentration in

the region of the feed inlet instead of contaminating the already desalted (diluted)
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solution close to the retentate outlet. The reason for the detrimental effect of the
application of flushing steps is not fully understood yet. One possible explanation could
be that the high volume flows occurring during the flushing result in an enhanced
pressure gradient along the flow path in the respective lateral part of the module. In
combination with the very low pressure in the middle part of the module during the
flushing step! some unwanted circulating flows between the flushed lateral part and
the middle part may occur, increasing axial dispersion and slightly reducing the buffer
exchange. Another reason is that during the flushing step the actual diafiltration
process in the middle part of the module comes to a temporary stop. Either way, the
possibility to skip the flushing steps strongly simplifies the system control and saves
the required volume of DF buffer. Taking the DF buffer used into account for flushing,
the actual Qoe/Qr ratio of the experiment with flushing increases to 21.3, compared to
14.4 without flushing. Looking at the time course of the pressures, it shows that
although the experiments ran for more than 5h, the average value of Ppr and Pr
showed only a slight increase and stayed below 1.1 bar in all cases. The maximum
pressures occurring during the whole diafiltration process were less than 1.5 bar (see
Sl Fig. S6.5). Because the use of 14.4 diavolumes would result in a rather high buffer
consumption in larger systems, we finally tested counter-current mode with alternating
DF flow direction while switching back to the application of 7.2 diavolumes by doubling
the feed flow. The resulting buffer exchange dropped slightly to 99.3% corresponding
to a 140-fold removal of the impurities in the feed. If compared with the buffer exchange
of a countercurrent staged diafiltration using several SPTFF units and the same
amount of diavolumes (see Fig. 3 in [16]) it shows that our single 3D-printed membrane
module achieves a buffer exchange being located between the ones of two- and three-
stage SPTFF systems. It can be expected that after a further increase of the flow path
length in our module, it will be able to challenge the buffer exchange of a three-stage

SPTFF system in a single device.

6.4 Conclusion and outlook

The experimental data presented in our study clearly show that the new design of
a 3D-printed single pass filtration module housing two membranes is able to achieve
diafiltration efficiencies up to 99.9% without the need of coupling several modules
and/or intermediate dilution and mixing steps. For this achievement, the module design

and its operation mode required a systematic stepwise optimization, leading to a

! During the flushing Qr = Qrstill holds in the middle part and no permeate has to be pushed through
the membrane. Therefore, Pr drops to practically zero.
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system with 245 mm flow path length running in counter-current diafiltration mode with
an alternating DF flow direction. Operating at 5 - 10 L/(m? h) the specific feed rate of
our system is located between the corresponding values of commercial SPTFF
systems [4] and the hollow fiber dialysis systems used by Yehl et al. [18]. Compared
to our first paper, which reported the continuous diafiltration of BSA at feed
concentrations of only 0.1 g/L, we increased the feed concentration tenfold in this work
and preliminary experiments with higher concentrations indicate that the 3D-printed
module also works fine at feed concentrations of 5 g/L. However, there is still another
tenfold increase of the feed concentration needed in order to reach protein feed
concentrations commonly applied during formulation. We expect that the module will
be able to achieve high DF efficiencies also in this case, but it is likely that the specific
feed rate has to be reduced to round 1 - 2 L/(m2 h). Nevertheless, the productivity
would stay in the range of around 25 g/(m2 h), being in the same order of magnitude
compared to the productivity reported by Yehl and Zydney (30 g/(m2 h). Therefore, we
think that our design might be suitable for cases in which small volumes must be
diafiltrated and one wants to avoid the complexity of multi-stage SPTFF diafiltration,
but also the large membrane area and hold-up volumes of the hollow-fiber system.
The unconventional design of our system allows a cyclic reversal of the flow directions
of DF buffer and permeate through the two membranes while continuously pumping
the feed solution into the module. Thus, we can conduct an inherent backflush in order
to reduce the concentrated protein layer formed by concentration polarization at the
membrane surface, during continuous operation. In future research we are going to
test the limits of this approach regarding the admissible protein concentration in the
feed, in order to demonstrate the suitability of the system at protein concentrations as
they are encountered e.g. in the case of formulation steps during downstream

processing.
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6.5 Support Information
Calibration curves for the conversion of conductivities into fractions of feed
buffer concentration remaining in the retentate

The conversion of conductivities measured by an online sensor in the retentate into
residues of the original feed buffer after diafiltration was conducted by the help of
calibration curves determined from standards of known concentrations. In all
experiments the feed solution contained 30 mM NaH.PO, and 100 mM NacCl. In the
initial series of diafiltration experiments, also the diafiltration buffer contained 30 mM
NaH2PO. but only 5 mM NacCl. Therefore, even a 100% exchange of the original feed
buffer with diafiltration buffer does not reduce the conductivity of the retentate down to
values close to zero. This fact was taken into account by preparing the standards by
dilution with increasing amounts of diafiltration buffer (Fig. S6.1A). At a later point in
the study pure water was used as diafiltration buffer, because even at very low ionic
strength no detrimental effect onto the dissolved BSA could be observed. On the one
hand this simplifies the preparation of calibration standards, on the other hand the
calibration curve had to be divided into two sections (see Fig. S6.1B), because a single
straight line is not a good fit of the required correlation if the conductivity stretches over

several orders of magnitude.
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Fig. S6.1 Calibration curves for the conversion of conductivities into fractions of feed buffer

concentration remaining in the retentate
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Exemplary concentration factors resulting from different settings of pumps A
and B of the chromatography system

The Akta system was used in a way that pump A controlled the feed rate and pump B
controlled the retentate rate. In the Akta software the two feed rates are defined by the
sum-flow of pumps A and B and the percentage X defining how much of this sum-flow
is pumped by pump B. The pump rate of pump A is automatically set to (100 - X)% of
the sum-flow. Dividing the resulting flow rates of pumps A and B will give the theoretical

values of the concentration factor listed in Table S6.1.

Table S6.1 Theoretical concentration factors controlled by adjusting the percentages of pump

A and pump B of the Akta system

Percentage of pump A (%) Percentage of pump B (%) Concentration factor

50 50 1
66.7 33.3 2
75 25 3
80 20 4

Details of measured and theoretical buffer exchange in the experiments applying
co-current diafiltration with unidirectional and alternating flow of the diafiltration
buffer

The theoretical values listed in Table S6.2 and Table S6.3 are calculated using two
idealized models based on the assumption of (i) complete mixing and (ii) plug flow.

Table S6. 2 Measured and theoretical buffer exchange in the experiment applying co-current

diafiltration with unidirectional flow

. _ o Plug flow,
Flow rate ratio Experimental result, Complete mixing,
S buffer exchange

Qoe/Qr (-)  buffer exchange (%) buffer exchange (%) %)
0

0 0 0.000 0 0
0.2 15.7 0.000 16.7 18.1
0.4 31.6 0.049 28.6 33.0
0.6 41.5 0.043 37.5 45.1
0.8 53.2 0.031 44.4 55.1
1.0 62.3 0.000 50.0 63.2
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Table S6. 3 Measured and theoretical buffer exchange in the experiment applying co-current

diafiltration with alternating flow of the diafiltration buffer

_ _ Complete mixing, Plug flow,
Flow rate ratio Experimental result,

SD buffer exchange buffer exchange
Qor/Qr (-)  buffer exchange (%)

(%) (%)
0.2 18.9 0.003 16.7 18.1
0.4 31.0 0.010 28.6 33.0
0.6 34.6 0.040 37.5 45.1
0.8 44.5 0.047 44.4 55.1
1.0 53.5 0.043 50.0 63.2
1.2 58.7 0.054 54.5 69.9
1.4 62.7 0.042 58.3 75.3
1.6 66.0 0.045 61.5 79.8

Co-current diafiltration with alternating DF flow direction: degree of buffer
exchange as a function of switching interval times

For co-current diafiltration with alternating DF flow direction Fig. S6.2 shows the
influence of the applied switching interval time onto the buffer exchange and the
maximum pressure build-up. For low Qpr the dependency shows the expected order,
with longer switching intervals resulting in a higher pressure build-up but at the same
time slightly better buffer exchange. The higher buffer exchange is assumed to be
related to the detrimental mixing effects originating from the switching event. However,
above a Qpr of 0.7 ml/min, the buffer exchange order changes, saying the buffer
exchange of the experiment with the shorter switching interval is slightly higher. The

reason for this unexpected behavior is not clear yet.
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Fig. S6.2 Degree of buffer exchange and pressures in the membrane module as a function of
various switching interval times. Qe = Qr = 0.5 ml/min (56.4 L m2 h1), flushing time 15 s at 10

ml/min.

Co-current diafiltration with alternating DF flow direction: Detailed time courses
of the degree of buffer exchange as well as Pr and Ppr within the small and
scaled-up module

For co-current diafiltration with alternating DF flow direction Fig. S6.3 shows the
detailed time courses of buffer exchange and the pressures Pr and Ppr for long-term

experiments in the small and scaled-up module.
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Fig. S6. 3 Detailed time courses of buffer exchange as well as Pr and Ppe during co-current
diafiltration with alternating DF flow direction. Qr = Qr = 0.25 ml/min, Qpr = 1.8 ml/min (7.2
DV), switching interval 3min, flushing time 15 s; (A) full-time course of the experiment using the
small module, (B) zoomed out the section of the time course of the experiment using the small
module, (C) full-time course of the experiment using the scaled-up module, (D) zoomed out

section of the time course of the experiment using the scaled-up module.
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Co-current diafiltration with alternating DF flow direction: Detailed time
courses of the degree of buffer exchange as well as Prand Por within the
scaled-up module

Fig. S6.4 shows the results of an experiment applying co-current diafiltration with
alternating direction of the permeate flow. During the experiment, operation conditions
applying 7.2, 12, and 14.4 diavolumes were tested.
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Fig. S6. 4 Time course of the buffer exchange and the pressures in the middle (Pgr) and the
lateral (Ppr) part of the module for co-current diafiltration with alternating DF flow direction in
the scaled-up membrane module. The diafiltration flow flux was increased from 1.8 to 3.6
ml/min during the experiment. The dashed lines represent the theoretical buffer exchange value
corresponding to the idealized models of complete mixing (= = = = = =) and plUG-fOW (s = w),
respectively.

Counter-current diafiltration with alternating DF flow direction: Detailed time
courses of the degree of buffer exchange as well as Pr and Ppr within the scaled-
up module

For counter-current diafiltration with alternating DF flow direction Fig. S6.5 shows the
detailed time courses of the buffer exchange and the pressures Pr and Ppr for long-
term experiments with and without flushing step as well as different feed flow rates in

the scaled-up module.
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Fig. S6.5 Detailed time courses of buffer exchange as well as Pr and Ppr during counter-current
diafiltration with alternating DF flow direction using the scaled-up module. The flow rate Qpe
and switching interval were 3.6 ml/min and 3 min respectively in these experiments. A and B:
With flushing steps, Qr = Qr = 0.25 ml/min (5.05 L m2 h1), DV 21.3), (A) full-time course of the
experiment, (B) zoomed out section of the time course of pressures in the module. C and D:
Without flushing steps, Qr = Qr = 0.25 ml/min (DV 14.4), (C) full-time course of the experiment,
(D) zoomed out the section of the time course of pressures in the module. E and F: Without
flushing steps, Qr = Qr = 0.5 mli/min (10.1 L m?2 h1), DV 7.2), (E) full-time course of the

experiment, (F) zoomed out the section of the time course of pressures in the module.
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Abstract In the framework of modern bioprocessing continuous
ultrafiltration/diafiltration (UF/DF) is getting increasingly popular. However, while
continuous UF can be easily implemented using a so-called single pass tangential flow
filtration (SPTFF) module, continuous DF requires a more complicated setup including
several SPTFF modules and intermittent dilution steps. Recently, we introduced a
novel module design for continuous DF allowing simultaneous delivery of fresh buffer
while withdrawing the permeate, thus achieving high degrees of buffer exchange within
a single unit. In addition, the system allows to cyclically switch the flow direction of DF
buffer through the membranes. Those uncommon features, however, also make it
more difficult to determine an operation optimum experimentally by means of trial and
error. Therefore, here a detailed finite element model of the physical processes within
the module is presented, predicting key figures such as the obtained diafiltration
efficiency and the resulting pressures. Because within the module all flow channels are
filled by a 3D-printed porous grid supporting the membranes from both sides, the
Brinkman equation was used to simulate the hydrodynamics, while common mass
balance differential equations including accumulation, convection, and an anisotropic
dispersion term were used for the simulation of concentration profiles of dissolved
species. The predicted key figures are in good agreement with experimental results,
obtained for feed solutions including up to 5 g/L of protein and being operated with and
without switching the flow direction of the diafiltration buffer. A thorough parameter
study reveals that the module shows the best performance for unidirectional flow of
the diafiltration buffer, reaching diafiltration efficiencies independence to the applied
diavolumes which are comparable to the ones of a conventional multi-stage setup
using three SPTFF modules. Therefore, the simulation-based evaluation of optimum
operation conditions reveals that the new module design has the potential to realize
truly continuous diafiltration setups with high efficiency, requiring only one unit and no

extra external piping for returning diafiltration in counterflow. Such simplified setups

87


mailto:matthias.franzreb@kit.edu

should be especially useful in small, flexible processing plants as they are increasingly
demanded in the biopharmaceutical industry.

Keywords: diafiltration, continuous processing, SPTFF, modelling, concentration
profiles
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7.1 Introduction

Membrane-based separation processes, including microfiltration (MF),
ultrafiltration (UF), diafiltration (DF), and reverse-/forward osmosis (RO/FO), are
indispensable separation technologies in diverse fields such as biopharmacy,
biotechnology, dairy industry or water treatment [1-4]. For the formulation of high value
bioproducts, UF is usually used for concentrating the protein, while DF is used for
exchanging the buffer in which the protein is dissolved. One limiting factor for the
productivity of these processes is the fact that the retained molecules accumulate on
the membrane surface [5] (Fig. 7.1A). During ultrafiltration, the accumulating process
is undergoing two periods: concentration polarization (CP) and membrane fouling [6—
9]. Concentration polarization occurs immediately when the filtration process starts,
however, the formed proteinaceous layer is reversible and releases back into the bulk
when the applied flux through the membrane is diminished. The accumulated proteins
may change the effective MWCO of membrane, hence deteriorating the membranes
hydraulic permeability and selectivity [10]. When the protein concentration at the
membrane surface exceeds the solubility limit, irreversible fouling phenomena can be
observed. Various types of membrane fouling have been reported, such as adsorption,

pore-blocking, and deposition of solidified solute [8,11-13].
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Fig. 7.1 Microscopic accumulation phenomena and macroscopic flow patterns in the newly
developed single pass tangential flow filtration module. A. Concentration polarization of
macromolecules at the surface of an ultrafiltration membrane. cg: concentration of the
macromolecules in the bulk; cw: t concentration at the membrane surface; cp: concentration in
the permeate stream. B. Diafiltration operation modes of a single pass tangential flow filtration
module containing two membranes. The module can apply an alternating direction of the
perfusion of diafiltration buffer as inherent backflush to reduce the concentration polarization

effects.
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The usual way to limit CP is the application of so-called tangential flow filtration. In
this operation mode the feed solution is pumped in parallel to the membrane surface
at high velocities, in order to reduce the thickness of the CP layer. The high velocities
result in short residence times and only small diafiltration effects during this duration.
Therefore, the retentate has to be recycled in a loop and pumped through the module
several times. In contrast, so-called single pass tangential flow filtration (SPTFF) uses
only one pass of the feed solution. However, in this case the flow velocity has to be
reduced strongly in order to achieve long enough residence times for efficient
ultrafiltration [14—16]. If the systems are used for diafiltration, several of the modules
are used with intermittent dilution steps with diafiltration (DF) buffer. The application of
a single pass simplifies the setup and enables truly continuous operation. However,
the low tangential flow velocities amplify the problem of concentration polarization. In
order to reduce the accumulation phenomena, we recently developed a novel
continuous single pass diafiltration system [17] (Fig. 7.1B). Within this system, the
middle channel guiding the retentate flow is bounded by two membranes. By this, it is
possible to supply fresh DF buffer and discharge the permeate at the same time and
along the complete flow path of the retentate. This allows to reach high diafiltration
efficiencies within a single module, while commercial SPTFF modules need a series
of two, or in many cases three, modules and intermittent mixing steps in order to reach
high diafiltration efficiency. In addition, the new system allows the optional operation
mode of alternating direction of the perfusion of the membranes (see Fig. 7.1B). When
the direction of perfusion is reversed during continuous operation, this acts as inherent
backflush. Applying this operation mode and counter-current flow directions between
the middle and the lateral flow channels a single module of this type is able to achieve
a continuous diafiltration efficiency of more than 99% with a diavolume of 7.2.

Besides its effectiveness, the new SPTFF module containing two membranes
offers a higher number of process parameters that can be controlled in order to
optimize the performance for a specific diafiltration task. Next to the common
parameters, such as feed flux and the applied diafiltration volumes, these include the
choice between co-current or counter-current operation and the frequency of the
optional switches of the perfusion direction through the membranes during continuous
operation. Because of the additional complexity caused by the increased number of
process parameters, the experiments also revealed that the duration until the quasi-
stationary conditions of the process are fully developed may take a high number of
switching intervals and therefore long times. In consequence, the experimental
optimization of the process conditions of the new SPTFF module is a time consuming

and laborious undertaking, which is why we decided to develop a simulation tool that
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predicts the performance of the system and allows a better understanding of its special
properties.

Looking into literature, there is no model reported which would allow the simulation
of a two-membrane system with simultaneous perfusion of fresh DF buffer and
permeate discharge, as well as cyclic switches of the perfusion directions.
Nevertheless, there exist several excellent publications about modelling approaches
towards ultrafiltration, which represent the state-of-the-art and give helpful advice
about modelling dynamic phenomena, such as concentration polarization. Those
models have been used to predict fluxes, pressure profiles, concentration distributions,
shear stresses, and mass transfer as well as accumulation phenomena. Respective
models are available for different setups, such as dead-end modules [3,8,18,19], flat
sheet cross-flow rigs [20,21], hollow fiber modules [7,22] and multistage SPTFF units
[23,24]. In the last two decades, the description of the accumulation phenomena during
UF developed from a static, mostly qualitative to a dynamic quantitative analysis in
order to better understand the important process limitations resulting. The
development was accompanied by improved experimental technologies to visualize
the accumulation process near the membrane [3]. In 2002, Ghosh [19] developed a
pulse injection technique applying BSA to study membrane fouling. Later, Fernandez-
Sempere et al. [8] utilized holographic interferometry to visualize the effects of
concentration polarization in-situ. They also predicted concentration profiles and
permeate fluxes by modeling using an empirical equation based on the global
convection-diffusion mechanism.

In contrast to the above mentioned global correlations, models based on
computational fluid dynamics (CFD) using e.g. finite volume (FVM) or finite element
(FEM) techniques enable to consider complex system geometries and predict local
concentration and flow patterns [25]. Marcos et al. [22] presented a 2D FEM model
using the software COMSOL Multiphysics (COMSOL Inc, Burlington, USA) to simulate
transient flow and concentration profiles based on the equations of momentum and
mass conservation for a hollow fiber cross-flow UF. They applied a resistance-in-series
model to consider reversible as well as irreversible CP and fouling effects at the
membrane surface. They also introduced an empirical correlation predicting a linear
increase of the fluid viscosity with the concentration of the accumulated proteins. In a
separate study by Schausberger et al. [21], also a 2D CFD model was used to assess
the total flux and fouling by surface adsorption under various feed volume flows, pH
and protein concentrations for UF using a flat-sheet cross flow rig. The results show
that CP phenomena have to be considered even at low transmembrane fluxes,

because otherwise significant membrane-solute-solvent interactions would be ignored.
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They suggested replacing the individual convection-diffusion equations for proteins
and ionic species with alternative multi-component transport equations. The same
point was also stressed by Rajabzadeh et al. [7] in their study introducing a model for
hollow fiber cross-flow UF of soy protein extracts. Recently, Aguirre-Montesdeoca et
al. [20] introduced the local critical flux to demonstrate the CP phenomena along the
membrane length. By using a model based on the modified Maxwell Stefan equation
expressed as a function of volume fractions of both protein (BSA) and accompanying
ions, they predicted the permeate flux, volume fractions of BSA on the membrane
surface and the osmotic pressure difference over the membrane under different pH
and ionic strengths in the feed solution. Haribabu et al. [18] pointed out the importance
to show the non-uniformity of parameters like local transmembrane pressure, flow
velocity, and concentration at different positions of the membrane in the cross-flow
filtration. They advised using a multi-dimensional numerical treatment instead of a one
dimensional or area-averaged models.

As will be described in detail in the next section, also our 2D-CFD model is based
on common equations for conservation of mass and momentum. Namely, the
Brinkman equations for the fluid flow and mass conservation equations for the salt and
protein species containing convective and dispersion terms. However, instead of
describing the transient behavior of the local transmembrane pressure (TMP) by a
resistance in series approach, we consider the effect of CP directly within the fluid
compartments in the vicinity of the membranes. In contrast to hollow fiber modules,
where the inner volume of the fibers but also the void volume of the containment
housing the fibers is open space only filled by the fluid, all flow channels of our module
are filled by a grid supporting the membranes on both sides (see S| Fig. S7.1).
Although the grid is relatively coarse, it can be looked at as a porous structure causing
a pressure drop in dependence of the viscosity and velocity of the fluid that flows
through its pores. Therefore, next to the constant permeability of the membranes
themselves, we use a correlation linking the local fluid viscosity to the protein
concentration and thereby getting a dynamic description of the flow resistance in
certain regions of the module in dependence of the built-up concentration polarization.
By this, the local flow resistance is always directly coupled to the prevailing protein
concentration, which is an important feature in few of the fact that a reversal of the
direction of perfusion of the membranes results in an almost instantaneous
degradation of the CP layer at the membrane surface. Currently our model does not
account for irreversible membrane fouling, however the implementation should be
straightforward adding a transient resistance to the constant membrane resistance,

following e.g. the approach of Marcos et al. [22].
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7.2 Materials and methods
7.2.1 Materials and SPTFF set-up

The model protein bovine serum albumin (BSA, molecular weight of 67 KDa) was
purchased from PanReac AppliChem (Darmstadt, Germany). A mixture of 100 mM
sodium chloride and 30 mM mono-sodium phosphate buffer at pH 7.10 (Merck KGaA,
Darmstadt, Germany) was used as carrier phase for the BSA in the feed solution. The
ultrapure water used to exchange the feed buffer and all ultrapure water used in the
experiments was prepared by a Sartorius arium® pro system (Sartorius, Gottingen,
Germany). The polyethersulfone (PSE) 30 kDa cutoff membrane manufactured by Pall
Life Sciences (Hauppauge, USA) was mounted in the 3D-printed membrane module
for continuous UF/DF. The module used here was a scaled-up one which also has
been introduced detailly in previous study [17]. In brief, the module is composed of
three parts, including two lateral parts containing either the diafiltration buffer or the
permeates, and a middle part which includes the inlet of feed and the outlet of retentate
(Fig. 7.1B). Between the middle and the lateral part there are two membranes of the
same type, both facing with their selective layer towards the middle channel. Due to
size exclusion, the protein entering with the feed can only move within the channel
confined by the middle part and the adjacent membranes. Each membrane has an
effective area of 2972 mm? along a flow path length of 24.5 cm. For operation, the
module was integrated into a FPLC Akta system (purifier UPC 10, GE Healthcare,
Uppsala, Sweden) including an additional sampling pump as well online detectors for
UV/Vis adsorption, conductivity and pH (see Sl Fig. S7.2). The three double-piston
high pressure pumps were able to adjust precise flow rates of feed, retentate and DF
buffer, and thus also fixing the flow rate of the permeate due to the incompressibility of
the fluids. Therefore, in contrast to common UF systems having pressure dependent
permeate fluxes, our set-up controls the fluxes while the pressures in the different parts
of the module result from the transient permeabilities. The system was operated in
plain diafiltration mode, saying the feed and effluent flow rates always were kept
identical. As a consequence, also the permeate flow rate directly corresponded to the
flow rate of the DF buffer. In addition, the multiport valves of the FPLC system allowed
an easy switching of the perfusion directions through the membranes, as illustrated in
Fig. 7.1B. Finally, the pressure in the diafiltration inlet was recorded by an external

pressure sensor.
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7.2.2 Analytical methods

In the effluent of the retentate, the concentrations of BSA and salt were measured
and recorded online using a UV/Vis sensor at the absorbance wavelength of 280 nm
and a conductivity meter, respectively. Two key parameters were calculated to
evaluate the system with respect to transient protein accumulation and diafiltration
performance: concentration factor (CF) and diafiltration efficiency (DE). The factor CF

was defined as the ratio of concentration of BSA in the retentate and the feed:

CF — CBSA,R (7-1)

CBSAF

Since the retentate and feed flow had the same flow rates in all experiments, the
idealized value of CF always has been equal to one, assuming no built-up of
concentration polarization occurring during the filtration process. The factor DE was
calculated based on the equation (7.2).

DE (%) = (1 - M) x 100% (7.2)

Csalt,F

where cgq;: g @nd cgqpe ¢ are the concentrations of salt in the retentate and feed solution,

respectively.

7.2.3 Modelling
7.2.3.1 Governing equations for fluid dynamics

The Brinkman equations were used to compute fluid velocity and pressure fields
within the porous grid structure of the module parts as well as within the membranes.
The Brinkman equations extends Darcy’s law to describe the dissipation of the kinetic
energy by viscous shear, similar to the Navier-Stokes equations. Depending on the
intensity of this shear, the resulting flow patterns are located between pure plug flow
in a porous structure with small pores and the laminar flow profile of an open channel.

The Brinkman equations can be written [26]:

Vp= — %u + %Vzu (7.3)

with k being the intrinsic permeability of the porous media permeated by the fluid and
M is the viscosity of the fluid. The first term on the right side represents the common
Darcy equation while the second one was added by Brinkman. An important feature of
the introduction of the second term is, that it allows satisfying a no-slip condition when
the porous media is confined by a solid wall. In addition, it also enables the formulation
of a “self-consistent” set of equations when a volume is only partly filled by a porous
media and the other part is e.g. an open channel in which laminar flow conditions

prevail. In order to calculate the flow and pressure profiles the equation describing the
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conservation of mass for an incompressible fluid with constant density is required in
addition:
Vu=20 (7.4)

For the estimation of the intrinsic permeability of the porous grid structure, the
Kozeny-Carman equation using a porosity of ¢, = 0.6 and a characteristic length Lg =

1 mm is used.
Lé-sg
180 (1- sg)z

Ky = (7.5)

The intrinsic permeability of the membranes k,, could be calculated from the
hydraulic tests of the membrane with pure water:

_Q pdm
m T rMp-A (7.6)

where Q is the flow rate, dmn is the thickness of the membrane, TMP is the
transmembrane pressure, and A is the membrane area. With respect to the boundary
conditions, our model specifies the volume flows with fully developed flow profile in all
four inlets and outlets, instead of the common specification of a fixed pressure in the
retentate and permeate outlet. The first reason for this choice is given by the fact that
we operate the system at fixed volume flows by the help of the double piston pumps
of the setup, independent of the occurring pressures. The second reason results from
the possibility to easily implement the change of the perfusion direction through the
membrane this way. For switching the flow direction, the inlet of DF buffer changes its
position and at the same time the former inlet is closed by a valve (see Fig. 7.1B). The
same holds for the former and new position of the permeate outlet. In our model this
switching can simply be achieved by a periodic rectangle function controlling the flows
in the in- and outlets. However, as can be expected, the control of all in- and outlets of
a closed compartment in combination with the assumption of an incompressible fluid
unavoidable leads to numerical problems. Because of the assumption of
incompressibility even very tiny differences in the sums of in- and outlet flows would
result in physically senseless pressures and aborting of the program. Therefore, as will
be explained in more detail in the Sl Fig. S7.3, we introduced an additional artificial
outlet in the model, which however, has only a very low permeability. The boundary
condition is set in a way that the outlet is at ambient pressure. Because of the low
permeability the flux in this outlet is completely negligible in the mass balance and the
flow profiles, nevertheless it prevents that the model is overdetermined and allows the

calculation of meaningful transmembrane pressures.
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7.2.3.2 Governing equations for the transport of dissolved species

Mass transfer of both, BSA and salt, is simulated by the ‘transport of diluted species’
physics of COMSOL. Convective flux caused by the flow patterns, diffusive flux caused
by concentration gradients and dispersive effects are the contributors to species
transport. Accordingly, the mass balance accounting for species accumulation and

transport is given as:

d(ecy)
at

where J;is the effective diffusive flux vector given by equation (7.8).
Ji = —(Dp,i + Dei)V¢; (7.8)

In eq. (7.8) Dp; and D, ; are the dispersion tensor and the effective diffusivity,
respectively. The effective diffusivities of the species in the grid structure are related
to the diffusivities in free solution by:

Dei = =Dy (7.9)

where 7 is the tortuosity and Dr; is the binary diffusion coefficient of the species in
water. For the tortuosity the correlation of Millington & Quirk for an ideal porous
material is used [27]:

7= g 1/3 (7.10)

For the dispersion tensor a simplified form is used, which only contains the terms
Dox and Dpy of the main diagonal. As can be seen in Table 7.1 the used values for
these two terms differ strongly. While this would be rather unusual for common porous
media encountered in biotechnology, such as e.g. a chromatography bed or a monolith,
one has to keep in mind that our structured, 3D-printed grid is highly anisotropic. In x-
direction, the flow has to pass about 80 cube shaped chambers of 2 x 2 x 2 mm?3 with
only a narrow window of about 1x1 mm? in the walls between the chambers. Such an
arrangement results in strongly varying path lengths of different streamlines and
therefore strong eddy diffusion effects in x-direction with a characteristic structure
dimension of about 1mm. The situation is completely different if one looks at the flow
path in y-direction. In y-direction the grid forms short, completely open quadratic
channels, without any obstacles for the flow (see Sl Fig. S7.4). Therefore, in first
approximation one could assume that there are no eddy diffusion effects for the flow
in y-direction. However, in reality there is some coupling, so that also in y-direction a
weak eddy diffusion, resulting in a low Dpy, has to be taken into account. When,
implementing such eddy diffusion phenomena into a model in form of dispersion terms,

it is important to remember that eddy diffusion is independent of the flow velocity as
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long as the laminar flow regime holds. However, the dispersion term in the model
shows an effect which is inversely proportional to the flow velocity. In order to
compensate for this, in first approximation, the dispersion coefficient representing eddy
diffusion is defined with a linear dependency on flow velocity [28]. If a dispersion
coefficient is determined for a certain flow velocity uo it can be extrapolated to another
flow velocity u simply by multiplying with the factor u/uo, which also equals the ratio of

the applied flow rates Q/Qo.

Table 7.1 parameters for the molecular diffusion and eddy dispersion of molecules in the grid

structure

i= BSA = salt

middle part middle part lateral part
Dpi(Ms)  BE-11 1560 g
Dp,ix (M2/s)  1.2E-5x Qe / Qro 1.2E-5x Qe / Qro  1.2E-5 % (0.5 % Qor) / Qro
Dp;,y (M?s)  2.0E-9 x Qr / Qro 2.0E-0 x Q¢ / Oro 2.0E-9 x (0.5 x Qor) / Qro

In case of BSA, we assume that the molecule is completely retained by the
membrane while the fluid can permeate. As a result, the phenomenon of concentration
polarization occurs, meaning BSA accumulates in the vicinity of the membrane and
the local concentration strongly increase. This happens until an equilibrium is reached
in which the diffusive flux back into the bulk solution matches the convective flux
transporting BSA towards the membrane. The phenomenon of concentration
polarization is accompanied by an increased flow resistance. As mentioned in the
introduction, we do not use the more common resistance in series approach to
consider this effect, but we simulate the increased flow resistance by means of an
increased effective viscosity in a region which stretches 150 um above the membrane.
Within this region the viscosity is not a constant but a function of the local BSA
concentration (see section 7.3.2.2). Because of the fact that we model all our flows as
flow through a porous grid (Eq. 7.1), the increased viscosity automatically results in an
increased flow resistance. By this approach the flow resistance can dynamically follow
the local BSA concentration close to the membrane. This concentration increases due
to accumulation during normal operation but also abruptly drops when the flow

direction through the membrane is switched.
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7.3 Results and discussion
7.3.1 Hydrodynamics characterization

For the investigation of the plain hydrodynamic behavior of the module, in the
beginning, idealized experiments without the presence of BSA were conducted. In this
case, solely a buffer exchange between the salt in the feed flow and pure water,

serving as DF buffer, took place.

7.3.1.1 Simulation of the dynamic salt profiles

To explore the influence of periodic switching of the flow direction of DF buffer in
single-pass counter-current diafiltration, a representative simulation applying a salt
concentration of Cesat = 100 mol/m?® at a feed flow rate of Qf = 0.25 ml/min was
conducted. Fig. 7.2 displays the simulated transport of salt in the module while
alternating the flow direction of DF buffer every 180 s. The chosen value of 7.2
diavolumes results in a degree of buffer exchange of around 95%. As can be seen for
the concentration contour at 170 s the DF buffer flowing from the top lateral part of the
module to the bottom one shifts the salt downwards to the lower membrane during the
first interval. The DF buffer enters at the upper right inlet and leaves the module at the
lower left outlet (see also Fig. 7.1B). So, the overall flow direction of the DF buffer is
from right to left, however, during the passage of the middle part of the module, the
flow direction from top to bottom is superimposed by the flow of the feed respectively
retentate from left to right. Therefore, the streamlines show a kind of zig-zag profile. At
the switching times there is a very short transition period in which the flow direction of
the DF-buffer changes in a way that it now enters at the lower right inlet and leaves at
the upper left outlet.

By this, the DF buffer flow through the membranes changes its direction, however,
the overall flow direction of the DF buffer is still countercurrent to the direction of the
feed flow. Mainly because of the convection of the DF buffer across the membrane,
but partly also because of diffusion effects caused by the concentration difference of
salt between the middle and the lateral parts, most of the salt entering with the feed
stream is transported into the upper lateral part of the module in the period between
180 and 360 s. Note that while penetrating the upper membrane and entering the upper
lateral part, the majority of the salt stays in the vicinity of the membrane while flowing
towards the effluent. This is because the flow in the x-direction is strongly dominating
in the lateral parts and there is only little mixing of the fluid compartments in the y-
direction. While this characteristic is of minor significance in a non-alternating operation
mode, it reduces the efficiency if the flow direction through the membrane is switched

periodically. Changing the flow direction will transport fluid compartments containing
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high salt loads back from the lateral part into the middle part. This behavior can be
observed e.g. by looking at the stream lines in the lower lateral part in the plots between
190 s and approx. 250 s.

WSS 360s
—

- < 0
Fig. 7.2 Representative salt concentration profiles in the module before and after switching the

flow direction of DF buffer. Parameter settings of the simulation: cgsat= 100 mol/m3, Qpr = 1.8
ml/min, Qg = 0.25 ml/min and ts = 180 s. The color legend of the contour plot of the salt
concentration is restricted to the range between 0 and 10 mol/m3 in order to give a better picture
of the spatial distribution of the lower salt concentrations dominating at the investigated degrees
of buffer exchange. In addition to the contour plot streamlines of the flow profile in the module

are plotted to illustrate the abruptly changing flow pattern at the switching events.

About 120 s after the switching event at 180 s (corresponding to the plot at 300 s)
the salt in the lower lateral part is mainly flushed away by fresh DF buffer entering this
part. However, at 360 s the next switch of the flow direction is initiated, now
transporting salt from the upper lateral part back into the middle part (see the plot at
370 s). Therefore, each switching event causes a reduction of the buffer exchange
efficiency lasting for a certain time. If the period between the switching events is long
enough, this temporary disturbance does not interfere too much the overall
performance. However, according to the simulation, for short switching intervals a
severe reduction of the buffer exchange performance can be expected. Besides, the
concentration of salt detected in the retentate shows a wave-like trend due to the
periodic switching of the flow direction of DF buffer (see in Sl Fig. S7.4). There may be
cases of continuous downstream processing where even such short fluctuations are
unwanted. However, integrating a small mixing vessel in the effluent having an average

residence time in the range of 2-3 switching periods could easily solve this problem.
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7.3.1.2 Model validation

As discussed above, the model predicts an increasing reduction of the buffer
exchange performance, when the period between the switching events gets shorter.
In this section, this forecast is compared to experimental data, in order to see if the
developed model is able to satisfyingly predict the relationship quantitatively. For this,
a series of experiments with two feed flow rates and varying switching intervals
between 100 and 600 s were conducted. As in the case of the idealized simulation, the

experiments were run with plain buffers without the presence of BSA.
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Fig. 7.3 Achieved degrees of buffer exchange in single pass countercurrent diafiltration
experiments with periodic switching of the flow direction of DF buffer through the membranes.
The figure shows the experimentally obtained and simulated degrees for two different feed flow
rates Qg and various values of the switching interval of the DF buffer direction. The flow rate of
the DF buffer was adjusted to the Qr in order to achieve a constant diavolume of 7.2. Higher
Qr and longer switching intervals result in a better buffer exchange performance. Open symbol:

experimental value, filled symbol: simulated value.

As shown in Fig. 7.3, with increasing switching intervals and volumetric feed flow
rate, both modeling and experimental results show in good agreement that the buffer
exchange efficiency increased. As shown in the previous section, after each switching
event there follows a period in which a part of the salt already transported into the
permeate in the lateral part of the module is pushed back into the middle part of the
module. In case of longer switching intervals the fraction of this period in relation to the
total interval is not large and therefore the disturbing influence is low. With increasing
switching intervals, the buffer exchange efficiency reaches a plateau value

corresponding to the buffer exchange efficiency of unidirectional operation at the same
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amount of diavolumes. The dependence of the buffer exchange efficiency on the feed
flow rate seems to be counter-intuitive on first sight. Assuming the same flow patterns
in case of a constant ratio between Qpr and Qr (same diavolumes) one could expect
a constant degree of buffer exchange, despite the higher absolute flow rates. However,
the experimental as well as the simulation results show a clearly improved efficiency if
higher flow rates are applied at the same switching intervals. The explanation for this
behavior can be found in the fact that a higher Qor shortens the period which is
required to flush out residual salt in the lateral part after switching. In first approximation
it can be assumed that doubling Qpr will cut the time approximately in half. If this
assumption holds, the buffer exchange efficiency of an experiment Qs = 0.25 ml/min
and 400 s switching interval should be the same than in case of Qr = 0.5 ml/min and
200 s. As can be seen in Fig 7.3, this is nearly the case, in the simulation as well as in
the experiment. Overall, the comparison between the experimental and simulated data
shows that the developed FEM model is able to reliably predict the hydrodynamic
behavior of our diafiltration module in case the dissolved substances are able to freely
pass the membranes. In the next section, the model will be extended to the case that
the feed also contains macromolecules being retained by the membranes.

7.3.2 Concentration polarization and pressure build-up

In the above section it was shown, that in the absence of any retained
macromolecules and under the assumption of a constant number of diavolumes
applied, increasing feed flow rates would result in increasing buffer exchange
efficiencies for a given switching interval of the flow direction of DF buffer. However, in
the presence of macromolecules such as BSA, the applicable feed and DF buffer flows
are limited by the maximum pressure the diafiltration module can tolerate. Therefore,
a realistic model of the device must be able to predict the effects of concentration

polarization of retained macromolecules, especially the resulting pressure build-up.

7.3.2.1 Simulated time course of BSA concentration within the module

Fig. 7.4 shows the simulated time course of the BSA concentration profiles, again
in the period between 170s and 370 s for an experiment having a switching interval of
180 s. Because our model assumes a complete retention of BSA by the membranes,
BSA concentration profiles only differ from zero in the middle part of the module. The
single plots show snapshots of the contour of the BSA concentration for t =170 s, 180
s, ... 370 s. Consequently, the plots show the contour shortly before the first switching
event and for the time period between the first and the second switching event. During

these times, the operation of the module has not reached a quasi-stationary state and
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the plots show the situation when the BSA concentration profiles propagate through
the module. Comparable plots of BSA concentration contours in quasi-stationary
operation can be found in the Sl Fig. S7.5. In the plot at 170 s it can be seen that the
DF buffer flow pointing from the upper lateral part of the module towards the lower
lateral part pushes BSA towards the lower membrane in the inlet region of the middle
part. However, in contrast to the behavior of salt discussed in Fig. 7.3, BSA cannot
penetrate the UF membrane. Therefore, a rapid accumulation of BSA and a
corresponding concentration polarization is predicted by the model (details see in Si
Fig. S7.6). In case of constant operation conditions with unidirectional flow of DF buffer
through the membranes, the concentrated BSA layer would slowly propagate through
the module until its end reaches the effluent of the middle part and a stationary state

is reached.
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Fig. 7.4 Representative protein BSA concentration profiles in the module before and after
switching the flow direction of DF buffer applying BSA (ce, ssa = 5 g/L) and salt (Cr, sat = 100
mol/m3) in the feed stream. The modeling is simulated under the identical parameter settings
as in section 3.1.1. The colorful surface and gray streamline represent the BSA concentration

distribution and flow direction, respectively.

However, in the presented case, the direction of DF buffer flow is abruptly changed
at 180 s. In the following snapshots taken at 10 s intervals it shows that the
accumulated BSA layer detaches from the lower membrane and, driven by the vertical
component of the DF buffer flow, slowly moves towards the upper membrane. In
addition, while passing the central region of the module, the liquid compartments with
highly concentrated BSA are also moved in positive x-direction towards the effluent of

the middle part. Finally, because of dispersion effects, the concentrated region also
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starts to blur. However, when the ‘bubble’ of concentrated BSA hits the upper
membrane the accumulation and concentration polarization quickly restore and about
120 s after the switching a new, almost stationary concentration profile is obtained
which slowly propagates towards the effluent. It is obvious, that the duration of the
intermediate state, represented by the concentrated bubble moving vertically through
the module, depends on the flow rate of DF buffer. Looking at the progression of the
simulated pressure in the middle part of the module during the operation phase it
shows that the formation of an accumulation layer of BSA is accompanied by a rapid
increase of the pressure (Fig. S7.7). However, each switching event results in an
almost instantaneous drop of the pressure towards the level caused by the flux of pure
DF buffer through the membrane. In the following interval, the pressure recovers
because of the renewed BSA accumulation on the opposite membrane until the
increase is stopped by a new switching event. If switching is omitted, the pressure
increases up to a plateau value (see Fig. S7.8). This situation corresponds with a
stationary accumulation and concentration polarization profile in the module. In case
of a conventional ‘constant pressure’ operation of an UF module, the formation of a
highly concentrated accumulation layer at the membrane decreases the permeate flux
through the membrane. However, in the developed system all flow rates are kept
constant by the application of high-pressure double piston pumps guaranteeing a
constant flow also in case of increased back pressures. After a switching event, the
concentrated BSA is pushed back into the retentate and subsequently a part of it builds
up on the opposite membrane while the other part appears in the effluent of the
retentate. This explains the wave-like trend of the effluent concentration of BSA

observed in the experiments (see Fig. S7.6 and the respective graphs in [17]).

7.3.2.2 Model validation

All simulations were conducted applying pure diafiltration, saying the retentate flow
rate was exactly matching the feed flow rate, resulting in the average concentration of
BSA in the effluent being the same than the one in the feed, when the system reaches
its quasi-stationary state. Therefore, for validation it is more useful to compare the
simulated and experimental results of the maximum pressure built-up caused by the
accumulated BSA. The maximum pressure occurring during quasi-stationary operation
is also of high practical interest, because in order to guarantee a reliable operation of
our 3D-printed diafiltration system, the pressures in all parts of the module must not
exceed a pressure limit of 3 bar. This limitation is comparable to the recommended
pressure limits of many UF processes for proteins, because transmembrane pressures

above 2 - 3 bar normally do not result in higher permeate fluxes [13,29,30]. When
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investigating the observed pressures, the special structure of our system with two
membranes must be considered. Assuming the flow direction of DF buffer from top to
bottom, the different pressures in the module can be defined as illustrated in Fig. 7.52.

<—=DF buffer

Pmem PoF
T e BT B T
feed —> %' ‘%’BSA pr E==>retentate

permeate <—

Fig. 7.5 Schematic of pressures in each part of the module. For a given flux of DF buffer the
pressure drop of the membrane pmem is a constant value determined by the intrinsic properties

of membrane.

Soon after the accumulation layer starts to form, the pressure in the middle part is
mainly related to the concentrated BSA at the membrane surface. In addition, the
pressure drops caused by the permeate passing the lower membrane adds to the total
transmembrane pressure between the middle and the lower lateral part of the module.
In contrast, the transmembrane pressure between the upper lateral part and the middle
part is only caused by the DF buffer passing the upper membrane. Because the upper
and lower membranes are identical and the additional salt in the permeate does not
have a significant influence on the permeability, the pressure drop of the membrane
itself (pmem) is the same for both membranes. Therefore, the transmembrane pressures

can be calculated by equation (7.11) and (7.12).
TMPupper = Pmem = Ppr — PR (7.112)

TMPower = Pr = PBsa T Pmem (7.12)

By substituting equation (7.12) into equation (7.11) one obtains:
Ppr = Pgsa t 2 * Pmem (7.13)

This shows that the pressure required to pump the DF buffer into the module is
defining the maximum load onto the 3D-printed material and therefore is used for the
comparison. Fig. 7.6 shows the maximum experimental and simulated values of ppr
for two different feed flow rates and various switching intervals. All experiments and
simulations were conducted at a constant value of 7.2 diavolumes and a concentration

of BSA in the feed of 5 g/L. While for the higher flow rates the simulated pressures

2 As it is common praxis, we us the expression ‘pressure’ in the sense of pressure difference against
the ambient pressure of 1 bar. Because there is no restrictor valve in the permeate effluent, the
pressure in this part of the module is assumed to be zero and the TMP of the lower membrane
reduces to Ps.
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reach up to more than 7 bar, the experimental data had to be restricted to values
slightly higher than the mentioned limit of 3 bar. As can be expected, higher feed flow
rates but also longer switching intervals result in higher values of pprmax. The slope of
the increase of por,maxis steeper in case of Qr = 0.5 ml/min (10.1 LMH) than in case of
0.25 ml/min (5.05 LMH). However, looking e.g. at the relative difference of pormax
between ts = 200 s and 400 s, it shows that both curves increased by about the same
factor of two. In order to obtain a quantitative prediction of the pressure, the relation
between the viscosity and the BSA concentration in the accumulation layer at the
membrane surface had to be fitted once. However, thereafter all simulated results have

been obtained with the following correlation:

= 1-10"3Pa s+ 3.39-107Pa- s x (—E4)2 (7.14)

CBSAmax

The parameter Cssamax Was set to 6.9 mol/m?3 (460 g/L), which was reported to be
the gelling point of BSA [21]. It should be mentioned that the correlation between
viscosity and BSA concentration of this fit is orders of magnitude larger than the
relationship experimentally measured for bulk BSA solutions of different
concentrations [31-33]. This shows that the real effects causing a strong pressure
increase because of BSA accumulating at the membrane surface are much more
complex than our simple picture of viscosity increase in a porous boundary layer.
Nevertheless, after fitting once, our model is able to predict the dependence of the
dynamic pressure built-up onto different operation parameters to a satisfying degree,
as can been seen by a comparison of the simulated (filled cycles) and experimental
(open cycles) values in Fig. 7.6. Note that pormax Was lower than the allowed pressure
limit for all tested switching intervals at Qr = 0.25 ml/min. When doubling Qr to 0.5
ml/min the simulated values of pprmax reached up to more than 7 bar for ts = 600 s,
however, when choosing a switching interval of around 180 s, the exceeding of the
pressure limit could be avoided. This shows, that on the one hand, the new operation
mode with alternating direction of the DF buffer flow through the membranes allows to
operate the system at feed flow rates which, without switching, would quickly exceed
the allowed pressure limits. On the other hand, as seen in Fig. 7.3 short switching
intervals clearly deteriorate the achievable diafiltration efficiency. The question if there
exists an optimum set of Qr and ts-values will be investigated more deeply in section
7.3.3.2.
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Fig. 7.6 Effect of the duration of the switching interval for on the maximum pressure built-up in
the developed diafiltration module. cggsa = 7.52-10-2 mol/m3 (5 g/L), DV = 7.2, Q¢ = 0.25 ml/min
and 0.5 ml/min, respectively. The dotted line at ppr,max = 3 bar marks the pressure limit of the
module. Open symbols: experimental values, filled symbols: simulated values. Error bars are
equal to + standard deviation, the error bar for switching interval 180 s at Qr = 0.25 ml/min is

within the size of the symbol.

7.3.3 Model based parameter screening
7.3.3.1 Unidirectional DF buffer flow

From the data presented in Fig. 7.3 it became obvious that the highest degrees of
buffer exchange are obtained for the longest switching intervals. Consequently, it is
worth to investigate the case with no switching events, synonymous to infinitely long
switching intervals, in more detail. As shown in Fig. 7.6, long switching intervals in
combination with the presence of BSA in the feed stream can quickly lead to the
pressure limit being exceeded. Therefore, it is interesting to screen for parameter
combinations Q, Cresa, DV at which the final maximum pressure pormax, Obtained
without switching the flow direction of the DF buffer, just approaches the allowed
pressure limit. In order to speed-up this screening process, we extracted a semi-
empirical correlation from the complete set of experimental data (see Sl Fig. S7.10 in
the supporting information). The multi-parameter correlation describes a relation
between the maximum pressure pormaxand the parameters cessa, Qr, Qor, as well as
ts. Evaluating this correlation for tg; — oo allows to quickly find suitable starting

parameters for the precise screening using the COMSOL model.
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Fig. 7.7 Effect of the used amount of diavolumes on the maximum feed flow rate Qr applicable
without exceeding the pressure limit of por,max = 3 bar. On the right y-axis the corresponding
degree of buffer exchange is plotted. The simulated feed solution contains 5 g/L BSA and 100

mol/m3 salt.

As mentioned, the boundary conditions of this first parameter study were to find
parameter combinations Qr, DV which approach the pressure limit of 3 bar when
applying the non-switching diafiltration mode (see Fig. 7.7). There are two ways to
interpret the presented curves. First, one can start with a given feed flux at the left y-
axis. Then the black line with the filled triangles will give the maximum number of
diavolumes, corresponding with the maximum applicable Qpr, which is allowed without
exceeding the pressure limit. In case of Qr = 1.5 ml/min this number is approx. four
diavolumes. Knowing DV the blue line together with the right y-axis will tell the degree
of buffer exchange which can be expected for our module and the given feed
concentration of BSA. In our example, this would be a buffer exchange of approx.
98.5%. The second way to interpret the Figure is to start with a desired buffer exchange
efficiency on the right y-axis. The blue line then tells the required amount of diavolumes,
and with this the black line in combination with the left y-axis shows the maximum Qg
possible. For example, a requested buffer exchange of 96% requires approx. 3
diavolumes, and allows a maximum Qg of approx. 3 ml/min. When the applied Qe is
lower than this maximum Qg, the resulting final pressure will be lower than the pressure
limit (see Fig. S7.8).

7.3.3.2 Switching flow direction of DF buffer
Fig. 7.6 shows that by introducing an alternating flow direction of the DF buffer, the

maximum pressure built-up in the module can be restricted. The shorter the intervals
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between the switching events, the lower is the maximum pressure obtained during
operation. Therefore, for a given Qr the application of an alternating DF buffer direction
will allow to apply higher values of Qopr than in the case of unidirectional DF buffer flow,
without exceed the pressure limit. Higher ratios of Qpr/Qr correspond to a higher
number of diavolumes. Therefore, on the one hand one could expect that the
application of the switching mode will enable to reach higher diafiltration efficiencies
for a given Qg, while staying within the given pressure limits. On the other hand, Fig.
7.3 clearly shows the negative influence of frequent switches of the DF buffer direction
onto the diafiltration efficiency. In order to answer the question if these opposing effects
will result in an optimum switching interval with optimal diafiltration efficiency we
extended our parameter study to cases with various Qr, DV, and ts values. Fig. 7.8A
indicates the switching interval required in order to obtain a certain number of
diavolumes (DV) for a given feed flow rate Qg without exceed the pressure limit. In
order to allow comparability to other UF/DF modules, we plotted the feed flux, saying
the feed flow rates related to the effective membrane area, of our module on the x-axis,
with an absolute Qr value of 0.5 ml/min corresponding to QA =10.1 LMH. The vertical
lines mark the Qf/A values below which no switching is required for a certain DV. E.g.
in case of a requested DV of 5, no switching is required if Qr/A values below 13 LMH
are applied. However, if this value is exceeded, the blue line indicates the switching
intervals that must be applied to guarantee that the pressure limit is not surpassed.
Therefore, in case of 20 LMH and DV = 5 a switching interval of approx. 180 s is
required. Looking at the feed flux numbers one has to be aware, that in the case of our
module the feed flux is decoupled from the permeate flux which physically flows
through the membrane. In conventional diafiltration, the permeate flux is only a fraction
of the feed flux, getting close to one in its maximum. In contrast, in the presented
diafiltration module, the permeate flux is related to the independently applied flow rate
of DF buffer. For example, in case of DV = 5, the permeate flux which has to penetrate

the membrane is five times the feed flux Qg/A.
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Fig. 7.8 Required switching intervals in dependence of the applied feed flux (Qr/A) and the
number of diavolumes. When the feed flux is lower than the vertical line, the operating mode
changes from switching to unidirectional DF buffer flow; B. Simulated buffer exchange efficiency
applying various feed fluxes, switching intervals, diavolumes and operation modes. In all cases
the concentration of BSA in the feed stream was fixed at 5 g/L. The filled symbols correspond
to the operation mode with switching direction of the DF buffer flow, the open symbols

correspond to the operation mode with unidirectional DF buffer flow.

The stated feed flux therefore corresponds to the amount of original feed solution
which can be treated by the module per time, while the physical flux impinged to the
membrane is several times higher. Fig. 7.8B shows the predicted diafiltration
efficiencies (DE) for multiple simulation runs with constant cg,ssa = 5 g/L and pormax =
3 bar but various parameter sets for Qg, DV and ts. In order to get a detailed picture of
the system behavior at high diafiltration efficiencies, the values of 1-DE are plotted in
a logarithmic scale on the y-axis. This value can also be looked at as the fraction of
the original buffer in the feed remaining in the retentate. Therefore, low numbers of 1-
DE are equivalent to high diafiltration efficiencies. The black dashed line results for the
limiting case of unidirectional flow of DF buffer and therefore corresponds to the blue
line in Fig. 7.7. Starting from this boundary, the lines with fully colored square symbols
show the predicted diafiltration efficiencies for decreasing switching intervals ts but a
constant number of diavolumes. In accordance to Fig. 7.8A, decreasing switching
intervals allow higher Qg values for a given maximum pressure. However, they also
result in lower diafiltration efficiencies, corresponding to higher 1-DE values. In case
of the lines for DV = 3 and DV = 5 the plot also shows the calculated 1-DE values if Qr
values smaller than the limiting value for unidirectional DF buffer flow are applied. The
respective results are indicated by open squares, because the conditions of these runs
differ in a way that the achieved maximum pressure is below the limiting pressure.

From the calculations with unidirectional DF buffer flow it can be seen, that when
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keeping DV constant, a reduction of Qr does not improve diafiltration efficiency.
Instead, the obtained DE values show a slightly decreasing trend (increasing 1-DE),
which may be caused by the decreasing dispersion coefficient in the y-direction.
However, the question if the introduction of a periodic switch of the direction of DF
buffer flow can improve DE is of higher relevance for this work. As explained, the period
switch allows higher fluxes through the membranes. This can be used to increase Qe
and keep DV constant, as in case of the colored lines with filled squares, but also to
keep Qe constant and increase DV. In the Figure, keeping Qr constant is equivalent to
moving along a vertical line defined by a given Qg value. For example, one could start
at the point where the blue line meets the black dashed line (DV = 5, unidirectional DF
buffer flow, Qe/A = 15 LMH) and move vertically until the intersection with the red line
for DV = 7. This means, by introducing a periodic switching of the direction of DF buffer
flow, one can increase the number of applied diavolumes from 5 to 7, while keeping
QF/A and the maximum pressure constant. However, in order to meet the red line one
has to move upwards in the Figure, showing that the diafiltration efficiency decreases
despite the increased number of DV. In order to obtain a better DE in case of the
switching mode, the slope of a line with constant DV would have to be lower than the
slope of the black dashed line. From Fig. 7.8B it becomes obvious that, at least in the
investigated parameter range, this is never the case. Therefore, with respect to the
achievable DE, unidirectional flow of the DF buffer without any switching events is the
optimum way of operation.

In Fig. 7.9, the simulated buffer exchange efficiency of our system is compared to
different designs of single pass diafiltration systems reported in the literature. These
include dialysis modules [34] as well as multistage continuous countercurrent
diafiltration [35]. In addition, the black dash dot line indicates the diafiltration efficiency
predicted by the well-known equation of constant volume diafiltration in a conventional
TFF system [36]. As shown by Tan and Franzreb [37], the same correlation between
the applied diavolumes and the resulting dilution efficiency holds for the investigated
module with two membranes if one assumes pure plug flow in all parts of the module
and neglects the effects of dispersion. Looking at the red line in Fig. 7.9, displaying the
results of the COMSOL simulations for the operation mode with unidirectional DF
buffer flow, it shows that up to the application of approx. five diavolumes, the
diafiltration efficiency is slightly better than the estimation based on the simplified
assumption of pure plug flow. However, both lines follow the same linear trend in this

plot using a logarithmic scale on the y-axis.
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Fig. 7.9 Effect of the number of diavolumes applied on the achieved degree of buffer exchange
for different continuous diafiltration processes. Values beside the symbols indicate the
corresponding protein load per membrane area, e.g. expressed in g/(m? h). Open symbol:

simulated value, filled symbol: experimental value.

At first sight, it may be surprising that the predictions of the detailed simulation of
our module accounting for diffusion/dispersion effects could exceed the predicted
diafiltration efficiencies of an idealized model which accounts for convections mass
transport only. However, in case of a counter-current operation dispersion effects
perpendicular to the flow direction can be advantageous. An impressive confirmation
of this assumption is given by the blue trend line, which shows the predicted dilution
efficiencies in case of pure dialysis operated in counter-current mode [34]. Although,
in the used hollow-fiber dialysis module the transport of salt across the membrane is
driven by diffusion only, even low numbers of diavolumes can achieve high dilution
efficiencies, albeit at very low surface loads of the module. The trend that systems
operated in counter-current mode can surpass the dilution efficiency of conventional
constant volume diafiltration at the same number of diavolumes can also be seen for
the plotted lines representing multistage continuous countercurrent diafiltration [24].
However, it requires at least three stages to match the performance of our single
module or constant volume diafiltration. Beyond approx. six diavolumes all systems
applying counter-current operation show the trend, that the increase in diafiltration
efficiency with increasing diavolumes starts to level off. For an evaluation of the
efficiency of a diafiltration system, the applicable protein load per membrane area, e.g.
expressed in g/(m? h), is an important aspect in addition to the dilution efficiency.

Therefore, we added exemplary numbers of the predicted load for our module as well
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as for diafiltration experiments reported in the stated literature. Comparing, e.g. the
predicted and reported loads at around four diavolumes, it shows that our system could
handle about the same protein load per membrane area as the two-stage counter-
current SPTFF setup, however at a better dilution efficiency. The dialysis system
achieves even better dilution efficiencies, however, at the expense of protein loads
which are around an order of magnitude lower. If dilution efficiencies beyond 99% are
required, the simulation predicts a relatively sharp decrease of the permitted protein

load of our module, dropping below 20 g/(m? h) beyond approx. 6.5 diavolumes.

7.4 Conclusion and outlook

In this work, a 2D finite element model of our recently developed SPTFF module
for continuous diafiltration was developed. The unconventional module contains two
membranes allowing a simultaneous withdrawal of permeate and delivery of fresh DF
buffer, throughout the whole flow path of the retentate. The module allows a
unidirectional flow of DF buffer through the membrane as well as an operation mode
applying an alternating flow direction of DF buffer, switching periodically at certain
intervals. Especially, the second operation mode results in a complex hydrodynamic
behavior and dynamically changing concentration profiles within the module. The
purpose of the model was to predict the diafiltration efficiency in dependence of various
operation parameters and to elucidate the dynamic concentration polarization and
pressure built-up phenomena. Different from common UF models often applying a
resistance-in-series approach, a porous boundary layer above the membrane was
introduced, where accumulated macromolecules, such as proteins, result in an
increased pressure drop when a convective flow is forced through the boundary layer.
A direct correlation between the protein concentration and the resulting pressure drop
is achieved by introducing a hypothetical viscosity. The dependence of this
hypothetical viscosity on the protein concentration is purely empirical, however, after
fitting once to the experimental results, the fixed correlation is able to predict the
dynamic pressure within the module at good accuracy for various conditions. Besides
the simulated pressures, also the simulated diafiltration efficiencies are in good
accordance to the experimental results. The results show that for a fixed humber of
diavolumes longer intervals between switch the flow direction of the DF buffer
correspond to higher diafiltration efficiencies. Therefore, on the one hand frequent
switching is detrimental to the performance of module, on the other hand it limits the
pressure-built and allows higher flow rates of DF buffer without exceeding the pressure

limit of the system. A thorough, computer-based analysis of this antagonistic effects
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showed that, at least within the investigated parameter range, the first effect prevails
and the module achieves its best performance in case of unidirectional DF buffer flow.
While from a scientific view it may have been more interesting if an optimum would
exist for dynamic alternating conditions, the operation with unidirectional flow strongly
simplifies the setup and control of the new SPTFF module, thus increasing its
commercial potential. As illustrated in the comparison with other setups for continuous
diafiltration, the presented single module approaches the diafiltration efficiency of a
counter-current multistage setup applying three conventional SPTFF modules.
Although, in this work the protein concentration in the feed was increased to 5 g/L, the
applicability of the new SPTFF module for significantly higher protein concentrations
remains a question, which must be investigated experimentally in further studies.
Nevertheless, extrapolating our model to higher proteins concentrations the
simulations predict that also the allowable protein loads per membrane area should be

comparable to the ones obtained in counter-current multistage setups.
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7.5 Supporting Information
Schematic structure of the developed membrane module

Fig. S7.1 shows an exploded view of the developed membrane module allowing
continuous single pass diafiltration. The module consists of three 3D-printed parts (one
middle part and two lateral parts) enclosing two commercial UF membranes. The
lateral parts hold the flow channels for either diafiltration (DF) buffer or permeate, and
the middle part provides the flow channel for feed respectively retentate. In order to
increase the flow path length in a compact design, the flows are guided by U-shaped
channels. All flow channels are filled by a grid structure providing a mechanical support
for the membranes from both sides.

closed

Permeate

Retentate
Feed

DF buffer

closed

Fig. S7. 1 Exploded view of the developed membrane module. The grid structures in the middle
and lateral parts provide flow channels and at the same time mechanical support for the

membranes.

Piping and instrumentation diagram of the experimental setup

Fig. S7.2 shows the piping and instrumentation diagram of the experimental setup
used to test the developed diafiltration module. With the double piston pumps A, B,
and C, the flow rates in the system can be adjusted precisely, independently of the
occurring pressures. Switching of the flow direction of DF buffer is achieved by two
computer controlled multi-port valves. The system includes two pressure sensors for
online monitoring of the pressures in the retentate outlet as well as the DF buffer inlet.
In addition, the system allows recording of the UV-signal at 280 nm and the
conductivity of the retentate.
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permeate diafiltration

feed

retentate

Fig. S7. 2 Piping and instrumentation diagram of the experimental setup. The direction of the
flows perfusing membrane a and b could be switched by means of the multiport valves of the
FPLC system. The BSA and salt concentration in the retentate were monitored in real-time by

UV and conductivity sensors, respectively. Adapted from Ref. [17].

Applied FEM mesh and simulated flow pattern in the module

For the simulations a quadratic mesh with inhomogeneous meshing is used. In
order to reproduce the steep concentration profiles resulting during concentration
polarization a very fine mesh is used in the vicinity of the membranes (see Fig. S7.3B).
Fig. S7.3A shows a typical flow pattern of the simulated runs. The flow in the middle
part is constant along the module length and, due to the pressure drop caused by the
grid, shows only small variations in the y-direction. The flow rate in the upper lateral
part decreases from its initial value in the DF buffer inlet down to zero at the left outlet,
which is closed by a valve during this period. Along the module, the DF-buffer gradually
permeates through the membrane into the middle part. The same amount of fluid
leaves the middle part and leads to a gradual increase of the flow rate in the lower
module part along the length of the module. The simulated flow patterns also clearly
show that the flow velocity in the two artificial outlets is practically zero and that the

flow pattern in the lateral parts is not influenced when flowing by.
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Fig. S7. 3 Flow distribution within the membrane module and the applied mesh of the FEM
calculations. A. Velocity field and flow path contours when applying the DF buffer from top to
bottom; B. Generated quadratic mesh with increased mesh density in the vicinity of the

membranes.
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Detailed view of the 3D-printed grid structure within the flow channels of the
module

The flow channels are filled by a hollow-carved grid with quadratic combs. The
combs allow a free fluid flow in y-direction while the flow in x-direction is diverted and

splitted by staggered holes in the grid walls.

Fig. S7. 4 Close-up of the grid structure supporting the membranes in the module from both
sides. The flow in y-direction is without any obstacles while the flow in x-direction results in
strong eddy diffusion effects.

Typical time course of the salt concentration in the retentate effluent

The concentration of salt detected in the retentate shows a wave-like fluctuation
caused by the periodic switching of the flow direction of DF buffer. In the shown
example the flow direction of DF buffer was switched every 180 s at a feed flow rate of
0.25 ml/min and 7.2 diavolumes. The simulated concentration of salt in the retentate
varies from about 3.5 to 5.8 mol/m3. The average concentration is about 5 mol/m3,

corresponding with a diafiltration efficiency of 95%.
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Fig. S7. 5 Periodic fluctuations of the concentration of salt in the retentate for a simulated

experiment with: ¢cgsar= 100 mM, Qpr = 1.8 ml/min, Qr = 0.25 ml/min and ts = 180 s.

120



Representative BSA concentration contours in the quasi-stationary status

After simulation times of about three times the fluid residence time in the middle
channel, the BSA concentration in the retentate is close to the one in the feed solution
because the same feed and retentate flow rates are applied. At this quasi-stationary
state, the freshly accumulated BSA amount in the boundary layer at the membrane
surface equals the BSA amount leaving the module in the retentate. Shortly after
switching the DF buffer flow direction, BSA moves to the opposite membrane in form

of a concentrated fluid compartment stretching across the whole module.
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Fig. S7. 6 Representative BSA distribution in the m|ddle channel of the module at quasi-

stationary state. The module was operated at a switching interval of 180 s.

Representative BSA concentration profiles in y-direction at different membrane
positions

The BSA concentration profiles in y-direction at different membrane positions (x =
5, 122.5, 240 mm) are plotted for a simulation with: cegsa = 5 g/L, Qr = 0.25 ml/min,
Qor = 1.8 ml/min and ts = 420 s. The selected times represent the initial phase of before
and after the first switching event as well as a situation when quasi-stationary state is
reached. Nevertheless, also at quasi-stationary state the dynamic profiles change
shortly before and after a switching event.

In the initial phase, the concentration profile at the beginning and the end of the
flow channel (positions 5 and 240 mm) show a clear difference, while in quasi-
stationary state BSA stretches along the x-direction almost homogenously. However,
in y-direction the BSA profiles clearly show the effect of concentration polarization,

accumulation BSA up to concentrations of around 160 g/L at the membrane surface.
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Fig. S7. 7 Concentration profiles of BSA above the membrane at different position (x =5, 122.5,
240 mm) and different times for a simulation with: cggsa = 5 g/L, Qr = 0.25 ml/min, Qpr = 7.2

ml/min and ts = 420s.

Time course of the pressure in the middle part of the module during a simulation
with alternating flow direction of DF buffer

The pressure in the middle part increases during the period between two switching
events. The pressure increase corresponds with the amount of accumulated BSA in
the boundary layer above the membrane surface. When switching the flow direction of
DF buffer, the pressure built-up drops abruptly and restarts the period of pressure

increase at the intrinsic pressure drop of the membrane at the given flux.
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Fig. S7.8 Progression of the pressure in the middle part of the module for a simulation applying
an alternating flow direction DF buffer. It was decided by the amount of the concentrated BSA
at the membrane surface and the membrane area covered by the BSA, which is related to the

hydrodynamic flow patterns.

Time course of the pressure in the upper module part for unidirectional DF buffer
flow
In case of unidirectional DF buffer flow, the pressure in the upper module part

reaches a plateau value in the course of a long-term simulation run without switching
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events. All simulations shown are conducted at DV =5, cegsa = 5 g/L, but varying feed
flow rates Qr. At higher Qr the adjustment of the maximum pressure is achieved in a
shorter time. For tangential flow filtration one may expect a reduced concentration
polarization and consequently a reduced pressure built-up for higher Qg values.
However, in case of a constant number of diavolumes applied, the effect of the

proportional increase of the required DF buffer flux prevails.
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Fig. S7.9 Progression of pressure built-up in the DF buffer part with constant DV 5 at various

flow rate of feed solution using unidirectional diafiltration.

Typical time course of the BSA concentration in the retentate when operating
with switching DF buffer flow direction

The simulated BSA concentration in the retentate shows a wave-like fluctuation
comparable to the one of salt shown in Fig. S7.5. However, a closer look reveals that
due to BSA accumulation in the boundary layer, the adjustment of a quasi-stationary
state requires longer times. In addition, the accumulated BSA causes stronger
concentration fluctuations when the detached volume compartment including high BSA

concentrations moves to the opposite membrane after a switching event.
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Fig. S7. 10 Periodic fluctuations of the concentration of BSA in the retentate for a simulated
experiment with: cggsa = 7.5-10"° mol/m3 (5 g/L), Cgsar = 100 mM, Qpe = 1.8 ml/min, Qr = 0.25

ml/min and ts = 180 s.
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Semi-empirical correlation describing the maximum pressure drop in the
boundary layer (pesa)

The results of the maximum pressure drop pssa in the boundary layer is plotted in
Fig. S7.11 for 23 experiments ranging in their operation conditions from crgsa =0 -5
g/L, DV = 7.2; 14.4, ts = 120 - 420 s. In addition, the determined semi-empirical
correlation is plotted. For the correlation we defined the effective mass flow rate of BSA,
NBSA_eff, as the time weighted amount of BSA transported towards the membrane

surface.

. (Qrts)®
Npsaefr = Cr,Bsa*Qpr- m (S7.1)

In this term, the first part (cg gs4 * Qpr ) determines the maximum value of NBSA_eff
and therefore also the maximum pressure drop pssa in case of unidirectional flow of
the DF buffer (t; — ). The second term describes how much this maximum pressure
drop is reduced if a switching interval of ts is applied. Besides, the switching interval
the second term depends on the feed flow rate Qg which itself is inversely proportional
to the liquid residence time in the middle part of the module. As can be seen in Fig.
S7.11, the defined effective mass flow rate shows a very good correlation to pssa with
a calculated R? of 0.977. Based on this correlation, the theoretical pgsa is predictable
for any assigned combination of operation parameters in the mentioned range. This
means vice versa, starting with a given pressure drop pssa and fixing the operation

parameters except for one, the value of the unknown parameter can be estimated.
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Fig. S7.11 Semi-empirical correlation between pressure between pressure drop in the

boundary layer (pssa) and the effective mass flow rate of BSA.
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8 Conclusions and Outlook

Single pass tangential flow filtration (SPTFF) is a promising technology to
overcome currently existing hurdles in the design of continuous downstream
processing schemes. It offers the possibility to increase the concentration of target
biomolecules or to change the buffer composition during a single, continuous passage
of the membrane module without the need for recirculation of the retentate. However,
there exists the need to improve this technology by avoiding the multiple filtration and
mixing units required so far for intermittent concentration and dilution steps.
Accordingly, the main focus of this work was to develop and realize a truly continuous
ultrafiltration/diafiltration (UF/DF) process requiring only a single membrane module
for the concentration of protein solutions and the formulation of bioproducts.

In the first part of the study, a small prototype of a new type of SPTFF system
consisting of two commercial UF membranes in a high-resolution 3D-printed module
was designed for concentrating protein solutions. The feed-retentate channel of the
module consists of a defined hollow-grid structure confined by two adjacent
membranes. The fresh diafiltration buffer was pumped into the upper lateral part of the
module and then penetrated the first membrane into the feed-retentate channel for
buffer exchange. Simultaneously, permeate penetrates the second membrane, placed
between the feed-retentate channel and the lower lateral part. At first, the relationship
between the resulting water fluxes and the adjusted pressure values in the different
compartments of the module was investigated in this novel system. Next, the
correlation between the obtained permeate fluxes and the concentration of the model
protein BSA in the feed solution was studied. Afterwards, the time for the system to
reach a stationary status (such as stable concentration of BSA in the effluent and
stable pressure in each compartment of the module) was determined. The proof-of-
principle of simultaneous concentration and buffer exchange was given. Finally, via
varying the ratio of flow rates between the feed and the retentate flows, different values
of the concentration factor (CF) were obtained and the maximum CF with this system
reached up to around 5-fold. When compared to the conventional UF process for
biomolecule concentrating, the new module design has the advantage of that the
protein solution has to pass only one pump, which is especially significant for shear
and temperature sensitive proteins. Besides, the system provides the unique
opportunity to continuously supply fresh diafiltration buffer through one membrane
while permeate is withdrawn through the second membrane. This allows truly
simultaneous ultra- and diafiltration, thus avoiding sudden changes of the conditions

of the solution in which sensitive biomolecules are dissolved. Subsequently, the

125



membrane module was scaled-up and optimized for plain buffer exchange by
continuous DF. In order to alleviate the concentration polarization (CP) phenomenon
of retained BSA at the membrane surface, the direction of DF buffer and permeate
perfusion through the membranes was alternated cyclically, thus realizing a process
with an inherent backflush to sweep away the accumulated macromolecules. The
results show that this operation mode strongly reduced the degree of CP, leading to a
decreased pressure built-up in the system. As a result, a larger value of diavolumes
(the flow rate ratio of fresh diafiltration buffer and feed solution) could be applied
without exceeding the pressure limitation of the system. The influence of various
parameters such as diavolumes, intervals to switch the flow direction of the permeate,
the flow rate of the feed solution, the flow modes between feed solution and fresh DF
buffer (co-current, counter-current) and scales of the module, on the buffer exchange
performance were investigated in detail. By stepwise improvement, the buffer
exchange efficiency was successfully increased from 87% and 95% to a final efficiency
of 99.3% applying 7.2 diavolumes in the scaled-up module. This finding indicates that
the 3D-printed single-unit membrane module provides diafiltration efficiencies beyond
the ones of a conventional two-stage counter-current SPTFF setup.

In the last part of the study, a 2D finite element method (FEM) was developed in
order to achieve a better understanding of the underlying transport processes of
dissolved species within the novel membrane module. The model was validated by
comparison with experimental results and used to screen the optimal parameter
settings for high diafiltration efficiency. Due to the presence of a porous grid-structure
in each part of the membrane module, the Brinkman equation was used to describe
the hydrodynamics including the transient pressures and velocities during the
switching events of the flow direction of the permeate. The modeling of the transport
of dissolved species was achieved by common mass balance including convective flux
tangential to and towards the membrane, back diffusion into the bulk solution and eddy
dispersion caused by the flow through the coarse grid. After fitting once, an empirical
equation based on experimental data was able to describe the relationship between
the resulting pressures and the transient BSA concentration. The simulated results of
the velocity and concentration profiles showed good consistency with the experimental
data, validating the applicability of the developed model. By multiple simulation runs
with various parameter settings in terms of different diavolumes, BSA concentrations
in the feed solution, flow rates of the feed solution, unidirectional or alternating
perfusion of DF buffer through the membrane, and the intervals between the switching

events in alternating mode, the following insights could be gained:
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(i) When focusing on the maximum buffer exchange efficiency, longer intervals
between the switching of the flow direction of DF buffer result in a better diafiltration
performance. The reason can be found in the fact that after a switching event, a part
of the permeate containing high salt loads will be flushed back into the middle channel,
increasing the residual salt concentration in the retentate. In consequence,
unidirectional operation, namely no switching events at all, results in the best
diafiltration efficiencies, despite the limitation that the flow rate of DF buffer has to be
reduced in order not to exceed the maximum pressure of the setup.

(i) When the applicable feed load per unit membrane area should be maximized,
higher feed flow rates than the one acceptable for unidirectional DF buffer flow are
required. In order to exceed this limit, switching events of DF buffer flow direction have
to be conducted to prevent the built-up of high pressures in the system because of the
formation of the concentration polarization. In this case, a decreased switching interval
allows a higher feed flow rate, however, at the expense of a reduced buffer exchange
efficiency.

(i) When comparing the achieved buffer exchange efficiencies in dependence of
the applied number of diavolumes, it shows that the developed single-unit membrane
module exceeds the performance of a two-stage counter-current SPTFF system and
approaches the performance of a three-stage counter-current SPTFF system.

To summarize, the system presented in this work significantly simplifies the
complexity of the current single pass filtration units for continuous UF/DF. The
developed FEM modeling provides a thorough understanding of the transport
processes of species within the module, facilitating the screening process for optimal
parameter settings to meet diverse demands. The BSA concentrations used in this
study reached up to 5 g/L, which however, is still well below the common protein
concentration of around 60 g/L applied during diafiltration in final formulation steps of
the biopharmaceutical industry. Therefore, perspective work will focus on the
experimental investigation of diafiltration efficiencies using higher concentrations of
different proteins in the feed solution. In addition, the grid-structure of the middle and
lateral parts of the membrane module has a strong influence on eddy diffusive effects.
In future prototypes it might be beneficial to optimize the grid structures in the different
parts of the module independently, because they also differ in their functions. For this,
also the design of the 3D-printed grid structures should be based on a detailed, three-
dimensional simulation of the fluid dynamics in the structure, instead of the trial and
error approach applied currently. Finally, a further scale-up of the module by a stacked

plate and frame design of multiple DF buffer, retentate and permeate channels
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operating in parallel would be an interesting option to further improve the applicability

of the system for continuous bioprocessing.
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10Appendix

10.1 Analytical methods

Bovine serum albumin (BSA) was used as model protein in this study. The
concentration of dissolved BSA in solution was detected at a wavelength of 280 nm
and it was measured by UV spectroscopy. In the beginning a separate spectrometer
was used for this purpose. Later, the UV measurement was done online using the UV
detector included in the used FPLC system. Afterwards, the concentration was
calculated based on a calibration curve with given BSA concentrations.

For the buffer exchange efficiencies, the buffer concentration was detected by the
conductivity meter of the FPLC system. The conversion of conductivities into fractions
of the original feed buffer remaining in the retentate after diafiltration was conducted
by the help of calibration curves determined from standards of known concentrations.
In all experiments the feed solution contained 30 mM NaH,PO4 and 100 mM NacCl. In
the case of diafiltration experiments using a diafiltration buffer containing 30 mM
NaH:PO., and 5 mM NaCl, even a 100% exchange efficiency does not reduce the
conductivity of the retentate down to values close to zero. This fact was considered by
preparing the standards by dilution of the feed solution with increasing amounts of
diafiltration buffer (Fig. S6.1A). In later diafiltration experiments pure water was used
as diafiltration buffer. On the one hand this simplifies the preparation of calibration
standards, on the other hand the calibration curve had to be divided into two sections
(see Fig.S6.1B), because a single straight line is not a good fit of the required

correlation if the conductivity stretches over several orders of magnitude.
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Fig. S6. 1 Calibration curves for the conversion of conductivities into fractions of feed buffer
concentration remaining in the retentate. A. using 30 mM NaH;PO, but only 5 mM NaCl as DF

buffer. B. Using pure water as DF buffer.
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10.2 2D-view of the designed membrane modules

A. Upper lateral part
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Fig. 10.1 Construction drawing with dimensioning of the small prototype membrane module.
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A. Upper lateral part
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Fig. 10.2 Construction drawing with dimensioning of the upscaled membrane module.
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11 Abbreviations and Nomenclatures

Abbreviations

Name  Meaning Name Meaning

CP Concentration polarization FEM Finite element method

NFF Normal flow filtration FVM Finite volume method

TFF Tangential flow filtration CAD Computer-aided design

SPTFF Single pass tangential flow CFD Computational fluid
filtration dynamics

UF Ultrafiltration SLA Stereo lithography

DF Diafiltration SLS Selective laser sintering

MF Microfiltration FDM  Fused deposition modeling

NF Nanofiltration MJ Material jetting

RO Reverse osmosis SPE Solid phase extraction

FO Forward osmosis PES Polyethersulfone

SPDF  Single pass diafiltration RT Residence time

mADbs Monoclonal antibodies CF Concentration factor

19G Immunoglobulin G DE Diafiltration efficiency

MWCO Molecular weight cutoff DV Diavolumes

kDa kilo Daltons DSP Downstream processing

BSA Bovine serum albumin TMP Transmembrane pressure

IEP Isoelectric point SD Standard deviation
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Symbols

Symbol Unit Description
u m/s Flow velocity transverse to the membrane
v m/s Flow velocity normal to the membrane
D m2/s Diffusion coefficient
R 1/m Resistance
] L/(m2 h) Flow flux
Lp L/(m2 h bar) Volumetric permeability of membrane
c g/L Concentration of species
K m2 Intrinsic permeability of membrane
u Pa-s Dynamic viscosity
v m2/s Kinematic viscosity
p kg/ms Mass density of solute
P bar Pressure
Q mL/min Flow rate
A m? Membrane effective area
6 m Membrane thickness
k m/s Mass transfer coefficient
Sh - Sherwood number
d m Diameter
Re - Reynold number
Sc - Schmidt number
L m Length of the feed flow channel
T Pa Shear stress
y m/s/m Shear rate
h m Channel height
N - Dimensionless filtration factor
k J/IK Boltzman constant
T K Absolute temperature
€ - Porosity
T - Tortuosity
I bar Osmotic pressure
m kg Mass
A S/m Conductivity
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Index

Name Meaning Name Meaning
p,P  permeate SD Deposited solutes
w Pure water SR Removed by stirring
w Permeable wall g Global
B Bulk solution pol Polarization
M Membrane surface \Y Gradient
- Vector A Difference
ov Overall DF Diafiltration buffer
L Laminar flow F Feed
Turbulent flow Retentate
Equivalent hydraulic in Inlet
Gel layer out Outlet
lim  Limiting - Average value
F Filtration factor i Species of solute
Fc Critical filtration factor D,i Dispersion effect
Particle e,i Diffusive effect
Polarized solutes F,i Diffusion effect
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