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Kurzfassung

Um die Vorteile der Integration pordser Strukturen in Verdampferrohre zu be-
werten und somit effiziente Warmeubertrager zu entwerfen, sind zuverlassige
Vorhersagemodelle fur Warmeibergang und Druckverlust erforderlich. Ange-
sichts der groRen Zahl und Komplexitat moéglicher Einsatze ist eine Vorher-
sage auf Basis eines universellen Modells, welches auf nicht experimentell un-
tersuchte Einsétze Ubertragen werden kann, von groRem Wert. Lediglich Mo-
delle, die auf etablierten Beziehungen beruhen und keine Anpassungsparame-
ter bendtigen, kénnen aufgrund der bislang kleinen Datenbasis fiir Stromungs-
sieden in Rohren mit Einsétzen dieses Kriterium erflllen. Ziel dieser Arbeit
war es daher, die folgende Hypothese zu verifizieren oder zu falsifizieren:

Der Warmelbergang und der Druckverlust beim Strémungssieden in einem horizonta-
len Rohr mit pordsen Einbauten kdnnen durch physikalisch sinnvolle Kombination von
etablierten Modellen aus den Bereichen ,Einphasenstromung® und ,Sieden in Leerroh-
ren* beschrieben werden - ohne die Verwendung von Anpassungsparametern.

Daher wurden Druckverlust- und Warmeibertragungsversuche mit drei ver-
schiedenen por@sen Einsatzen an der Stromungssiedeversuchsanlage des Insti-
tuts fiir Thermische Verfahrenstechnik (Karlsruher Institut fir Technologie,
KIT) unter Verwendung einer neu konstruierten Versuchsstrecke durchge-
flhrt. Die horizontale Versuchsstrecke (Innendurchmesser 14 mm) misst den
umfangsaufgelosten Warmeubergangskoeffizienten bei konstanter Wandtem-
peratur. Ein Schauglas kombiniert mit einer Hochgeschwindigkeitskamera er-
mdglicht die Beobachtung der Phasenverteilung der untersuchten Zweiphasen-
stromung. Untersucht wurden zwei Schwammeinsdtze (auch offenzellige
Schaume genannt) mit unterschiedlichen ZellgréRen sowie ein Drahtmatrix-
element. Die realisierten Betriebsbedingungen umfassen Sattigungsdriicke von
1,2 MPa bis 2,65 MPa (entsprechend S&ttigungstemperaturen zwischen -35 °C
und -10 °C und reduzierten Driicken zwischen 0,16 und 0,36), Massenstréme
von 25 kg m s bis 200 kg m2 s, Stromungsdampfgehalten von 5% bis 98%
und einer Wanduberhitzung von bis zu 7 K. Als Versuchsflissigkeit wurde
CO; gewséhlt.



Kurzfassung

Der Druckverlust der Zweiphasenstrémung in einem Rohr mit porésen Einsat-
zen wurde unter adiabatischen und diabatischen Bedingungen untersucht. Bei
hohen Massenstromdichten konnte ein Modell entwickelt werden, welches auf
einer Anpassung des quadratischen Forchheimer-Terms an eine Zweiphasen-
strdomung nach dem homogenen Modellansatz beruht. Hiermit lassen sich mehr
als 88% aller experimentellen Daten fiir einen bestimmten Einsatz mit einem
absoluten prozentualen Fehler von weniger als 30% beschreiben. Fir diabati-
sche Bedingungen unterschatzt das homogene Leerrohrmodell die auf Behei-
zung zuriickzufiihrende Komponente des Druckverlustes. Je groRer der
adiabate Druckverlust, desto héher ist auch dieser zusatzliche Druckverlust
aufgrund einer Beheizung der Teststrecke.

Der Warmelbergangskoeffizient wurde lokal ausgewertet und mit dem War-
melibergangskoeffizient in leeren Rohren sowie etablierten Modellen und
Konzepten (unter anderem aus Kattan et al. [1], Weise et al. [2] und Lu und
Zhao [3]) verglichen. Wéhrend die Einsatze den Beitrag des Blasensiedens
zum Warmeubergang beim Stromungssieden kaum zu beeinflussen scheinen,
erhohen sie den Beitrag des konvektiven Siedens. Daher ist eine Beschreibung
des Blasensieden-Anteils mittels des auch furs Leerrohr geeigneten Modells
mdglich. Im konkreten Fall ist dies die Gleichung von Cooper [4], wie Weise
etal. [2] zeigten. Den konvektiven Beitrag beschreiben an die Zweiphasenstro-
mung angepasste Modelle des einphasigen Warmeibergangs an einer Rohr-
wand mit den jeweiligen Einbauten. Bei Schwammeinbauten ist dies beispiels-
weise das Modell von Bianchi et al. [5] kombiniert mit einer Zweiphasen-
Reynoldszahl. Auf der Grundlage dieser Beobachtungen wurde ein Modell
entwickelt, das mehr als 90% aller Daten mit einem Fehler von weniger als
30% beschreibt. Fur dieses Modell ist kein Anpassungsfaktor erforderlich.

Die Hypothese kann folglich flir die Modellierung des adiabaten Druckverlusts
bei hohen Massenstromdichten sowie fiir die Modellierung des Warmeuber-
gangskoeffizienten im untersuchten Parameterbereich verifiziert werden. Da
die entwickelten Modelle auf etablierten Konzepten beruhen und auf die Ver-
wendung von Anpassungsparametern verzichten, kann eine Ubertragbarkeit
auf andere pordse Strukturen, Rohrdurchmesser, Kéaltemittel und Betriebsbe-
dingungen erwartet werden.



Abstract

To evaluate the advantages of integrating porous structures into evaporator
tubes and thus design efficient heat exchangers, reliable predictive models for
heat transfer and pressure drop are required. Given the large number and com-
plexity of possible inserts, a prediction based on a universal model that can be
applied to inserts, which were not investigated experimentally, is of great
value. Most of the models suggested in literature require fitting parameters to
adapt them to measurement data. Only models that rely on established rela-
tionships and do not need fitting parameters can fulfill this criterion due to the
small data base to date. Consequently, the aim of this thesis was to verify or
falsify the following hypothesis:

The heat transfer and pressure drop of flow boiling in a horizontal tube with porous
inserts can be described by physically reasonable combination of established models
from the fields of “single-phase flow” and “boiling in empty tubes” - without using fitting
parameters.

Consequently, pressure drop and heat transfer tests with three different porous
inserts were carried out at the flow boiling test facility at the Institute of Ther-
mal Process Engineering (Karlsruhe Institute of Technology, KIT) using a
newly designed test section. The horizontal test section (inner diameter 14 mm)
measures the circumferentially resolved heat transfer coefficient at constant
wall temperature. A sight glass combined with a high-speed camera enables
the observation of the phase distribution of the investigated two-phase flow.
Two sponge inserts (also called open-cell foam inserts) with different cell sizes
and a wire matrix element were investigated. The realized operating conditions
include saturation pressures from 1.2 MPa to 2.65 MPa (corresponding to sat-
uration temperatures between -35 °C and -10 °C and to reduced pressures be-
tween 0.16 and 0.36), mass fluxes from 25 kg m? s to 200 kg m s, vapor
qualities from 5% to 98%, and a wall superheat of up to 7 K. CO, was chosen
as the experimental fluid.



Abstract

The pressure drop of the two-phase flow in a tube with porous inserts was in-
vestigated under adiabatic and diabatic conditions. At high mass fluxes, it was
possible to develop a model based on an adaption of the quadratic Forchheimer
term to two-phase flow using the homogeneous model approach. This allows
more than 88% of all experimental data for a specific insert to be described
with an absolute percentage error of less than 30%. For diabatic conditions,
however, the homogeneous empty tube model underestimates the component
of pressure drop due to heating. The larger the adiabatic pressure drop, the
higher is this additional pressure drop due to heating of the test section.

The heat transfer coefficient was evaluated locally and compared to the heat
transfer coefficient in empty tubes as well as established models (among oth-
ers, from Kattan et al. [1], Weise et al. [2] and Lu and Zhao [3]). While inserts
barely seem to influence the nucleate boiling contribution of the flow boiling
heat transfer of completely wetted segments, they enhance the convective boil-
ing contribution. Therefore, a description of the nucleate boiling contribution
is possible using the model which is also suitable for the empty tube. In the
specific case, this is Cooper's equation [4], as shown by Weise et al. [2]. The
convective contribution is described by models adapted to the two-phase flow,
which describe the single-phase heat transfer at the tube wall with the respec-
tive inserts. For sponge inserts, for example, this is the model of Bianchi et al.
[5] combined with a two-phase Reynolds number. Based on these observa-
tions, a model was developed that describes more than 90% of all data with an
error of less than 30%. No fitting parameter is required for this model.

Consequently, the hypothesis can be verified for the modeling of the adiabatic
pressure drop at high mass fluxes as well as for the modeling of the heat trans-
fer coefficient in the investigated parameter range. Since the developed models
are based on established concepts and do not use fitting parameters, transfera-
bility to other porous structures, tube diameters, cooling media and operating
conditions can be expected.

Vi
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1 Introduction

Problem definition

Optimized heat transfer and pressure drop results in more compact and cost-
effective heat exchangers, including evaporators, or reduced operating costs
[6]. The integration of porous structures into horizontal evaporator tubes can
help to enhance the efficiency of the evaporation process. Several researchers
have reported an increased heat transfer in evaporator tubes with porous in-
serts, such as sponges (open-cell foams) or wire matrix elements, compared to
empty tubes [7-13]. However, porous inserts also increase the pressure drop.
Therefore, reliable predictive models for both heat transfer and pressure drop
are required to evaluate the benefits of integrating porous structures into evap-
orator tubes and to design efficient heat exchangers.

So far, some geometry-specific models have been suggested in the literature to
describe the heat transfer [3,14-17] and the pressure drop [15,18-23] in evap-
orator tubes with porous inserts. Most of these models require fitting parame-
ters to adapt them to measurement data [14-17,20-22]. However, only models
that rely on established relationships and do not need fitting parameters can be
transferred to inserts or operating conditions other than experimentally tested.
In view of the large number of possible inserts, a prediction based on such a
universal model is of great value.

Hypothesis
Consequently, the aim of this thesis is to test the following hypothesis:

The heat transfer and pressure drop of flow boiling in a horizontal tube with porous
inserts can be described by physically reasonable combination of established models
from the fields of “single-phase flow” and “boiling in empty tubes” - without using fitting
parameters.



1 Introduction

The hypothesis is accepted if the proposed models can describe more than 80%
of the experimental data with an absolute percentage error of less than 30%
and can additionally explain observed trends and influencing mechanisms. The
acceptance criterion is chosen because empty-tube data from the same test fa-
cility [24] can at best be described with this quality using a correlation known
to date that has not been explicitly fitted to the data [2,24].

Approach

First, laws describing the heat transfer and pressure drop of single-phase flow
in porous media and two-phase flow in empty tubes are assessed regarding
their use in model combinations for which no fitting parameters are necessary.
Then, the state of the art of modeling flow boiling heat transfer and pressure
drop in horizontal tubes with porous inserts is presented. In this regard, possi-
ble factors influencing heat transfer and pressure drop of two-phase flow in
porous media are examined.

Subsequently, experiments are designed to provide insight into the physical
relations during flow boiling. For this purpose, a special test section is devel-
oped and tests with three different inserts are carried out.

Based on the investigation of the influencing factors, models are derived that
meet the criteria of the hypothesis. These models are compared with the exper-
imental results to determine the limits of the prediction and develop sugges-
tions for improvement.



2 State-of-the-art

The modeling of heat transfer and pressure drop of two-phase flow in horizon-
tal tubes with porous inserts contains some levels of complexity. Possible con-
cepts of such modeling are summarized in Table 2.1. The laws of two-phase
flow in tubes with porous inserts can have similarities with single-phase flow
in a tube with porous inserts but also with single- or two-phase flow in empty
tubes. The understanding of these relatively well investigated, yet complex
subjects is of great importance for gaining systematic insight into two-phase
flow in tubes with porous inserts. Thus, the relevant findings of two-phase flow
in empty tubes and single-phase flow in tubes with porous inserts are explained
first in the following. Subsequently, the two-phase flow in tubes with porous
inserts will be discussed.

Table 2.1:  Overview of topics for modeling two-phase flow in tubes with porous inserts. The

chapters in which the individual topics are explained in detail are indicated in paren-
theses.

single-phase flow (sp) two-phase flow (tp)

empty tube — | O - O

(et) _— _—

* pressure drop homogeneous model versus sepa-
« heat transfer rated flow models (2.2)
pressure drop (2.3.2)

flow pattern (2.4.1)

flow boiling heat transfer (2.5.1)
tube with @ e @

porous —_— I

inserts * insert type and definition of geometry pressure drop (2.3.3)

(pm) 2.1) flow pattern (2.4.2)

+ inserts versus fins (2.1) flow boiling heat transfer (2.5.3)
« superficial versus phase velocity (2.1)

* pressure drop (2.3.1)
* heat transfer (especially at wall) (2.5.2)




2 State-of-the-art

2.1 Porous inserts

Wire matrix elements and sponges are porous structures that are proposed to
improve the efficiency of single-phase and multi-phase flow in tubes [7-11].
In this thesis, flow boiling in two types of solid sponges and a wire matrix
element is investigated. These structures share a continuous solid phase and a
continuous void phase. Both phases are regularly or irregularly spaced over the
entire tube cross section. Twisted tapes and wire coils have structural similar-
ities to these porous structures, but are not comparably spaced over the tube
cross section. However, observations and concepts developed for twisted tapes
and wire coils are potentially transferable and are thus included in the literature
review if applicable. Figure 2.1 illustrates the different types of inserts.

(a) (b) \ﬁ

Figure 2.1: Different insert types for multi-phase flow in tubes: (a) twisted tapes, (b) wire coils,
(c) sponges, and (d) wire matrix elements.

Twisted tapes, wire coils, and wire matrix elements are usually not bonded to
the inner tube walls of heat exchangers. Contrary, some authors report of
sponges that are soldered to the tube wall. For differentiation, porous structures
that are bonded to the tube wall are referred to as ‘porous fins’ in this thesis.
Structures that are inserted loosely or with force fit are called ‘porous inserts’.
Fins can provide an additional heat transfer path — heat conduction through the
solid. For the pressure drop under adiabatic condition, it is irrelevant whether
the structure is bonded to the wall or not in case the gap between the tube wall
and the insert is small compared to a characteristic structural part of the insert
adjacent to the wall. Thus, concepts and model approaches can be transferred



2.1 Porous inserts

from fins to inserts after the evaluation of the influence of a substance-to-
substance bond.

Solid sponges (also called open-cell foams) consist of a continuous, irregular
network of struts and nodes. These struts and nodes form windows that enclose
individual cells of the sponge (see Figure 2.2 (a)). Solid sponges can be made
from metal or ceramics by various methods [25,26]. The manufacturing
method influences the strut geometry. Struts of sponges produced by means of
replication techniques are hollow (see micrograph Figure 2.2 (b)). In contrast,
the struts of sponges fabricated by investment casting or additive manufactur-
ing are filled to only a few voids, e.g., casting defects (see micrograph Figure
2.2 (¢)). The geometry of a sponge is typically characterized by its porosity
and cell density. Especially for sponges made by replication techniques, one
should distinguish between total porosity, 1, and open porosity, Y,. In contrast
to the open porosity, the total porosity also includes small pores in the struts
that are not accessible to a fluid flowing through the sponge [27-29]. In this
work, the cell density is determined according to ASTM D3576 [30], counting
the number of pores per inch (ppi). No distinction is made between cell win-
dows and complete cells. Thus, this measure should not be used in correlations.

More precise alternatives to the cell density are the cell diameter, d ., the win-

dow diameter, d,,, the strut diameter, d, (see Figure 2.2 (a)).

500 ym

Figure 2.2: (a) Microscopic photograph of a sponge cell. The cell diameter, d., the window di-
ameter, d,,, and the strut diameter, dg, are displayed. (b) Micrograph of a sponge
made by replication technique [31]. (c) Micrograph of a sponge strut made by invest-
ment casting [32].

Wire matrix elements consist of twisted wires in the core with loops inserted

at equidistant windings [9]. Due to the springiness of these loops, the diameter

of the wire matrix element in the uninstalled state is slightly larger than the
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inner diameter of the tube. This ensures that the loops touch the wall [9]. The
wire matrix elements can be made from most materials in which wire is avail-
able, typically stainless steel [33]. The number of loops per unit length [9],
wire diameter [9], loop angle [9], and tube diameter for which the wire matrix
element is designed [33] can be varied during the manufacturing process.

2.2  Basics of two-phase flow

For modeling the transport properties of two-phase flows, three fundamentally
different approaches can be distinguished (compare Figure 2.3). The models
differ in the assumption of the phase distribution and thus in the description of
the velocity, the pressure, the density, and the shear stress at the wall or, if
applicable, at the liquid-vapor interface.

The homogeneous approach assumes that the velocity of the gas phase cor-
responds to the velocity of the liquid phase and that liquid and gas phase have
mixing properties. In contrast, separated models, such as the drift-flux model
and the two-fluid model, account for different transport and state properties for
the fluid phases. The drift-flux model considers the vapor and liquid phases
as a pseudo-single fluid, but permits a slip between the two phases. The slip
and the phase distribution over the cross section are modeled by empirical
equations [34]. In the two-fluid model, both phases flow with different veloc-
ities in their respective cross sections. The pressure and the temperature of the
respective phases may differ; however, the temperature is often considered to
be constant within the tube cross section (thermodynamic equilibrium). Em-
pirical models are used to model the shear stresses at the wall and at the inter-
face [35].
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homogeneous model drift-flux model two-fluid model
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Figure 2.3: lllustration of two-phase flow model approaches exemplified for the continuity and
momentum equation. p: pressure; u: velocity; u: viscosity; p: density; T: shear
stress; : homogeneous; L: liquid; m: pseudo single fluid; V: vapor, W: wall.

Important transport and state properties of a two-phase flow through porous

media are defined below. The total mass flux, m, equals the mass flow rate of

the liquid and the vapor, M, related to the cross section occupied by liquid and
vapor, Ay, see Eg. (2.1). In porous media, this corresponds to the average
intrinsic mass flux. In tubes with inserts, in accordance with the concept of
superficial velocity, the total mass flow rate, M, is often related to the cross-
sectional area of the tube, A, resulting in the measure m,. In empty tubes, these

two measures are equivalent due to the porosity, i, = 1.

M M i
Ay Yo A Y,

The average void fraction, ¢, is defined by Eqg. (2.2) as the time-averaged

cross-sectional area occupied by vapor divided by the cross-sectional area oc-

cupied by vapor and liquid [36].

m (2.1)

Ay

AL+V

£ 2.2

The vapor quality, %, is the local vapor mass flow rate, My, divided by the
local total mass flow rate [36], M, see Eq. (2.3). In contrast to the void fraction,
the vapor quality can be determined experimentally by means of an enthalpy
balance.

i =—" (2.3)
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The relation between the vapor quality and the void fraction is of main
importance for many models describing the pressure drop, the flow pattern,
and the heat transfer coefficient. In the literature a plethora of correlations are
proposed for this relation. Overviews of these and comparisons with experi-
mental data have been given by Woldesemayat and Ghajar [37] and by Cion-
colini and Thome [38], among others. Two models, i.e., the homogeneous
model and the Rouhani drift-flux model, used within the scope of this work are
presented here.

Assuming homogeneous flow, the vapor quality and the void fraction are re-
lated by Eqg. (2.4) [36]. The mean density, also called homogeneous density, p,
is calculated by Eq. (2.5) [36].

(2.4)

-1
(25)

_ +a ) <5c+1—5c>
p=ce-p —&)p=(—
v ey oo

Steiner [39] proposed to use the Rouhani drift-flux model ([40] apud [39])
defined by Eqg. (2.6), which is based on work by Zuber and Findlay [41].

X 1- x) (e uVm>
€= Cop+———
PV

(2.6)

Co=[1+012-(1-%)];

(€ Uym) _ 1.18 - [0 - g(py, — py)]°%°

() pL°

The distribution parameter C, considers the distribution of the void fraction
and the average velocity over the tube cross section. If the local void fraction
in the tube center is larger than at the tube wall, then C, > 1. The model used
for the drift-flux velocity, uyy,, in (¢ uyy, )/{€) is the terminal velocity of a
bubble rising in an infinite turbulent medium [41]. Nevertheless, the Rouhani
drift-flux model is often used in heat transfer models for horizontal smooth
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tubes [1,42] as well as for heat transfer and pressure drop models in tubes with
inserts [43,44] regardless of the flow pattern.

Figure 2.4 compares the homogeneous void fraction model and the Rouhani
drift-flux model exemplified at two different saturation pressures for the re-
frigerant CO,. The void fraction calculated by Rouhani’s model is smaller than
the void fraction determined by the homogeneous model because the vapor
phase tends to be faster than the liquid phase in separated flow. Moreover, the
void fraction depends on the mass flux if the Rouhani model is used. The sen-
sitivity of the model towards a change in mass flux is the more pronounced the
lower the mass flux is.

1.0 —_— ——
CO, p=12MPa[_ [ -a-co50T CO,, p=2.65MPa —""_--~ R
A > ,’
. sE o
’ S -
R I - homogeneous model
D S B
~ 0.5 //._. Rouhani model
et R e e e T I Y O S B Ry 25 kg m? s
1 - - 50kgm?s?
i/ 100 kg m? s!
Il 7% 250 kg m2 s
N 500 kg m? s
0.0
0.0 0.5 1.00.0 0.5 10

x/- x/-

Figure 2.4: Comparison of the homogeneous void fraction model according to Eq. (2.4) and the
Rouhani void fraction model [40] according to Eqg. (2.6) as a function of saturation
pressure and (intrinsic) mass flux, m, for CO, at saturation conditions.

2.3  Pressure gradient

Here, the term pressure gradient refers as short version to the gradient of the
scalar static pressure field. This quantity cannot be measured directly, but can
only be approximated by the pressure drop, i.e. the difference between the
static pressure at two different tube cross sections. [45]
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There are two approaches to understanding the pressure gradient of two-phase
flows in porous inserts: Either one thinks of a two-phase flow in an empty tube
and superimposes the effect of the inserts or one starts with a single-phase flow
in porous inserts and superimposes the effects of the two-phase flow. Conse-
quently, the basics of two-phase flow in empty tubes and single-phase flow in
inserts are briefly discussed before summarizing the literature on two-phase
flow in tubes with porous inserts. These topics were discussed in detail in a
previous paper [23] and are summarized below. Figure 2.5 concludes by sum-
marizing the model approaches and dependencies for the frictional component
of the two-phase pressure gradient in tubes with porous inserts.

2.3.1 Single-phase pressure gradient in tubes with porous
inserts

The pressure gradient in tubes with porous inserts is increased compared to the
empty tube due an increased surface area, i.e., an increased skin friction re-
sistance, and an additional form resistance.

To model the single-phase pressure gradient in tubes with inserts, two different
approaches are conceivable: a) the multiplication of the empty-tube pressure
gradient correlation with a penalty factor, which depends on geometric prop-
erties, fluid properties, and operating conditions [46], and b) the use of a model
developed explicitly for porous inserts [47] (compare Figure 2.5). Both con-
cepts can be combined with the use of a hydraulic diameter. However, the use
of the so-called hydraulic diameter concept alone, just like for tubes with other
geometries is not generally applicable because it does not account for obstacles
and the increased effective flow length.

While approach a) is commonly used for twisted-tape inserts [46] and coiled-
wire inserts [48], Nield and Bejan [47] recommend Eq. (2.7) to describe the
single-phase (sp) pressure gradient of a stationary, incompressible flow
through a homogeneous and isotropic porous medium (pm). Strictly speaking,
in contrast to a porous insert, a porous medium is not confined by a tube wall.
The influence of a confining tube wall is therefore discussed below. Eq. (2.7)
is commonly referred to as the Darcy-Forchheimer equation. For this work, it

10
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is adapted to the usual notation for two-phase flows, i.e., the mass flux, m,, is
used instead of the superficial velocity.
dp v 1,
- <E)pm,sp =% Mo th 5 Mo @7

Besides the mass flux, m, the pressure gradient depends on the Darcy perme-
ability, K, the Forchheimer coefficient, g, the fluid viscosity, v, and the fluid
density, p. The first term in Eq. (2.7) can be derived by formal volume aver-
aging for incompressible fluids [49]. Since information is lost during the vol-
ume averaging process, the additional form drag due to solid obstacles is taken
into account by adding the quadratic term [50].

According to Auriault [51], Eq. (2.7) is appropriate for describing flow not
only in porous media, but also in porous inserts if the characteristic pore size
is considerably smaller than the tube diameter, D. This is usually not the case
for applications in the field of flow boiling, so that a tube wall confining the
porous structure could influence the total pressure gradient. This influence
could be taken into account either by including an additional term in Eq. (2.7)
[52] or by multiplying the Forchheimer coefficient by an attenuation factor
[53]. However, the magnitude of the influence of a confining wall has not yet
been clarified and therefore the manipulation of the Darcy-Forchheimer equa-
tion is controversial. In a previous work, no evidence of such wall influence
was found for the two-phase flow in tubes with porous sponge inserts (compare
Weise et al. [23]). Consequently, the influence of a confining wall is not con-
sidered in this thesis.

As outlined in the review articles by of Edouard et al. [54] and Kumar and
Topin [55,56], there are numerous suggestions to predict the Darcy permeabil-
ity and the Forchheimer coefficient on the basis of geometric properties. The
contributions of Woudberg and Du Plessis [57], Inayat et al. [58], as well as
Dietrich et al. [59] stand out from other correlations because of their physically
stringent derivation and validation with a large database [23]. The main equa-
tions of these models are summarized in Table 2.2. Comparison of the models
with two-phase experiments in a previous paper [23] suggests that the models
by Woudberg and Du Plessis [57] or Inayat et al. [58], combined with a specific

11
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surface measured by UCT scanning, best describe the Forchheimer coefficient,
B, encountered in solid sponges.

Table 2.2:  Comparison of models predicting the Darcy permeability and the Forchheimer coef-
ficient in analogy to a previous work [23].

Dietrich et al. [59] Woudberg et al. [57] Inayat et al. [58]
Darcy permea- 110 7 L 2.2 S
bility, K1 16 3 -1 ¥ ©Yg
Forchheimer 145 Sy Tca S v 5
coefficient, B T 4ey3 3 4.y 2 498
tortuosity / geo- constant 242 4r 1 2 — 1) L+ dy - S,
metric factor, T +acos| ot gcos Yo 41,

2.3.2 Two-phase pressure gradient in empty tubes

The pressure gradient of a two-phase flow in a horizontal empty tube (et) is
commonly approximated by its axial component assuming constant pressure
over the tube cross section. The one-dimensional, first-order Taylor series ap-
proximation of the conservation of mass and momentum for steady-state flow
conditions can be written as Eq. (2.8) using the momentum density, p,, ac-
cording to Eq. (2.9). [45].

dp) 4ty , d ( 1 )
-+ = +m?* —— (2.8)
(dZ tpet Di dz Pm

.2 N2 1-1
e = [ x N (1-x)
pv e pL-(1—¢)
The first term on the right-hand side of Eq. (2.8) describes the frictional com-
ponent, i.e. the fluid-wall interaction [45] as a function of the wall shear stress,
Ty, and the characteristic tube diameter, here the tube inner diameter, D;. The
dependence of the frictional component on the operating conditions was ex-
amined by Storek and Brauer [60] and are summarized in Figure 2.5 (upper
right box). Most of the correlations suggested for the calculation of the fric-

(2.9)
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tional component of the pressure gradient can be assigned to one of the follow-
ing categories: 1) homogeneous models, 2) (semi-)empirical models with a
two-phase multiplier and 3) (semi-)empirical models that superimpose single-
phase liquid and single-phase vapor pressure drop (see upper two boxes in Fig-
ure 2.5). These three modeling approaches are briefly explained below.

In the homogeneous modeling approach (1) the frictional component is pre-
dicted according to Eq. (2.10) analogous to the single-phase correlation, but
using the homogeneous density (Eg. (2.5)), a homogeneous viscosity, i, and a
two-phase Fanning friction factor, f,, instead of their single-phase equiva-
lents. [45]

(d—p) g S 210)
dz tp,et,fr P - D

Typical models for the two-phase Fanning friction factor, f;,, are based on
models for single-phase flow. For laminar flow, the model of Hagen-Poiseuille
is adapted to two-phase flow. In the turbulent flow regime, the models of
Blasius [61] or Konakov [62] serve as basis. The crucial point in evaluating
these models for two-phase flow in empty tubes is the model to be chosen for
the homogeneous viscosity. Various approaches have been proposed in the lit-
erature, see Thome and Cioncolini [45]. Choosing the model of McAdams [63]
and the Blasius equation, Eg. (2.10) can be rearranged to express the two-phase
pressure drop as a multiple of the single-phase pressure drop that would be
predicted if the total flow was all liquid (La), see Eq. (2.11). The expression
for the two-phase multiplier, ®;,, can be derived directly from the models

mentioned.
) ()
— =—(— - p? (2.11)
(dZ tp,et,fr dz/vafr ta

To account for the interfacial deformation turbulence due to different velocities
of vapor and liquid phase, Storek and Brauer [60] multiplied a homogeneous
model according to Eq. (2.10) with a correction function that depends, among
other parameters, on the vapor quality.

13



2 State-of-the-art

To consider the different average velocities of the two phases, the frictional
component can be modeled as a multiple of the single-phase pressure gra-
dient. In contrast to the homogeneous model, the two-phase multiplier is ex-
pressed by empirical or semi-empirical correlations (modeling approach 2).
Either the liquid-all single-phase pressure gradient according to Eq. (2.11) or
the liquid-only single-phase pressure gradient is used. Liquid-only (Lo) means
the single-phase pressure gradient that would be predicted if the liquid portion
of the total flow flows alone in the tube (compare also Table 2.5). Frequently
applied models of this category are the model of Lockhart and Martinelli [64]
and of Friedel [65]. [45,66]

Another possibility to consider the effects not covered by the homogeneous
model is to model the frictional component by an empirically based superpo-
sition of the single-phase liquid and the single-phase vapor pressure drop or
another reference pressure drop (modeling approach 3). One of the most fre-
quently used representatives of this category is the model of Miiller-Steinhagen
and Heck [67].

The second term of Eq. (2.8), the acceleration component, accounts for vari-
ations of the momentum density, p,,,, and thus of the vapor quality (e.g. due to
evaporation), the void fraction (e.g. due to a change of the phase distribution),
or the vapor density (e.g. due to a pressure gradient in case of a compressible
fluid) along the tube [45]. The acceleration component of the pressure drop is
either calculated by integrating the second term of Eq. (2.8) between the inlet
and outlet of the tube section under consideration (separated model) or by
simplification to the homogeneous model. In the latter case, the acceleration
component can be written as Eq. (2.12), since the momentum density coincides
with the homogeneous density in the homogeneous model [45].

dp Ldy dx 1-%
B ) )
dz tp,etacc dz p dz Pv pL

. d /1 (1  1ydx
(B (-2
dz \py pv pL/dz

(2.12)

14
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The acceleration component in the homogeneous model accounts for the com-
pressibility of the vapor phase (first term) and the change of vapor quality (sec-
ond term), e.g., due to evaporation. The compressibility of the gas phase may
be neglected if Eq. (2.13) is valid [68]. Assuming an ideal gas, this condition
can be also expressed in terms of Mach number, Ma. This condition is com-
monly fulfilled for flow conditions during flow boiling in horizontal tubes [60].

b )
m -x.__
dp \py

Assuming an incompressible vapor phase, the pressure gradient due to a
change in vapor quality due to evaporation can be expressed by Eq. (2.14).
Ah;y is the enthalpy of vaporization. Thus, the acceleration component of the
pressure gradient is proportional to the average heat flux related to the total
tube surface area between the pressure taps, g*. The porosity, ¥, being 1 for
empty tubes, is included to point out a possible adaption of Eq. (2.14) to flow
through porous inserts.
(dp) m < 1 1 ) 44

dz tp,etacc lpo L Pv AhLV : Di
Since the acceleration component is mainly due to evaporation, the frictional
component of the pressure gradient is conventionally approximated experi-
mentally by measuring the pressure drop under adiabatic conditions. This adi-
abatic pressure drop is investigated in Section 4.1.2. The dependence of the
pressure drop on the heat flux and the comparison to the acceleration compo-
nent described in Eq. (2.14) is examined in Section 4.1.3.

=x-Ma’? <1 (2.13)

(2.14)

2.3.3 Two-phase pressure gradient in porous inserts

There are numerous approaches for describing viscous and capillary flows
through porous media. However, the mass flux typically encountered during
flow boiling exceeds the scope of these models. For high mass fluxes, the lit-
erature agrees on the basic dependence on operating conditions, but no model
concept is available to satisfactorily describe the two-phase pressure gradient
in tubes with porous inserts [23].
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The pressure gradient of two-phase flow in tubes with porous inserts generally
shows the same dependence on operating conditions as the two-phase pressure
gradient in empty tubes and the single-phase pressure gradient in tubes with
inserts. Only the decrease of the pressure gradient with increasing vapor qual-
ity at high vapor qualities typical for two-phase flow in empty tubes is not (yet)
observed for tubes with porous inserts. In addition, porous inserts can change
the flow pattern [8,11,69], which can affect the pressure gradient of two-phase
flow [68]. Figure 2.5 summarizes the key dependencies observed in literature.

single-phase empty tube 1) homogeneous model two-phase empty tube
turbulent, smooth 2) multiplication by a 10402 ~019+01
) two-phase multiplier " meTmT e g
mb75 . 025 3) superposition vapor/liquid 5095101, pl4+0,1
x 125 P !
p Dy > X 72N
|
a) multiplication by a 1 -
penalty factor I a) multiplication by a
" penalty factor
b) geometry-specific model | L
- b) a) + hydraulic diameter
¢) a) orb)+ hydraulic |
: 1 concept
diameter concept
Y
single phase tube with inserts two-phase tube with inserts
porous media, Forchheimer | 1) homogeneous model porous media
2) multiplication by a
me? S, two-phase multiplier Mg 7,p N, Sy 7,6
x p T3 3) superposition vapor/liquid x 7
o

Figure 2.5: Dependence of the pressure drop on operating conditions, fluid properties, and geo-
metrical characteristics according to Blasius [61], Storek and Brauer [60], Mller-
Steinhagen and Heck [67], Forchheimer [70] and Weise et al. [23] as well as model-
ing concepts for the two-phase pressure drop in tubes with inserts.

Table 2.3 reviews the models proposed for the frictional component of the

pressure gradient [15,18-22] of two-phase flow in tubes with sponge inserts.
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Table 2.3:  Pressure drop models proposed for two-phase flow through tubes with sponge inserts.
D-F: Darcy-Forchheimer, exp.: fitted to experiments, F: Forchheimer, L-M: Lock-
hart-Martinelli [64].

authors two-phase single-phase review
pressure drop  pressure drop
approach
Madanietal.[18]  homogeneous D-F (exp.) use of Blasius equation [61] for deriva-

tion of two-phase multiplier invalid

Topin etal. [19] homogeneous D-F (exp. Tadristetal.  use of Blasius equation [61] for deriva-

[71]) tion of two-phase multiplier invalid
Jiand Xu [20] adapted L-M adapted D-F single-phase correlation relies on em-
(exp. Jiand Xu [20]) pirical exponents
Huetal. [21] adapted L-M D-F (Inayatetal.[72])  adaption of 5 fitting factors to relatively
small database
Hu et al. [22] adapted L-M D-F (Inayatetal.[72])  adaption of 8 fitting factors to relatively
small database, use of ppi number
Bamorovat Abadi  homogeneous,  empty tube: Blasius mixing of the concepts two-phase mul-
etal. [15] adapted L-M [61], Hagen-Poiseuille tiplier and penalty factor, use of the

homogeneous model for empty tube,
use of ppi number

previous  work, homogeneous F (Woudberg and Du only valid for vapor qualities < 50%
Weise et al. [23] Plessis [57] or Inayat
etal. [58])

The authors chose either a homogeneous approach or an adapted Lockhart-
Martinelli model. Commonly, the single-phase pressure gradient is predicted
by a model aimed to describe the pressure drop in porous structures. Starting
from this, the two-phase pressure drop is usually calculated by multiplication
with a two-phase multiplier whose structure is based on the empty tube models.
Table 2.3 reveals that all approaches proposed so far for two-phase flow
through porous inserts are either based on invalid physical concepts, require
fitting factors, or are only valid in a limited parameter range. In contrast to the
concepts proposed for porous inserts, the pressure drop in tubes with twisted-
tape inserts is calculated by multiplying the two-phase empty-tube correlation
by a twisted-tape penalty factor [17,46,73,74], sometimes additionally using
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the hydraulic diameter concept [46,74]. Besides geometric properties specific
to twisted-tapes, these approaches also use fitting factors.

The most promising of the approaches presented here is that presented in a
previous work (compare a previous work, Weise et al. [23]) since it does nei-
ther rely on invalid physical concepts nor needs a fitting factor. Moreover, in-
serts may reduce the slip between liquid and vapor phase. This would justify a
homogeneous approach. Moreover, it was shown in a previous work that the
homogeneous model could describe own [75] and comparable literature data
of the pressure drop in tubes with sponge inserts best [23]. This homogeneous
model considers the mass flux, m, the homogeneous density, p, and the struc-
ture of the sponge via the Forchheimer coefficient, 8, according to Eq. (2.15).
The homogeneous density is calculated according to. Eqg. (2.5) and accounts
for the vapor quality and the fluid properties, thus indirectly for the system
pressure.
d 1

A previous work suggests that the Forchheimer coefficient predicted with the
models developed for single-phase flow by Woudberg and Du Plessis [57] or
by Inayat [58] reach the order of magnitude of those determined experimen-
tally [23]. To predict the Forchheimer coefficient the exact knowledge of the
hydrodynamic porosity and the specific surface area of the structure is neces-
sary. A precise determination of these quantities is difficult. The following cri-
teria must be met for the model to be applicable [23]:

o the vapor quality is less than 50%

0.14 VK nig
YLy,
the vapor phase can be considered incompressible,

m

—<0.1
Vreov

the heat flux is so small that the expected contribution of pressure drop
caused by evaporation is negligible
the influence of a confining wall is negligible,

e, e~ <012 0rh(Pr)? 5 « 0.019

> 10

the Darcy term is negligible, i.e., Fo =

|e, MaV =
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Most authors measured the pressure drop only under diabatic conditions. They
neglect the acceleration component of the pressure drop or consider it by the
separated model (second term of Eq. (2.9)) using the void fraction model by
Rouhani [40] (apud [39]) for empty tubes. In contrast, data used for the previ-
ous work [23] and this work were measured both under adiabatic and diabatic
conditions. This allows to investigate the influence of heating on the pressure
drop.

2.4  Flow pattern

In two phase flows, different phase distributions are classified into flow pat-
terns. The flow pattern can influence the pressure drop [68]. Certainly, it has
an effect on the heat transfer coefficient in horizontal tubes, since the local heat
transfer depends on whether a tube segment is wetted or not [1]. In the follow-
ing, the theory of flow patterns in empty tubes is explained. Based on this, the
findings in the literature on flow patterns in tubes with inserts are reviewed.

2.4.1 Flow pattern in empty tubes

The predominant flow pattern of co-current flow in empty tubes depends on
the mass flux, the vapor quality, the heat flux (and its direction), the fluid prop-
erties and the tube inclination [68,76]. Dominant physical mechanisms are dif-
ferent for macrochannels and mini/microchannels. During flow boiling in
mini/microchannels, bubbles tend to be quickly confined and elongated in the
channel even at very low vapor qualities [77]. In macrochannels, gravity plays
an important role in the formation of the flow pattern. The diameter of the test
section used in this work is large enough to be a macrochannel according to
numerous criteria proposed in literature (Kandlikar and Grande [78], Li and
Wu [79] or Harirchian and Garimella [80]). A recent review on flow patterns
in horizontal macrochannels is given by Cheng et al. [81].

Alves [82 apud 68] defined the generally accepted flow patterns for horizontal
tubes. Taitel and Dukler [83] developed transition criteria based on physical
concepts and created a graphical representation for them in a flow pattern map
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in dimensionless form for adiabatic flow. This map is valid for all fluid types
and saturation pressures. Several authors published updates of the Taitel and
Dukler map, adding flow patterns and modifying the calculation of the transi-
tion curves. Kattan et al. [84] transformed the dimensionless form of the flow
pattern map to a more easily accessible form, displaying the transition curves
as a function of the vapor quality and the mass flux. Such kind of map is only
valid for one fluid type at a given saturation pressure, but the dependence on
heat flux, i.e. a dryout region, can be incorporated [76,81,84-86]. This type of
representation was chosen in Figure 2.6. There the flow patterns and the cor-
responding transition curves are shown schematically. In an initial work, it was
investigated which flow pattern transition models are best suited to describe
the heat transfer during the flow boiling of CO> in horizontal smooth tubes [2].
These transition models are included in Figure 2.6. Since the transition curves
proposed so far are often close to each other, the transition is continuous, and
the database was not sufficiently large in some areas, no single favorite could
be determined for the transition from stratified flow to wavy flow and for wavy
flow to intermittent/annular flow.

i — intermittent (slug/plug)

il & a ,
— (stratified) wavy \
E @ . (1998), Woitan ePal-(2005), Wetzel (2017)

\
QQ'

m — mist

S\
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Figure 2.6: Schematic representation of a flow pattern map and the characteristic features of the
individual patterns for diabatic two-phase flows in horizontal smooth tubes. The au-
thors displayed on the transition curves published the correlations recommended in
an initial work [2] for flow boiling of CO, in horizontal tubes. In detail these are
Steiner [39], Thome and EIl Hajal [85], Kattan et al. [84], Wojtan et al. [76] and Wet-
zel [66].
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2.4.2 Flow pattern in tubes with porous inserts

Observing flow patterns via a sight glass in tubes with porous inserts can be
more difficult than in empty tubes because of the obstructed view. Neverthe-
less, this method is often used with highly porous inserts, for example by Bam-
orovat Abadi et al. [87] and Drogemiiller and Gough [88]. Figure 2.7 (a) illus-
trates an intermittent as well as an annular flow observed during flow boiling
of pure R245fa in a 20 ppi sponge. Figure 2.7 (b) shows a stratified-wavy flow
of a water-air mixture in a horizontal tube with a wire matrix insert. In contrast,
Zhao and Lu [44] as well as Zhu et al. [89] suggest to derive the flow patterns
in tubes with sponges from the amplitude of the wall temperatures and the rel-
ative temperature difference at different positions along the tube perimeter
(bottom, middle, top) at constant heat flux.

e (ﬁ?‘z :
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Figure 2.7: (a) Intermittent (left) and annular flow patterns (right) in a tube with sponge insert,

reprinted from Bamorovat Abadi et al. [87], with permission from Elsevier.

(b) Stratified-wavy flow in tube with hiTRAN® wire matrix insert, reprinted from

Drogemiiller and Gough [88].
Figure 2.7 illustrates that inserting porous structures into a tube alters the flow
pattern. Eventually, classifications other than used for horizontal empty tubes
may be necessary and transition criteria need to be adapted. For sponges, Lu
and Zhao [3], Zhu et al. [89], and Bamorovat Abadi et al. [87] propose to cat-
egorize the flow pattern according to the categories of horizontal flow in empty
tubes. The structure of their flow pattern maps resembles the flow pattern maps
of empty tubes. Lu and Zhao [3] and Zhu et al. [89] suggest one flow pattern
map for all investigated sponge types and tube diameters (compare Figure 2.8
and Figure 2.9). In comparison to empty tubes, the transition from wavy to
annular occurs at lower mass fluxes [44,90]. So far, no general modeling ap-
proach for the transition curves of flow patterns in horizontal tubes filled with
sponges has been published.
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Figure 2.8: Flow pattern map for tube with inserts, reprinted from Lu and Zhao [3], with permis-
sion from John Wiley and Sons, fluid: R134a, reduced pressure p, € {0.09; 0.15},
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Figure 2.9: Flow pattern map for tube with inserts, reprinted from Zhu et al. [14], with permis-
sion from Elsevier, fluid: R410A, reduced pressure p, = 0.20, tube diameter:
13.8 mm and 23.4 mm, sponge: 5 ppi — 10 ppi, heated.

A categorization for tubes with twisted-tape inserts differing from the classic

empty tube categorization is given by Kanizawa and Ribatski [43]. They in-

clude stagnant flow and annular-stratified flow as shown in Table 2.4.
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2.4 Flow pattern

Table 2.4:  Flow patterns of two-phase flow in horizontal tubes with twisted-tape inserts accord-
ing to Kanizawa and Ribatski [43]. The figures are reprinted from Kanizawa and
Ribatski [43] with slight adaptions but without changes in content, with permission
from Elsevier.

schematic representation description
stratified liquid in the bottom tube region and vapor in the

Liquid film upper part

stagnant liquid slugs with low frequency
Stationary liquid film  Liquid droplets between liquid slugs: stationary thick liquid film

% W in the lower region of the tube

Vapor bubbles Liquid slugs

intermittent liquid slugs with high amplitude and velocity
Nonlnterrupt I|qU|d ﬂow quwd slugs blocking the tube section intermittently.

g between liquid slugs: non-stationary liquid film at
= Liquid droplets. . Vapor bubbles the tube bottom and close to the tape edge
annular-stratified non-uniform liquid film along the tube perimeter

Liquid film liquid film thicker close to the tape edge.
CZ e =5 smal perturbations in the liquid vapor interface,
Thicker film close to the lateral tape edges perturbations unable blocking the tube cross
section
annular apparent uniform liquid film on the tube perime-

%m ter and relatively small interfacial perturbations
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2.5 Heat transfer

Flow boiling is the evaporation of a fluid flowing through a tube by heat input
from the environment [91]. Due to a lack of a coherent theory, numerous model
approaches are known for heat transport during flow boiling in empty horizon-
tal tubes. For tubes with inserts, only few model approaches have been sug-
gested. Since the hypothesis is to be tested whether flow boiling in tubes with
porous inserts can be described using the model equations for heat transfer in
flow boiling in empty tubes and single-phase heat transfer in tubes with porous
inserts, these two topics are addressed first. A model is presented that describes
the experimental data obtained in the flow boiling test facility for empty tubes
well. Then, the literature on flow boiling in tubes with inserts is reviewed.

2.5.1 Flow boiling heat transfer in empty tubes

This chapter focusses on the description of heat transfer during saturated flow
boiling in horizontal macrochannels. Boiling of a saturated liquid implies that
the average temperature of the liquid is equal to the equilibrium temperature
corresponding to the system pressure [91]. This condition is approximately ful-
filled for flow boiling with the exception of very small and very large vapor
qualities. The assumption of thermodynamic equilibrium allows the calcula-
tion of the vapor quality from an enthalpy balance according to Eq. (2.16) [91].

h—h

The predominant heat transfer mechanisms in saturated flow boiling depend
on the operating conditions (x, m, ¢) and fluid properties (o, pv, o, Trv, AhLy).
Consequently, flow boiling is classified into different regions. Figure 2.10 out-
lines these regions as a function of heat flux and vapor quality. Also illustrated
is the heat transfer coefficient curve at constant heat flux (blue) and constant
vapor quality (red). The individual regions and the transition curves are ex-
plained below.

X = xeq = (2.16)
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Figure 2.10: Qualitative classification of saturated flow boiling as a function of vapor quality and
heat flux as well as dependence of the heat transfer coefficient on vapor quality and
heat flux. Illustration is a combination of illustrations from Collier and Thome [68]
and Baehr and Stephan [92]. Curves of the heat transfer coefficient are shown for
constant heat flux (i and ii, blue) and constant vapor quality (I and I, red).
Two-phase forced convective boiling occurs at heat fluxes below the onset
of nucleate boiling (ONB) or dryout. Heat is transferred by conduction and
convection through the liquid and vapor is continuously generated at the phase
interface [68]. The heat transfer coefficient increases with vapor quality and
mass flux, independent of heat flux [68,93]. Dryout occurs after a critical heat
flux is reached and the liquid film on the wall is completely evaporated. It is
characterized by a sharp decline of the heat transfer coefficient (compare Fig-
ure 2.10, curve i and ii in blue). In the liquid deficient regime droplets and
rivulets still cool the wall more efficiently than vapor alone would [68].

At heat fluxes higher than the onset of nucleate boiling (ONB), the boundary
layer is superheated sufficiently to allow the formation of stable bubbles by
heterogeneous nucleation at nucleation sites at the tube wall. The correspond-
ing heat flux, gong, depends on fluid properties and flow conditions (effective
convective boiling reduces the superheat in boundary layer at tube wall). Sat-
urated nucleate boiling thus superimposes the convective heat transfer and
the heat transfer by bubbles departing from the wall. The heat transfer coeffi-
cient is almost independent of vapor quality and mass flux and increases with
increasing heat flux as smaller bubbles are stable, i.e. more bubbles can be
formed [68]. At even higher heat fluxes, the bubbles coalesce to a vapor film,
called departure from nucleate boiling (DNB) [68].
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Numerous models have been proposed for heat transfer in the forced convec-
tive boiling range and in the saturated nucleate boiling range. For boiling in
horizontal tubes, the influence of wetting additionally superimposes these
mechanisms. Therefore, models are preferred which first calculate the wetted
perimeter of the tube wall as a function of the predicted flow pattern and sub-
sequently compute the heat transfer coefficient in the wetted and dry regions
of the tube separately. In addition, the boundary condition at the tube wall must
be considered for flow boiling in horizontal tubes. The tube wall can be heated
either with heat flux uniformly distributed over the circumference or at a con-
stant wall temperature. The latter can result in non-uniform heating of the tube
wall in case of asymmetrical flow distribution.

The well-established flow pattern-based models by Thome’s group
[1,42,94,95], developed for horizontal circular tubes heated at a constant heat
flux, could not describe satisfactorily the experimental data of CO, at a con-
stant wall temperature [24,66]. Thus, in an initial work (compare Weise et al.
[2]) the flow pattern-based models proposed by Thome's group to the constant
wall temperature condition are adapted. For this purpose, experimental data by
Schael [24], Wetzel [66] and own data [96] are used. The model thus derived
can predict more than 80% of all data within an error interval of £30% and
reproduces observed trends well [2]. Figure 2.12 illustrates the structure of this
model for calculating the local heat transfer coefficient in a segment j, ayp ;.
Based on the void fraction, ¢, the dry angle of a hypothetical stratified flow,
Bary,s» 1S calculated. Using this angle, the fluid properties, and the heat flux,
the transition curves of the flow patterns are determined. According to the par-
ticular flow pattern, the dry angle, 64, and thus the dry fraction of each seg-
ment, fary,;, Can be computed. Along the unwetted arc of the tube, the vapor

heat transfer coefficient, ay, is calculated by adapting the Dittus and Boelter
single-phase heat transfer correlation [97] to the two-phase flow. The heat
transfer coefficient of the wetted arc is calculated by a cubic superposition
(first suggested by Steiner and Taborek [98]) of the nucleate boiling heat trans-
fer coefficient, a,p,, and a convective boiling heat transfer coefficient, a,. The
nucleate boiling heat transfer coefficient, a,,, is modeled according to
Cooper’s pool boiling model [4], as given in Eq. (2.17). The equation is based
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on the reduced pressure, p,, the molar mass, M, and the local heat flux, q;. This
widely used form of Cooper’s equation assumes a surface roughness of 1 pm
and applies to most tube material. Cooper suggests a constant of 95 instead of
55 when the tube material is copper [99 apud 4]. In the analysis in the initial
work [2], 55 was used for both copper and brass tubes, since no difference was
observed between the two test section materials (compare also Section 3.5) and
and thus the model is consistent with the models from Thome's group.

0.67

-05 .
@nb,j _ L 012 [ -0.55 , M . ( 4 ) 2.17)
Wm—2K-1 55-pr [—logiopr] gmol 1 W m-2 (

The calculation procedure of @, was determined by Kattan et al. [1] by com-
paring their model with experimental flow boiling data (Figure 2.11).

4
3+ % ° y °
2 N
In(Y,) = 0.69*In(Re, ) - 4.32
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Figure 2.11: Development of convective boiling heat transfer correlation according to Kattan et
al.[11.Y; = Nugp exp - Pr™* with N, ey, based on the film thickness, 8. Rey, cor-
responds to Rey 5 according to Eq. (2.22). Figure is reprinted from Kattan et al. [1],
with permission from ASME.
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void fraction: Rouhani drift-flux model [40]
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Figure 2.12: Overview of the recommended structure of a flow pattern-based model for predicting
the local heat transfer coefficient for non-uniformly heated empty evaporator tubes
[1,2,4,39,40,66,76,84,85,97,100,101] according to an initial work (Weise et al. [2]).
If two or more models are proposed for the same step, the database was not sufficient
enough for an unambiguous decision. The flow patterns are explained in Figure 2.6.
All equations are listed in the initial publication [2].
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An important aspect of modeling flow boiling is the adaptation of the single-
phase heat transfer correlations to the two-phase flow. This is done by using a
two-phase Reynolds humber, for which there are several different definitional
approaches. Table 2.5 illustrates five of these approaches using the liquid phase
as an example. The Reynolds number of the vapor phase is defined analo-
gously. In the model suggested in an initial publication (Weise et al. [2]) for
empty tubes, the separated Reynolds number, Rey s, is used for the vapor
phase while the film Reynolds number, Rey s, is used for the liquid phase. For
the adaption of the single-phase heat transfer correlations of tubes with inserts,
the choice of the Reynolds number will play an important role.

Table 2.5:  Overview of definitions for two-phase Reynolds numbers for heat transfer in the lig-

uid phase.
model concept equation
liquid-onl liquid portion of the total flow assumed to i-(1-%)-D;
q Y quid portio Rey, = MO0 2.18)
flow alone in the tube HL
liquid-all total flow assumed to be liquid Re,, = mﬂ;fi (2.19)
homogeneous total flow assumed to be homogeneous mix- Re _ mD;
ture, liquid fim at the wall Lhom = 5oy (2.20)
separated liquid portion of total flow assumed to flow in m-(1-%)-D;
. . P ReL,sep = _ (221)
cross section occupied by liquid uL(1-9)
film liquid portion of total flow assumed to flow in 4 m-(1-%)6
o Reps — (2.22)
film distributed at tube wall L (1-¢)

2.5.2 Heat transfer in tubes with porous inserts

In the modeling approach for empty tubes presented in Section 2.5.1,the cor-
responding single-phase heat transfer model is used to describe the heat trans-
fer coefficient in unwetted tube segments during flow boiling. This indicates
that this approach could be transferable to the description of the vapor heat
transfer coefficient in tubes with inserts. Due to the better mixing of the two
phases by the inserts compared to empty tubes, the convective part of the flow
boiling in the wetted region of tubes with inserts could possibly also be de-
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scribed by appropriate single-phase heat transfer models. Correlations describ-
ing the single-phase heat transfer at the wall would be predestined. As these
correlations were and still are scarce, some authors also approximated the heat
transfer coefficient at the wall by correlations for the heat transfer coefficient
inside porous structures. Consequently, both correlations for the heat transfer
inside porous structures and for heat transfer at a wall adjacent to a porous
structure are reviewed in the following.

This latter approach was pursued e.g. by Lu and Zhao [3]. They suggested us-
ing the single-phase correlation by Zukauskas [102] to calculate the vapor heat
transfer in the sponge structure and at the tube wall. Zukauskas [102] investi-
gated the heat transfer in staggered arrangements of tubes. Their frequently
cited correlation (Eq. (2.23)) was fitted to their experimental data of the heat
transfer coefficient at the first row in such an arrangement. The characteristic
diameter, d, is calculated by Lu and Zhao [3], similar to Calmidi and Mahajan,
by accounting for the strut shape of sponges. For 40 < Re < 1000, the expo-
nentm is 0.5 and the constant C = 0.51. Zukauskas defines the Reynolds num-
ber, Re, with respect to the superficial velocity.

A
ay=C RemPr°377V (2.23)

Calmidi and Mahajan [103] compared the correlation of Zukauskas [102] to
their experimental data for the heat transfer in sponges in a porosity range of
Y = 0.89 — 0.97 and found the same Reynolds characteristic. From their data,
Calmidi and Mahajan could conclude that C > 0.52 for 40 < Re < 1000 alt-
hough their correlation is frequently cited with ¢ = 0.52.

Meinicke [104] conducted a numerical study of the heat transfer coefficient in
precisely reconstructed sponge samples, among others of the 10 ppi and the
20 ppi sample used for this thesis. He proposed to model the heat transfer co-
efficient of air (Pry = 0.7) flowing through sponge samples by Eq. (2.24). Fit-
ting the correlation to numerical results for 0.1 < Re < 100 yielded ¢ = 0.39
and Nu2;,, = 0.71. Assuming the same dependence of Nu on Pr as Zukauskas
[102] results in € =0.45.
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ayd
Nuy = VTS _ 3\/Nu3 + (C - Re®5)3 (2.24)

AV min
The heat transfer coefficients numerically determined by Meinicke are approx-
imately 13% lower than the model of Zukauskas [102].

To describe the single-phase heat transfer coefficient at a tube wall with adja-
cent sponge inserts, only the correlations by Bianchi et al. [5] are available.
They derived correlations depending on the gap width between the tube wall
and the inserted sponge structure. Eq. (2.25) describes the Nusselt number, Nu,
for a gap of 100 um and constant wall temperature. The Péclet number, Pe =
Re - Pr, is related to the window diameter, d,, and the intrinsic velocity, u =
m-pt.
Nu = % =1.97 + 0.09 Pe®73 ; 2 < Pe < 64000 (2.25)

For wire matrix elements, there is no known general relationship in the litera-
ture for calculating single-phase heat transfer at the tube wall. For the specific
hiTRAN® wire matrix element used in this work, a confidential single-phase
heat transfer correlation by CALGAVIN Ltd. [33] based on Reynolds number
and Prandtl number is available.

2.5.3 Flow boiling heat transfer in tubes with porous
inserts

In the following, relevant experimental studies, prevailing mechanisms, and
modeling approaches for flow boiling heat transfer in tubes with porous inserts
are summarized. Where relevant, porous fins are also considered.

While there are several studies on heat transfer during flow boiling in horizon-
tal tubes with twisted-tape and wire-coil inserts [16,17,105-113], only publi-
cations on flow boiling in vertical channels are known for sponge inserts or
wire matrix elements. Furthermore, there are investigations on flow boiling in
horizontal tubes with sponges soldered to the tube wall.
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Madani et al. [18] studied the boiling of n-pentane in a vertical rectangular
channel with sponge inserts. Comparing their experimental results with the
heat transfer in an empty channel based on a correlation for flow boiling of
water, they state that the insertion of sponges increases the heat transfer coef-
ficient. Compared to experimental results with sponges soldered to the channel
wall, the heat transfer coefficient was slightly smaller for inserted sponges.
Drogemiiller [9] suggests the use of hiTRAN® wire matrix elements for falling
film evaporators with viscous mixtures, as the elements disturb the laminar
sublayer, resulting in a better mixing and thus a larger driving temperature dif-
ference for a mixture of fluids with different saturation temperatures. In addi-
tion, the distribution of the liquid film is improved. Hammerschmidt and Scholl
[114] investigated the use of a hiTRAN® wire matrix element in a natural cir-
culation evaporator with water or water-glycerol mixtures. Compared to the
empty tube, the inserts increase the heat transfer coefficient during evapora-
tion. The research groups Lu/Zhao [3,44,90], Zhu/Hu [13,14,89,115,116] and
Bamorovat Abadi/Kim [15,87,117] studied flow boiling in horizontal tubes
with sponges soldered to the tube wall (porous fins). They investigated sponges
made from copper (porosity between 85% and 96%, 5 ppi to 40 ppi). They
used R134a, R410A, and R245fa as a working fluid. The tube diameter varied
from 4 mm (Bamorovat Abadi/Kim) to 26 mm (Lu/Zhao). Common to these
investigations is that an increased heat transfer coefficient by up to a factor of
three was found compared to the empty tube. Zhu et al. [14] state that espe-
cially the convective heat transfer coefficient is enhanced, thus the relative in-
crease compared to an empty tube is high for high vapor quality and mass flux.
At low mass fluxes, the structure scarcely influences the flow [14].

To summarize, the heat transfer during flow boiling is increased both for ver-
tical channels with inserts and for horizontal channels with porous fins. How-
ever, there is disagreement about the prevailing mechanisms that lead to the
observed improvement and thus the transferability of the results to flow boiling
in horizontal tubes with porous inserts. Table 2.6 lists and categorizes mecha-
nism discussed in the literature and specifies the conditions under which these
mechanisms might come into play. For classification purposes, it is necessary
to distinguish between fins and inserts (compare Section 2.1). With favorable
material and geometric properties, fins can provide an additional path for heat
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transfer from the tube wall to the fluid, namely through the solid structure. In
inserts, heat conduction in the solid structure is negligible due to the large con-
tact resistance between the structure and the tube wall; therefore, heat transfer
to the fluid is dominated by heat transfer to the tube wall. However, like fins,
inserts may influence the flow characteristics, such as the flow pattern or the
velocity gradient adjacent to the wall, thus affecting the heat transfer at the
tube wall.

Table 2.6: Suggested mechanism by which porous fins and inserts can influence the heat trans-
fer coefficient during flow boiling. The mechanisms specific to porous fins are addi-
tionally listed to show the differences. Notes in italic are own conclusions.

in case of high thermal conductivity of continuous structure [19], low contact

resistance [14], high heat transfer area [8,14,19], heat transfer coefficient

dominated by convection

— additional heat transfer through structure (fin effect) [14,19,118-120]

— enhancement especially of vapor heat transfer coefficient

in case of heat transfer through structure, high surface roughness

— additional nucleation sites [8,11,14] / promotion of bubble incipience
[121]

— increase of nucleate boiling contribution

fins

in case of small channels and struts adjacent to the wall

— steeper local velocity gradients, steeper temperature gradients, disturb-
ance of thermal boundary layer [12], restrained bubble growth and depar-
ture [8,14]

— increase of convective boiling contribution [8,21,119,122], decrease of
nucleate boiling contribution [14]
in case of statistic obstructions [19], tortuous fluid path [8], or centrifugal
convection [11,119]

— better mixing [8,9,14,19,44,119,122]

— increase convective boiling contribution [8,14,119]

fins and inserts

in case structure acting as climbing aid or centrifugal forces

— better wetting of tube wall [3,9,14,17,21,43,87]

— increase average heat transfer coefficient in original wavy or intermittent
flow regime [14], postpone dryout, improve heat transfer coefficient in mist
flow

Lu and Zhao [3] presented a flow pattern-based model for the heat transfer
coefficient during flow boiling in uniformly heated horizontal tubes with sol-
dered sponges (see Figure 2.13), i.e. porous fins. Similar to the flow pattern-
based empty tube model by Kattan et al. [1] (compare Figure 2.12), the void
fraction and the stratified dry angle are calculated according to Rouhani [40]
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and Biberg [100]. Based on an experimentally determined transition curve
from wavy-to-intermittent/annular flow, the dry angle is identified. For linear
interpolation in the wavy flow region, Lu and Zhao assumed that the transition
from stratified flow to wavy flow occurs at very low mass flux and thus set the
transition to 0 kg m2s?. The film thickness is calculated according to the
empty tube correlation by Kattan et al. [1]. The heat transfer through the
sponge structure is considered by numerically solving a homogeneous energy
equation. The heat transfer coefficient at the solid-fluid interface is calculated
in the vapor phase according to a model of Zukauskas [102] for staggered cyl-
inders and in the liquid phase according to the Cooper equation (pool boiling)
[4]. Due to its modular design, this model can be adapted to a flow through a
tube with inserts. In this case, the high contact resistance at the wall prevents
relevant heat transfer in the structure and thus between the structure and the
fluid. For this purpose, only the heat transfer coefficient at the tube wall is
considered.

Zhu et al. [14], Bamorovat Abadi et al [15], Agrawal and Varma [16], and
Akhavan-Behabadi [17] pursued another approach for porous fins and
twisted-tape inserts. They calculated the boiling heat transfer coefficient in
an empty tube at the same operating conditions and multiplied it by an impact
factor fitted to experimental data. This impact factor differs in the influencing
factors considered.
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Figure 2.13: Flow pattern-based model for the heat transfer coefficient during flow boiling in uni-
formly heated horizontal tubes with soldered sponges according to Lu and Zhao [3].

2.6 Interim conclusion

Sections 2.3.3, 2.4.2 and 2.5.3 support the problem formulated in the introduc-
tion that there is a lack of models without fitting parameters necessary for the
optimization of flow boiling heat transfer in horizontal tubes with porous in-
serts. For the pressure drop, all proposed models rely on invalid concepts, re-
quire fitting parameters, or are valid only in a limited parameter range. For the
flow pattern, there is no general model approach yet. For the heat transfer co-
efficient in tubes with porous inserts, no model is known so far either. Whether
the model concepts of porous fins can be transferred to porous inserts is ques-
tionable, since there is disagreement in the literature about the prevailing
mechanisms.

However, promising model approaches and the necessary established laws
could be identified for both the pressure drop and the heat transfer coefficient.
In detail, these are the homogeneous model approach (see Section 2.3.2) com-
bined with suitable single-phase correlations (see Section 2.3.1) for the pres-
sure drop, as suggested in a previous paper [23], and a model approach based
on the empty tube concept by Kattan et al. [1] (see Section 2.5.1) combined
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with single-phase correlations for porous inserts (see Section 2.5.2) for the heat
transfer coefficient.

This allows the assumption that the hypothesis stated in the introduction can
be confirmed at least in part. For a verification or falsification of the hypothe-
sis, the test section presented in the next chapter allows the simultaneous meas-
urement of the pressure drop, the heat transfer as well as the flow pattern. A
special feature of this test section is the measurement of the spatially resolved
heat transfer in the circumferential direction as well as the determination of the
flow pattern via various methods. This allows an in-depth insight into the
mechanisms of flow boiling, so that an evaluation of physical concepts is pos-
sible.
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3  Experimental setup and data
evaluation

The experiments were carried out on the flow boiling test facility at the Insti-
tute of Thermal Process Engineering (TVT) of the Karlsruhe Institute of Tech-
nology (KIT). The test facility consists of a test loop in which liquid CO- can
be pre-evaporated to achieve a desired vapor quality in the test section. Thus,
the test section is representing a short section of a horizontal evaporator tube.
CO, was chosen as working fluid because it is considered a sustainable me-
dium for refrigeration and also has suitable physical properties in the context
of testing the hypothesis.

To investigate the influence of porous inserts on flow boiling in a horizontal
tube, a new empty tube test section was designed to meet the requirements of
high-resolution temperature measurement. The inner diameter of this test sec-
tion corresponds exactly to the inner diameter of a former empty tube test sec-
tion, so that validation is possible. The former empty tube test section was de-
signed by Niederkriiger [123] and used by Schael [24] and Wetzel [66] for CO,
flow boiling experiments.

The condenser necessary for condensation of the working fluid and the subse-
quent sub-cooler are cooled by two brine circuits, which are fed from a brine
buffer tank. This tank is, in turn, cooled by a vapor-compression refrigeration
system. The brine circuits and the vapor-compression refrigeration system
were recently revised by Wetzel [68], who describes this part of the test facility
in detail in his work. Therefore, Section 3.1 concentrates on the description of
the test loop, mainly on the test section. After validating the new empty tube
test section used in this work, two different types of sponges and a wire matrix
element were inserted into the test section. The relevant properties and the po-
sition of the inserts are discussed in Section 3.3. The experimental procedure,
the operating conditions, and the derivation of heat flux, the vapor quality, the
pressure drop and the heat transfer coefficient from the measured quantities are
described in Section 3.4.
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3 Experimental setup and data evaluation

Parts of the following sections were adapted from the publications of the ex-
perimental data, compare Weise et al. [75,96].

3.1 Testcircuit

Figure 3.1 illustrates the test circuit of the flow boiling test facility. The fol-
lowing explanation starts with the centrifugal pump of the test circuit (bottom
left) and follows the path of the CO. in the measuring mode. This hermetic
refrigerant pump (TH. WITT Kaéltemaschinenfabrik GmbH) delivers pure sub-
cooled CO-, (purity grade 4.5) into the test circuit as well as into a bypass. The
bypass is required for the minimum volume flow necessary for cooling the
pump. Through the interaction of the orifice plate installed in the bypass and
an electronic control valve in the test circuit, the mass flow rate in the test
circuit can be adjusted. A Coriolis mass flow meter (Promass F 60 by En-
dress+Hauser AG) measures the mass flow rate shortly after the bypass is
branched off. Directly thereafter, the temperature and pressure of the sub-
cooled liquid is measured (platinum resistance temperature sensor Pt100 and
burster 8103-50 by burster Prazisionsmesstechnik GmbH & Co. KG respec-
tively). On the one hand, these values are used in the enthalpy balance to de-
termine the vapor quality in the measuring section (see Section 3.4.4), and on
the other hand, it can be ensured that the liquid is actually subcooled at this
point. A particle filter (depth filter) is used to remove any corrosion particles
from the circuit. Subsequently, three pre-evaporators partially evaporate the
CO.. These are electrically heated at the bottom of the tube. The pre-evaporator
directly upstream of the test section has the same internal diameter as the latter
in order to avoid entrance effects and, if necessary, also to be filled with inserts.
The electrically heated test section is equipped with sensors for determining
the wall temperature (thermocouple type E), saturation pressure (burster 8103-
50 by burster Prézisionsmesstechnik GmbH & Co. KG), differential pressure
(Rosemount 3051C by Emerson Electric Co.) and electrical power (WT 1030
by Yokogawa Deutschland GmbH). The test section is discussed in detail in
Section 3.2). Downstream of the test section, the flow can be observed via a
sight glass. A high-speed camera (Motion Corder Analyzer by Kodak, frame
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3.1 Test circuit

rate: 500 fps) records the observations. Further downstream, the vapor is rel-
iquefied in a shell and tube condenser using a secondary brine cooling circuit.
The pressure in the test section depends on the saturation pressure in the con-
denser. This saturation pressure in turn is adjusted by controlling the tempera-
ture of the brine at the condenser outlet. The CO; returns to the centrifugal
pump via a storage tank and a sub-cooler (double tube heat exchanger), which
is also cooled by the secondary brine cooling circuit. The sub-cooler prevents
cavitation in the centrifugal pump. The complete test circuit is insulated with
ArmaFlex® or - in the vicinity of the pre-evaporators - with aluminum foil-
laminated rock wool.

particle
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cooler
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Figure 3.1: Process flow diagram of the flow boiling test facility. Figure adapted from the pub-
lication of the experimental data, compare Weise et al. [96].

The standard uncertainties of the instruments are specified in Table 3.1. These
uncertainties are included in the analysis of the measurement uncertainty of the
operating and result variables as presented in Section 3.4.
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3 Experimental setup and data evaluation

Table 3.1: Instrument standard uncertainties (k = 1) according to the publication of the experi-
mental data, compare Weise et al. [96].

instrument o(k=1) notes
digital power meter +0.05% of reading  according to calibration
thermocouple type E +0.14 K mainly due to geometrical imperfection of the test section
(test section) and irregular heat transfer, determined by numerical simula-
tion
thermocouple type E +0.02 K with external cold junction, calibrated, uncertainty of calibra-
(insulation test sec- tion standard and calibration procedure
tion)
thermocouple type K <104K with internal cold junction, IEC-60584-1 [9], checked by com-
(insulation) parison to calibration standard
resistance thermome-  £0.02 K uncertainty of calibration standard and calibration procedure
ter (Pt100)
pressure transducer 0.0018 MPa uncertainty of calibration standard and calibration procedure
+0.008% of reading
differential pressure +40 Pa uncertainty of calibration standard and calibration procedure
transducer
mass flow meter +0.15% of reading; : manufacturer’s specification
+0.02% of range

3.2  Test section

The test section was especially designed for measuring the heat transfer coef-
ficient and the pressure drop of flow boiling in tubes with inserts. It resembles
formerly used smooth tube test sections [24,66,123], but bears more thermo-
couples and has a different heating concept beside being able to host various

inserts.

Figure 3.2 illustrates the axial view of the test section, combined with the ad-
joining sight glass. Table 3.2 lists relevant specifications of the test section.
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3.2 Test section

gmp3 gmpz gmpl

Y Y
sight glass test section

Figure 3.2: Axial view of test section and sight glass. The position of the three measurement
planes (mp), the heated length, Ly, and the distance between the pressure taps, Ly,
are illustrated.

The pressure is measured via six holes distributed around the circumference at
the inlet and six holes at the outlet of the tube. These holes connect the tube to
two annular chambers integrated in the inlet and outlet flange. The annular
chambers ensure the correct determination of an average static pressure of the
two-phase flow, independent of the flow pattern. The annular chamber at the
inlet of the tube is connected to a pressure transducer (burster 8103-50). Both
annular chambers are connected to a differential pressure transducer (Rose-
mount 3051C).

The wall temperature is measured in three measurement planes (mpl, mp2,
mp3). The tips of up to 6 type E thermocouples (304 stainless steel sheath,
grounded junction) are located in these planes of measurement. The thermo-
couples are soldered into axial grooves in the tube wall. To obtain a uniform
temperature distribution, thermocouple dummies are soldered into all grooves
without thermocouples. Figure 3.3 shows the location of the thermocouples.
The reference junctions of the thermocouples are electrically isolated by small
glass tubes filled with silicon oil and tempered in a copper block immersed in
a thermostat. The temperature of the reference junction is measured by a plat-
inum resistance temperature sensor (Pt100). The temperature of the thermostat
is set to 40 °C.
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brass tube

gap filler
graphite heating foil

thermocouple/
thermocouple dummy

brass cuboid to fill groove/
solder

solder

Figure 3.3: Cross-sectional view of test section in the heated zone. The thermocouples tips

(marked in red) in mpl are located at angles ¢ = 0°; 60°; 120°; 180°; 240° 300°.

[F;g?re adapted from the publication of the experimental data, compare Weise et al.
The heated zone of the pipe is divided by grooves into six circumferential seg-
ments. Graphite heating foils heat each segment independently. The heating
foil is electrically separated from the test section by a gap filler. The tube ma-
terial and the depth of the grooves was optimized by numerical simulation to
achieve a compromise between azimuthal heat conduction and temperature ho-
mogeneity at the inner tube wall (see Appendix B.3). Three polyoxymethylene
shells and staggered hose clamps fix the heating foil and the gap filler. This
arrangement allows the segments to be heated as evenly as possible and re-
duces the contact resistance between the outer tube wall and the heating foil.
The graphite heating foils are electrically contacted with high current test
probes. The power input is measured by two digital power meters (WT1030
by Yokogawa Deutschland GmbH). Table 3.2 specifies the geometrical and
thermal characteristics of the test section as well as exact designation of the
components and directly installed sensors.
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3.3 Tube inserts

Table 3.2:

Specification of the test section.

tube material
inner diameter
distance between pressure taps, Ly,

brass, CuZn39Pb3
14.00 mm + 0.01 mm
247 mm £ 0.7 mm

heated length, Ly, 195 mm + 5 mm
distance between beginning of the heating mp1 97.5mm + 3.5 mm
zone and the planes of measurement, mp2 130.5 mm £ 3.5 mm
Linp1 Lmpzs Linps mp3 163.5 mm + 3.5 mm
distance between the thermocouple tip and the ~ mp1 0.914£0.10 mm
inner surface of the tube walll mp2 0.8940.10 mm

mp3 0.884+0.10 mm
mean arithmetic surface roughness, R, 0.8-10¢m

thermal conductivity of brass, A 116+ 8Wm-1K-1@-10°C

118+ 8Wm-1K-1@ 40 °C
AET 05/200/2E TAT25/2m/ZEH/MFM.E
by ES Electronic Sensor GmbH

SIGRAFLEX® F02012TH
by SGL Carbon SE

HSS-120 305 300 S 30 02 M
by INGUN Priifmittelbau GmbH

TGF-R0500-SI
by HALA Contec GmbH & Co. KG

thermocouples type E
graphite heating foil
high current test probes

gap filler

3.3  Tube inserts

Since most of the pressure drop and heat transfer models for porous inserts
have been proposed for sponges so far (compare Section 2.3.3 and Sec-
tion 2.5.3), two different kinds of metal sponges are chosen as exemplary in-
serts. Due to their potential for use in technical heat exchangers, hiTRAN®
wire matrix elements are also being investigated. The inserts and the position
in the test section during the tests are explained in the following subsections.

3.3.1 Metal sponges

A 10 ppi and a 20 ppi copper sponge were introduced into the test section and

the adjacent sight glass. The copper sponges were purchased from the Fraun-
hofer Institute for Manufacturing Technology and Advanced Materials
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3 Experimental setup and data evaluation

(IFAM) in Dresden. Cylinders (Figure 3.4 (a)) were cut from several blocks
produced using replication technology [124]. Due to manufacturing con-
straints, a sponge consists of several pieces of approx. 50 mm length. The struts
are triangular (Figure 3.4 (b)) and contain large pores due to the template and
small pores due to the sintering process (Figure 3.4 (c)).

Figure 3.4: (a) sponge sample; (b) micrograph of window; (c) microsection of strut.

Table 3.3 lists the average properties of the sponges. A more detailed descrip-
tion of the properties and the measurement methods can be found in a publica-
tion of the experimental data, compare Weise et al. [96].

A coarse sieve adjacent to the sight glass fixes the sponges, which lie in the
test section with a clearance fit of <70 um. Figure 3.5 and Figure 3.6 illustrate
the positions of the individual sponges.

In case of the 10 ppi sponge, the copper sponge was framed by a transparent
plastic sponge to observe the flow pattern in the sight glass and to guarantee a
developed flow pattern in the planes of measurement (total length of copper
sponge samples, L, = 200.2 mm). The plastic sponge was created by 3D
printing using a model similar to the 10 ppi copper sponge. In case of the 20 ppi
sponge, the sight glass and the inlet of the test section were filled with metal
sponges since the manufacture of transparent plastic sponges with that pore
density was not possible at that time. To exclude the influence of entrance ef-
fects on the pressure drop and heat transfer measurement, two different en-
trance lengths are investigated for each sponge type (see Table 3.4).

44



3.3 Tube inserts

Table 3.3:  Geometric properties of sponge samples in test section. The averaged value, the max-
imum deviation of the average of different samples (), the uncertainty of the method,
20, the standard deviation s, and the standard deviation of the mean, s,, where ap-

plicable.
10 ppi 20 ppi
13.96 '35 mm 13.97 3% mm
20 =0.05mm 20 =0.05mm
total porosity, 1 90.7 104 % 89.7 158 94
20 =0.07% 20 = 0.07%
open porosity, P, 87622 % 86.8 1G5%
(gas pycnometry) 20 =0.41% 20 =0.41%
open porosity, 1, 85.5% 84.5%
(MCT reconstruction)
secondary porosity 8.4% 8.4%
(Vsecondary pores/Vst) 20 =34% 20 =34%
mean strut diameter, d, 450pm 275 um
S, =16 um; s =103 ym Sy =14 ym;s =72 uym
mean window 1561 um 1027 um
diameter, d., S, =63 um; s =332 um Sy =53 uym; s =238 um
specific surface area, sample V: 952 m! sample X: 1375 m"!
A
v = Veylinder

gmp3 gmpZ gmpl

Y
sight glass

Y
test section

Figure 3.5: Positions of the sponge pieces in case of the 10 ppi sponge. More plastic sponges
were inserted upstream to evaluate entrance effects. Relevant lengths are specified in

Table 3.4.
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Emp?: EmpZ Empl

Al Y
sight glass test section

Figure 3.6: Positions of the sponge pieces in case of the 20 ppi sponge. Sponge sample X and XI
were inserted to evaluate entrance effects. Relevant lengths are specified in Table
3.4.

Table 3.4: Sponge samples integrated into the test section and entrance length with respect to
the measurement plane 1 (Le} + Lmp1) and the inlet pressure tap (Le,p).

sponge type and sponge samples  length upstream of mp1 length upstream of entrance
measurement mode  (copper) (Lep + Lmp1) pressure tap (L p)
/mm /mm
10 ppi, shortened I-IV 136 12
10 ppi, basis -IV 333 209
20 ppi, shortened I-IVb 133 9
20 ppi, basis -XI 233 109

3.3.2 Wire matrix inserts

The hiTRAN® wire matrix element investigated was provided by CALGAVIN
Ltd. [33]. It consists of stainless-steel wire windings interwoven in two twisted
wires. The diameter of the twisted wire is 1.2 mm, the diameter of the wire
used for the windings is 0.6 mm. The porosity of this element is 93.9%, and
the specific surface area is approximately 400 m™'. Owing to the manufacturing
process, the windings of the element are folded in one direction so that the
elements can be drawn into the test section and the pre-evaporator. Due to the
spring effect of the wire windings, the wire matrix element is force-locked to
the wall. After installation, the hiTRAN® wire matrix element completely fills
the heated zone of the test section and the sight glass and 60 cm upstream of
the inlet pressure tap. Figure 3.7 shows a photo of the hiTRAN® wire matrix
element used and the flow direction of CO,.
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3.4 Experimental procedure and evaluation

Figure 3.7: Image of the hiTRAN® wire matrix element applied in the test section. The flow
direction against the inclined windings is indicated by the arrow.

3.4 Experimental procedure and evaluation

The target values for the assessment of flow boiling in porous structures are
the adiabatic and diabatic pressure drop per unit length, the heat transfer coef-
ficient and the flow pattern. For comparison with empty tube data, the follow-
ing operating conditions must also be specified: mass flux, vapor quality, sat-
uration pressure/saturation temperature and heat flux. The Sections 3.4.1 to
3.4.8 focus on the derivation of these quantities from the raw data (tempera-
tures, pressures, mass flow, power). The raw data acquisition is performed with
a LabVIEW routine in steady state. Within 50 s, 40 data points are recorded
from which the average value and standard deviation are calculated. Steady
state was ensured by a start-up time of 40 minutes and a waiting time of at least
3 minutes after small changes. Furthermore, all operating conditions averaged
over 10 s had to be constant within 3 minutes within a specified range in order
to account for strongly fluctuating flow (Ary <1kgm?s’,
Apry < 0.02 MPa, Ax < 0.01, AAp < 0.1 kPa (10 ppi) or < 0.7 kPa (20 ppi)).
To check the validity of these conditions, a repeat measurement was performed
after 5 minutes.

Table 3.5 summarizes the range of operating conditions investigated and dis-
cussed in this thesis. Experimental results and the measurement uncertainty
determined according to the “Guide to the expression of uncertainty in meas-
urement (GUM)” [125] for sponges are reported in the publication of the ex-
perimental data, compare Weise et al. [75,96] in an open-source database. “The
standard uncertainties of the measurands [...] are estimated by means of a type
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3 Experimental setup and data evaluation

B evaluation. The individual evaluation is based on the manufacturer’s speci-
fications of the measurement device (compare Table 3.1) or calibration device,
on preliminary tests, or — for the temperature distribution in the test section —
on numerical calculations (see Appendix B.3). A similar procedure is applied
to estimate the standard uncertainty of geometrical and material properties
such as the thermal conductivity of the tube wall, the thermal transmittance of
the insulation or the dimension of the test section. [...] The expanded combined
standard uncertainty with a coverage factor of k = 2 describing a confidence
level of 95% is calculated from these basic standard uncertainties by error
propagation” [96]

Table 3.5:  Overview of the operating conditions of two-phase pressure drop heat transfer meas-
urements studied and discussed in this work.

type of saturation  reduced superficial ~ vapor averaged
structure measure- pressure  pressure mass flux quality heat flux
ment | MPa lkgmzst /% [ kW m2
sponde pressure
S0 ooe drop, 12,265 016,036 25-150  007-0.98 <07
PP flow pattern
flow boiling
sponge, s 1219 0.16; 0.26; i i )
20 ppi Peerattrans 265 0.36 25-125 010-098 53-51
soonde pressure
18 g| drop, 12,265 016,036 25-150  0.05-098 <07
pp flow pattern
flow boiling
sponge, ® 1.2,1.9; 0.16; 0.26; ) ) )
10 ppi ?eerattrans 265 0.36 25-125 0.03-0.96 35-65
. o pressure
w;EAN drop, 12:265 016,036 25-200  0.06-098 <07
flow pattern
. flow boiling
®
PTRAN® heattans: 12,265 016,036 25-190  010-082 53-49
fer
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3.4.1 Mass flux

As defined in Section 2.2 , Eq. (2.1), the (superficial) mass flux, m,, is calcu-
lated from the mass flow rate, M, and the cross-sectional area, 4, of the empty
tube. The (interstitial) mass flux in the inserts, m, is related to the cross-sec-
tional area of vapor and liquid. The mass flow rate is measured in the super-
cooled flow immediately after the bypass branch by a Coriolis mass flow meter
(Promass F 60 by Endress+Hauser AG).

The superficial mass flux allows both the agreement with single-phase pressure
drop correlations used to calculate the two-phase pressure drop (compare Sec-
tion 2.3.1 and 2.3.3) and the comparison of the heat transfer coefficient in dif-
ferent structures at the same mass flow rate. The interstitial mass flux ensures
conformity with the void fraction correlations (see Section 2.2) and the single-
phase heat transfer correlation by Bianchi et al. (see Section 2.5.2).

The measurement uncertainty (k=2) of the superficial mass flux is
0.4kgm?2st for a mass flux of 25kgm?s! and 1.1kgm?2s? for
200 kg m2 s, 1t is influenced by the uncertainty of the mass flow rate meas-
urement, i.e., the uncertainty of the mass flow meter (compare Table 3.1), and
the uncertainty of the tube diameter determined by an internal micrometer with
a standard uncertainty of £0,01 mm.

3.4.2 Heat flux

The segmentation of the test section allows to set two different thermal bound-
ary conditions. Firstly, the power of the individual segments can be controlled
so that the wall temperature is the same in all segments (“constant wall tem-
perature”). Secondly, the same heat flux can be set in all segments (“constant
heat flux™). In both cases, the local heat transfer coefficient, a; ;, i.e., the heat
transfer coefficient in measurement plane i at segment j, is comparable for the
same local heat flux, g;. A stratified flow pattern causes the local heat transfer
coefficients to vary considerably along the tube circumference. In this case, a
constant heat flux boundary condition induces high temperature differences in
the tube wall along the tube circumference. This leads to azimuthal heat flux,
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3 Experimental setup and data evaluation

which complicates the accurate determination of the local heat transfer coeffi-
cient. Consequently, a constant wall temperature boundary condition is set in
the experiments.

Figure 3.8 illustrates the calculation of the local heat flux in one segment j.
The total heat transferred is composed of the electrical power converted in the
heating foil, Qel_ j» and the heat introduced from the environment, Q'p, ;- The
electrical power is calculated taking into account the power dissipation in the
connection lines by the factor Ky;ss. The heat transfer from the environment is
estimated by means of the thermal transmittance, kA, and the temperatures
measured in the insulation, Ti,gin and Tipsout- The thermal transmittance has
been determined under vacuum conditions and validated using single-phase
measurements (see Section 3.5). The heat transfer area of segment j is one-
sixth of the tube’s inner surface in the heated section. It is calculated the tube’s

inner diameter, D;, and the heated length, L;,.

insulation (Armaflex®)

T

ins,out

fixation (PEEK)

graphite heating foil

gap filler

brass tube

Figure 3.8: Detail of the cross-sectional view of the test section to illustrate the calculation of the
heat flux in segment j. The representation of the fixation and the insulation is not true
to scale.

Thus, Eq. (3.1) determining the local heat flux is derived from the measured

quantities.

. 1. 1
_ Qel,j + EQP _ Kdiss Pel,j + gkA(Tins,out - Tins,in)

q; T
Aj E'Di'Lh

@3.1)

50



3.4 Experimental procedure and evaluation

The average heat flux, g, is calculated by averaging the local heat flux. Due to
different flow patterns and thus different local heat transfer coefficients, flow
boiling tests with the boundary condition “constant temperature” are not com-
parable for the same average heat flux. Furthermore, it should be noted that the
local heat flux, g;, is neither a valid comparative value for the pressure drop,
since the distance between the pressure taps does not correspond to the heated
length, Lj,.

The measurement uncertainty of the heat flux is mainly influenced by the un-
certainty of the transmittance of the test section insulation and by the uncer-
tainty of the factor Ky;ss. The uncertainty of the transmittance influences the
measurement uncertainty particularly at low heat fluxes, the uncertainty of the
factor Ky;ss at high heat fluxes. In summary, the relative measurement uncer-
tainty (k = 2) of the local heat flux is less than 20% for heated segments.

3.4.3 Saturation pressure and saturation temperature

To calculate the saturation pressure in the respective measurement plane, the
course of the pressure between the pressure taps at the inlet and at the outlet
needs to be approximated. At constant total mass flux, the pressure course de-
pends mainly on the vapor quality, which changes linearly in the test section.
It will be shown in Section 4.1 that the pressure drop in tubes with porous in-
serts is a quadratic function of the vapor quality. However, the second deriva-
tive of this function is small. Moreover, the vapor quality changes little in the
test section (Ax < 35% for a mass flux of 25 kg m?2 st and Ax < 10% for mass
fluxes > 125 kg m2s?%). These two facts justify a linear interpolation of the
saturation pressure between the pressure taps. Therefore, the saturation pres-
sure, pry,, in the respective measurement plane i is calculated by Eq. (3.2).

L.
PLv,i = PLvtsin T L—lAP (3.2)
p

PLvtsin IS the static pressure measured at the inlet of the test section (ts), L; is
the distance between the inlet pressure tap and the measurement plane i, Ly, is
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the distance between the two pressure taps and Ap is the measured pressure
difference (compare Figure 3.2).

The saturation temperature, Tyy ;, is calculated from the respective saturation
pressure, pLy;, using the equation of state of CO, according to Span and Wag-
ner [126].

3.4.4 Vapor quality

The vapor quality, x;, in the respective measurement plane i is determined by
means of an enthalpy balance, assuming a thermodynamic equilibrium. As ex-
plained in Section 2.5.1, this assumption is valid for a wide vapor quality
range. The control volume comprises the pre-evaporators and the test section
up to the respective measurement plane as well as unheated, insulated tube
sections (compare Figure 3.1).

The refrigerant enters the control volume sub-cooled, i.e., its specific enthalpy
is a function of the pressure and temperature at this point, hp i, = f(Tin, Pin)-
The liquid enthalpy and the enthalpy of vaporization in the measurement plane,
hy; and Ahpy ;, depend exclusively on the saturation pressure in the respective
plane, ppy ;. The saturation pressure is determined by linear interpolation (com-
pare Section 3.4.3). The heat supplied by the pre-evaporators and the respec-
tive part of the test section as well as the parasitic heat transfer from the envi-
ronment through the insulation are considered, i.e., X Q = ¥ Qq + 3. Qp.
Similar to the calculation of the heat flux in the test section (see Section 3.4.2),
the power dissipation in the connection lines and the thermal transmittance of
the insulation of the pre-evaporators are taken into account. Eq. (3.3) summa-
rizes the enthalpy balance.

. ZQ - (hL,i - hL,in) M
l Ahpy,; - M

(33)
A validation of the vapor quality was carried out on the basis of single-phase

measurements, in which the enthalpy difference was calculated redundantly
via the heat supplied and via the temperature differences at various points in
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the test circuit. The results were included in the measurement uncertainty eval-
uation. The measurement uncertainty analysis of the vapor quality revealed a
particularly large uncertainty for small mass flows, which is why measure-
ments at the KIT/TVT flow boiling test facility with mass fluxes below
25 kg m2s? are subject to large uncertainties. The insulated, unheated tube
sections contribute most to the measurement uncertainty, as their thermal trans-
mittance is difficult to estimate. The relative measurement uncertainty (k = 2)
at a mass flux of 25 kg m2 s and a saturation pressure of 1.2 MPa is 5%. At
amass flux of 150 kg m? s and a saturation pressure of 2.65 MPa the relative
uncertainty reduces to 1%.

3.4.5 Wall temperature

To calculate the heat transfer coefficient, knowledge of the temperature at the
inner tube wall, Ty, is necessary. A direct measurement of this temperature is
not possible at the current state of the art without influencing the fluid flow.
Therefore, Tyy is extrapolated from the temperature T, which is measured by
thermocouples (tc) soldered into the tube wall, using Eq. (3.4). This equation
is based on the assumption of one-dimensional heat conduction in a cylindrical
shell segment. This is done for each segment j in each measurement plane i.

. D¢
60, () (3.4
fwis = Teet) =5

Eqg. (3.4) takes into account the heat transferred through the respective seg-
ment, Q']-, according to Section 3.4.2. The diameter D, ; is related to the ther-
mocouple tips in each measurement plane i. D; is the inner diameter of the tube,
Ly, is the heated length and A, corresponds to the thermal conductivity of the
test section. The thermal conductivity of the test section material was deter-
mined experimentally, compare Appendix B.2.

In addition to the measurement uncertainty of the thermocouples, the inaccu-
racy due to the simplification of the complex test section geometry to a hollow
cylinder is also taken into account. To estimate the deviation, the temperature
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distribution in the test section was simulated with STAR-CCM+ under differ-
ent boundary conditions, i.e., constant heat flux and heat flux varying for each
segment. The inaccuracy due to simplification is considered in the measure-
ment uncertainty with a standard deviation (k = 1) estimated to be 0.13 K (see
Appendix B.3). This is the largest contribution to the overall measurement un-
certainty of the wall temperature.

3.4.6 Pressure drop

The pressure drop per unit length corresponds to the measured pressure drop,
Ap, related to the distance between the pressure taps, Li,.

The heat flux, ¢*, which is given for comparison purposes along with the pres-
sure drop results, is calculated by dividing the total heat transferred in the test
section by the inner surface of the tube between the pressure taps. Due to the
test section layout, the heat flux related to the heated tube area, ¢, would lead
to wrong results if used in Eq. (2.14).

The measurement uncertainty (k = 2) of the pressure drop is 0.3 kPa m, and
thus the relative value is higher for low pressure drops. It is basically influ-
enced by the uncertainty of the differential pressure measurement, the uncer-
tainty of the distance between the pressure taps being negligible.

3.4.7 Flow pattern

The two-phase flow in the sight glass was observed by high-speed video re-
cording (KODAK Motion Corder Analyzer, CCD b/w camera, 500 fps). Partly
the videos were characterized by image analysis. MATLAB was used to cal-
culate the standard deviation of each pixel of all frames of a high-speed video
(see Figure 3.9). Since both liquid and gaseous CO; are transparent and only
the phase boundary is clearly visible in the videos, the standard deviation is a
qualitative measure for the fluctuation of the phase boundary. The standard
deviation thus obtained is normalized to gray scale values between 0 and 1 and
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saved as an image. White (1) corresponds to strong fluctuations of the phase
boundary and black (0) indicates no fluctuation.

r

y

t

X

1 % ~ )
P (x,y) a(x.y)=jm;(Pt(x,y)—P(x,y))

Figure 3.9: Schematic illustration of image processing to determine the position of the boundary
layer according to a previous work, compare Weise et al. [127]. P.(x, y): pixel at the
coordinates x, y of the frame captured at time t; a(x, y): standard deviation of the
pixels at the coordinates x, y; P(x, y): arithmetic mean of all pixels at the coordinates
x,y; n: number of frames.

Following the example of Kanizawa et al. [43] and Zhao et al. [44], the pres-

sure and temperature fluctuations are evaluated in addition to the video image

evaluation to judge the flow pattern. Moreover, the dependence of the local
heat transfer coefficients on the heat flux and the relative magnitude of the

local heat transfer coefficients are used to assess the wetting behavior.

3.4.8 Heat transfer

Eqg. (3.5) is used to determine the local heat transfer coefficient, a; ;, of each
segment j in measurement plane i. The heat flux in the segment, q;, (see Sec-
tion 3.4.2), the temperature at the inner wall of the tube, Ty, ;, (see Sec-

tion 3.4.5) and the saturation temperature of the respective measurement plane,
Ty ;, (see Section 3.4.3) are included in the calculation.

q;
Tw,j — Tovi(Puv,i)
The circumferentially averaged heat transfer coefficient is determined in mpl
using Eg. (3.6).

(3.5)

Qip,ij =

1
QAp1 = gz QAp,1,j (3.6)
J
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3 Experimental setup and data evaluation

To classify the relative measurement uncertainty (k = 2) of the local heat trans-
fer coefficient, Ugy, 1j/atp,1,j' it is useful to categorize the operating conditions

according to the heat flux and the temperature level, i.e., the saturation pres-
sure. Table 3.6 lists for each category the result and the dominant contributions
to the relative uncertainty. In view of these large values, it should be noted that
the uncertainty presented refers to a comparison with another test section.
However, if the measurement data are compared with measurement data ob-
tained with the same test section but with a different or no insert, the uncer-
tainties are significantly lower. This statement is plausible if one realizes that
the main contributions to the uncertainty of the heat transfer coefficient are the
uncertainty of the thermal transmittance of the insulation and the uncertainty
of the power dissipation in the connection lines. Both the thermal transmittance
and the power dissipation are constant for measurements with the same test
section. Their contributions are therefore not relevant for a comparison of dif-
ferent measurements obtained with the same test section. Consequently, re-
peatability measurements (compare Section 3.5) are performed to determine
the order of magnitude of the measurement uncertainty relevant for comparing
different measurements obtained with the same test section.

Table 3.6: Classification of the relative measurement uncertainty (k = 2) of the local heat trans-
fer coefficient (ug,, , ./ @tp,1,7)-

pv < 1.2 MPa pLv = 1.9 MPa
Yapaj 0 u )
oy exceeds 50% for several 250 < ~“P1 _ 500p
measurement points @tp,1,5
G <15 kW m2

Dominant contribution: uncertainty of the thermal transmittance of the in-
sulation. A larger temperature difference between the fluid and the envi-
ronment causes a larger relative uncertainty

Uy, .
et < 250,
atp,l,j

g >15kw m? Dominant contribution: uncertainty of the power dissipation in the con-
nection lines, described by Kg;ss
Independent of g, p.y or other operating conditions (i, x).
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3.5 Validation and repeatability

3.5 Validation and repeatability

For the validation of the new test section, both single-phase and two-phase
tests were carried out before the porous structures were introduced. The results
of the validation experiments were integrated into the measurement uncertainty
evaluation.

To validate the heat transfer coefficient, the experimentally determined heat
transfer coefficient of the single-phase flow is compared with established cor-
relations according to chapter G1, VDI heat atlas [128]. Since the experimental
Reynolds number, Re.,,, exceeds 4000 in all cases investigated, the corre-
sponding local Nusselt numbers, Nup,.q, are calculated assuming turbulent
flow (compare Gnielinski [129]). Eq. (3.7) and Eqg. (3.8) give the equations for
disambiguation using the inner tube diameter D; and the heated length before
measurement plane 1 including pre-evaporator 3, Lyp; + Lpes-

N = €78 (Reexy = 1000) - Priy [1 3( D; )2’3] o)
P 14127 58 (PRl -1 | 3\Lnp + Lpes '
&= (1.8 logyo Reeyp — 1.5) (3.8)

Moreover, the experimental heat transfer coefficients and the corresponding
experimental Nusselt numbers are determined according to two different meth-
ods. For method A, the heat flux is calculated according to Eg. (3.1). For
method B, the heat flux is determined by means of an enthalpy balance between
mp1 and mp2 using the wall temperature in the respective measurement plane.
Method B is based on the assumption that the temperature difference in the
wall corresponds to the temperature difference of the bulk flow. For both meth-
ods, the temperature of the bulk flow is estimated from the temperature meas-
ured upstream of pre-evaporator 3 and the heat input in pre-evaporator 3 and
the test section. This leads to a relatively large measurement uncertainty of this
evaluation. Figure 3.10 shows that the experimentally determined Nusselt
number is nevertheless in good agreement with the established correlation. The
larger variation of the experimental results calculated according to method B
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3 Experimental setup and data evaluation

is due to the temperature difference between mpl and mp2 in the order of mag-
nitude of 0.1 K, which is close to the measurement uncertainty.

200
o experiments , 4 o experiments , 4
parity 7 parity Vi
- - +30% 4 - - +30% 4
150 - Yo -
/ [1a] o
i ZEE N <
< / ol e ’ m| -
=1 m /
£100 v = > mm
= ’ < ’ e
= o 2 - e
74 ’4
/D . 7z m/ . 7z
50 , P | P Pr, e [2.24; 2.27]
e e Re, < [6000; 33000]
P Pl T, e [-29 °C; -13 °C]
0 T
0 50 100 150 200 0 50 100 150 200
Nug,, /- Nug,, /-

Figure 3.10: Comparison of experimentally determined heat transfer (here: Nusselt number) and
heat transfer coefficient predicted by single phase heat transfer correlations. Left:
experimental heat transfer based on heat input (method A), right: experimental heat
transfer based on temperature difference between mpl and mp2 (method B).

The repeatability of the heat transfer coefficient and the pressure drop meas-

urements was verified by repeating the measurements under nominally identi-

cal operating conditions on different days within two years. The evaluation of

the results in Figure 3.11 to Figure 3.14 for a mass flux of 150 kg m2s*and a

vapor quality of 50% allows following two conclusions.

First, the repeatability is significantly better than the measurement uncertainty
for these operating conditions. The result is transferable to other operating con-
ditions and means that the comparison of two measurements with the same test
section and test facility but different inserts is better than predicted by means
of the GUM-determined measurement uncertainty.

Secondly, no clear trend in the change of the measurement results could be
determined. For heat transfer measurements at 1.2 MPa (see Figure 3.11), no
deviation between the measurement series can be observed. In contrary, for
2.65 MPa, heat transfer measurements in July 2018 are slightly lower than pre-
vious measurements (see Figure 3.12).
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Figure 3.11: Averaged heat transfer coefficients of two-phase flow boiling in the empty test sec-
tion under nominally identical operating conditions, measured on different days over
a period of one year for a saturation pressure of 1.2 MPa.
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Figure 3.12: Averaged heat transfer coefficients of two-phase flow boiling in the empty test sec-

tion under nominally identical operating conditions, measured on different days over
a period of two years for a saturation pressure of 2.65 MPa.
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Figure 3.13: Pressure drop per unit length of two-phase flow in the test section under nominally
identical operating conditions, measured on different days over a period of one year
for a saturation pressure of 1.2 MPa.
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Figure 3.14: Pressure drop per unit length of two-phase flow in the test section under nominally
identical operating conditions, measured on different days over a period of two years
for a saturation pressure of 2.65 MPa.

For pressure drop measurements at 1.2 MPa (see Figure 3.13), measurements

in February 2017 are slightly higher than the other measurements, while at

2.65 MPa measurements in July 2018 are slightly increased (see Figure 3.14).

Therefore, for both heat transfer and pressure drop measurements, a systematic
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3.5 Validation and repeatability

variation in the measurement results over time can be excluded, as it is only
observed at one pressure level in each case. Consequently, a random measure-
ment error can be assumed. For heat transfer measurements, the random meas-
urement error can be attributed to operating parameters that cannot be repeated
exactly (especially mass flux, vapor quality, and heat flux distribution). For
pressure drop measurements in empty tubes, the measured values are very
close to the lower range of the differential pressure transducer. Thus, the zero-
ing of the transducer before each measurement series may cause the observed
fluctuations.

Figure 3.15 and Figure 3.16 show a comparison of the pressure drop and the
average heat transfer coefficient determined with the new test section with data
by Schael [24]. For heat fluxes below 30 kW m, both data sets agree within
the scope of the measurement uncertainty.

1.0
Schael (2009) new test section pLv=2.65 MPa|
30kg m2s?|||x,=50%
B O 75kgm?st 50 kg m? st
£ O 150kgm?s?t 150 kg m?2 st
©
2
X~
- 05
o
<
=) 5 o
<o
0.0 o | O AR
0 10 20 30
q* | KW m2

Figure 3.15: Comparison of the pressure drop per unit length measured with the new test section
(without inserts) with data by Schael [24] at a saturation pressure of 2.65 MPa and a
vapor quality of 50%. The mass flux was varied.
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Figure 3.16: Comparison of the average heat transfer coefficient measured with the new test sec-
tion (without inserts) with data by Schael [24] at a saturation pressure of 2.65 MPa
and a vapor quality of 50%. The mass flux was varied.

In summary, the validity, repeatability and comparability of the test section to

the test section by Schael [24] was demonstrated. Consequently, the test sec-

tion can be used to test the hypothesis of this thesis.
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4 Results and discussion

In the following the experimental results of two-phase flow in tubes with in-
serts regarding pressure drop, flow pattern, and heat transfer are discussed sep-
arately. The experimental data are published as open-source databases for
sponge inserts [75,96]. The analysis of the experimental data uses own publi-
cations [2,23,127] as a starting point but goes beyond the findings there and
focuses on testing the hypothesis of this work.

For reasons of clarity, only every second error bar is displayed in the diagrams.
If not indicated otherwise, error bars correspond to the extended measurement
uncertainty (k=2).

4.1  Pressure drop

Experimental results of both adiabatic and diabatic pressure drop measure-
ments in porous inserts are discussed to identify promising model approaches.
First, any influence of entrance effects on the experimental results is excluded.
Afterwards, an adaption of the Forchheimer model to two-phase flow is sought.
At last, the influence of heat input on the pressure drop is evaluated.

4.1.1 Entrance effects

Entrance effects - such as the formation of the flow pattern or stagnation point
flow at the leading edge of the inserts - can influence the pressure drop. To
exclude the influence of stagnation point flow, the inserts were filled into the
test loop upstream of the test section. In order to ensure that the experimental
results are not influenced by the formation of the flow pattern, the length of the
inserts before the inlet pressure tap, L., (see Section 3.3), needs to be suffi-
ciently large. In case of hiTRAN® wire matrix elements, this is ensured by an
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4 Results and discussion

extremely long entrance length (60 c¢cm). Unlike the production of the hi-
TRAN® wire matrix elements, the manufacturing of the sponge inserts is com-
plex and expensive. Therefore, a shorter L, , had to be realized (see Table 3.4).
To ensure a sufficient length, L. , was varied for the sponge inserts (basis and
shortened) and the measurements were compared. Figure 4.1 shows the pres-
sure drop for two different sponge lengths before the inlet pressure tap for the
20 ppi sponge.

m, / kgm? st
1004 v 25 v 50 75 100 125 |
AV NG -
o e oV
= \_/\\_” 7 4 . \va v
v V N
© <V o W.-V
a \ N Lan
<. 10 K ¥ - _ VJ
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vv V Dbasis
7 sponge 20 ppi || ¥ shortened
by =2.65MPaf- -+ a,+a;x+a,x
1
0 1
x, /-

Figure 4.1: Adiabatic pressure drop per unit length as a function of the vapor quality in mp1, %,
for different lengths of sponge upstream of the inlet pressure tap, L. Polynomial
fits (dotted lines) are applied to the basis measurement (L., = 109 mm).
A direct comparison of the experimental results of the pressure drop of the
basis and the shortened configuration is not possible because the vapor quali-
ties vary slightly between the measurements and the pressure drop is strongly
dependent on the vapor quality. Consequently, to interpret the data, the short-
ened configuration is indirectly compared with the bases case. For this purpose,
the relative deviation of the measured data to 2" order polynomial fits (a, +
a, - %, + a, - %, %) of the basis case data are calculated. The polynomial fits are
illustrated in Figure 4.1. The median, the 25" percentile, and the 75™ percentile
of this relative deviation are shown Figure 4.2 for both inlet lengths for the
20 ppi sponge and the 10 ppi sponge.
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Figure 4.2: Statistics of the relative deviation of adiabatic pressure drop data from the polynomial
fit of the basis data. For the polyn omial fit see Figure 4.1.

The statistical characteristics are almost identical for both inlet lengths. Con-

sequently, the inlet length and thus the formation of the flow pattern has no

influence on the measured pressure drop in the investigated parameter range.

4.1.2 Adiabatic pressure drop

To investigate the dependence of the pressure drop on mass flux, the influence
of the vapor quality is eliminated by interpolating data points at the vapor qual-
ities %, = 0.25, %, = 0.5, and %; = 0.75 for each mass flux according to 2"
order polynomials. The 2" order polynomials describe the data sufficiently
well, since the relative absolute deviation of the measured data from the poly-
nomials is less than 5% in 90% of all cases (compare Figure 4.2, reference case
Lep, = 109 mm). In Figure 4.3 the interpolated data points are shown together
with two 2" order polynomials (b - mi,? and b, - m, + b, - niy?), exemplary
for a saturation pressure of 2.65 MPa and a vapor quality of 50%. The latter
polynomial is consistent with the observation that pressure drop of single-
phase flow through porous inserts is typically described by the Darcy-Forch-
heimer equation (see Eq. (2.7) in Section 2.3.1). The first polynomial resem-
bles asymptote of the Darcy-Forchheimer equation for high mass fluxes,
namely the Forchheimer term.
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Figure 4.3: Adiabatic pressure drop per unit length as a function of mass flux for different inserts
for a vapor quality of 50% and a saturation pressure of 2.65 MPa. Data points were
calculated according to second-order polynomials.

The pressure drop dependency on the mass flux can be described well by a 2"

order polynomial (b, - mq + b, - my%). The relative deviation of most data

points (90%) is less than 3%. For low mass fluxes, the asymptote b - ni,? de-
viates significantly from the experimental results. However, for high mass
fluxes ( my = 50 kg m? s for sponges and m, = 75 kg m? s for hiTRAN®
wire matrix elements) the relative deviation of most data points (90%) from
the asymptote b - m,” is less than 5%.

The adaption of the Darcy-Forchheimer equation to a two-phase flow could
reveal the dependence on the saturation pressure and the vapor quality, but is
not trivial. The saturation pressure influences the fluid properties, i.e., the kin-
ematic viscosity, v, and the density, p.

The kinematic viscosity mainly influences the linear component of the Darcy-
Forchheimer equation. There is disagreement in the literature especially about
the modeling of the kinematic viscosity [45]. However, the flow velocities in-
vestigated in this thesis are too high to allow a reliable statement about the
model to be used. This inadequacy would impair all further investigations. In
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4.1 Pressure drop

order to correctly identify the trends at least at high mass fluxes, the measure-
ment data are thus limited to mass fluxes > 50 kg m?s* (= 75 kg m?s* for
hiTRAN® wire matrix elements) to keep the influence of the linear component
as low as possible and still maintain enough measuring points for a meaningful
analysis.

Based on this consideration the hypothesis whether the pressure gradient at
high mass fluxes can be described by Eq. (4.1), an adaption of the Forchheimer
equation to two-phase flow, shall be tested.

d—p=ﬁ-f( ) - (CEY)
dlL PL, Pv, X) my

Consequently, all relevant pressure drop data are divided by the square of the
mass flux, m?, and the single-phase Forchheimer coefficient, 8, determined
experimentally for the 20 ppi sponge and the hiTRAN® wire matrix elements.

Figure 4.4 illustrates this quotient, i.e., f (pL, pv, X), as a function of the vapor
quality for 20 ppi sponge and hiTRAN® wire matrix elements. The form factor
of the 10 ppi sponge is fitted accordingly (see Figure 4.5). For orientation, the
reciprocal values of the liquid density and the vapor density are shown. The
connecting line between these two values corresponds to the model of the ho-
mogeneous density. Five important results can be derived from these two fig-
ures.
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Figure 4.4: f(p., py, %) as a function of the vapor quality for the 20 ppi sponge insert and the
hiTRAN® wire matrix element and saturation pressures. The reciprocal values of the
liquid and the vapor density and the homogeneous model serve for orientation.
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Figure 4.5: f(p., py, %) as a function of the vapor quality for the 10 ppi sponge inserts and satu-
ration pressures. The reciprocal values of the liquid and the vapor density and the

homogeneous model serve for orientation. For reference, the experimental results of
the other inserts are included.
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First, the dependence of the pressure drop on vapor quality and saturation pres-
sure is identical for the 20 ppi sponge and the hiTRAN® wire matrix element.
These two inserts are fundamentally different in their characteristic dimen-
sions. The data set of the 10 ppi sponge can also be brought into agreement
with the other two data sets if the Forchheimer coefficient is selected accord-
ingly (see Figure 4.5).

Secondly, the dependence of the pressure drop on the vapor quality up to a
vapor quality of 0.9 can be described by a 2" order polynomial. At low vapor
qualities, i.e., x < 0.5, f (py, py, %) is smaller than the values according to the
homogeneous model. No justification for this behavior could be found within
the scope of this work. At high vapor qualities, i.e., x > 0.8, this function ex-
ceeds the values according to the homogeneous model. Reasons for this excess
may be the increasingly different velocities of the vapor and liquid phases and
the resulting stronger interactions between the two phases [67] at high vapor
qualities.

Thirdly, the observed behavior is similar to the behavior in the empty tube.
However, in the empty tube a deviation from the linear behavior is more pro-
nounced, especially at high vapor qualities. This can be judged by comparing
Figure 4.4 and Figure 4.5 to Figure 4.6. The latter shows the func-
tion f(pL, py, X) for experimental data of the empty tube by Schael [24]. Pre-
sumably, the inserts prevent a large difference in velocity between the two
phases.
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Figure 4.6: f(pL, py, %) as a function of the vapor quality for the empty tube. The experimental
data by Schael [24] are divided by 2 - 0.079 - Re™%25 - 2 - D[* with Re = - D; -
fi~*. The homogeneous viscosity, f, is calculated according to McAdams’ model
[63]. For comparison, experimental data of the porous inserts are included. In case
of pLy = 1.2 MPa, which differs from the system pressure of the empty tube data, an
additional line for the homogeneous model (x; py* + (1 — %,)p[?) is also included.

This leads to the fourth finding, namely that the Forchheimer equation, evalu-

ated with the homogeneous model (compare Eq. (4.2)) can reproduce the

measured data at high mass fluxes with an acceptable accuracy, overestimating
most datapoints (compare Figure 4.7). The Forchheimer coefficient can be de-
termined most exactly experimentally by single-phase measurements and esti-
mated by appropriate models for single-phase flow. For solid sponge inserts,
the use of the models by Woudberg and Du Plessis [57] or Inayat et al. [58]
combined with a specific surface measured by uCT scanning (see Table 2.2)

is proposed [23].

dp dp
dL ~ dL

o

hom
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Figure 4.7: Box-plot of the relative deviation of data calculated by Eq. (4.2) from experimental
pressure drop data (mass fluxes > 50 kg m?2s? for sponges and > 75 kg m? s* for
hiTRAN® wire matrix elements).

For a better description, a correction function, €, according to Eq. (4.3) can be

applied. Such a procedure was proposed by Storek and Brauer [60] for empty

tubes.

ap _ . %

dL dLlhom
To investigate the nature of this function, the experimental data are divided by
the data predicted by the homogeneous model according to Eq. (4.2). Figure
4.8 illustrates that this correction function depends mainly on the vapor quality
and shows no clear dependence from the saturation pressure and the insert type.
Moreover, no dependence from the mass flux could be observed (data points
with different mass fluxes are each summarized with a single symbol in Figure
4.8, here no scattering can be detected). Consequently, the value of the correc-
tion function, Q, and the corresponding uncertainty can be estimated from Fig-
ure 4.8 for all investigated porous inserts and the investigated parameter range.
For a generally valid mathematical description, a larger database should be
considered.

4.3)
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Figure 4.8: Experimental pressure drop data (mass fluxes >50kg m?s? for sponges and
> 75 kg m? s for hiTRAN® wire matrix elements) divided by Eq. (4.2) to obtain a
correction function, Q. This function is displayed as a function of the vapor quality
for all insert types and saturation pressures investigated.

And fifth, a universal correction function describes the pressure drop, although

the flow pattern varies from stratified to annular (compare Section 4.3). Con-

sequently, the flow pattern has no influence on the adiabatic pressure drop of
porous inserts in the tested parameter range, indicating that the predominant
mechanisms remain unaffected by the flow pattern.

In summary, the hypothesis of this thesis can be accepted for the adiabatic
pressure drop, although an even better description can be obtained by multi-
plying the homogeneous model by a fitting function. To avoid the need for a
fitting function, it is recommended to apply the homogeneous approach to the
Forchheimer equation. This leads to Eq. (4.2) for describing the adiabatic pres-
sure drop in porous structures at high mass fluxes. The Forchheimer coeffi-
cient, 8, should be determined experimentally by single-phase measurements.
If this is not possible, 8 may be estimated by models suitable for single-phase
flow.
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4.1 Pressure drop

4.1.3 Dependence on heat input

To investigate the influence of heat input, the results of the diabatic pressure
drop are compared with the corresponding adiabatic pressure drop. The latter
is calculated according to 2" order polynomials on the basis of a vapor quality
profile in the test section because small, unavoidable changes of operating con-
ditions (especially mass flux and vapor quality) overlay the effect of the heat
input. Figure 4.1 exemplarily shows such 2" order polynomials.

Figure 4.9 shows the additional pressure drop due to heat input as a function
of the heat flux, which is related to the distance between the pressure taps, ¢*.
For comparison, the results of the empty tube under the same operating condi-
tions are shown (open symbols), together with the prediction of the accelera-
tion pressure drop by the homogeneous model for constant fluid properties (see
Eg. (2.14) in Section 2.3.2).
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Figure 4.9: Additional pressure drop due to heating as a function of the heat flux related to the
distance between the pressure taps. Empty tube data by Schael [24] was recorded at
a saturation pressure of 1.0 MPa.

For the empty tube, the acceleration pressure drop calculated by the homoge-

neous model (Eq. (2.14)) describes the experimental data well. Contrary, the

additional pressure drop in tube with inserts exceeds the acceleration pressure

drop observed in the empty tube by orders of magnitude. In general, the higher

the adiabatic pressure drop in a tube with insert (20 ppi sponge > 10 ppi sponge
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> hiTRAN® wire matrix elements), the higher is the additional pressure drop
due to heat input. The additional pressure drop in tubes with inserts is, similar
to the acceleration pressure drop in the empty tube, proportional to the heat
input. However, too less data and no physical concept is available to develop
a statistically reliable model to describe the additional pressure drop due to
heating.

4.2 Heat transfer

In horizontal tubes, the heat transfer during flow boiling is directly related to
the wetting behavior of the fluid flow. To assess the influence of the inserts
which extends beyond a change in wetting, the heat transfer in completely wet-
ted segments is analyzed first. The heat transfer in partially wetted segments is
evaluated based on the results for completely wetted segments. The last section
briefly discusses intermittently wetted segments.

4.2.1 Completely wetted segments

The bottom segment (thermocouple at 180°) and the adjacent segments (120°,
240°) are completely wetted for all conditions investigated, if no dryout occurs
due to high vapor quality. The top segments (0°, 60°, 300°) are wetted for mass
fluxes > 75 kg m2 s (sponges) and > 125 kg m2 st (hiTRAN® wire matrix
elements) respectively.

Figure 4.10 and Figure 4.11 illustrate exemplarily for selected operating con-
ditions the local heat transfer coefficient of the bottom segment in the first
measurement plane for different inserts as well as - for comparison - for the
empty tube. In addition, the nucleate boiling contribution, «,,, according to
Cooper [4], Eq. (2.17), and the superposition with a hypothetical convective
boiling contribution, ag, of 2000 Wm?2K<?, 4000W m?K? and
8000 W m2 K- are shown for orientation. The data points shown are repre-
sentative of all operating conditions studied.
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Figure 4.10: Comparison of the local heat transfer coefficient of the bottom segment (180°) in
tubes with inserts with the heat transfer coefficient in an empty tube at a saturation
pressure of 2.65 MPa. The nucleate boiling contribution according to Cooper [4]
and its superposition with a hypothetical convective contribution serve as orienta-

tion.
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Figure 4.11: Comparison of the local heat transfer coefficient of the bottom segment (180°) in
tubes with inserts with the heat transfer coefficient in an empty tube at a saturation
pressure of 1.2 MPa. The nucleate boiling contribution according to Cooper [4] and
its superposition with a hypothetical convective contribution serve as orientation.
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4 Results and discussion

For high heat fluxes, the local heat transfer coefficients of all structures in the
fully wetted bottom segment (180°) asymptotically approach Cooper's predic-
tion [4] of the nucleate boiling contribution, independent of the other operating
conditions. In contrast, inserts, especially sponges, increase the local heat
transfer coefficient at low heat fluxes compared to the empty tube. This can be
explained by an enhanced convective heat transfer. Similar observations are
made for all completely wetted segments. Consequently, the investigated in-
serts barely affect the nucleate boiling, but increase the convective heat trans-
fer.

To investigate the convective heat transfer contribution in more detail, the nu-
cleate boiling contribution is subtracted from the experimental results accord-
ing to Eq. (4.4) for completely wetted segments. Such an approach was used
by Kattan et al. [1] for determining the convective boiling contribution in
empty tubes.

_3/.,3 _ .3
Acp = \/aexp anb,Cooper (4.4)

In Figure 4.12 and Figure 4.13, the resulting Nusselt number, Nug, = ag, - L -
A;%, are plotted as a function of the Reynolds number calculated using the sep-
arated approach, Eq. (2.21) for the bottom segments. The void fraction is com-
puted by the Rouhani drift-flux model [40]. To exclude the possibility that a
slightly incorrect calculation of the nucleate boiling contribution has a strong
effect on the evaluation, only data points where the convective contribution
according to Eq. (4.4) exceeds the nucleate boiling contribution are considered.
The single-phase heat transfer correlations by Bianchi et al. [5], Eq. (2.25), for
sponges and the correlation by CALGAVIN [33] for HITRAN® wire matrix
elements are displayed in Figure 4.12 and Figure 4.13 for comparison. The
validity of the correlation of Bianchi et al. [5] for wall heat transfer of single-
phase flow through the sponge structures could be ascertained by means of
single-phase measurements of the heat transfer coefficient in the test section
with 20 ppi sponge inserts (see Appendix C).
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Figure 4.12: Comparison of the convective boiling contribution of wetted segments in the lower
half of the tube in terms of Nusselt number, Nu,, as a function of the separated
Reynolds number, Re,, for sponge inserts. The single-phase convection correlation
by Bianchi et al. [5] is shown for comparison.
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Figure 4.13: Comparison of the convective boiling contribution of wetted segments in the lower
half of the tube in terms of Nusselt number, Nu,, as a function of the separated
Reynolds number, Reg.,, for hiTRAN® wire matrix elements. The single-phase con-
vection correlation by CALGAVIN Ltd. [33] is shown for comparison.

It follows that — except for the 10 ppi sponge in the bottom segment (180°) —

the single-phase heat transfer correlations evaluated with the separated
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4 Results and discussion

Reynolds number are a good estimate for the order of magnitude and the de-
pendence of the operating conditions. The scattering is by far less than ob-
served for empty tubes (compare Figure 2.11 in Section 2.5.1). It can be seen
that the convective boiling contribution depends slightly on the azimuthal lo-
cation (see also the previous work, Weise et al. [127]). This effect is most pro-
nounced for the 10 ppi sponge, where the heat transfer in the bottom segment
significantly exceeds the heat transfer in the adjacent segments. High-speed
recordings of the flow indicate variations in the frequency and size of larger
bubbles passing near the respective segments. Presumably, mainly larger bub-
bles dispersed in the liquid phase flowing near the wall increase the convective
heat transfer [127]. Lu and Zhao [3] reach a similar conclusion. They attribute
the increased heat transfer to the breakup of large bubbles.

The same evaluation is performed for the top segments if completely wetted.
In contrast to the bottom segments, the Nusselt number is plotted as a function
of the homogeneous Reynolds number according to Eq. (2.20) in Figure 4.14
and Figure 4.15.

10°

SPONGe: (- a, ) /% my > 75 kg m? s
20 ppi, 60° 10 ppi, 60°
V¥ 20ppi, 0° A 10pp, ©0°
20 ppi, 300° 10 ppi, 300°

%@ -
1021 - *4_( A
w% ;;4‘/' x

LA
10t

108 10* 10°
Repom /-

Nug, /-

— Bianchi et al. (2015)

Figure 4.14: Comparison of the convective boiling contribution of wetted segments in the upper
half of the tube in terms of Nusselt number, Nu,, as a function of the separated
Reynolds number, Re,, for sponge inserts. The single-phase convection correlation
by Bianchi et al. [5] is shown for comparison.
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Figure 4.15: Comparison of the convective boiling contribution of wetted segments in the upper
half of the tube in terms of Nusselt number, Nug,, as a function of the separated
Reynolds number, Reg.,, for hiTRAN® wire matrix elements. The single-phase con-
vection correlation by CALGAVIN Ltd. [33] is shown for comparison.
The results of this analysis regarding the order of magnitude, the scattering and
the dependence on the operating conditions are similar to the results for the
lower half of the tube. However, a homogeneous approach describes the heat
transfer coefficient in the upper half of the tube better than a separated ap-
proach. This may be due to the distribution of vapor bubbles in the liquid flow-
ing through the porous structures: The lower half of the tube is mostly wetted
by liquid in which at most small bubbles are dispersed. In the upper half of the
tube, the bubbles coalesce and form larger plugs. The average velocity in the
lower half of the tube is therefore probably lower than in the upper half. This
is represented by the separated model, while due to the good mixing with large
bubbles the velocity in the upper part of the tube is high. This also reduces the
slip between liquid and the vapor phase, which could explain the good accord-
ance with the homogeneous model.

In summary, the inserts investigated have no significant influence on the con-
tribution of nucleate boiling to the flow boiling heat transfer in fully wetted
segments. Therefore, the same correlation as in the empty tube can be used for
describing the nucleate boiling contribution, in this case Cooper’s model (see
Eg. (2.17)). However, the convective heat transfer is significantly increased
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4 Results and discussion

compared to the empty tube. Vapor quality, mass flux, and local flow pattern,
i.e., the frequency and size of dispersed bubbles, can affect this convective
contribution. In most cases, the convective contribution can be well described
using appropriate single-phase correlations and a Reynolds number calculated
according to the separated approach for the lower half of the tube and the ho-
mogeneous approach for the upper half of the tube can describe the convective
contribution well. A suitable model for the convective heat transfer contribu-
tion in tubes with sponge inserts is the single-phase equation by Bianchi et al.
[5]. Eq. (2.25). For hiTRAN® wire matrix elements, the use of the CALGAVIN
Ltd. confidential correlation is recommended. Consequently, established laws
without fitting factors can well describe both magnitude and trend of the flow
boiling heat transfer coefficient of completely wetted segments.

4.2.2 Partially wetted segments

To investigate the influence of wetting on the local heat transfer coefficient,
heat transfer coefficients at the top segment (0°) and adjacent segments (60°,
300°) are compared at different operating conditions. Due to symmetry, only
results for the 300° segment are presented in the following. First, the heat trans-
fer coefficient of the 20 ppi sponge is characterized in more detail. Later, the
characteristics of the 10 ppi sponge and the hiTRAN® wire matrix elements are
studied comparatively.

In Figure 4.16 the local heat transfer coefficient of the top segment is shown at
a vapor quality of approximately 15%, a saturation pressure of 2.65 MPa, and
mass fluxes varying from 25 kg m? s to 125 kg m2 s™%. The heat transfer co-
efficients at a mass flux of 100 kg m2 s and 125 kg m2 s’ differ only slightly
at low heat fluxes and converge for high heat fluxes, indicating completely
wetted segments (compare Section 4.2.1). The heat transfer coefficient at
75 kg m2 s also almost coincides with the heat transfer coefficients at higher
mass fluxes. For lower mass fluxes, the heat transfer coefficients are shifted
towards lower values, indicating a significant dewetting of the top segment.
For a vapor quality of approximately 55% (Figure 4.17), this effect is more
pronounced.
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Figure 4.16: Comparison of the local heat transfer coefficient at the tube crest (top segment, 0°)

for the 20 ppi sponge for different mass fluxes at saturation pressure of 2.65 MPa and
a vapor quality of approximately 15%.
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Figure 4.17: Comparison of the local heat transfer coefficient at the tube crest (top segment, 0°)

for the 20 ppi sponge for different mass fluxes at saturation pressure of 2.65 MPa and
a vapor guality of approximately 55%.

For a more detailed investigation, the heat transfer coefficients of the top seg-
ment and the adjacent segment (300°), @yp oo and ayp 300-, are compared to
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4 Results and discussion

Eq. (4.5). Section 2.5 explains the theoretical background of Eq. (4.5). The va-
por heat transfer coefficient, a,,, for describing the heat transfer of the unwetted
arc and the convective boiling contribution of the wetted arc, a,, are calcu-
lated according to the single-phase model by Bianchi et al. [5] (see Eq. (2.25))
using the homogeneous approach to adapt it to two-phase flow (see Sec-
tion 4.2.2). The nucleate boiling heat transfer contribution of the wetted arc,
Qnp, 18 calculated according to Cooper’s model (see Eq. (2.17)). The only pa-
rameter fitted in the following is the dry fraction, f4yy, ;-

3
Aip,j = fdry,j “ay + (1 - fdry,j) ' aﬁb,j + agb (4.5)

Figure 4.18 and Figure 4.19 illustrate this comparison for a 20 ppi sponge in-
sert at 26.5 MPa and a mass flux of 75 kg m?2 s, In this case, Eq. (4.5) with
fary = 0 approximates the measurement results for all vapor qualities and both
the top segment (Figure 4.18) as well as the adjacent segments (Figure 4.19)
reasonably. However, a slight deviation might be observed at high heat fluxes
(compare also Figure 4.16).

Therefore, the time characteristic of the wall temperatures of all six segments,
T;, is analyzed in more detail. Figure 4.20 and Figure 4.21 exemplify the time
characteristic for a vapor quality of 13%, similar findings are obtained at higher
vapor qualities and higher mass fluxes. For ¢,,e = 10 KW m (Figure 4.20),
the variations of the wall temperature of all segments are in the same order of
magnitude whereas for ¢,,. = 50 kW m2 (Figure 4.21), the variation in the
top segment exceeds the variations in the others. A dry fraction fg4., < 5%
would be below the sensitivity limit of the comparison with Eq. (4.5), hence
negligible dewetting can be assumed at p,y = 2.65 MPa and 72 = 75 kg m? s1
and high heat fluxes. Although the heat flux affects the wetting behavior, this
is neglected for the following analysis, since deviations of the dry fraction of
+5% are within the limits of measurement accuracy.
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Figure 4.18: Local heat transfer coefficient in the top segment (0°) as a function of local heat flux
for 20 ppi sponge inserts at 2.65 MPa. Heat transfer coefficients predicted by

Eq. (4.5) are displayed.
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Figure 4.19: Local heat transfer coefficient in the adjacent segment (300°) as a function of local
heat flux for 20 ppi sponge inserts at 2.65 MPa. Heat transfer coefficients predicted

by Eq. (4.5) are displayed.
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Figure 4.20: Temperature measured in the individual segments during heat transfer measurements
at a heat flux of 10 kW m2. The mass flux (75 kg m?s?), the saturation pressure
(2.65 MPa), and the vapor quality (13%) are kept constant. 40 points of measurement
are recorded within 50 s.
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Figure 4.21: Temperature measured in the individual segments during heat transfer measurements
at a heat flux of 50 kW m2 The mass flux (75 kg m?s?), the saturation pressure
(2.65 MPa), and the vapor quality (13%) are kept constant and are the same as in
Figure 4.20. 40 points of measurement are recorded within 50 s.



4.2 Heat transfer

Contrary, as shown in Figure 4.22 for lower mass fluxes (1, = 25 kg m?s?;
50 kg m2 s1) and vapor qualities between 14% and 20%, using dry fractions
of approximately 10% to 15% in Eq. (4.5), this equation describes well the
experimental data in the top segment. The adjacent segments seem to be com-
pletely wetted. For vapor qualities between 54% and 60%, dry fractions of ap-
proximately 40% in the top segment and 15% in the adjacent segments fit well.
Consequently, in case of dewetting, the vapor quality seems to influence the
dry fraction more than the mass flux. However, the heat transfer coefficients
are lower for lower mass fluxes. This seems to be mainly due to the lower
convective boiling contribution.
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Figure 4.22: Local heat transfer coefficient in the top segment (0°) as a function of local heat flux
for 20 ppi sponge inserts at 2.65 MPa. Heat transfer coefficients predicted by
Eq. (4.5) are displayed.

The fact that the wetting behavior nevertheless depends on the mass flux is

shown in Figure 4.23 and Figure 4.24. Here, the time characteristics of the

temperatures measured in the segments are plotted for p.y = 2.65 MPa,
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my=25kgm?2s? and my,=50kgm?s?, % =60% resp. x; =54% and
Gave = 10 KW m™. For both m, = 25 kg m?2 s and m, = 50 kg m?s?, an in-
creased variation of the temperature can be observed for the top three segments
compared to the bottom segments. The amplitude and frequency of the varia-
tion depend on the mass flux, but not on the dry fraction in the respective seg-
ment. Thus, at 7, = 25 kg m2 s (Figure 4.23), both amplitude and frequency
of the wall temperature at 300°, 0°, and 60° are smaller than at
gy = 50 kg m2 st (Figure 4.24).
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Figure 4.23: Temperature measured in the individual segments during heat transfer measurements
at a mass flux of 25 kg m? s*. The saturation pressure (2.65 MPa), the vapor quality

(60%), and the heat flux (10 kW m2) are kept constant. 40 points of measurement
are recorded within 50 s.
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Figure 4.24: Temperature measured in the individual segments during heat transfer measurements
at a mass flux of 50 kg m?2 s, The saturation pressure (2.65 MPa), the vapor quality
(54%), and the heat flux (10 kW m) are kept constant and are the same as in Figure
4.23. 40 points of measurement are recorded within 50 s.
To assess the influence of the saturation pressure, the heat transfer coefficients
measured at 1.2 MPa and 1.9 MPa are compared with Eq. (4.5) in Figure 4.25.
The comparison reveals that the lower the saturation pressure (with otherwise
constant mass flux and vapor quality), the lower the wetted area. Significant
dewetting of the 300° segment (see Figure 4.26) occurs especially at low satu-
ration pressures and mass fluxes and at the same time medium to high vapor
qualities.
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Figure 4.25: Local heat transfer coefficient in the top segment (0°) as a function of local heat flux
for 20 ppi sponge inserts at 1.2 MPa and 1.9 MPa. Heat transfer coefficients pre-

dicted by Eq. (4.5) are displayed.
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Figure 4.26: Local heat transfer coefficient in the adjacent segment (300°) as a function of local
ponge inserts at 1.2 MPa and 1.9 MPa. Heat transfer coefficients
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predicted by Eq. (4.5) are displayed.
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In summary, Eq. (4.5) describes well the observed heat transfer coefficients
during flow boiling in tubes with 20 ppi sponge inserts if the dry fraction is
chosen appropriately. The dry fractions used in Eq. (4.5) are in line with the
observations regarding the time characteristics of the wall temperature. Using
Eg. (4.5), on can conclude that the dry fraction of partially wetted segments
depends on vapor quality and saturation pressure rather than mass flux. This
can be also illustrated by plotting the dry fraction of these segments as a func-
tion of the homogeneous density according to Eq. (2.5) in Figure 4.27. The
homogeneous density scales with vapor quality and saturation pressure (com-
pare Eq. (2.5)). The higher the homogeneous density, the lower the dry frac-
tion, i.e., the better the wetting of the respective segment. The dry angle is the
sum of the dry fractions, fqy ;, of all n segments multiplied by the arc of a

segment, 2r rad/n: Ogry, = @- U—1 fary,j- The dependence of the dry an-

gle on the homogeneous density follows a steadily declining trend. Describing
these data points with a common, physically meaningful function has not been
successful. However, this diagram shows that for a tube with a 20 ppi sponge,
the dry angle in the case of partial wetting does not depend on the mass flux
but on the homogeneous density. This contradicts the approach proposed by
Lu and Zhao [3] and Zhu et al. [14] to interpolate the dry angle based on the
mass flux.
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Figure 4.27: Dry fractions of the top segment (0°) and the adjacent segment (300°) as well as dry
angle plotted as a function of the homogeneous density according to Eq. (2.5).
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For the 10 ppi sponges, measurement series obtained at py = 2.65 MPa,
X, = 22%, and 25 kg m? st <niy <125 kg m? st are compared analogously
with Eq. (4.5) to verify the suitability of this equation for describing the data
and to investigate the influences of the operating conditions on the dry fraction
(see Figure 4.28). While the measurement series at m, = 125 kg m?2 s? and
o= 100 kg m2 s’ can be predicted well by Eq. (4.5) assuming complete wet-
ting, Eq. (4.5) cannot describe the dependence on heat flux well for lower mass
fluxes. This can be caused by two effects: decreasing wetting with increasing
heat flux and increased convective boiling contribution in case of partial wet-
ting. The fact that the first effect does not occur as strongly with 20 ppi sponges
could be explained by the larger pore size of the 10 ppi sponges, which favors
coalescence of vapor bubbles. The latter effect can be explained by a reduced
film thickness compared to complete wetting. Figure 4.29 thus compares the
heat transfer coefficient in case of partial wetting with Eq. (4.5) using a con-
vective boiling contribution increased by 50%. Such an increase is within the
tolerance found for completely wetted segments in the upper half of the tube
(compare Figure 4.14). This assumption results in increased dry fractions, fgy.
Regardless of the convective boiling contribution used (ag, or 1.5 - ag,), the
dry fraction in the top segment is increased compared to the 20 ppi sponges,
i.e., the wetting is worse. Figure 4.28 and Figure 4.29 show measurement series
at constant saturation pressure and vapor qualities, hence constant homogene-
ous density. Since a dependence of the dry fraction on the mass flux can be
recognized, the statement made for 20 ppi of the sole dependence of this pa-
rameter on the homogeneous density cannot be confirmed for the 10 ppi
sponges.
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Figure 4.28: Local heat transfer coefficient in the top segment (0°) as a function of local heat flux
for 10 ppi sponges at 2.65 MPa. Heat transfer coefficients predicted by Eq. (4.5) are

displayed.
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Figure 4.29: Sensitivity analysis for low mass fluxes of the local heat transfer coefficient in the
top segment (0°) as a function of local heat flux for 10 ppi sponges at 2.65 MPa. The
convective boiling contribution as used in Eq. (4.5) is increased by 50% (printed in
bold).
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4 Results and discussion

For hiTRAN® wire matrix elements, the top segment is not wetted at mass
fluxes < 125 kg m2 s, Figure 4.30 and Figure 4.31 therefore illustrate the
comparison of the measured data with predictions according to Eq. (4.5) for
the adjacent segment (300°). The convective boiling contribution and the vapor
heat transfer coefficient are calculated according to the in-house correlation by
CALGAVIN Ltd. [33] using the homogeneous model to calculate the two-
phase Reynolds number. The homogeneous model is chosen because it demon-
strated good agreement with the convective boiling contribution of the com-
pletely wetted top segments (compare Section 4.2.1). Figure 4.30 and Figure
4.31 reveal that for hiTRAN® wire matrix elements the dry fraction of the 300°
segment depends on the vapor quality and the saturation pressure, but also,
unlike the dry fraction for the 20 ppi sponge, depends slightly on the mass flux.
Consequently, the statement that the dry angle depends on the homogeneous
density for partially wetted tubes cannot be generalized for all porous insert
types. The time characteristics of the wall temperature is comparable to time
course observed for the sponges.
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Figure 4.30: Local heat transfer coefficient in 300° adjacent segment as a function of local heat
flux for hiTRAN® wire matrix elements at 2.65 MPa. Heat transfer coefficients pre-
dicted by Eq. (4.5) are displayed.
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Figure 4.31: Local heat transfer coefficient in 300° adjacent segment as a function of local heat
flux for iTRAN® wire matrix elements at 1.2 MPa (right). Heat transfer coefficients
predicted by Eq. (4.5) are displayed.

To summarize, the magnitude and the trend of the heat transfer coefficient of

partially wetted segments can be described well by Eq. (4.5) calculating the

vapor heat transfer coefficient and the convective boiling heat transfer coeffi-
cient by established single-phase correlations adapted to two-phase flow. Rec-
ommended single-phase correlations are the model by Bianchi et al. [5] (see

Eq. (2.25)) for sponge inserts and the CALGAVIN Ltd. model [33] for

hiTRAN® wire matrix elements. For all investigated inserts, using the homo-

geneous approach to calculate the Reynolds number leads to reasonable results
for expressing the convective boiling heat transfer coefficient in the upper half
of the tube. As in the case of the corresponding empty tube, the nucleate boiling
heat transfer coefficient can be calculated according to Cooper’s model (see

Eqg. (2.17)). The only fitting parameter in the presented analysis is the dry frac-

tion. However, no physically meaningful function has been found to describe

the dependency of the dry fraction and thus the dry angle on the operating pa-
rameters for all investigated inserts. The dry angle scales with the homogene-
ous density in case of 20 ppi sponge inserts and is independent on mass flux.

This statement cannot be confirmed for 10 ppi sponges and hiTRAN® wire

matrix elements.
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4 Results and discussion

4.3  Flow pattern

As elaborated in the preceding section, knowledge of the wetting behavior and
thus the dry angle, 6.y, is crucial for modeling the heat transfer coefficient in
horizontal tubes. Especially in the case of wavy or intermittent flow, the correct
determination of this measure is not straightforward. Either the evaluation of
local heat transfer coefficients and temperature variations or high-speed video
recordings can be used to determine the dry angle. The latter would be advan-
tageous due to the lower experimental effort. Therefore, both approaches are
compared in the following. The basic ideas of the following sections are pub-
lished in a previous work [127].

High-speed video recordings of the flow in an adiabatic sight glass allow for
assessing the movement of the phase boundary. This evaluation is supported
by image processing of the high-speed video recordings (compare Section
3.4.7). The standard deviation of the pixels corresponds to the average varia-
tion intensity of the phase boundary. The flow patterns listed in Table 4.1 can
be distinguished. The classification is based on the classification of flow pat-
terns in empty tubes (compare Section 2.4.1). In contrast to the empty tube, the
phase boundary of stratified flow is not parallel to the tube axis, since the liquid
is attached to the insert surface due to capillarity. Instead, the immobility of
the phase boundary is used as a criterion. Distracted stratified flow is a peculi-
arity of tubes with inserts and is most comparable to wavy flow in empty tubes.
If the phase boundary occupies the entire tube cross section, annular flow is
assumed. Both distracted stratified flow and annular flow are, strictly speaking,
intermittent flows because the porous structures disperse and redirect the vapor
bubbles. However, under some operating conditions, slug like behavior has
been observed, where the flow characteristics changes at a lower frequency
than the passing of individual bubbles. Such flow is described as intermittent.
Mist flow and dryout were not observed under the investigated operating con-
ditions.
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4.3 Flow pattern

Table 4.1:  Classification of flow pattern in horizontal tubes with porous inserts assessed by an-
alyzing high-speed video recordings, adapted from a previous work [127]. Symbols
are used in Figure 4.32.

flow pattern, symbol, ab-  standard deviation  characteristics of phase boundary
breviation of video frames

stratified flow

)

} distinct phase boundary, pinning of contact
# line, stratification

distracted stratified flow

O (s")

annular flow

(@)

stratified zone with distracted phase boundary,
| phase boundary pinned to struts in upper part
of tube

g distracted phase boundary also at tube apex

intermittent flow not applicable temporal variation of phase distribution with
. 0 secondary frequency

The analysis of the local heat transfer coefficient and the wall temperature var-
iation, as discussed in Section 4.2.2, leads to a slightly different phenomeno-
logical classification of the flow through inserts. The analysis of the heat trans-
fer coefficient allows a distinction between completely wetted perimeter and
partially wetted perimeter. Complete wetting is assumed if, for a measurement
series (constant mass flux, saturation temperature, and vapor quality but vary-
ing heat flux), the heat transfer coefficients in the nucleate boiling regime (high
heat fluxes) coincide for all segments. If no heat transfer data in the nucleate
boiling regime are available for a measurement series, a comparison with
Eq. (4.5) is used to decide. In partially wetted segments, the heat transfer co-
efficients in the nucleate boiling regime are reduced compared to completely
wetted segments.

Investigating the wall temperature, an increased temporal variation is observed
for partially wetted segments under heated condition. If all segments are com-
pletely wetted, the variation of the wall temperature of all segments is similar.
Since wall temperature variations are more sensitive to the wetting behavior
than the heat transfer coefficient (see Figure 4.18 to Figure 4.21 in Section
4.2.2), the classification is carried out separately according to these two crite-
ria. No stationary partially wetted segments (e.g., in stratified flow in empty
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4 Results and discussion

tubes) are observed under the operating conditions investigated. However,
such behavior is conceivable at very low mass fluxes and is characterized by
decreased heat transfer coefficients of the top segments and similar temporal
variations of the wall temperature in all segments. Thus, stationary partially
wetted segments would also be describable with the proposed criteria. Table
4.2 summarizes the observations.

Table 4.2: Classification of flow pattern in horizontal tubes with porous inserts assessed by an-
alyzing local heat transfer coefficients. Symbols are used in Figure 4.32.

flow pattern, symbol,  observation wetting behavior
abbreviation
partially wetted significant reduction of heat transfer part of the perimeter partially wet-
<> o) coefficient (corresponds approxi- ted
pw

mately to 64, > 3°) in nucleate
boiling region or based on prediction
according to Eq. (4.5)

completely wetted nucleate boiling regime: same htc entire perimeter wetted
over the perimeter

(cw)
instationary temporal variation of the wall temper-  part of the perimeter intermittently
) ature of individual segments in- wetted (temporal variations)
(in) creased, at least at high heat fluxes
stationary temporal variation of the wall temper-  entire perimeter wetted or station-
I:I (st) ature similar for all segments ary non-wetted part

Figure 4.32 shows the flow pattern maps for saturation pressures of 1.2 MPa
and 2.65 MPa for sponge inserts determined according to Table 4.1 and Table
4.2. First, the results from video recordings, heat transfer characterization and
wall temperature variations are considered separately to compare the methods
afterwards.
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Figure 4.32: Flow pattern maps of CO; in a tube with a 10 ppi sponge insert (upper half) and a

20 ppi sponge (lower half) at a saturation pressure of 2.65 MPa and 1.2 MPa. Flow
pattern are derived either from high-speed video recording (see Table 4.1) or from
local heat transfer measurements/wall temperature variations (see Table 4.2).

By high-speed video recording, all flow patterns presented in Table 4.1 are
observed for CO; flowing through 10 ppi and 20 ppi sponges under the oper-
ating conditions investigated. However, stratified flow is only witnessed for
the 10 ppi sponge, and then only at low mass fluxes and vapor qualities. As the
mass flux and the vapor quality increase, the phase boundary fluctuates more
and more until, at even higher mass fluxes, the phase boundary fluctuations
occupy the entire tube cross section. Intermittent flow is observed only at a few
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operating conditions (for example for the 10 ppi sponge at high mass fluxes).
The transitions between these flow patterns are at lower mass fluxes and vapor
qualities for 20 ppi sponge compared to the 10 ppi sponge. This may be due to
the smaller pore size of the 20 ppi sponges, which results in better mixing of
the vapor and liquid phases. Similarly, transitions at a lower saturation pressure
occur at lower mass fluxes and vapor qualities. This can be explained by a
decreased vapor density, increasing the vapor velocity and thus the enhancing
the mixing of the two phases.

A somewhat different result is obtained from the characterization of the heat
transfer coefficient. Although wetting also increases with increasing mass flux,
an increase in vapor quality does not necessarily lead to an improvement in
wetting (see Figure 4.32, lower left, 10 ppi sponge at p =2.65 MPa,
My = 75 kg m2 s1). Moreover, a heat transfer coefficient similar to that for
complete wetting is achieved for both insert types at similar operating condi-
tions.

A look at the characterization of the wall temperature variations reveals that
only in one operating condition no increased variation of the temperature meas-
ured in the top segment can be detected (10 ppi sponge at p = 2.65 MPa,
iy = 125 kg m2s?, %; = 20%). At all other operating conditions, at least at
high heat flux, this temperature varies more than in the other segments. Pre-
sumably, however, temperature variations at a higher heat flux than investi-
gated are to be expected even for the exception mentioned.

Comparing the different approaches to classify the wetting behavior in Figure
4.32 leads to following results:

First, flows classified as stratified or distracted stratified based on the video
recordings share the heat transfer characteristics of instationary partially wet-
ted flow. Consequently, a part of the tube apex is already wetted when the
phase boundary is stagnant or distracted and does not yet visibly occupy the
entire tube cross section.

Second, some operating conditions classified as stratified/distracted stratified
flow or annular flow exhibit the very same heat transfer and wall temperature
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characteristic. Partial wetting is detected for annular flow in case of, for exam-
ple, the 10ppi sponge at p=265MPa, m=75kgm?s? and
20% < x; <40% (see Figure 4.32, top left) or for the 20 ppi sponge at
p = 2.65 MPa, 11, = 50 kg m? s, and x; = 55% (see Figure 4.32, bottom left).
Consequently, a distinction between partially wetted and completely wetted is
not possible based on the distinction between distracted stratified and annular
flow by video. This is attributed to the difficulty of observing a transparent
liquid and vapor phase in a tube where the view is obstructed by inserts.
Third, intermittent flow (i.e., lower frequency slugs) has no effect on the heat
transfer coefficient or the wall temperature variations. This is demonstrated by
the observations for a 10 ppi sponge at pyy = 2.65 MPa, 1, = 75 kg m?2 s,
and 20% < x; < 40% (see Figure 4.32, top left).

Fourth, as already stated in Section 4.2.2, analysis of the wall temperature pro-
file allows one to infer dewetting already at higher mass fluxes than an analysis
of the heat transfer coefficient would suggest. Thus, even operating conditions
that are characterized as completely wetted by the heat transfer coefficients
still exhibit temperature variations. Conversely, this means that using the tem-
perature variations to predict the heat transfer coefficient can lead to an under-
estimation of this measure.

Comparing the findings with the literature, Zhao and Lu [44] and Zhu et al.
[89] locate the transition from intermittent to annular flow (corresponding to
the transition from stratified annular to annular) at slightly higher mass fluxes
(about 90 kg m2 s to 100 kg m st for their sponge inserts (5 ppi to 40 ppi),
reduced pressure p,. € {0.09; 0.15; 0.20}, and tube diameter, D; € [7.9 mm; 26
mm]) than observed by video recordings or heat transfer measurements in this
work. The conditions studied by the aforementioned authors are comparable to
the conditions investigated in this work (10 ppi/20 ppi, p, € {0.163; 0.360},
D; = 14 mm). Only one flow pattern map is published by each group for all
operating conditions. It was created from a combination of heat transfer and
wall temperature characterization. Therefore, the results presented are equally
susceptible to the shortcomings mentioned above. Therefore, it can be con-
cluded that the flow patterns observed in this work do not contradict the liter-
ature.
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In summary, neither the wall temperature variations nor the video recordings
provide an accurate reference for deriving the heat transfer coefficient, espe-
cially the dry angle. Possibly, further experimental data could be used to find
a generally applicable model to describe the transition curves for sponge in-
serts. This model could then be applied to predict the dry angle from the oper-
ating conditions. Since no physically meaningful correlation of the dry angle
directly with the operating conditions could be found either (see Section 4.2.2),
the estimation of the dry angle from experimental flow image data is still rec-
ommended as also proposed by Zhao and Lu [44]. However, this means that
no established law for an a priori prediction could be found for the dry angle.

4.4  Averaged heat transfer coefficient

In the previous sections, the influence of wetting, convection and bubble for-
mation on the local heat transfer coefficient was discussed in detail. Based on
this, a model for predicting the circumferentially averaged heat transfer coef-
ficient during flow boiling in horizontal tubes is presented and discussed be-
low. The circumferentially averaged heat transfer coefficient is calculated ac-
cording to Eqg. (4.6) as the weighted sum of all local heat transfer coefficients
in the individual segments of the test section, a,, ;, in the present work n = 6.

1 n

j=1
Figure 4.33 summarizes the structure of the model for predicting the local heat
transfer coefficient, ayp, ;.

Starting from the Rouhani drift-flux model [40] (Eq. (2.6)), which is used to
determine the void fraction, the stratified dry angle, 64y, and the Reynolds
numbers, Re;,, for convective heat transfer in the wetted portion of the perim-
eter are determined. The Rouhani drift-flux model was developed for buoy-
ancy-influenced flow through a vertical tube, but proved suitable for predicting
the void fraction in a horizontal empty tube [1,42] as well as in a horizontal
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tube filled with inserts [43,44]. As shown in Section 4.2.1, this is also true for
the inserts and operating conditions studied in this thesis.
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Figure 4.33: Overview of the recommended structure of a mechanistic model for predicting the
local heat transfer coefficient for non-uniformly heated evaporator tubes with porous
inserts according to Section 4.2 to 4.3.

101



4 Results and discussion

The calculation of the dry angle of stratified flow in an empty tube according
to Biberg [100] and the determination of the dry angle, 64,y, in the distracted
stratified flow regime by linear interpolation as proposed by Lu and Zhao
[3,90] is a good first approach to predict the wetting for the calculation of the
average heat transfer coefficient. For this purpose, the flow pattern is deter-
mined by high-speed video recordings, as this is the only way to preserve the
predictive nature of the model. If the heat transfer coefficient is to be deter-
mined with local resolution, a more detailed predictive model is required,
which takes into account the influence of the inserts (e.g., via characteristic
length and porosity), as well as the influence of the operating conditions

(p, 1, %, q).

Both sponge inserts and hiTRAN® wire matrix elements increase the convec-
tive boiling contribution. The convective boiling contribution depends not only
on the operating conditions, but also on the local wetting behavior. Therefore,
the transfer of the heat transfer correlations developed for single-phase flow
(Bianchi et al. [5] (Eq. (2.25)), CALGAVIN Ltd. [33]) is carried out separately
in the upper and lower part of the tube. In the upper region, where a better
mixing of the vapor and liquid phases can be assumed, the Reynolds number
is taken based on the homogeneous model (Eqg. (2.20)). In the lower range,
where the liquid fraction is higher in relative terms, the Reynolds number is
calculated based on the separated approach instead (Eq. (2.21)).

The inserts studied (not brazed to the tube wall) do not change the nucleate
boiling contribution compared to the empty tube. This conclusion is also
reached by studies with other inserts, e.g. most recently by Sajadi et al. [130]
for wire-coil inserts. Therefore, the most suitable model for predicting the nu-
cleate boiling contribution for the respective empty tube geometry and refrig-
erant should be used. In the present case, this is the Cooper equation

(Eq. (2.17)).

The parity plot in Figure 4.34 illustrates the good description of the data by
this simplified model approach, which does not require any fit factor. More
than 90% of all data are described with an error of less than 30%. The devia-
tions between model and experiment can be reduced if the description of the
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wetting behavior and the description of the Reynolds number as a function of
the wetting behavior are further improved. As shown in a previous work [127],
no previously published model for describing the heat transfer in horizontal

tubes with porous inserts is able to describe the experimental data available to
date comparably well.
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Figure 4.34 Parity plot of predicting the experimental heat transfer coefficient by the model de-
scribed above for 10 ppi and 20 ppi sponge inserts as well as hiTRAN® wire matrix
elements. The mean absolute percentage error (MAPE), the mean percentage error
(MPE) and the absolute percentage error (APE) are defined in Appendix A. Figure
adapted from a previous work [127].
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5 Conclusion and outlook

Reliable predictive models for both heat transfer and pressure drop are required
to evaluate the benefits of integrating porous structures into evaporator tubes
and to design efficient heat exchangers. Most of the models suggested in liter-
ature require fitting parameters to adapt them to measurement data. However,
only models that rely on established relationships and do not need fitting pa-
rameters can be transferred to inserts or operating conditions other than exper-
imentally tested. In view of the large number of possible inserts, a prediction
based on such a universal model is of great value. Consequently, the aim of
this thesis was to test the following hypothesis:

The heat transfer and pressure drop of flow boiling in a horizontal tube with porous
inserts can be described by physically reasonable combination of established models
from the fields of “single-phase flow” and “boiling in empty tubes” - without using fitting
parameters.

The hypothesis is accepted if the proposed models can describe more than 80%
of the experimental data with an absolute percentage error of less than 30%
and can additionally explain observed trends and influencing mechanisms.

Consequently, pressure drop and heat transfer tests were carried out with three
different porous inserts at the flow boiling test facility at the Institute of Ther-
mal Process Engineering (Karlsruhe Institute of Technology, KIT) using a
newly designed test section. The horizontal test section (inner diameter 14 mm)
measures the circumferentially resolved heat transfer coefficient at constant
wall temperature. A sight glass combined with a high-speed camera enables
the observation of the phase distribution of the investigated two-phase flow.
Conclusions about the phase distribution can also be drawn from the variation
of the wall temperature and the local heat transfer coefficient. This special de-
sign of the test section allows to test the hypothesis. Two sponge inserts with
different cell sizes, approximately 10 ppi (pores per inch) and 20 ppi, and a
wire matrix element (hiTRAN® by CALGAVIN Ltd. [33]) were investigated.
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The realized operating conditions include saturation pressures from 1.2 MPa
to 2.65 MPa (corresponding to saturation temperatures between -35°C
and -10 °C and to reduced pressures between 0.16 and 0.36), mass fluxes from
25 kg m2 s to 200 kg m? s, vapor qualities from 5% to 98%, and tempera-
ture differences of up to 5 K (sponge inserts) and 7 K (hiTRAN® wire matrix
elements). CO, was chosen as the experimental fluid.

The pressure drop of the two-phase flow in a tube with porous inserts was
investigated under adiabatic and diabatic conditions. Investigating the depend-
ence of the pressure drop on the operating conditions leads to following results:

The dependence of the adiabatic pressure drop on the mass flux can be
described well by a 2" order polynomial (b, - mi, + b, - miy?). This can be
seen as a parallel to the Darcy-Forchheimer equation (—dp/dz =v- K~ -
My + B - p~1 - m2) describing the pressure drop of single-phase flow in
porous media. It suggests that a suitable adaption of the single-phase law
to two-phase flow may lead to a model without fitting parameter.

Insufficient data are available for the exact determination of the linear term
of the 2" order polynomial. To minimize the influence of this term on the
polynomial, only data measured at high mass fluxes were considered for
further evaluation. In this range, the influence of the vapor quality, the sat-
uration pressure, and the structure can be described by applying a homoge-
neous model approach to the quadratic Forchheimer term. This is imple-
mented describing the density of the fluid with the homogeneous density,
p=( py+ (@ —2x)p)"L The resulting Eq. (5.1). describes the de-
pendence of the pressure drop on the single-phase Forchheimer coefficient,
B, the vapor density, py, the liquid density, p;,, the vapor quality, x, and the
mass flux related to the empty tube cross-section, 7.

dp

dp
dL

tp,pm,ad dL

R (5.1)

=4-

hom

il

For sponge inserts, this model can describe all experimental data at high
mass fluxes (mh, = 50 kg m s) with an absolute percentage error (APE)
of less than 30%. More than 88% of all experimental data for hiTRAN®
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wire matrix elements and m, = 75 kg m?s? can be described with an
APE < 30%. Consequently, for modeling the adiabatic pressure drop, the
hypothesis is accepted in the stated parameter range.

With an approach suggested by Storek and Brauer [60] for the pressure
drop of two-phase flow in empty tubes, an even better description of the
adiabatic pressure drop data of tubes with inserts could be achieved. Storek
and Brauer multiplied the pressure drop calculated with the homogeneous
model by an empirical correction function, Q, according to Eq. (5.2).

d d
dp _ . dp
dL dLlyom

However, this correction function differs for empty tubes and tubes with
inserts, since the use of an insert appears to minimize the deviation of the
pressure drop from the homogeneous model. For porous inserts, the correc-
tion function is Q € [0.70; 1.15], while the correction function for the
empty tube takes values between 0.30 and 2.10 for comparable operating
conditions. Result of the present thesis indicate that the correction function
for tubes with inserts probably depends mainly on the vapor quality, yet
further experimental data of other geometries and operating conditions are
needed for a statistically reliable support of this guess and to develop a
reliable model.

(5.2)

As in empty tubes, the additional pressure drop observed under diabatic
conditions is proportional to the heat input between the pressure taps. How-
ever, the homogeneous empty tube model for the acceleration component
of the pressure drop, Eq. (5.3), cannot explain the magnitude of the propor-
tionality constant, which depends on the insert geometry. In addition to the
mass flux, my, the liquid density, p;, the vapor density, py, the heat flux
between the pressure taps, ¢*, the enthalpy of vaporization, Ah;y, and the
tube diameter, D;, Eq. (5.3) takes into account the porosity of the inserts,
,. Other geometric properties, such as the window diameter, are not con-
sidered but could potentially describe the magnitude of the proportionality
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constant. For modeling the additional pressure drop under diabatic condi-
tions, the hypothesis is thus rejected. Further investigations are needed to
understand the underlying mechanisms and to propose sound models.

(dp) _ My ( 1 1 ) 4q 53
dz tp,etacc Ebg PL  Pv AhLV - Dy .

The heat transfer coefficient was measured locally in six segments distributed
around the perimeter of the test section. The segments were electrically heated
independently of each other. A constant wall temperature boundary condition
was realized. Evaluation of the local heat transfer coefficient of the individual
segment as a function of the local heat flux allows the influence of wetting to
be distinguished from changes in the heat transfer mechanisms. The so ob-
tained insight into the wetting behavior was compared to the variation of the
wall temperature and to high-speed video recordings. For the latter, an image
processing tool using MATLAB® was developed to determine the intensity of
the phase boundary fluctuations which is difficult otherwise due to the trans-
parency of both liquid and fluid phase. The following conclusions can be
drawn from the analysis of the heat transfer and phase distribution measure-
ments:

e For completely wetted segments, all structures and empty tubes behave
similar for the same refrigerant at comparable operating conditions: the lo-
cal heat transfer coefficients asymptotically approach the nucleate boiling
contribution at high heat fluxes, described best by Cooper's model [4] for
pool boiling in the form given in Eq. (5.4).

0.67

-05 .
Fnbj e, oo012.[_ -0.55 , M . ( 9j ) 5.4
W m—2K-1 =55 Pr [ l0g10 pr] gmol‘l W m-2 ( )

The accordance to Cooper’s model is observed for all investigated operat-
ing conditions. Consequently, the inserts barely seem to influence the nu-
cleate boiling contribution of the flow boiling heat transfer of completely
wetted segments. The well-established Cooper’s model can thus be used to
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describe the flow boiling heat transfer coefficient in tubes with inserts at
high heat fluxes.

In contrast, the inserts increase the local heat transfer coefficient of com-
pletely wetted segments at low heat fluxes compared to the empty tube.
This can be explained by an enhanced convective heat transfer. Single-
phase heat transfer correlations describing the heat transfer at the tube wall
with the respective inserts can describe the convective boiling contribution
if adapted to two-phase flow. For sponge inserts, the model by Bianchi et
al. [5] was successfully used to describe the experimental data. For hi-
TRAN® wire matrix elements, a confidential inhouse correlation by CAL-
GAVIN Ltd. [33] is suitable. The single-phase model by Bianchi et al. [5],
Eqg. (5.5), considers the window diameter of the insert, d,,, as well as the
Reynolds number, Re, and Prandtl number, Pr, of the fluid flow.

ad
Nu = TW =1.97 + 0.09 (Re - Pr)°73 (55)

The adaption is achieved by using the liquid thermal conductivity, 4, the
liquid Prandtl number, Pr;, and a two-phase Reynolds number instead of
the single-phase Reynolds number. Different approaches were tested. For
the studied inserts, a homogeneous model approach (Regp hom = Mg *
Wyl L-p~t-vi?t) best describes the convective contribution in the top
segments, while a separated model approach (Rey,y,sep = Mo %o -
(1—x)-L-ug*- (1 —e)Y)isappropriate for the convective contribution
in the bottom segments. This observation can be explained by the phase
distribution and thus intrinsic velocities depending on the insert. Conse-
quently, a physically meaningful adaption of single-phase laws can de-
scribe the heat transfer coefficient of flow boiling in tubes with porous in-
serts at low heat fluxes.

The magnitude and trends observed for the heat transfer coefficient of a
completely wetted segment, @, o, j, in tubes with inserts can be described
well by a cubic superposition of the nucleate boiling contribution, a,;, and
the convective boiling contribution, .y, according to Eq. (5.6).
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Tep.ew,j = 3\/anb (qf)3 + e (R eL,hom/sep,j)3 (5.6)

The cubic superposition was suggested by Steiner and Taborek [98] for
flow boiling heat transfer in vertical tubes and since then frequently applied
to flow boiling heat transfer models of flow boiling in horizontal empty
tubes [1,2,42,94].

e The heat transfer coefficient of partially wetted segments can be described
by weighting the heat transfer coefficient of adry arc, ay, qry,j, and the heat
transfer coefficient of a completely wetted segment, ay, ., according to
Eq. (4.5). The heat transfer coefficient of the dry arc is described by the
vapor heat transfer coefficient calculated using the same single-phase cor-
relation as the convective boiling contribution, adjusted to two-phase flow
using the homogeneous Reynolds number for the vapor phase
(Rewpyhom =M L- p~1-vy1). The dry fraction, fary,j» depends on the in-
sert structure and the operating conditions.

Aip,pw,j = fdry,j " Aip,dry,j + (1 - fdry,j) T Aip,cw, j (5.7

e The dependence of the dry fraction, and thus the dry angle, on the operating
conditions is different for all investigated structures. In case of 20 ppi
sponge inserts, the dry angle decreases with increasing homogeneous den-
sity and is independent on mass flux. This statement cannot be confirmed
for 10 ppi sponges and hiTRAN® wire matrix elements. For the latter struc-
tures, no clear dependence of the dry angle on the operating conditions was
found. In order to be able to describe these observations with a predictive
model, further measurements with different inserts are necessary. Based on
the experimental data of this thesis, the hypothesis thus cannot be accepted
for the local heat transfer coefficient since the dry fraction, fg,y ;, still

needs to be fitted to the experimental results.
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e The modeling approach derived from the preceding considerations to de-
scribe the circumferentially averaged heat transfer coefficient is summa-
rized in Figure 4.33. In the absence of a mechanistic model, which should
be established by future research, the approach proposed by Lu and Zhao
[3] to predict the dry fraction, fq,y ;, was chosen. For this purpose, it is
necessary to determine the stratified dry angle according to Biberg [100]
and the void fraction according to the Rouhani drift-flux model [40]. The
approach by Lu and Zhao [3] further relies on video observations to esti-
mate the transition from partially to completely wetted circumference. The
averaged dry angle is then interpolated based on the mass flux between
the condition of stratified flow and completely wetted perimeter. To cal-
culate the convective boiling contribution to the heat transfer coefficient
along the wetted perimeter, ay,, the single-phase heat transfer correlations
describing the heat transfer coefficient at the tube wall adjacent to the in-
sert is adapted to two-phase flow by applying either a homogeneous
Reynolds number or a separated Reynolds number depending on the posi-
tion at the tube perimeter. The nucleate boiling contribution to the heat
transfer coefficient along the wetted perimeter, a,;,, is determined accord-
ing to the model valid in the empty tube for the refrigerant used, in this
case Cooper’s model [4]. The vapor-phase heat transfer coefficient, ay,,, ;,
which describes the heat transfer of the unwetted perimeter, ap 4ry,;, IS
modeled in a similar way as the convective contribution of the wetted pe-
rimeter, using the appropriate single-phase heat transfer correlation
adapted to two-phase flow. Comparing the experimental data to the model
reveals that more than 90% of all data are described with an error of less
than 30% using this simplified model approach, which does not require
any fitting parameter. Consequently, the hypothesis can be accepted for
the circumferentially averaged heat transfer coefficient. Attention should
be paid to high vapor qualities and heat fluxes because no model has been
included that predicts the dryout and the departure from nucleate boiling.

In summary, the possibility was demonstrated to develop model approaches
that are composed of the respective single-phase and empty tube concepts
through appropriate adaptation. For this, only the single-phase correlations for
pressure drop and wall heat transfer as well as the correlation for the nucleate
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boiling heat transfer in the empty tubes have to be known. Open questions re-
main about the modeling of the additional pressure drop due to heating and the
dry fraction to describe the local heat transfer coefficient.

Since the developed models are based on established concepts and refrain from
the use of fitting parameters, transferability to other porous structures, tube
diameters, refrigerants, and operating conditions can be anticipated. In addition
to predicting flow boiling characteristics for the purpose of evaporator design
or revamp, the models presented can also be applied to provide general predic-
tions of the benefits of porous inserts.
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Appendix A Calculation of error

The following error definitions apply for use in the error statistics. o,eq IS
the predicted heat transfer coefficient at the operating condition k while a.y,

is the experimentally determined heat transfer coefficient. n is the number of
different operating conditions. The same definitions are valid for the pressure
drop per unit length, Ap/AL.

percentage error (PE)

o4 —
pred,k exp,k
PE= —— (A.8)

O(exp,k

mean percentage error (MPE)

n
1 o -«
MPE = EZ pred,k exp,k (A9)

(04
=1 exp,k

absolute percentage error (APE)

[0 —
APE = —pmd(‘f expk (A.10)
exp,k
mean absolute percentage error (MAPE)
1 n
[0 —
MAPE = _Z Fpredk — Lexpk (A11)
n O‘exp,k

k=1
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Appendix B Test section and inserts

B.1 Technical drawing of test section
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Figure B.1: Longitudinal section as well as cross section of the test tube. Measuring tube is made
of brass CuZn39Pb3. Overall tolerance: ISO 2768-f.

Figure B.2: Pressure tap soldered to test tube made of stainless steel. Overall tolerance:
ISO 2768-f.
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Test section and inserts
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Figure B.3: Separable loose flange made of stainless steel. Overall tolerance: ISO 2768-f.

185201

DETAIL B4.000,

Figure B.4: Pressure tap and fixed flange soldered to test tube made of stainless steel. Overall
tolerance: ISO 2768-f.
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Figure B.5: Test section assembly with fixed flange at the inlet and loose flange at the outlet of
the test section.
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Appendix B Test section and inserts

B.2 Thermal conductivity of brass

The thermal conductivity of the test section, A, is necessary for calculating
the wall temperature from the temperature measured by the thermocouples
(compare Eq. (3.4) in Section 3.4.5). To determine the thermal conductivity of
the brass used for the test section, a sample of the same brass batch was exam-
ined. The thermal conductivity was determined indirectly by measuring the
thermal diffusivity, k, the specific heat capacity, c,,, and density, p, of the sam-
ple. The functional correlation between these measures is given by Eq. (B.1).

As =K Cpp (B.1)

The thermal diffusivity is measured by laser flash analysis at the Institute of
Applied Materials at Karlsruhe Institute of Technololgy for temperatures be-
tween 21 °C and 45 °C, compare Figure B.6.
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Figure B.6: Thermal diffusivity of brass test section as a function of the temperature. The error
bars indicate the standard uncertainty of 10 individual measurements at the respective
temperature.

The specific heat capacity is measured by differential scanning calorimetry

(DSC Q2000 by TA Instruments) at the Institute of Thermal Process Engineer-

ing at Karlsruhe Institute of Technology for temperatures between -40 °C and

46 °C, compare Figure B.7.
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Figure B.7: Specific heat capacity of brass test section as a function of the temperature. The error
bars indicate the standard uncertainty of 3 individual measurements at the respective
temperature.

The density of the brass sample was measured by means of a hydrostatic meas-

uring principle using the analytical balance CPA 225 D by Sartorius. It is

8272.4 kg m* + 0.3 kg m (measurement uncertainty, k = 1) at 23.5 °C. The

temperature dependence is estimated.

The resulting thermal conductivity of the test section is 113.5 W m* K at
23.5 °C with an estimated measurement uncertainty (k = 1) of 7.2 W m?* K1,
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Appendix B Test section and inserts

B.3 Measurement uncertainty of wall temperature

The measurement uncertainty of the inner wall temperature is influenced by
the temperature inhomogeneity at the tube wall and the deviation of the mean
inner tube wall temperature from the estimation by one-dimensional heat con-
duction in a cylindrical shell segment, compare Eq. (3.4). To estimate the order
of magnitude of these two contributions to the measurement uncertainty, a 2D
heat conductivity simulation of the test section cross-section is performed us-
ing Simcenter STAR-CCM+ (version 9.04.009).

Figure B.7 illustrates the simulated cross section as well as the most important
features of the simulation. The complete cross section is simulated to be able
to set boundary conditions as a function of the segment as it will be encoun-
tered in two-phase heat transfer coefficient measurements. The solder and the
thermocouple influence the temperature field due to their thermal conductivity
differing from that of the brass tube. The solder and the thermocouples are thus
simulated as well. The mesh was generated using the polyhedral mesher and
the surface remesher. The basis cell size of the solder and the thermocouples
is much smaller than that of the brass tube. The cell size and the abortion cri-
terion (energy minimum = 1 E-6) were determined by mesh independence stud-
ies allowing the results to differ less than 0.005 K.

brass tube BC inner tube wall
A=116Wm'K' a = f(segment)
cell size: 100 pm T,, = constant

;O_I%%rw 1K @ BC groove
. m adiabatic

cell size: 7 ym
thermocouple

A=20Wm'K' BC outer tube wall
cell size: 7 ym q = f(segment)

Figure B.8: Material and mesh properties of simulated standard 2D model of the test section as
well as illustration of boundary conditions (BC) at inner and outer tube wall.
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To assess the extent of the two influences explained at the beginning of this
section, the difference between the wall temperature calculated from the sim-
ulation results according to Eq. (3.4), T, and the wall temperature resulting
from the boundary condition, Ty, is determined. T, is considered to be the
correct wall temperature and T, simulates the value determined by measure-
ment. The heat fluxes set in four different representative two-phase heat trans-
fer measurements (#1 to #4) as well as the heat transfer coefficients reported
there are used as boundary conditions in the simulation and to calculate T..
The fluid temperature is set to -10 °C, however, the results are independent of
the temperature level. Figure B.9 illustrates that this temperature difference is
independent of the heat flux. This can be explained by the fact that it is domi-
nated by the temperature inhomogeneity, which also depends on the tempera-
ture profile of the neighboring segment. To account for this effect, a mean
standard uncertainty (k =1) of 0.13 K is assumed in the measurement uncer-
tainty analysis according to the GUM [125].
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Figure B.9: Difference between the inner wall temperature calculated by Eq. (3.4) and inner wall
temperature as defined by the boundary condition as a function of the local heat flux.
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Appendix C Single-phase heat transfer
measurements

Figure C.1 shows the comparison between the experimental single-phase
Nusselt number, Nu, characterizing the heat transfer at the wall of a tube with
a 20 ppi sponge insert and the correlation by Bianchi et al. [5]. The experi-
mental procedure corresponds to the experimental procedure of the single-
phase validation experiments as explained in Section 3.5 (determination of heat
input by method A). The correlation by Bianchi et al. [5] is explained in Sec-
tion 2.5.2.
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Figure C.1: Comparison of experimentally determined single-phase Nusselt number characteriz-
ing the heat transfer at a tube wall with 20 ppi sponge inserts with the correlation by
Bianchi et al. [5], Eq. (2.25).
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Appendix D Performance
enhancement criteria for flow boiling

D.1 Entropy generation

In order to optimize the total cost of a heat exchanger, several authors
[131,132] propose to model the operating and capital expenses depending on
the rate of entropy generation, Sgen, and the entropy lost to the environment.
This approach is called thermo-economic optimization. [131]

Entropy is a measure for the multiplicity, i.e., the number of possible mi-
crostates for one macrostate. Entropy always increases (second law of thermo-
dynamics) for a closed, adiabatic system. [133] The rate of entropy generation,

Sgen» 1s a measure for the system’s departure from reversibility. In a heat ex-

changer entropy is generated due to heat transfer and pressure drop and lost by
parasitic heat transfer to the environment. [134]

The operating expenses due to generated entropy, CS, of a heat exchanger with
streams A and B can be described e.g. by Eq. (D.1) [132]. Here n,, is the ex-
pected number of operating hours, T, the ambient temperature, Sgen_,- the gen-
erated entropy associated with mechanism i, and cg ; the unit cost of lost exergy

(TO S‘gen)-

o ) ) .
C? = np To(csarSgenar + Cs.apySgenaps T Cs,apgSgenars) (1)

One should thus bear in mind that the optimization of a subsystem does not
correspond to the optimization of the overall system [131], the cost-optimal
design does not necessarily match the design with a minimum entropy gener-
ation rate [131], and the specific costs attributed to entropy generation due to
heat transfer or pressure drop do not have to be the same [132], although this
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Appendix D Performance enhancement criteria for flow boiling

is a common assumption [131]. Consequently, the analysis of entropy gener-
ated in a subsystem should not be used for a general evaluation of an enhance-
ment method. However, such an analysis may give an indication of possible
optimization measures, e.g., if the expenses due to irreversibility are signifi-
cant, minimizing them may also lead to minimized overall costs.

Different “Performance Enhancement Criteria (PEC)” were thus defined to
evaluate the influence of heat transfer and pressure drop, see e.g. a review by
Manjunath [135]. The criteria can be classified into simple relations most no-
tably the “Enhancement Parameter” and 2nd law criteria such as “Entropy
Generation Minimization”, “Exergy analysis” and “Total Temperature Penali-
zation”. In the following, these concepts will be discussed.

The generated entropy due to heat transfer and pressure drop in an evaporator
tube is calculated by approach following the example of Bejan [134].

5
2

ein 7
aus ]

Twall aQ Sin  Sa Sout s

Figure D.1: Balance boundaries of infinitesimal small element of evaporator tube (steady state),
and illustration of the inlet and outlet state in the T-s-diagram. Also shown is an
auxiliary state with the inlet temperature but the outlet enthalpy.

For steady state, the mass balance and the energy balance for an infinitesimal

small volume of an evaporator tube can be written as follows:

dM =0 (D.2)

dH . dh d Q
Mm@
The generated entropy rate is the entropy leaving the system minus the entropy
entering the system due to heat transfer or mass flux.

(D.3)
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ds 1dQ .d
gen _ ___Q n M—S
dz Tw dz dz
Using the fundamental thermodynamic relation Eq. (D.5), the change of state
can be modeled as Eq. (D.6). This equation can be viewed as the description

of two processes: the first at constant pressure, the second at constant enthalpy.

(D.4)

ds = Lan - Zap (D5)
STT T '

ASgen  dQ (T, +T) (1 dh vdP) 08

dz Tw-T Tdz Tdz

Now, substituting Eg. (D.3) into Eq. (D.6) and combining the first two terms
of Eq. (D.6) leads to Eq. (D.7). Now, the first term describes the entropy gen-
erated due to the temperature difference between the wall and the bulk. The
second term is related to the pressure drop inside the volume element.

dSgen  (Ty—T)dQ . vdP

dz  Ty-T dz  Tdz

The specific volume at constant enthalpy, v, can be expressed by the specific

volume ¥ of the two-phase flow by Eq. (D.8). Here, a small inaccuracy is in-

troduced as the vapor quality changes slightly with changing pressure at con-
stant enthalpy.

(D7)

V=7, + (x + dJ.C)UVL (DS)

The temperature difference between the wall and the bulk fluid is denoted with
AT. As AT « T, a common simplification is to write T, - T ~ T2,
dSgen AT dQ i? dp
dz  T? dz Tdz
In case of a constant wall temperature in the direction of the mass flux, Bejan
[134] integrates Eq. (D.9). Note that the specific volume is evaluated at the
inlet pressure, P;,, and the outlet vapor quality, X, ;.
S A ATQ . ﬁ(Pin,xout)
gen = X Tpp T T

(D.9)

AP (D.10)
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Appendix D Performance enhancement criteria for flow boiling

Another notation can be gained if the pressure drop is substituted by a linear-
ized Clausius-Clapeyron Equation (D.11) and complete evaporation (x;, =
0; xout = 1).

dP AP AR ARYY 01
dar ~ AT " vVET  pVeT '

: Q
Sgen =73 (AT + ATyp) (0.12)

However, integrating at constant wall temperature for complete evaporation
but weighing the pressure drop with the respective specific volume of each
infinitesimal volume element leads to Eq. (D.13), which is similar to
Eq. (D.12), but differs by a factor a < 1, depending on the pressure drop char-
acteristics.

: Q
Sgen = 77 (AT + @ ATap) (D.13)

Such an expression is used e.g. by Cavallini et al. [136], Brown et al. [137] or
Zubair et al. [132] with a = 0.5. Cavallini et al. call this performance enhance-
ment criterium “Total Temperature Penalization™.

To evaluate the merit of a heat transfer augmentation technique, Bejan and
Pfister suggest the comparison of the rate of entropy generation of the heat
exchange apparatuses before (S'gen,o) and after (Slgen,a) the implementation of

the augmentation technique. The “Augmentation Entropy Generation Num-
ber” is defined by Eq. (D.14).

Neg =+ (D.14)

D.2 Enhancement parameter

An example of the other class of Performance Enhancement Criteria is the en-
hancement parameter € = £y /eap, €.9. Used by Webb (1994), Agrawal and
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Varma (1990) apud Mogaji et al. [138]. The “Enhancement Factor”, &,
[136,138] is defined as

a
e, = EF =

q (D.15)

aempty tube %4

The “Pressure Penalization” or “Pressure Drop Penalty” [136,138] is defined
as

Ap

& =PP = AL (D.16)

(a2)

AL empty tube %1,
If the Enhancement Parameter is larger than unity, the effectivity measure to
enhance the heat transfer is typically rated positive. Comparing these criteria
with the “Entropy Generation Minimization” and the “Total Temperature Pe-
nalization”, one can recognize that such an assumption can only be valid if the
entropy generated by heat transfer is in the same order of magnitude than the
entropy generated by pressure drop. According to Bejan [134], the irreversi-
bility distribution ratio (¢ = Sgen ap/Sgen,¢) has a theoretical optimum at
0.168. However, according to Zubair et al. [132], the lost work due to a finite
temperature difference of a two-phase heat exchanger is generally much larger
than the values for the two-phase pressure drop.
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Reliable predictive models for heat transfer and pressure
drop are required to evaluate the advantages of
infegrating porous structures info evaporator fubes.
Consequently, the aim of this thesis was to verify or falsify
the following hypothesis:

The heat transfer and pressure drop of flow boiling in a
horizontal tube with porous inserts can be described by
physically reasonable combination of established models
from the fields of “single-phase flow" and “boiling in empty
tubes” - without using fitting parameters.

Pressure drop and heat transfer tests with three different
porous inserts were carried out using a newly designed test
section. The hypothesis can be verified for the modeling of
the adiabatic pressure drop at high mass fluxes, as well as
for the modeling of the heat transfer coefficient in the
investigated parameter range. Transferability fo otfher
porous structures, tube diameters, cooling media and
operating conditions can be expected.
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