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Abstract 

Numerical simulations have been conducted for a cylindrical, laboratory-scale fluidized bed reactor, 

which has been designed for fundamental research of plastic pyrolysis. The Euler-Lagrange multiphase 

particle-in-cell (MP-PIC) approach has been used for modeling the dense particle-load flow. As the 

performance of the fluidized bed heavily relies on the interaction between gas and particles, the cold 

flow model considering only inert quartz sand particles as bed material and nitrogen as fluidizing agent 

at atmospheric condition has been applied in this work. The objective of this work is to study the 

hydrodynamic behaviors of the fluidized bed, which is of significant importance for an efficient mixing 

between the bed materials in terms of heat and mass transfer.  

In accordance with the experiment, the simulations have shown the bubbling fluidization regime in 

most considered cases, showing intermittently rising bubbles from the ground of the reactor to the upper 

surface of the fluidized bed. The calculated pressure drop Δp yields a good agreement with measured 

data, which remains constant with varied superficial gas velocity uG and increases with the bed inventory 

mS. The bed height hB increases slightly with increased uG due to the formation of larger bubbles. In 

addition, hB increases almost proportionally with mS due to the higher amount of sand mass.  

While up-scaling the reactor at constant Δp and uG, the fluidized bed is dominated by large-scale 

bubbles for relatively small reactor diameters at dR = 3 cm and 5 cm, where the bubbles have a similar 

size compared with dR. However, multiple-column bubbles rising along off-centered axes have been 

detected for further up-scaled reactor with dR = 10 cm. In this case, the parallelly rising large-scale 

bubbles results in a recirculation of the gas flow and accumulation of the sand particles along the 

centerline axis, leading to an improved mixing. In summary, the simulations are able to reproduce the 

behavior of the fluidized bed observed in the experiments, which confirms the validity of the used 

computational approach. The correlations between the operational characteristics and the operating 

parameters obtained from the simulations can be used for further optimized design of the fluidized bed, 

e.g., concerning scale-up of the reactor.  

 

Introduction  

The global plastic production has expanded rapidly over the last years due to the vast application areas 

of plastics, e.g., in packaging, engineering, construction, medical sectors, which has increased 20-fold 

over the past 70 years, from 2 Mt in 1950 to 390.7 Mt in 2021 [1, 2]. This has led to an increasing 

accumulation of waste plastics in our environment. Until 2015, about 6300 Mt plastics waste has been 

generated [3]. Meanwhile, the traditional treatments of plastic wastes, i.e., landfilling and incineration, 

are used for about 75% of total plastic wastes globally in 2016, which results in serious pollutant 

problems like contamination of ground or ocean water, and emission of greenhouse gases [4].  In 
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contrast, only 12% of the plastic wastes have been recycled [4], mainly via mechanical recycling, which 

represents a down-cycling process and cannot be repeated infinitely [5]. In addition, the mechanical 

recycling of plastic wastes requires a high grade of purity of fed plastic waste to ensure the quality of 

regenerated plastic materials, which limits its application.  

To increase circularity of plastics, chemical recycling via pyrolysis has been regarded as a promising 

technology in recent years, according to its advantages in handling mixed and contaminated plastics [6]. 

During the pyrolysis process, plastic polymers are degraded at high temperature condition to a wide 

range of short-chain hydrocarbons. Depending on the polymer used and the process parameters, mainly 

waxy products, oils, gases or monomers can be recovered as products [7, 8]. The pyrolysis oil can be 

reused in crackers or refineries for creating basic building blocks, such as circular ethylene and other 

circular by-products, which can be used for the production of new plastic products [9]. 

Different techniques have been used to study the pyrolysis process of plastics in recent years, among 

them, the thermogravimetry, the autoclave, the tubular or the screw reactor [10]. In addition to these 

methods, an indirectly heated fluidized bed has been applied by Kaminsky et al. [11, 12] for the recovery 

of mixed plastics via pyrolysis. In fact, fluidized beds are widely used in chemical and process industries 

for thermal treatment of granular materials via combustion or gasification [13]. The main advantages of 

performing pyrolysis in fluidized beds are given by the excellent heat and mass transfer as well as the 

capability of a continuous operation mode. In an optimal fluidized bed reactor, the rate of heat transfer 

can be ten times larger than in a melting vessel or tubular reactor [12]. By reducing the residence time 

by means of enhanced heat transfer, the polymer degrades under fast pyrolysis condition, thereby 

reducing unwanted side reactions and by-products [14]. To enable an efficient implementation of the 

fluidized bed technique for plastic pyrolysis and to optimize the operating conditions towards 

establishing industry-scale pyrolysis plants for waste plastics, detailed knowledge of the underlying 

thermochemical processes as well as the complex interplay between the fluid dynamics, heat transfer, 

and chemical reaction is required. In particular, the mixing behaviour of granular particles in fluidized 

bed represents an essential aspect for the operating performance and product yields.  

Overall objective of the work is therefore to explore fluidized bed as an enabling technology for 

industrial-scale plastic pyrolysis, which has the potential to become a commercialized technology and 

solve the pollution problem caused by waste plastics. For that purpose, a laboratory-scale fluidized bed 

has been designed and experimentally studied at the Institute for Technical Chemistry (ITC) at the 

Karlsruhe Institute of Technology (KIT). As experimental studies are limited by optical access and other 

conditions such as time, costs and space requirements, highly-resolved numerical simulations have been 

conducted in this work to gain an in-depth understanding of the underlying chemo-physical processes.  

The performance of fluidized beds depend strongly on the hydrodynamic behavior of the bed 

materials and their interactions with the gas bubbles within the reactor. Therefore, the cold flow model 

has been widely applied to study the effects of operating parameters on the fundamental characteristics 

of the fluidized bed such as bubble morphology or pressure drop. Following this idea, the simulations 

have been carried out under isothermal conditions and considering only inert sand particles as bed 

material. Focus of the work is to validate the model with respect to the hydrodynamic behaviors of the 

fluidized bed. For that purpose, a suitable numerical setup is established, which can reproduce the 

hydrodynamic behavior of the considered fluidized beds with reliable accuracy and at moderate 

computational cost. Thereafter, a systematical study on the correlations of the operating behaviors of 

the considered fluidized bed with the general operating parameters has been conducted, which allows 

an assessment of optimal process conditions in terms of mixing performance. The simulation results 

provide a detailed insight into the hydrodynamic behaviors of the fluidized bed at different operating 

conditions, which is of significant importance for further optimization and intensification of the 

pyrolysis process of plastics via fluidized bed. 

Simulation setups 

 Simulation methods 

As a detailed resolution of the gas-solid interface is computationally too expensive [15], this work 

applies a hybrid Euler-Lagrange approach for modelling the multiphase momentum transfer in the 

fluidized bed with dense particle concentration. In this case, a number of Lagrange parcels, which 

represent collections of spherical sand particles with predefined velocity and size, are introduced from 
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given locations into the computational domain and tracked during the simulations. A computationally 

improved model called the Multiphase Particle in Cell (MP-PIC) method developed by Andrews and 

O'Rourke [16] has been used to account for the inter-particular interactions. In contrast to the Discrete 

Element Method (DEM) or the Discrete Particle Method (DPM), where each particle-particle impact is 

tracked individually, the MP-PIC model evaluates the inter-particle forces by utilizing the kinetic theory 

of granular flows [17]. In this method, the collision forces between the particles are calculated by means 

of a particle pressure tensor, which is evaluated based on the local volume fraction of particles. The 

higher is the volume fraction of solid phase, the larger is the resulting collisional force between the 

particles. The scattering of particles due to the off-center collisions is modeled with a deterministic-

stochastic isotropy model, which calculates the probability of collisions for each pair of parcels in the 

cell volume. The states of the two colliding parcels are then corrected by means of an updated velocity 

based on the outcome of the collision [18, 19]. The rebound model has been applied for the particle-wall 

collisions, where the impinging solid particles are bounced back against the wall. The simulations have 

been performed in an incompressible framework, assuming isothermal conditions and a constant gas 

density. 

 Experimental conditions 

The laboratory-scale fluidized bed reactor has a cylindrical geometry with a diameter of 5 cm and a 

length of 100 cm. A porous sintered metal plate is used at the ground of the reactor as gas distributor, 

which is only permeable to the gas and generates homogeneous regular incoming gas flow towards the 

bed materials. Quasi-spherical silica sand particles with a Gaussian size distribution and an arithmetic 

mean diameter of 212 µm have been used as carrier material (see Fig.2 too), along with nitrogen as 

fluidizing agent. Figure 1 on the left shows the experimental test rig along with a snapshot of the 

fluidized bed in cold-mode condition. The bulk gas flow velocity 𝑢𝑔 has been varied from 13.6 cm/s to 

29.7 cm/s and the bed inventory 𝑚𝑠 from 195 g to 586 g, as shown in the in the middle part of Fig.1. 

These conditions have been selected according to the design of the fluidized bed reactor that leads to a 

bubbling fluidization regime, giving the best mixing behaviour of the bed material. The experiments 

have been conducted at atmospheric condition at 25 °C and 1 atm. Video records have been taken to 

assess the fluidization behaviour of the sand bed and the pressure drop has been determined based on 

measurement of static pressure of the gas phase at different locations within the reactor. 

 

Figure 1: Test rig used for experimental study of a laboratory-scale fluidized bed (left) and topology of 

the computational grid used for the numerical simulations of the considered fluidized bed (right). The 

operating parameters with superficial gas velocity and total sand mass are given in the middle. 
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 Computational grid 

The computational domain has been built up by a cylindrical tube, which has a length of 60 cm and a 

diameter as the one used in the experiment. As shown in Fig.1 in the middle lower part, the topology of 

the computational grid for the cross-sectional area is given by an O-type grid, which creates uniformly 

distributed grid cells from the centre to the wall boundaries with an almost equidistant grid length of 1.2 

mm in the radial direction. The grid resolution in the longitudinal direction is 1 mm at the ground of the 

tube, which increases with a small expansion factor in the axial distance, as shown on the right of Fig.1. 

Overall, the length of the cylindrical domain has been resolved with 180 cells and the diameter of the 

tube with more than 30 cells, which leads to approx. 150,000 hexahedral elements in total. 

 Boundary conditions 

The boundaries of the gas domain are indicated in Fig.1 on the right, where nitrogen gas enters the 

domain from the inlet and leaves the domain at the outlet. A non-slip condition is used for the reactor 

wall. The flow velocity at the inlet is calculated from 𝑢𝐺,𝐼𝑛𝑙𝑒𝑡 = 𝑢𝐺,0/𝜀, with the bulk flow velocity of 

the gas 𝑢𝐺,0 and the void fraction or porosity 𝜀. In case of 𝜀 = 1 or without sand particles, the inlet flow 

velocity is equal to the superficial gas flow velocity (𝑢𝐺,𝐼𝑛𝑙𝑒𝑡 = 𝑢𝐺,0); if sand particles are available 

or 𝜀 ≠ 1, the inlet flow is larger than 𝑢𝐺,0 to preserve continuity. The pressure at the outlet is fixed at 

ambient pressure, whereas its gradient at the reactor wall and at the inlet is set to zero. The simulations 

have been conducted under isothermal condition at 25 °C and 1 atm. The densities of the gas and the 

sand are 𝜌𝐺 = 1.14 kg/m3 and 𝜌𝑆 = 2660 kg/m3.  

Four million Lagrange parcels have been used to model the dynamics of the sand particles for all 

cases. Therefore, the number of particles per parcel increases with increased bed inventory or amount 

of sand, respectively. The Gauss-normal distribution with a mean value of 213 μm and a standard 

deviation of 72 μm has been used to reproduce the measured size distribution of sand particles in the 

fluidized bed. As shown in Fig.2, the measured and calculated probability density functions (PDF) of 

the particle diameter show a reasonably good agreement. The deviations between both PDFs from 

experiment and simulation are attributed to the asymmetric distribution of the measured PDF of particle 

size. The particles are initialized uniformly in space along the whole domain, which fall down onto the 

ground of the reactor by gravitational force and interact with the incoming gas flow, forming a fluidized 

sand bed.  

 

Figure 2: Comparison of particle size distributions used for the experiments and simulations. 

 Modeling concept 

The open-source code OpenFOAM-v2112 [20] has been used to perform the numerical simulations and 

the standard solver “MPPICFoam” available in OpenFOAM has been applied in the current work to 

simulate the gas-solid flow in the fluidized bed. The balance equations have been solved in an 
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incompressible formulation, employing a 1st order interpolationscheme (upwind) for discretization of 

the convection and a 2nd order scheme for the diffusion term. The time step is set to 0.1 ms, ensuring a 

maximum CFL (Courant-Friedrichs-Lewy) number at approx. unity. The simulations have been run for 

a physical time of 8 s with 128 CPU cores (1 node) from the HAWK cluster at the high performance 

computing center Stuttgart (HLRS). One second after the initialization of the fluidized bed simulation, 

statistical averaging of the flow has been performed for a physical time of 7 s, corresponding to more 

than 5 flow-through times based on the superficial gas velocity and the bed height.  

Simulation Results 

 Fluidization morphology 

Figure 3 illustrates instantaneous contours of the void fraction or porosity ε on a meridian cutting plane 

passing through the centerline axis, on the left for increasing superficial gas velocity from 𝑢𝐺 = 14 to 30 

cm/s and on the right for increasing bed inventory from 𝑚𝑆 = 195 g to 586 g. The black points indicate 

a small portion (ca. 1%) of the totally tracked 4 million Lagrangian parcels for representation of the sand 

particles, which are up-scaled by a factor of 5 for better visualization. The bubbles can be identified by 

the regions with large ε within the reactor. The case with the smallest 𝑢𝐺 at 14 cm/s reveals a smooth or 

close-to-minimum fluidization regime, where the sand bed yields a weak fluidization, without showing 

clear bubble formation. A further increase of 𝑢𝐺 to 17, 21 and 25 cm/s results in formation of a number 

of bubbles, corresponding to the bubbling fluidization regime. These bubbles rise along the axial 

direction due to buoyancy, which burst at the upper boundary of the fluidized bed. The size of the 

generated bubbles increases with 𝑢𝐺, and the hydrodynamics of the fluidized bed at the highest velocity 

with 𝑢𝐺 = 30 cm/s is dominated by large bubbles even with a size close to the reactor diameter. This 

behavior is closely related to the slugging fluidization regime. The enhanced bubble formation at 

increased 𝑢𝐺 is attributed to the increased momentum flux of the gas flow, leading to a reinforced gas-

to-solid momentum transfer and recirculation of the sand particles towards the reactor wall.  

 

Figure 3: Instantaneous contours of void fraction on a cutting plane passing through the centerline axis 

calculated from MP-PIC simulations of a laboratory-scale fluidized bed: on the left for increasing 

superficial gas flow velocity and on the right for increasing bed inventory. 

In the bubbling fluidization regime, the sand particles are driven to the reactor walls by the rising 

bubbles, leading to a core-annulus flow pattern where the gas phase dominates along the centerline axis 

and sand particles are located near the walls. As the gas flow velocity is low or close to zero at the wall 

due to the non-slip condition, the particles fall down along the wall to a region close to the base of the 

reactor and interact with the incoming gas and the small-scale bubbles at a higher velocity. The sand 

particles are then pushed back towards the upper surface of the reactor together with the rising bubbles, 
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leading to a circular motion of the sand particles. In the cases of large 𝑢𝐺, the sand particles are even 

ejected upwards to the outside of the upper surface of the fluidized bed during bursting of the bubbles, 

as illustrated for the cases with 𝑢𝐺 = 25 cm/s and 30 cm/s on the left of Fig.3.  

While increasing 𝑚𝑆at constant 𝑢𝐺 = 21 cm/s, as shown in Fig.3 on the right, the morphology of the 

bubbling fluidized bed remains almost unchanged. However, the height of the sand bed ℎ𝐵 increases 

significantly with 𝑚𝑆, which is attributed to the increased amount of sand particles. As ℎ𝐵 increases 

with 𝑚𝑆, the small bubbles generated near the ground of the reactor have more space to develop and to 

coalesce with each other, so that the size of the bubbles increases with 𝑚𝑆. The morphological behavior 

obtained from the simulations agrees well with the experimental observations and reproduces the 

expected fluidization regimes based on the preliminary design of the considered fluidized bed. The 

desired bubbling fluidization regime can be achieved for a moderate range of 𝑢𝐺  and 𝑚𝑆 , which is 

beneficial with regard to an efficient mixing and heat-/mass transfer. 

 Pressure drop and bed height 

While passing through the sand bed, the gas flow yields a pressure loss Δp due to exchange of 

momentum or kinetic energy between the gas and the solid phases. In the fixed bed regime, Δp increases 

linearly with 𝑢𝐺 [21]. In the case of that 𝑢𝐺 is larger than the minimum fluidization velocity, the solid 

particles are carried by the gas flow and attain as a whole a fluid-like behaviour. The weight of the 

particles is balanced by the drag force exerted by the fluid flow on the particles, which results in a 

pressure loss of the gas phase [21] 

  ∆𝑝 =
𝐹𝑔−𝐹𝐴

𝐴0
=

𝑉𝑆∙(𝜌𝑆−𝜌𝐺)∙𝑔

𝐴0
= ℎ𝐵 ∙ (1 − 𝜀) ∙ (𝜌𝑆 − 𝜌𝐺) ∙ 𝑔   (1) 

where 𝐹𝑔 and 𝐹𝐴 are the gravitational and buoyancy force, 𝐴0 and 𝑉𝑆 are the cross-sectional area and the 

volume of all sand particles. Figure 4 on the left compares the measured and calculated Δp, which show 

a reasonably good agreement. Δp remains almost constant with increased uG. The reason is attributed to 

the fact that Δp is equivalent with the overall particle weight per unit bed cross-sectional area, as shown 

in Eq.(1). Therefore, Δp is not influenced by uG. In contrast, Δp increases with mS due to the increased 

ℎ𝐵  or total mass of sand, respectively, which is in accordance with Eq.(1). The simulations have 

reproduced correctly the correlations of Δp with respect to uG and mS.  

     

Figure 4: Comparison of measured and calculated pressure drop under different operating conditions 

(left); measured vs. calculated pressure drop for illustration of the deviation between them (right). 

However, Δp from the simulations is underestimated compared with the measurement. The reason 

could be attributed the assumptions used in the simulations, which leads to prediction of a lower energy 

loss in the system. For instance, the gas is assumed to be incompressible and the particles are assumed 

to have ideal spherical shape. In addition, the frictional energy loss caused by particle-particle/-wall 

collisions has not been modeled in a detailed way and the angular momentum of the sand particles is 

not considered by the current MP-PIC approach. As a result, the energy loss during momentum or energy 
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exchange between the gas and the solid phase is underestimated. The difference between 𝛥𝑝𝐸𝑥𝑝 

and 𝛥𝑝𝑆𝑖𝑚 increases with mS, as these effects become more pronounced with increased mS.  

In order to illustrate the differences between the experiments and the simulations in detail, Fig.4 on 

the right plots the measured Δp against the calculated Δp, i.e., Δ𝑝𝐸𝑥𝑝 vs. Δ𝑝𝑆𝑖𝑚, where envelope curves 

with Δ𝑝𝐸𝑥𝑝 = Δ𝑝𝑆𝑖𝑚 (solid line), Δ𝑝𝐸𝑥𝑝 = 1.1Δ𝑝𝑆𝑖𝑚 and Δ𝑝𝐸𝑥𝑝 = 1.2Δ𝑝𝑆𝑖𝑚 (dashed lines) are used to 

identify the ratios of Δ𝑝𝐸𝑥𝑝/Δ𝑝𝑆𝑖𝑚. As shown in Fig.4 on the right, all data pairs with Δ𝑝𝐸𝑥𝑝 vs. Δ𝑝𝑆𝑖𝑚 

are below the reference line of Δ𝑝𝐸𝑥𝑝 = 1.2Δ𝑝𝑆𝑖𝑚, indicating that the deviation between measured and 

calculated Δp is less than 20% for all cases. Despite the discrepancies between experiments and 

simulations, the hydrodynamic behaviors with regard to fluidization behavior of the considered fluidized 

bed has been reproduced in a qualitatively or even quantitatively correct way, which validates the 

numerical approach used in this work. 

Figure 5 on the left depicts profiles of time-averaged particle volume fraction  �̅�𝑃  along the 

centerline axis, on the left for a constant mS at 390 g with varied uG and in the middle for the reference 

uG at 21 cm/s with varied mS. The right-hand side of Fig.5 shows time-mean contours of �̅�𝑃 on a cutting 

plane across the symmetry axis for the reference case with uG = 21 cm/s and mS = 390 g. At uG>13.6 

cm/s, where the fluidized bed is characterized by the bubbling fluidization regime, �̅�𝑃 is at largest at the 

ground surface of the reactor with a maximum value of  �̅�𝑃 ≈ 0.5, and it decreases to 0 at the upper 

surface of the sand bed. In the case with uG=13.6 cm/s, the fluidized bed is subjected to the close-to-

minimum fluidization regime, without clear formation of bubbles, as shown in Fig.3 on the left. 

Therefore, the maximum of  �̅�𝑃  is located in an intermediate range between the ground and upper 

surface of the reactor. With further increased superficial gas velocity, the sand particles are pushed more 

strongly away from the centerline due to the increased momentum flux of the gas flow, so that  �̅�𝑃 

decreases with increased uG. As indicated in Fig.5 on the right, �̅�𝑃 increases in the radial direction from 

the centerline and reaches its maximum in a region near to the reactor wall. In addition, it can be detected 

from the profiles of  �̅�𝑃 in Fig.5, that  �̅�𝑃 decreases faster with increased uG and mS, indicating a decrease 

of the bed height hB with uG and mS. However, the effect of uG on hB is subordinate compared with the 

impact of mS on hB, as illustrated in Fig.3. 

  

Figure 5: Profiles of time-averaged particle volume fraction along the centerline axis at varied 

superficial gas velocity (left) and sand mass (right). 

 Simulations of up-scaled fluidized bed 

In order to study the effect of up-scaling on the operational behavior of the considered fluidized bed, an 

approach applying a constant pressure drop and bed height has been chosen. This has been achieved by 

using a constant superficial gas velocity and particle size distribution for different up-scaled fluidized 

beds. In this way, the bed inventory yields a quadratic increase with the reactor diameter dR (𝑚𝑆 ∝ 𝑑𝑅
2), 

whereas the bubbling fluidization regime remains unchanged. In the current case, dR has been varied at 

3, 5 and 10 cm. For the numerical simulation, the grid resolution in the radial direction with 1 mm is 

kept constant for all up-scaled reactors, while the grid distribution in axial direction remains the same. 

This leads to a quadratic increase of the overall number of finite volumes with the reactor diameter, i.e., 

48,000 150,000 and 937,500 for the cases with dR = 3, 5 and 10 cm. The number of tracked Lagrange 
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parcels increases while up-scaling the reactor due to increased mass of sand, which is set to 1.2, 4.0 and 

12 million with increased dR at 3, 5 and 10 cm. 

The left-hand side of Fig.6 depicts instantaneous contours of ε on a meridian plane across the 

centerline axis for different reactor sizes, along with the sand particles indicated by the black points. 

The morphological structure of the fluidized bed is dominated by large bubbles rising along the 

centerline axis for the smallest reactor with dR = 3 cm, where the size of the bubbles is almost equal to 

the diameter of the tube in this case. This is attributed to the narrow domain bounded by the reactor wall, 

so that there is only a very limited pathway for the bubbles to pass through, leading to a fast coalescence 

of the small bubbles. In this case, the sand particles are driven by the large bubbles to the upper side of 

the fluidized bed, without being recirculated to the vicinity of the wall. At increased reactor size with dR 

= 5 cm, there is more space between the dominating large bubbles and the reactor wall, which allows 

formation of a low-speed region close to the wall and a recirculation of the sand particles there. By 

further increasing the reactor size to dR = 10 cm, the number of bubbles is increased significantly due to 

the increased gas mass flow rate, where two arrays of rising bubbles are generated without coalescing 

with each other to form larger bubbles. In addition, the sand particles accumulate and fall down not only 

in the near-wall regions, but also along the symmetry axis. In this case, the gas flow recirculates towards 

the centerline axis due to the expansion of the flow domain, which drives the sand particles to the 

centerline axis.  

 

Figure 6: Instantaneous contours (left) and iso-surfaces (right) of void fraction for up-scaled fluidized 

bed reactors with a diameter of dR = 3, 5 and 10 cm. 

Figure 6 on the right shows line-of-sight views of snapshots of ε = 0.66 iso-contours, which illustrate 

3D structures of the bubbles for different cases. It can be detected, that the distance between the bubbles 

and the wall increases with dR. The hydrodynamics of the fluidized bed is dominated by large-scale 

bubbles with sizes close to the reactor diameter for the cases with a relatively small dR at 3 cm and 5 cm, 

whereas the bubbles rise along multiple off-centered columns in the case of dR = 10 cm. 

The same behavior can be detected from Fig.7 on the left, showing the time-mean contours of ε on 

the meridian cutting plane across the symmetry axis. For dR = 3 cm and 5 cm,  𝜀 ̅is largest along the 

centerline axis due to the large-scale bubbles, which dominate the whole reactor. On the contrary, 𝜀 ̅is 

low at the symmetric axis in the case of dR = 10 cm, which indicates an accumulation of sand particles 

there. This is attributed to the rising bubbles along two off-centered axes, resulting in an additional 

recirculation of the gas flow towards the centerline axis. Figure 7 on the right shows axial profiles of 

the time-mean volume fraction of sand particles  �̅�𝑃 , which reveals an increase of the particle 

concentration with increased reactor dimension along the centerline axis. This is caused by an increased 

momentum transfer from the gas to the solid phase in the lateral direction while increasing dR. Therefore, 

use of up-scaled reactors is more beneficial concerning a more efficient mixing of the bed materials and 

elimination of wall effects. 
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Figure 7: Time-mean contours of porosity on a cutting plane through the centerline axis (left) and 

profiles of time-averaged solid volume fraction along the symmetry axis for up-scaled fluidized bed 

reactors with a diameter of dR = 3, 5 and 10 cm. 

Conclusion 

Numerical simulations have been carried out in order to gain detailed knowledge regarding the 

hydrodynamic behavior of a laboratory-scale fluidized bed reactor, which was designed for fundamental 

study of plastic pyrolysis. Objective of the work is to establish a suitable numerical setup and to validate 

the multiphase Euler-Lagrange MP-PIC approach, which can be further used for simulation of plastic 

pyrolysis in fluidized beds. The achieved results are summarized below: 

- A numerical setup for 3D, transient simulation of dense particle-gas flow in fluidized beds has 

been generated in the framework of OpenFOAM. 

- The morphological behavior concerning fluidization regime has been reproduced well by the 

numerical simulations.  

- The calculated pressure drop ∆p agrees well with measured data, which shows a quasi-linear 

increase with the bed inventory mS and is almost constant at varied superficial gas velocity uG. 

- By up-scaling the reactor at constant ∆p and uG, the bubbling fluidization regime remains 

unchanged. However, the number of formed bubbles is increased significantly for up-scaled 

reactor. In particular, bubbles along multiple columns or off-centered axes are detected for the 

largest fluidized bed, whereas large-scale bubbles with a similar size of the reactor diameter 

rising along the centerline axis dominate the hydrodynamics of the smaller reactors. 

The simulations provide an insight into the hydrodynamic behavior of the fluidized bed and confirm 

strong correlations of the characteristic behavior with the general operating parameters. In addition, the 

good agreement between experiments and simulations validates the computational setup and numerical 

approach used in this work, so that these can be used for an in-depth analysis considering the plastic 

particles as well as their interactions with sand beds in terms of momentum and heat exchange.  
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