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ABSTRACT

Euler–Lagrange simulations coupled with the multiphase particle-in-cell (MP-PIC) approach for considering inter-particulate collisions have
been performed to simulate a non-reacting fluidized bed at laboratory-scale. The objective of this work is to assess dynamic properties of the
fluidized bed in terms of the specific kinetic energy of the bed material kS in J/kg and the bubble frequency fB in Hz, which represent suitable
measures for the efficiency of the multiphase momentum exchange and the characteristic timescale of the fluidized bed system. The simula-
tions have reproduced the bubbling fluidization regime observed in the experiments, and the calculated pressure drop Dp in Pa has shown a
reasonably good agreement with measured data. While varying the bed inventory mS in kg and the superficial gas velocity uG in m/s, kS
increases with uG due to the increased momentum of the gas flow, which leads to a reinforced gas-to-solid momentum transfer. In contrast,
fB decreases with mS, which is attributed to the increased bed height hB in m at larger mS. An increased gas temperature TG from 20 to 500 �C
has led to an increase in kS by approximately 50%, whereas Dp, hB, and fB are not sensitive to TG. This is due to the increased gas viscosity
with TG, which results in an increased drag force exerted by the gas on the solid phase. While up-scaling the reactor to increase the bed inven-
tory, bubble formation is enhanced significantly. This has led to an increased fB, whereas kS, hB, and Dp remain almost unchanged during the
scale-up process. The results reveal that the general parameters such as hB and Dp are not sufficient for assessing the hydrodynamic behavior
of a fluidized bed while varying the operating temperatures and up-scaling the reactor dimension. In these cases, the dynamic properties kS
and fB can be used as more suitable parameters for characterizing the hydrodynamics of fluidized beds.

VC 2024 Author(s). All article content, except where otherwise noted, is licensed under a Creative Commons Attribution (CC BY) license (http://
creativecommons.org/licenses/by/4.0/). https://doi.org/10.1063/5.0189519

I. INTRODUCTION

Gas–solid fluidized beds are characterized by a large gas–solid
contact surface and an intensive gas–solid mixing, which promote heat
and mass transfer. Due to these advantages, the fluidized bed technol-
ogy is widely employed to environmental, chemical, pharmaceutical,
energy and process industries, which can benefit significantly to higher
efficiencies and lower emissions of these processes. For example, fluid-
ized beds are used as a key technology in the petroleum refining indus-
try (fluid catalytic cracking), drying of powder and granules, reduction
of iron ore, biomass/coal combustion, and gasification.1–3 The opera-
tional performance of fluidized beds relies strongly on the hydrody-
namics of the gas–solid flow in terms of bubble formation and particle

dynamics, which represent the fundamental mechanism for the mass
and heat transfer, and also influence the product yield. As the harsh
environment caused by the dense particulate flow limits the experi-
mental assessment of the gas–solid flow system within the fluidized
bed, numerical simulations have been used extensively in the last few
decades to gain an in-depth understanding of the underlying fluidiza-
tion dynamics.

There are two fundamental approaches for modeling gas–solid
flows: the Euler–Euler and the Euler–Lagrange approach.4 The two-
fluid model (TFM) uses the Euler–Euler approach, and both gas and
solid are regarded as penetrating continuous phases. Therewith, the
particle properties such as density or diameter are calculated using the
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kinetic theory of granular flow (KTGF).5 The TFM is widely used due
to its low computational cost. However, the effect of particle size
cannot be considered properly by TFM, which can have significant
influence on prediction performance of fluidized beds.6 In the Euler–
Lagrange method, a large number of Lagrange particles (LPs) are
tracked, which interact with the continuous gas phase. Both phases are
coupled through source terms concerning mass, momentum, and heat
transfer. Compared with TFM, the Euler–Lagrange approach takes the
effect of particle size distribution (PSD) into account7 and it provides
information on the trajectories as well as transient forces acting on the
particles.8 The Euler–Lagrange approach can be further subdivided to
the Discrete Particle method (DPM), Multiphase-Particle-in-Cell
method (MP-PIC), Dense Discrete Phase Model incorporated with
Kinetic Theory of Granular Flow (DDPM-KTGF), and CFD-Discrete
Element Method (CFD-DEM), which differ in their treatment of the
particle–particle interaction.9

Due to the advantages of the Euler–Lagrange approach with
regard to computational efficiency and accuracy, it has been widely
used for the simulation of gas–solid flows. For instance, Wang et al.10

applied the Euler–Lagrange method along with the MP-PIC approach
for a cold circulating fluidized bed (CFB) with a loop seal and studied
the effects of grid resolution, drag model, and particle size distribution
(PSD) on the hydrodynamic behavior of a circulating fluidized bed
(CFB). The model setups were then used to study the influence of
operating parameters, including loop seal aeration rate, fluidized air
velocity in the riser and total bed inventory, on the solid circulation
characteristics.11 In Ref. 12, a CFB combustor under cold flow condi-
tion has been calculated using the CPFD method coupled with differ-
ent drag models, and the results showed good agreement with
experiments for varied bed inventory. Zafiryadis et al.13 applied the
Euler–Lagrange method along with the MP-PIC approach for a cold
flow CFB, where the pressure constant and the exponent of the MP-
PIC particle stress model were found to have the largest influence on
correctly reproducing the fluidization behavior. A biomass gasification
plant in cold flow operation has been simulated by Lunzer et al.14 with
the Euler–Lagrange/MP-PIC method and different drag models, which
revealed a significant impact of the particle size distribution.
Furthermore, the model constant for the particle stress used by the
MP-PIC approach was found to play an important role in close-
packed regions. Wu et al.15 employed the dense discrete phase model
(DDPM) to investigate flow dynamics in a swirling gas–solid fluidized
bed, which results in a decreased bed height and pressure drop com-
pared with general setups without using a swirling gas flow. Moreover,
different operation regimes have been identified with increasing super-
ficial velocity and an increase in the operation velocity was found to be
more beneficial in terms of particle mixing in the swirling fluidized
bed. In Ref. 16, two models for considering heat transfer close to the
walls of fluidized beds have been introduced in the framework of the
CFD-DEM (discrete element method) approach and were validated
with experimental results. A review on the simulation of cold flow flu-
idized beds has been provided in Ref. 17, and the influence of some
key models such as inter-phase drag model has been highlighted.

Another class of modeling gas–solid flows is given by the
particle-resolved direct numerical simulation (PR-DNS),18 which rep-
resents the most accurate, but also the most computationally expensive
method due to the resolution of the flow field around the particle,
including its boundary layer. By using PR-DNS, Moriche et al.19 have

studied the clustering of oblate spheroids settling in ambient fluid.
Tenneti et al.20 has applied PR-DNS to study the acceleration of par-
ticles due to gas–solid and inter-particle interactions by means of the
particle velocity variance (granular temperature). Esteghamatian
et al.21 have performed particle-resolved simulations for liquid/solid
and gas/solid fluidization, which revealed non-isotropic mechanisms
for driving the particle motion and the dominance of diffusive and
convective mechanisms.

In addition, a large number of works have focused on improving
the accuracy of the Euler–Lagrange method along with its sub-
models. In particular, great efforts have been made to develop more
sophisticated drag model as well as the quantification of uncertainties
induced by the drag model.22,24–28 Moreover, a computationally effi-
cient particle cloud tracer method is presented in Ref. 23 for tracing a
large number of particles and modeling statistic moments of particle
groups in Euler–Lagrange formulations. Patel et al.29 have compared
the performance of TFM and Euler–Lagrange methods, where the
convergence of the methods under grid refinement is found to depend
on the simulation method and the specific case of concern. The prob-
lem of large particle-size to mesh-spacing ratio in dilute particle-laden
flows has been studied by Evrard et al.30 Similar work has been con-
ducted in Ref. 31, where a strategy for simulating particle-laden flows
using cell sizes smaller than the particle diameter has been proposed.
A comprehensive review on the development of mathematical models
for gas–solid flows as well as their applications to fluidized beds has
been presented in Ref. 9, which confirms the capability of numerical
models for designing industrial plants based on the fluidized bed
technology.

As the gas–solid and solid–solid interactions occur over a wide
range of length and time scales and are affected by a large number of
operational, dimensional, and design parameters, the functional
dependence of fluidized bed characteristics on these design parameters
still have large uncertainties. Therefore, despite the achieved progress
in recent works, detailed knowledge with regard to accurate prediction
of the hydrodynamic behavior of fluidized beds is missing. In particu-
lar, most of the previous numerical works have focused on the valida-
tion of specific sub-models or model parameters and studying the
influence of operational parameters on the overall behavior of the con-
sidered fluidized bed. However, in general, it is not sufficient to solely
use general features such as bed height, pressure drop, or solid circula-
tion rate for characterizing the temporally developing, multi-scale gas–
solid system within the fluidized bed, as these are not directly related
to the performance of fluidized beds in terms of an efficient mixing or
heating. In order to gain more detailed knowledge of the hydrody-
namic process of the fluidized bed, highly resolved numerical simula-
tions have been conducted for a laboratory-scale fluidized bed at
isothermal condition. Objective of this work is to evaluate its unsteady
dynamic properties in terms of the specific kinetic energy of the bed
material and the bubble frequency. The specific kinetic energy is equiv-
alent with the averaged moving velocity of the bed material within the
fluidized bed, which can be regarded as a measure for the efficiency of
the multiphase momentum exchange from the gas to the solid phase.
On the other hand, the bubble frequency represents a measure for the
characteristic dominating timescale of the bubbles within fluidized bed
system. The correlations of these properties with the operating param-
eters have been quantitatively evaluated, which reveals their usefulness
for a more detailed assessment of the hydrodynamics of fluidized beds.
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II. SIMULATION METHODS
A. Euler–Lagrange approach for simulation
of gas-solid flows

As a detailed resolution of each solid particle including its bound-
ary layer in a fluidized bed is computationally too expensive, a hybrid
Euler–Lagrange approach is used in the present work for modeling the
multiphase interactions.32 In this method, the gas flow is regarded as a
continuous phase, which is modeled by means of the Naiver–Stokes
equations. The solid particles are treated as dispersed, and their trajec-
tories are calculated based on a balance of forces acting on the particle,
along with the equation of motion. Both sets of Euler and Lagrange
equations concerning the gas and solid phase are coupled via source
terms for considering the transfer of momentum between the different
phases.

For the continuous gas phase, the following balance equations for
total mass and momentum are solved9

@eqg
@t

þr � ðeqg~ugÞ ¼ 0; (1)

@eqg~ug

@t
þr� ðeqg~ug~ugÞ ¼�rpþr� ðe�seff Þþ eqg~g þ~Sp;mom (2)

with the volume fraction of gas e (also call void fraction or porosity)
and the gas density qg;~ug is the gas velocity and~g is the gravitational
acceleration. p is the pressure. The effective stress tensor is calculated
from

~seff ¼ lgðr~ug þr~uT
g Þ �

2
3
lgðr �~ugÞ�I (3)

with lg and �I being the dynamic viscosity of the gas phase and the
identity matrix. The momentum exchange between the continuous
and disperse phases in Eq. (2) is given by the source term~Sp;mom

~Sp;mom ¼
Xnp;cell
i¼1

~Fd;i

Vcell
; (4)

which represents the sum of the drag forces acting on all particles~Fd;i

within the cell volume Vcell, with np;cell being the number of the par-
ticles in the current computational cell. No turbulence model has been
used for the simulation, i.e., the gas flow has been regarded as laminar,
as the Reynolds number Re based on the reactor diameter and the bulk
flow velocity is lower than 2000 for all considered cases in this work
(see Sec. IIIA).

The momentum equation for each discrete particle follows
Newton’s second axiom,9 where the acceleration of the ith particle is
due to external forces exerted on the particle

mp;i
@~up;i

@t
¼~Fd;i þ~Fg;i þ~Fc;i þ~F i;i: (5)

The particle positions are then obtained from time integration of the
particle velocity~up;i with the help of the equation of motion

d~xp;i
dt

¼~up;i: (6)

In Eqs. (5) and (6), mp;i and~xp;i represent the mass and position
vector of the ith particle; ~Fc;i corresponds to the force due to inter-
particle collisions, and~Fg;i is the buoyancy force

~Fg;i ¼ mp;i �~g � 1� qg
qp;i

� �
(7)

with the particle density qp;i. ~Fi;i in Eq. (5) is representative for other
inertial forces that can act on a particle, such as centrifugal or electro-
magnetic force. The drag force ~Fd;i is calculated from the Ergun–
Wen–Yumodel5,9

~Fd;i ¼

3
4
Cd

qgð1� eÞe�1:65

dp;i
j~ug �~up;ij; e � 0:8;

150
lgð1� eÞ2

ed2p
þ 1:75

qgð1� eÞj~ug �~up;ij
edp;i

; e < 0:8;

8>>>><
>>>>:

(8)

with the particle diameter dp;i and the gas-phase dynamic viscosity lg.
The drag coefficient Cd is calculated as a function of the particle
Reynolds number Rep and void fraction

9

Cd ¼
24
eRep

ð1þ 0:15ðe � RepÞ0:687Þ Rep � 1000;

0:44 Re > 1000:

8><
>: (9)

B. Modeling of inter-particle collisions

As the Discrete Element Method (DEM) or the Discrete Particle
Method (DPM) for modeling the inter-particular force is computa-
tionally too expensive due to the evaluation of the collision force based
on contact detection of all individual particles,33 the Multi-phase
Particle in Cell (MP-PIC) concept has been used to model the particle
collisions. In addition, the MP-PIC method uses the parcel concept,
where each parcel represents a collective of a number of particles with
the same size and velocity. In this way, the collision force between the
particles is given by

~Fc;i ¼
mp;i

apqp;i
rsp (10)

with the particle stress sp calculated according to the modified Harris–
Crighton model34,35

sp ¼
ps � abp

max e; apacked � apð Þ
; (11)

where ap is the volume fraction of solid phase. ps is a model constant
called the normal particle stress; b represents an empirical exponent
and apacked corresponds to the particle-close-pack volume fraction at
the densest packing, which represents the largest possible volume frac-
tion of the solid phase. Through parameter studies using 1 � pS � 50
and 2 � b � 5 according to Ref. 35, ps¼ 10Pa and b¼ 2 have been
found to show the best agreement with the measured pressure drop,
which are, therefore, used in the current work. The close-pack limit
apacked depends on the size, shape, and ordering of the particles, which
is set to apacked ¼ 0:65 assuming randomly packed spheres.36 A small
value for e is used to avoid division by zero, i.e., e ¼ 10�7. Off-center
particle collisions result in scattering of the particles in all spatial direc-
tions. This effect has been considered by an isotropy model, which cor-
rects the velocity of the particle based on a stochastic process.37
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Particle–wall collisions are modeled with a rebound model, where
the velocity of each particle after collision with a wall is calculated
from

unew;t
unew;n

 !
¼ uold;t

uold;n

 !
� ð1þ eÞ 0

uold;n

 !
� l

uold;t
0

 !
; (12)

where ðunew;t; unew;nÞt are the newly calculated particle velocities in the
tangential and normal direction with respect to the wall.
ðuold;t ; uold;nÞt are the particle velocities before the collision; e is the
coefficient of elasticity for the normal direction to the wall and indi-
cates elasticity of the impact. For e¼ 1, the impact is fully elastic, and
for e¼ 0, the impact is plastic. The same applies to the restitution coef-
ficient l, where l¼ 0 indicates a fully elastic and l¼ 1 a fully plastic
impact.

III. SIMULATION SETUPS
A. Operating conditions

The laboratory-scale fluidized bed reactor considered in this work
has a cylindrical geometry with a diameter of 5 cm and a length of
100 cm. A porous sintered metal plate is used at the bottom of the
reactor as gas distributor, which is permeable to the gas and generates
homogeneous regular incoming gas flow toward the bed materials.
Quasi-spherical silica sand particles with a Gaussian size distribution
and an arithmetic mean diameter of 212lm have been used as carrier
material, along with nitrogen as fluidizing agent. Figure 1 on the left
shows the experimental test rig along with a snapshot of the fluidized
bed in cold-mode operation. The bulk gas flow velocity uG has been
varied from 13.6 to 29.7 cm/s and the bed inventory ms from 195 to
586g, as shown on the right of Fig. 1.

The operating parameters have been designed according to the
Grace-diagram38,40 to generate a bubbling fluidized bed considering an
efficient mixing. In this way, the dimensionless superficial velocity

u�G ¼ uG

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
q2g

lg ðqs�qg Þg
3

r
is within the range of 0:1 < u� < 0:5 (for

0:136 < uG < 0:297m/s) along with a dimensionless particle

diameter at d�P ¼ dP

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
qg ðqs�qg Þg

l2g

3

r
¼ 10:24 by using a mean particle

diameter of dP ¼ 0:21 mm (see Fig. 2). By doing so, the operating con-
ditions in terms of the dimensionless parameters can be applied to up-
scaled fluidized beds for engineering applications, too.

B. Computational domain and resolutions

The computational domain used for the simulation is given by a
cylinder, which has a length of 60 cm and a diameter of 5 cm. The
dimensions of the domain have been selected to be sufficiently large to
cover the whole fluidized bed at all considered operating conditions
(the maximum bed height is approximately 30 cm, see Fig. 7). It is
shorter than the tube used in the experiment (with 100 cm) in order to
save computational cost. As shown in Fig. 1 on the right, the topology
of the computational grid for the cross-sectional area is built with an
O-type grid, which creates uniformly distributed grid cells from the
center to the sidewall with an almost equidistant grid length of ca.
1mm in the radial direction. The grid resolution in the axial direction
is 1mm at the ground of the tube, which increases with a small expan-
sion factor in the streamwise direction. Overall, the length of the cylin-
drical domain has been resolved by 180 cells and the diameter of the
tube with approximately 40 cells.

For the Euler–Lagrange simulation, a number of Lagrange par-
ticles (LPs) is injected from given locations, which are then tracked
during the simulation. These LPs represent collections of spherical par-
ticles with the same characteristics, e.g., diameters and velocities. In
this work, the LPs are initialized uniformly in space along the whole
domain, which fall down due to gravity and interact with the incoming
gas flow. A quasi steady-state solution with a fluidized sand bed is gen-
erated after about 1 s. The sizes of the particles are set according to the
measured particle size distribution (PSD), which is shown in Fig. 2.
The number of tracked LPs increases proportionally with the bed
inventory, i.e., with nP � 2	 106; 3	 106; 4	 106; 5	 106;
6	 106 for mG ¼ 195; 293; 390; 488; 586 g, leading to a constant
number of particle per parcel for all cases. The grid resolution and the

FIG. 1. Test rig used for the experimental study of a laboratory-scale fluidized bed
(left) and topology of the computational grid used for the numerical simulations of
the considered fluidized bed (right). The operating parameters with varied total sand
mass mS and superficial gas velocity uG are given in the table.

FIG. 2. Comparison of particle size distributions (PSD) in the experiments and
simulations.
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number of LPs have been selected based on previous grid-
independence studies and a compromise between simulation accuracy
and computational cost, where a further refinement of the grid or
increase in the number of LPs does not lead to a clear improvement
with regard to comparison with the measured pressure drop.

C. Boundary conditions

The boundaries of the computational domain are indicated in
Fig. 1 on the right, where nitrogen gas enters the domain from the inlet
and leaves at the outlet. A non-slip condition is used for the reactor
wall. The flow velocity at the inlet is calculated from uinlet ¼ uG=e with
e being the void or gas volume fraction. In the case of e ¼ 1 or without
sand particles, the inlet flow velocity is equal to uG; if sand particles are
available or e < 1, the local flow velocity at the inlet is larger than uG
to preserve continuity. The pressure at the outlet is fixed at ambient
pressure, whereas its gradient at the reactor wall and at the inlet is set
to zero. The simulations have been conducted under isothermal condi-
tion at 20 �C and 1 atm. The densities of the gas and the sand are set to
qG ¼ 1:14 and qS ¼ 2660 kg/m3.

The open-source code OpenFOAM-v220641 has been used to
perform the numerical simulations, and the standard solver MP-
PICFoam has been applied to simulate the gas–solid flow in the fluid-
ized bed. The main reason for using MP-PICFoam in OpenFOAM is
attributed to the fact that, compared with other commercial or open-
source CFD codes, the solver can be extended more easily to model
heat transfer and heterogeneous reactions in fluidized bed, which rep-
resent future work of the present study for simulation of plastic pyroly-
sis in fluidized beds. The balance equations are solved in an
incompressible formulation, employing a second-order interpolation
scheme for discretization of the convection and diffusion terms, along
with an implicit scheme (Euler) for time integration. The time step was
set to 0.1ms, ensuring a maximum CFL (Courant–Friedrichs–Lewy)
number smaller than unity. The simulations have been run for a physi-
cal time of 4 s, where statistical averaging of the flow has been per-
formed for a physical time of 3 s after initialization of the fluidized bed.

IV. SIMULATION RESULTS
A. Morphology of the fluidized bed

Figure 3 depicts time series of the contours of the calculated void
or gas fraction e on a cutting plane passing through the centerline axis
for the reference case withmS¼ 390 g and uG¼ 21 cm/s. The sand par-
ticles are indicated by the black dots, which are shown for a disk across
the symmetry axis with a thickness of 1mm. The time interval between
the snapshots is 30ms. Only a subset of the total particles is shown
and the particles are scaled up by a factor of 5 for better visualization.
The bubbles are illustrated by the red zones with large e. The bubbling
fluidization behavior observed in the experiment has been reproduced
by the simulation. While the gas flow passes through the sand bed,
small bubbles are first generated close to the bottom of the reactor and
rise in streamwise direction due to buoyancy forces. With increased
axial distance, the size of bubbles increases due to coalescence of the
small bubbles until they reach the upper surface of the fluidized bed.

As the bubbles rise along the centerline axis, the sand particles are
driven to the wall side. Because the gas flow velocity is low close to the
wall due to the non-slip condition, the particles fall down along the
wall. Near to the base of the reactor, the sand particles interact with
the incoming gas flow and are pushed upwardly by the initial small bub-
bles. As shown in Fig. 4 by the contours of time-averaged solid fraction
�aP and streamwise flow velocity �u, the circulation of the sand particles
leads to a core–annulus flow pattern, where the gas bubbles dominate
the core region and the particles are concentrated close to the wall. In
addition, a negative correlation between the �aP and �u can be identified.
In the core region, the share of particles is lowest and the gas flow veloc-
ity is largest, whereas the reversed trend is found in the near-wall region.
At the upper surface of the fluidized bed, a small portion of sand par-
ticles is ejected from the fluidized bed due to bursting of the bubbles.

Figure 5 shows instantaneous contours of e on a meridian cutting
plane passing through the centerline axis for varied uG from 14 to
30 cm/s panel 5(a) and for varied mS from 195 to 586 g panel 5(b).
The case with the smallest uG at 14 cm/s shows a smooth or
close-to-minimum fluidization behavior, where the sand bed is only

FIG. 3. Snapshots of the void fraction for the case with mS¼ 390 g and uG¼ 21 cm/s on a cutting plane passing through the centerline axis.
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weakly fluidized without forming clear bubbles. A further increase in
uG results in the formation of bubbles, corresponding to the bubbling
fluidization regime. These bubbles rise along the axial direction due to
buoyancy and collapse at the upper boundary of the fluidized bed. The
size of the generated bubbles increases with uG and becomes as large as
the reactor diameter at large uG. The enhanced bubble formation at
larger uG is attributed to the increased momentum of the gas flow,
leading to a reinforced gas-to-solid momentum transfer and recircula-
tion of the sand particles. The onset of a slugging type fluidization can
be observed at uG¼ 30 cm/s, with a large number of particles thrown
away by the fluidized bed.

As shown in Fig. 5(b), the volume of the fluidized bed expands
while increasing mS at constant uG¼ 21 cm/s, which indicates an
increase in the bed height hB. As the volume of the fluidized bed
increases with mS, the small bubbles generated near the ground of the
reactor have more space to develop and to coalesce with each other so
that the size of the bubbles increases withmS.

The operating parameters used in the experiment are designed to
establish the bubbling fluidization regime, which is confirmed in the
numerical simulations. However, a direct comparison of the bubble
formation and the particle circulation between experiment and simula-
tion is not possible due to limitations given by the line-of-sight mea-
surement techniques. The desired bubbling fluidization regime can be
achieved for a moderate range of uG and mS, which is beneficial with
regard to an efficient mixing and heat-/mass transfer.

B. Pressure drop and bed height

While passing through the sand bed, the gas flow yields a pres-
sure drop Dp due to the loss of momentum and kinetic energy, which

are transferred to the solid phase. In the fixed bed regime, Dp increases
linearly with uG.

42 For uG larger than the minimum fluidization veloc-
ity, the solid particles are carried by the gas flow and attain a fluid-like
behavior. In this case, the pressure loss of the fluid when flowing
through the bed is equal to the weight of the bed per unit area of the
bed cross-section42,43

Dp¼ Fg � FA
A0

¼VS � ðqS�qGÞ � g
A0

¼ hB � ð1� eÞ � ðqS�qGÞ � g; (13)

FIG. 4. Contours of time-averaged particle volume fraction and gas flow velocity for
the case with mS¼ 390 g and uG¼ 21 cm/s.

FIG. 5. Snapshots of void fraction on a cutting plane passing through the centerline
axis at increasing superficial gas flow velocity (a) and at increasing bed inventory (b).
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where Fg and FA are the gravitational and buoyancy force, A0 and VS

are the cross-sectional area and the total volume of sand particles.
Figure 6(a) compares the measured and calculated Dp, which show a
reasonably good agreement. As the bed height hB is not sensitive to uG,
as shown in Fig. 5(a), Dp increases slightly or remains almost constant
with uG. In contrast, Dp increases with the bed inventory or mS due to
the increased bed height or mass of sand, respectively.

Figure 6(b) depicts the normalized pressure drop Dp� with regard
to the total mass of sand

Dp� ¼ Dp
qSgL

; L ¼ mS

A0qS
; (14)

where Dp� calculated from different mS is almost constant, indicating
a quasi-proportional correlation of Dp withmS. However, Dp from the
simulations is underestimated compared with the measurements. This
could be attributed to the assumptions used in the simulations which
predict a lower energy loss for the gas–solid system. For instance, the

particles are assumed to have ideal spherical shape and the angular
momentum of the particles has not been considered. Moreover, the
frictional energy loss during the particle–particle and particle–wall col-
lisions has not been modeled in a detailed way due to the use of the
rebound model. Therefore, the energy loss caused by the whole solid–
gas system is underestimated. In addition, the results may be improved
by a more sophisticated drag model. The difference between calculated
and measured Dp is less than 20% for all cases, which increases with
mS, because the effect of energy loss becomes more pronounced for
large mS. Despite the discrepancies between experiments and simula-
tions for Dp, the hydrodynamic behavior with regard to the fluidiza-
tion behavior of the considered fluidized bed has been reproduced
adequately, which validates the numerical approach used in this work.

Figures 7(a) and 7(b) depicts profiles of time-averaged particle
volume fraction �aP along the centerline axis for constant mS at 390g
with varied uG and for constant uG at 21 cm/s with varied mS. For the
case with uG¼ 13.6 cm/s, the fluidized bed is in the close-to-minimum
fluidization regime, without clear formation of bubbles, as shown in
Fig. 5(a) on the left. Therefore, �ap yields an almost constant

FIG. 6. Comparison of measured (points) and calculated pressure drop at different
operating conditions.

FIG. 7. Axial profiles of time-averaged particle volume fraction along the centerline
axis at different superficial gas velocity (a) and sand mass (b).
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distribution over the whole bed height at �ap � 0:53 for uG¼ 13.6 cm/s,
which decreases rapidly to 0 while approaching the upper surface of
the bed. With further increased uG, the fluidized bed is characterized
by the bubbling fluidization regime. In this case, �ap is largest at the
base of the reactor and decreases gradually to 0 at the upper surface of
the sand bed. Figure 7(b) shows profiles of �ap for varied mS, which are
similar in the lower part of the fluidized bed with x< 70mm.
Therefore, the behavior of initial bubble formation near to the bottom
of the fluidized bed is similar for all cases due to the use of a constant
uG, as shown in Fig. 5(b). However, �ap decreases more slowly further
downstream at larger mS, indicating an increase in the bed height hB
withmS. Due to the large-scale bubbles generated at the centerline axis,
�ap increases in the radial direction and reaches its maximum in a
region close to the wall.

C. Specific kinetic energy of bed material

The intense contact between gas and solid as well as the intermix-
ing of particulate phase with frequent particle–particle collisions pre-
vails the hydrodynamics of the fluidized bed. The momentum of the
gas phase is transferred to the solid particles through aerodynamic
forces or drag, respectively, which leads to a chaotic motion of the par-
ticles and an increase in the solid-phase kinetic energy. Therefore, the
total kinetic energy available in the solid phase represents a suitable
measure for the effectiveness of momentum transfer or mixing
between both phases. In order to access this behavior more quantita-
tively, the specific kinetic energy of the bed inventory kS in the fluid-
ized bed has been evaluated by summing up the kinetic energies of all
solid particles

kS ¼ 1
mS

XNp

i¼1

mp;iu
2
p;i=2 (15)

with the mass and velocity of each sand particle mp;i and up;i. In this
way, kS represents an integral parameter, which measures the kinetic
energy of all sand particles available in the fluidized bed.

Figure 8(a) depicts the temporal evolution of the calculated kS at
mS¼ 390 g and with varied uG, which fluctuates over time. Figure 8(b)
shows the time-averaged kS at varied mS and uG. kS increases with uG,
which is attributed to the increased momentum flux of the gas flow,
leading to a reinforced momentum transfer from the gas to the solid
phase. Moreover, �kS increases with mS, as shown in Fig. 8(b), which
indicates a stronger momentum exchange between the gas and solid
phases in the case of increased bed inventory. This could be attributable
to the increased contact surface area between the gas and solid phases.

D. Bubble frequency

The periodically rising bubbles and the collapse of these bubbles
at the upper side of the fluidized bed trigger the whole system into a
pulsating mode. The dominating bubble frequency fB corresponds to
the number of repetitions of the recurring bubbles within one second
and represents a measure for the averaged moving speed or dynamics
of the gas bubbles. The higher the bubble frequency, the more intense
is the mixing process. Figure 9(a) shows the calculated temporal evolu-
tion of kS for a constant gas velocity uG¼ 21 cm/s and different sand
mass mS, which exhibit distinct periodical fluctuations. The number of
repetitions of kS decreases with mS, which indicates a decrease in fB

with mS. This is due to the fact that the fluidized sand bed expands
with increased bed inventory, as shown by the instantaneous contour
of e in Fig. 5(b). In the cases with small mS, the height of fluidized bed
is low and dominated by a number of small bubbles, which travel along
a shorter distance up to the upper surface of the fluidized bed. This
results in a shorter residence time of the bubbles or a higher bubble fre-
quency, respectively. As the bed height increases with mS, the small
bubbles coalesce with each other while rising to the top of the fluidized
bed. Therefore, the distance or time required for the bubbles to move
through the bed volume is increased withmS, leading to a decreased fB.
The bubble frequency fB has been evaluated from spectral analysis
(Fourier transformation) of the temporal development of kS and plot-
ted against mS in Fig. 9(b), which yields a decrease with mS. Under the
current conditions, the fluidized bed is dominated by fB in a relatively
low frequency range between 2 and 7Hz, which is attributed to the
low gas flow velocity.

In summary, the bed height hB and pressure drop Dp increase
with mS, whereas uG has a subordinate effect on hB and Dp. However,

FIG. 8. Time evolution of specific kinetic energy of solid particles (a) and correla-
tions of the time-mean specific kinetic energy with mS at different uG (b).
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uG has a strong impact on the fluidization behavior and, the specific
kinetic energy of sand kS increases with uG, as shown in Fig. 8. In addi-
tion, the bubble frequency fB decreases with mS due to the increased
bed volume, whereas fB is not sensitive to uG. The results reveal strong
correlations of kS and fB with the general operating parameters mS and
uG, which can be used for characterizing the hydrodynamics of fluid-
ized beds in addition to hB and Dp.

E. Effect of gas temperature

Fluidized beds are often operated at high-temperature condition
like for drying, combustion, or gasification. The current fluidized bed
has been designed for recycling of plastic wastes via pyrolysis process
in the range of 400–600 �C.44 Therefore, in order to study the behavior
of kS and fB at elevated operating temperatures, an additional simula-
tion has been conducted at a gas–solid temperature of TG ¼ 500 � C,
while the bed inventory and superficial velocity have been kept

constant at mS¼ 390 g and uG¼ 21 cm/s. In this way, the density of
the nitrogen gas decreases from qG ¼ 1:14 kg/m3 at 20 �C to
qG ¼ 0:44 kg/m3 at TG ¼ 500 � C and the kinetic viscosity of the gas
increases from 1:5	 10�6 to 8:0	 10�6 m2/s.

Figure 10(a) compares instantaneous contours of the void frac-
tion e on a meridian cutting plane passing through the symmetry axis.
As mS and uG are kept constant, the bubbling fluidization regime
remains almost unchanged at elevated temperature. Figures 10(b) and
10(c) show the time-averaged contours of e and streamwise velocity of
the gas phase on the same cutting plane, which reveal similar distribu-
tions at different TG. Moreover, the bed height hB is increased slightly
with TG, which leads to a slight increase in the pressure drop at ele-
vated reactor temperature. This is attributed to the increased density
difference or buoyancy force, respectively.

Figure 11(a) compares the temporal developments of the specific
kinetic energy kS at different TG, where an increase in kS with TG can
be detected. The time-averaged kS is increased from �kS ¼ 13:6mJ/kg
at 20 �C to �kS ¼ 19:2 mJ/kg at 500 �C, which is more than 40%. The
results reveal that the particles move with a higher velocity on average
in the case of elevated temperature. The reason is given by the strongly
increased kinetic viscosity of the gas phase, which causes a higher drag
force exerted by the gas flow on the particles. As shown in Fig. 11(b),
the volume-specific drag force calculated from Eq. (8) at given particle
volume fractions aP ¼ 0:2–0.4 and using a particle diameter of
0.2mm increases with TG, indicating a reinforced multiphase momen-
tum exchange. The bubble frequency remains almost unchanged with
TG, which can be detected from the number of repetitions of kS in the
time evolution of kS shown in Fig. 11(a).

F. Effect of up-scaling

The scale-up has often proven to be a significant obstacle in the
development of new fluidized bed processes in the past, as reactors
designed based on measurements from small laboratory apparatuses
did not achieve the expected reaction rate at the operational scale. The
cause of this well-known effect, which in its magnitude was never
calculable in the past, is ultimately characterized by changes in fluid
mechanics with increasing fluidized bed diameter. To study the effect

FIG. 9. Temporal evolution of specific kinetic energy at varying sand mass (a) and
effect of bed inventory on bubble frequency (b).

FIG. 10. Comparison of instantaneous contours of void fraction (a), time-mean con-
tours of the void fraction (b), and time-mean contours of streamwise gas velocity (c)
at TG ¼ 20 � C and TG ¼ 500 � C.
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of up-scaling on the hydrodynamic properties of fluidized beds, the
reactor diameter dR has been scaled up to 3, 5, and 10 cm. The pressure
drop and the bed height have been kept constant while up-scaling the
fluidized bed, leading to an increased bed inventory. At the same time,
the superficial velocity has been kept constant so that the same operat-
ing point within the bubbling fluidization regime from the Grace-
diagram38 can be achieved, as shown in Fig. 12 with the dimensionless
superficial velocity of u�G ¼ 0:3 and the dimensionless particle diameter
of d�P ¼ 10:2. In this way, the bed inventory increases with the reactor
diameter by mS / d2R, whereas the bubbling fluidization regime is
retained. For the numerical simulation, the height of the domain as
well as the grid resolution in the radial direction was kept constant at
60 cm and 1mm while up-scaling the reactor. This leads to a propor-
tional increase in the total number of grid cells nC withmS. In addition,
the number of Lagrange parcels nP increases linearly with mS. The
parameters used for the current study of up-scaling are listed in Table I.

Figures 13(a) and 13(b) depict snapshots of iso-contour of
e ¼ 0:66 for different reactor sizes, which illustrate 3D structures of

the bubbles. The solid particles are shown additionally in the second
row. For the cases with dR¼ 3 and 5 cm, the hydrodynamics of the flu-
idized bed is dominated by large-scale bubbles with sizes similar to the
reactor diameter. In contrast, the bubbles rise along multiple off-
centered columns in the case of dR¼ 10 cm. The bubbles coalesce with
each other so that with increasing height above the gas distributor
base, the average bubble size rapidly increases. In narrow fluidized bed
vessels with small dR, the bubbles fill quickly the entire cross section.

FIG. 11. Comparison of temporal evolution of specific kinetic energy at different gas
temperature (a) and correlation of specific drag force with gas temperature (b).

FIG. 12. Grace diagram used for studying up-scaled fluidized bed.39 Reproduced
with permission from Schmid et al., Biomass Convers. Biorefin. 2, 229–244 (2012).
Copyright 2012 Springer Nature.

TABLE I. Bed inventory, superficial gas velocity, cell number, and parcel number
used for simulation of up-scaled fluidized bed.

dR (cm) 3 5 10
mS (g) 140 390 1600
uG (m/s) 21 21 21
nC (�) 57.600 152 100 562.500
nP (	106) 2.9 8.0 32.0

Physics of Fluids ARTICLE pubs.aip.org/aip/pof

Phys. Fluids 36, 023348 (2024); doi: 10.1063/5.0189519 36, 023348-10

VC Author(s) 2024

 07 M
arch 2024 15:33:09

pubs.aip.org/aip/phf


The formation of bubbles is significantly stronger while using
dR¼ 10 cm, and the bubbles generally do not rise evenly distributed in
the fluidized bed. Close to the base of fluidized bed, a near-wall zone
with intensified bubble formation develops, which shifts toward the
center of the pipe with increasing height above the distributor base. In
the small fluidized bed, this shift leads quickly to large bubbles prefer-
entially rising along the centerline axis of the reactor. The cause of this
characteristic flow profile is the proximity of the reactor wall, which
influences the coalescence process.

Figure 13(c) depicts calculated instantaneous contours of e on a
meridian cutting plane across the centerline axis for different reactor

sizes, where the sand particles are illustrated by the filled circles. For
the smallest reactor with dR¼ 3 cm, the fluidized bed is dominated by
large bubbles rising along the centerline axis, whose size is similar to
the diameter of the reactor. This is attributed to the narrow domain
bounded by the reactor wall, which leads to a more intense coalescence
of the initial small bubbles. At increased reactor size with dR¼ 5 cm,
there is more space between the large bubbles and the reactor wall,
which allows formation of a low-speed region close to the wall and a
recirculation of sand particles there. While further increasing the reac-
tor size to dR¼ 10 cm, the number of bubbles is increased significantly,
and the bubbles rise along multiple columns without coalescing with
each other further downstream. In this case, the gas flow recirculates
additionally toward the symmetry axis, leading to an accumulation of
sand particles with increased share of solid phase around the centerline
axis.

The same behavior can be detected from Fig. 14(a), which shows
the time-mean contours of e on a meridian cutting plane across the
symmetry axis. For dR¼ 3 and 5 cm, �e is at largest along the centerline
axis due to the large-scale bubbles, which dominate the reactor volume.
On the contrary, �e is lower at the centerline axis for the case with
dR¼ 10 cm, which indicates a higher concentration of sand particles
there. This is attributed to the bubbles rising along multiple off-
centered axes, resulting in a recirculation of the flow toward the center-
line axis. For all cases, the time-averaged flow velocity �u shown in
Fig. 14(b) yields a positive correlation with �e, which is small in the
regions close to the wall and large in the core regions for dR¼ 3 and
5 cm. For dR¼ 10 cm, �u is small in the core region due to recirculation
of the flow or the particles toward the symmetry axis. The zones with
the largest �e or �u can be traced back to the rising bubbles.

Figure 15 shows the temporal developments of the specific kinetic
energy of sand kS calculated by using different reactor diameters. The
table on the right summarizes the calculated time-mean bed height hB
(distance along the centerline axis from the reactor base to the position
with �e ¼ 0:99), pressure drop Dp; �kS, and bubble frequency fB. hB is
slightly decreased with increased dR, which can also be detected from
the contour plots of e shown in Fig. 14(a). In accordance with Eq. (13),
the decrease in hB with dR leads to a slight decrease in Dp. The same
behavior is found for �kS, which is insensitive to the reactor size. As

FIG. 13. Iso-surfaces of e ¼ 0:66 for illustrating the bubble structure (a) and (b)
and contours of e on a cutting plane passing through the centerline axis (c) calcu-
lated with reactor diameters dR¼ 3, 5, and 10 cm (from left to right).

FIG. 14. Comparison of time-mean contours of the void fraction (a) and streamwise
gas velocity (b) on a cutting plane passing through the centerline axis at varied
reactor diameters.

Physics of Fluids ARTICLE pubs.aip.org/aip/pof

Phys. Fluids 36, 023348 (2024); doi: 10.1063/5.0189519 36, 023348-11

VC Author(s) 2024

 07 M
arch 2024 15:33:09

pubs.aip.org/aip/phf


shown in Fig. 15, although kS fluctuates in time at different dR, the
time-averaged values of kS remain almost constant. However, the
enhanced bubble formation at increased dR has led to a clear increase
in the bubble frequency. At larger reactor diameters, the occurrence of
bubble chains accompanies with the development of the large-scale
solid circulation, where the bubbles rise in close succession at high
speed, leading to an increase in fB. The results indicate that the kinetic
energy or the averaged moving velocity of the sand particles remain
almost constant while up-scaling the fluidized bed reactor. The domi-
nant timescale with regard to the rising bubbles and the circulating
bed materials is, however, decreased.

In summary, similar to the bed height hB and pressure drop Dp,
the specific kinetic energy kS and the bubble frequency fB represent
integral properties of fluidized beds, which depend on the operating
conditions or the dimensionless parameters like uG� or Re. Compared
with hB and Dp, kS and fB can be used for a more detailed assessment
of fluidized beds, which reveal dynamic behaviors of the particles and
the bubbles in terms of their moving velocities. It has been shown in
this work that, in the bubbling fluidization regime, kS increases with
the superficial velocity uG due to the increased momentum flux of the
gas flow and it increases with the operating temperature TG due to the
increased drag force, corresponding to a more intensive mixing or
heating; on the contrary, Dp remains almost constant with uG. In addi-
tion, fB increases while up-scaling the fluidized bed, whereas hB and Dp
remain unaffected. These highlight the need of introducing additional
performance-related parameters like kS and fB.

V. CONCLUSION

A laboratory-scale, cylindrical fluidized bed reactor has been
studied numerically in cold-mode operation. The objective of this
work is to assess the dynamic characteristics of the fluidized bed in
terms of the total kinetic energy of the bed materials kS and the bubble
frequency fB, which represent measures for the efficiency of multiphase
momentum transfer and the dominant time scales prevailing the gas–
solid system. The main findings are summarized below:

• The bubbling fluidization regime of the fluidized bed observed in
experiments has been reproduced well by the simulations, where
the calculated pressure drop has shown a good agreement with
measured data.

• While varying the superficial flow velocity uG and the bed inven-
tory for a fixed geometry of the fluidized bed, kS has found to
increase with uG. This is due to the increased momentum flux of
the gas flow, leading to an enhanced aerodynamic forces exerted
on the particles. The same behavior has been confirmed for the
correlation of kS with mS.

• fB decreases with mS at constant uG, which is attributed to the
increased bed volume with mS.

• At constant mS and uG, kS increases with the reactor temperature
TG. This is caused by the increased kinetic viscosity of the gas,
which leads to an increased drag force or enhanced gas-to-solid
momentum transfer.

• An increase of the bed inventory via up-scaling results in enhanced
formation of bubbles and an increased fB. However, the averaged
moving speed of the bed materials in terms of kS, as well as the
pressure drop and bed height remain almost unchanged.

The results reveal strong correlations of kS and fB with the operat-
ing parameters, which can be used to characterize the hydrodynamic
behavior of fluidized beds. In particular, the commonly used properties
such as Dp and hB are not sufficient for studying effects related to
scale-up or elevated temperature, as Dp and hB are not sensitive to
these conditions. In these cases, the proposed dynamic properties kS
and fB represent suitable measures for a detailed assessment of the flow
behaviors in fluidized beds.
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