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Abstract

Climate change is an urgent global issue that has been caused mainly by the extensive
use of fossil fuels. Fossil fuels combustion leads to increasing concentrations of the
greenhouse gas CO2, ultimately resulting in rising average global temperatures. The
effects of climate change are far-reaching, impacting not only the environment but also
social and economic systems.

The aviation sector is a major contributor to CO2 emissions, with estimates predicting
an increase from 1Gt in 2018 to up to 1.9Gt of CO2 by 2050. These data highlight
the necessity to move away from fossil fuels and shift towards sustainable alternatives.
Synthetic e-fuels are among the discussed options to serve as sustainable fossil fuel
substitutes in the aviation sector. E-fuels are typically produced in Power-to-Liquid (PtL)
processes using renewable electricity, CO2, and water as feedstocks. By capturing the
emitted CO2 from the air and reusing it for the production of e-fuels, a closed carbon
cycle is achieved and e-fuels can be considered to be carbon neutral.

A novel PtL route based on the Fischer-Tropsch pathway was developed in the EU project
Kerogreen. Unlike conventional Fischer-Tropsch-based PtL processes, this route does not
employ energy-intensive electrolysis. Instead, captured CO2 is dissociated into CO and
O2 using microwave plasma technology. The crucial step of synthesis gas production is
realized by means of CO conversion via the Water-Gas Shift (WGS) reaction with in-situ
CO2 removal. The synthesis gas is chemically converted into a range of hydrocarbons
using the Fischer-Tropsch reaction. A synthetic hydrocarbon product is obtained that
can potentially be used as synthetic jet fuel by cracking heavy hydrocarbons into the
kerosene range. This thesis explores the possibilities of the synthesis gas production step
and its influence on the subsequent kerosene synthesis. Furthermore, the thesis provides
a technical solution for this process step in a pilot plant.

Based on engineering and economic considerations, the Sorption-Enhanced Water-Gas
Shift (SEWGS) technology was employed for synthesis gas production. In a packed-
bed reactor, a WGS catalyst mixed with a material that adsorbs CO2 enables the WGS
reaction with simultaneous CO2 separation in a single unit operation. As the sorbent
is saturated with CO2 at some point, cyclic operation with reactive adsorption and
subsequent desorption phases for regeneration is inevitable.
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The choice of SEWGS materials, sorption parameters, and reactor configurations was
examined in characterization tests and lab-scale experiments. A Cu/ZnO-Al2O3 catalyst
showed the best activity and stability. Calcination of commercial hydrotalcite at 400 ○C
led to the desired CO2-adsorbing mixed oxide structure and potassium impregnation
improved the CO2 adsorption capacity of this material. Experiments recording the
breakthrough curves of CO2 in a packed-bed microchannel reactor revealed that the
sorption properties were influenced by the prevailing water content during the reactive
adsorption as well as the desorption phase length. Furthermore, the reactor packing
configuration was found to affect the sorption performance. The presence of catalyst-free
zones at the reactor outlet enhanced the CO2 uptake significantly.

In addition to these experimental studies, numerical simulations were carried out to
investigate the SEWGS performance using dynamic reactor modeling. A novel graphical
simulation approach was created in Matlab Simulink to optimize cyclic process operation
and automated plant control. The model allowed for automatic adjustment of cyclic
switching times from reactive adsorption to regeneration phases during runtime based
on pre-defined parameters. The simulation results highlighted the potential benefits of
combining carefully selected operating parameters and process configurations.

The experimental and simulation results were used to develop a compact SEWGS module
for the Kerogreen pilot plant. This first-of-its-kind demonstration plant aims to feature
the full process chain from CO2 to a crude form of synthetic kerosene. Simulation-driven
process design was applied to optimize the intended operation procedures of the SEWGS
reactor. Therefore, the Simulink model on system scale was employed to quantify the
influence of design configurations and key operating parameters.

Finally, an experimental study elucidated the impact of possibly remaining CO2 from
the SEWGS step on consecutive steps in the Kerogreen process chain. Different synthesis
gas compositions with and without CO2 were used to simulate a possible malfunction
of the SEWGS module and investigate the influence of CO2-rich synthesis gas feeds on
the product distribution of a Fischer-Tropsch reactor with a subsequent hydrocracking
reactor cascade. The experimental results demonstrated that Fischer-Tropsch syncrude
upgrade by means of direct hydrocracking is not remarkably influenced by the CO2

content in the synthesis gas feed. However, it was concluded that the diluting effect has
to be considered in the reactor design and the process parameters.

Both, the experimental as well as the simulation results, confirmed that the SEWGS
technology investigated in this thesis has the necessary potential and technical feasibility
for the production of synthesis gas from pure CO. This development marks a significant
step in the Kerogreen PtL process chain, towards new possibilities for replacing fossil
kerosene and lowering CO2 emissions from the aviation sector.
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Kurzzusammenfassung

Der Klimawandel ist ein akutes globales Problem, das hauptsächlich durch die intensive
Nutzung fossiler Energieträger verursacht wird. Die Verbrennung fossiler Rohstoffe
führt zu steigenden CO2-Treibhausgaskonzentrationen und damit zu einem Anstieg
der weltweiten Durchschnittstemperatur. Die Auswirkungen des Klimawandels sind
weitreichend und wirken sich nicht nur auf die Umwelt, sondern auch auf die sozialen
und wirtschaftlichen Strukturen aus.

Der Luftfahrtsektor trägt einen signifikanten Teil zu den CO2-Emissionen bei. Schätzun-
gen zufolge werden die Emissionen aus der Luftfahrt von etwa 1Gt im Jahr 2018 auf bis
zu 1.9Gt CO2 im Jahr 2050 ansteigen. Diese Zahlen verdeutlichen die Notwendigkeit,
auf fossile Energieträger zu verzichten und zu nachhaltigen Alternativen überzugehen.
Eine mögliche Alternative zu fossilen Kraftstoffen im Luftverkehrssektor sind syntheti-
sche Kraftstoffe, sogenannte e-Fuels. E-Fuels werden typischerweise in Power-to-Liquid
(PtL)-Prozessen unter Verwendung von erneuerbarem Strom, CO2 und Wasser hergestellt.
Durch die Abtrennung des emittierten CO2 aus der Luft und dessen Rückgewinnung
für die Herstellung von e-Fuels wird der Kohlenstoffkreislauf geschlossen und e-Fuels
können als kohlenstoffneutral betrachtet werden.

Im Rahmen des EU-Projekts Kerogreen wurde eine neuartige PtL-Route auf der Grundlage
des Fischer-Tropsch-Prozesses entwickelt. Im Gegensatz zu bekannten PtL-Prozessen auf
Fischer-Tropsch-Basis kommt hierbei keine energieintensive Elektrolyse zum Einsatz.
Stattdessen wird das abgetrennte CO2 mittels Mikrowellenplasmatechnologie in CO und
O2 aufgespalten. Der entscheidende Schritt der Synthesegaserzeugung erfolgt mittels
CO-Konvertierung über die Wasser-Gas-Konvertierungsreaktion (WGS) mit in-situ-CO2-
Abtrennung. Das Synthesegas wird über die Fischer-Tropsch-Reaktion in ein breites
Spektrum von Kohlenwasserstoffen umgewandelt. Durch Spaltung der langkettigen
Komponenten in den Kerosinbereich entsteht ein Gemisch synthetischer Kohlenwasser-
stoffe, welches als Flugzeugtreibstoff verwendet werden kann. In dieser Arbeit wird
der Prozessschritt der Synthesegaserzeugung und dessen Einfluss auf die anschließende
Kerosinsynthese untersucht. Außerdem wird eine technische Lösung für diesen Prozess-
schritt in einer Pilotanlage vorgestellt.

Auf der Grundlage technischer und wirtschaftlicher Erwägungen wurde die Sorptionsun-
terstützte Wasser-Gas-Konvertierungstechnologie (SEWGS) für die Synthesegaserzeu-
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gung ausgewählt. Hierbei wird in einem Festbettreaktor ein WGS-Katalysator mit einem
Material gemischt, das CO2 adsorbiert, um die WGS-Reaktion mit gleichzeitiger CO2-
Abtrennung in einer einzigen Verfahrensstufe durchzuführen. Da das Sorptionsmittel
ab einem gewissen Punkt mit CO2 gesättigt ist, ist ein zyklischer Betrieb mit reaktiven
Adsorptions- und anschließenden Desorptionsphasen zur Regeneration erforderlich.

Die Auswahl der Materialien, Sorptionsparameter und Reaktorkonfigurationen wurde in
Charakterisierungstests und Experimenten im Labormaßstab untersucht. Ein Cu/ZnO-
Al2O3-Katalysator zeigte die beste Aktivität und Stabilität. Die Kalzinierung von kom-
merziellem Hydrotalcit bei 400 ○C führte zu der gewünschten Mischoxidstruktur, die die
Adsorption von CO2 ermöglicht. Die Imprägnierung mit Kalium verbesserte die CO2-
Adsorptionskapazität dieses Materials. Experimente, bei denen die Durchbruchskurven
von CO2 in einem Festbett-Mikrokanalreaktor aufgezeichnet wurden, zeigten, dass die
Sorptionseigenschaften vom vorherrschenden Wassergehalt während der reaktiven Ad-
sorption sowie von der Länge der Desorptionsphase beeinflusst werden. Außerdem wurde
festgestellt, dass die Reaktorkonfiguration die Sorptionsleistung verändert. Das Anwe-
senheit von katalysatorfreien Zonen am Reaktorausgang verbesserte die CO2-Aufnahme
erheblich.

Zusätzlich zu diesen experimentellen Studien wurden numerische Simulationen durch-
geführt, um das Verhalten des SEWGS-Prozesses mit Hilfe dynamischer Reaktormodelle
zu untersuchen. In Matlab Simulink wurde ein neuartiger grafischer Simulationsansatz
entwickelt, mit dem der zyklische Prozessbetrieb und die automatische Anlagensteue-
rung optimiert werden können. Das Modell ermöglicht die automatische Anpassung der
zyklischen Umschaltzeiten von reaktiven Adsorptions- zu Regenerationsphasen während
der Laufzeit basierend auf vordefinierten Parametern. Die Simulationsergebnisse haben
die potenziellen Vorteile einer sorgfältigen Kombination ausgewählter Betriebsparameter
und Prozesskonfigurationen aufgezeigt.

Die Versuchs- und Simulationsergebnisse wurden zur Entwicklung eines kompakten
SEWGS-Moduls für die Kerogreen Pilotanlage verwendet. Diese Demonstrationsanlage
ist die erste ihrer Art und soll die gesamte Prozesskette von CO2 bis zu einer Rohform
von synthetischem Kerosin abbilden. Die angestrebte Betriebsweise des SEWGS-Reaktors
wurde mittels simulationsgestütztem Prozessdesign optimiert. Hierzu wurde das entwi-
ckelte Simulink-Modell zur Quantifizierung des Einflusses von Designkonfigurationen
und wichtigen Betriebsparametern herangezogen.

In einer experimentellen Studie wurden schließlich die Auswirkungen von möglicher-
weise verbleibendem CO2 aus dem SEWGS-Schritt auf die nachfolgenden Schritte in
der Kerogreen-Prozesskette betrachtet. Mit unterschiedlichen Synthesegaszusammen-
setzungen (mit und ohne CO2) wurde eine mögliche Fehlfunktion des SEWGS-Moduls
simuliert, um den Einfluss von CO2-reichem Synthesegas auf die Produktverteilung
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des Fischer-Tropsch-Reaktors und der darauffolgenden Hydrocracking-Reaktorkaskade
zu untersuchen. Die experimentellen Ergebnisse zeigten, dass die Aufbereitung von
Fischer-Tropsch-Produkten durch direktes Hydrocracken nicht nennenswert von dem
CO2-Gehalt im Synthesegas beeinträchtigt wird. Allerdings zeigte sich, dass der auftreten-
de Verdünnungseffekt bei der Reaktorauslegung und der Auswahl der Prozessparameter
berücksichtigt werden muss.

Sowohl die experimentellen Ergebnisse als auch die Simulationsergebnisse haben gezeigt,
dass die in dieser Arbeit untersuchte SEWGS-Technologie das notwendige Potenzial und
die technische Machbarkeit für die Herstellung von Synthesegas aus reinem CO besitzt.
Diese Entwicklung stellt einen wichtigen Schritt in der Kerogreen PtL-Prozesskette dar,
die neue Möglichkeiten zur Substitution von fossilem Kerosin und damit zur Reduktion
der CO2 Emissionen des Luftverkehrs eröffnet.
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1Introduction

1.1 Do we need Sustainable Aviation Fuels?1

Human kind needs energy in many forms – yesterday, today, and tomorrow. The impor-
tant question is: Is the way we are consuming energy today still justifiable tomorrow
with the knowledge of what happened yesterday? This question is particularly relevant
in the context of climate change. The extensive use of fossil fuels as energy carriers in
the past decades has caused an increase in atmospheric greenhouse gas concentrations,
especially CO2. Hence, global average temperature is still rising [1]. To mitigate this
effect of human-caused climate change accompanied by massive environmental impact
in the future, the above-mentioned question must be rethought.

Therefore, we have to clarify on the one hand if the existing energy resources are being
used for the "right purpose", and on the other hand if they are used in the "right way".
The first issue, the definition of the "right purpose", is mainly a matter of social needs and
aims. Depending on the point of view, it may be difficult to distinguish between more or
less important energy consuming sectors. For instance: Is it more important to provide
energy for home heating use to ensure peoples’ health or for industrial applications to
ensure society’s wealth? The second issue, the "right way" of using available energy
resources, might be easier to evaluate as specific risks and measurable consequences
can be attributed to the use of specific technologies and energy carriers, and energy
efficiencies can be determined for technical energy conversion processes. These social
("purpose") and technical ("way") issues related to nowadays energy consumption are
highly interconnected via political decisions and measures. A political milestone that has
been signed by almost 200 signatories is the UN Paris Agreement on Climate Change. The
participating parties agreed to restrict the "increase in the global average temperature to
well below 2 ○C above pre-industrial levels and pursuing efforts to limit the temperature
increase to 1.5 ○C above pre-industrial levels" [2]. To reach this ambitious goal, especially
major contributors to greenhouse gas emissions must undergo drastic changes [3].

A substantial emitter is the international aviation industry, which released about 1Gt

CO2 to the atmosphere in 2018 [4]. Forecasts for the coming decades suggest a further
increase to about 1.2-1.9Gt CO2 in 2050 [5]. The projections from 2005 to 2050 are
depicted in Figure 1.1 and include assumed improvements in technology, operations, and
infrastructure use. Although those predictions were made before the pandemic, they are
still of utmost relevance as pre-COVID levels are being reached again rapidly [6]. Even

1Parts of this section are taken from the author’s contribution to the PhD competition launched by
"Stiftung Energie und Klimaschutz": Energie und Umwelt - Meine Idee für morgen.
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Fig. 1.1: Projections of CO2 emissions for international aviation in the upcoming decades. Data
from [5, 8]. Note: Projections were made prior to the COVID-19 pandemic.

the massive reduction of international air travel as one effect of the COVID-pandemic is
expected to have only a short-term impact until about 2024 [7].

This emphasizes that also the aviation sector has to undergo a transition away from fossil
fuels until 2050 to still achieve the Paris climate goals [8]. The decarbonization of this
sector is particularly difficult due to long technology development and fleet turnover
times. However, hydrogen or full-electric powered airplanes can not be envisaged as
short- to mid-term solution due to the radical aircraft design changes required for those
technologies. Although liquid hydrogen has a three times higher energy density per
unit mass than fossil kerosene, its low energy density per unit volume in combination
with the need for thick insulation substantially increases the space requirements for this
technology. Batteries for full-electric propulsion exhibit a low energy density per unit
mass. The heavy machinery limits the use of battery-propelled aircraft to extremely short
distance flights of around 80-320 km [9].

This is where Sustainable Aviation Fuels (SAFs) come into play, as these fossil fuel
substitutes can be applied using existing infrastructure and propulsion technologies. SAF
are synthetic hydrocarbon fuels that physically and chemically resemble conventional
jet fuel. These so-called "synthetic jet fuels" can either be produced from biogenic
raw material ("biofuels") or from renewable energy and CO2 ("e-fuels"). By capturing
released carbon from the atmosphere, a closed carbon cycle in line with the circular
economy principle is realized. Apart from their carbon neutrality, SAF are beneficial to
the climate because they largely prevent the formation of soot particles known from
the combustion of fossil fuels. Reduced soot emissions decrease the fuels’ contribution
to cloud formation, which, in turn, would also contribute to global warming [10].
Biofuels are already employed on small scale in aviation, but their market share is limited
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by natural and ethical constraints. In 2024, aviation biofuel production could reach
2.8 × 109 L which corresponds to less than 1% of the anticipated aviation fuel demand
[11]. Currently, their price is three to five times higher than that of fossil-based jet
fuel [12]. E-fuel production is realized in so-called Power-to-Liquid (PtL) processes,
technologies that are just about to become available on the market. In 2021, the world’s
first e-kerosene production plant opened in Werlte, Germany [13]. The most significant
drawbacks of PtL technologies are the availability and cost of renewable energy and
CO2. CO2 can be captured directly from the atmosphere (Direct Air Capture (DAC)), a
promising technology that still has some challenges ahead of it [8, 14], or from point
sources, such as industrial plants that emit large quantities of concentrated CO2. The
significant demand for renewable electricity results in higher prices for e-fuels compared
to conventional fuels [15–18]. Unlike biofuels, the production of e-fuels does not require
arable land, so they are preferable from an environmental and social point of view
[16].

Recognizing the emerging challenges, the EU has committed to ensure the mobility
needs of people and goods ("purpose") by means of a low-carbon, circular economy [19].
Their strategy comprises the exploration of synthetic fuels as one "way" of providing
energy "for sectors that could remain at least partially dependent on liquid fuels, such as
aviation" [19]. For this reason, the title question "Do we need SAFs?" can be answered
with "yes". Therefore, the European Commission facilitates research projects such as the
Horizon 2020 project Kerogreen. This project aims to demonstrate an innovative process
chain for sustainable kerosene production and will be presented in more detail in the
next section.

1.2 Framework of this Work
Synthetic e-fuels are typically produced in PtL process routes from renewable electricity,
air-captured CO2, and water. Two pathways are currently under discussion: the Fischer-
Tropsch (FT) pathway and the methanol pathway [16]. The FT pathway is based on
synthesis gas (CO + H2) (syngas) as feedstock. Syngas can be obtained by means of
water electrolysis combined with reverse water-gas shift reaction for reducing CO2 to
CO [20] or by co-electrolysis of steam and CO2 [21]. It is chemically converted via
the FT reaction into a wide range of hydrocarbons. Further upgrading steps, such as
heavy hydrocarbons Hydrocracking (HC), are required to produce synthetic hydrocarbon
products that are potentially usable as synthetic jet fuel. In the methanol pathway, CO
and CO2 can be taken as carbon source. Together with H2, they react to the commodity
methanol. Methanol can further be processed by oligomerization processes into desired
middle distillate hydrocarbons. In both pathways, the required H2 is typically generated
by electrolysis powered by renewable electricity.
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In the Kerogreen project, however, a novel PtL route based on the FT pathway is in-
vestigated that avoids energy-intensive electrolysis (Figure 1.2): the crucial step of
CO production is realized using plasma-driven dissociation of CO2 using renewable
electricity. In the plasma reactor, CO2 is split into CO and O2 employing microwave
plasma technology. O2 is electrochemically separated through solid oxide membranes.
The remaining CO/CO2 mixture is fed into a Pressure Swing Adsorption (PSA) unit to
obtain pure CO. CO partly reacts with H2O to generate syngas with a H2:CO ratio of 2
via the Water-Gas Shift (WGS) reaction with in-situ CO2 removal. Syngas is then used as
feed for the kerosene synthesis in the FT reactor with subsequent HC. In this process,
carbon-neutrality is achieved as air-captured CO2 serves as feedstock, and separated CO2

recovered in the PSA and the WGS unit is recirculated to the plasma reactor. Hence, CO2

emitted upon fuel usage and CO2 used in the e-fuel production process form a closed
carbon cycle. The overall Kerogreen technology is modular, scalable and optimized for de-
centralized operation in remote areas, for example close to off-shore wind turbine parks.
The project aims to design, construct and operate a container-sized demonstration plant
located at the Institute for Micro Process Engineering (IMVT) at Karlsruhe Institute of
Technology (KIT) to produce 0.1 kg h−1 of synthetic kerosene. The Kerogreen consortium
consists of six partners from academia and industry from four countries. The project is
coordinated by the Dutch Institute for Fundamental Energy Research DIFFER (NL) and
carried out in collaboration with the Karlsruhe Institute of Technology KIT (Germany),
the Flemish Institute for Technology Research VITO (Belgium), and industry partners:
HyGear (Netherlands), Cerpotech (Norway), INERATEC (Germany).

Fig. 1.2: Kerogreen process chain for carbon-neutral kerosene production from renewable energy,
captured CO2 and water. Marked in blue: syngas production from CO and H2O via WGS
reaction with simultaneous CO2 separation, and in green: coupled FT-HC reaction for
kerosene production from syngas. Adapted figure from [22].
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1.3 Scope of this Work
This work deals with the syngas production via WGS (marked in blue in Figure 1.2) and
the impacts of this process step on the subsequent kerosene synthesis steps (marked in
green in Figure 1.2). For the syngas production step, various WGS and CO2 separation
combinations in one unit operation were theoretically assessed. Three main routes are
depicted schematically in Figure 1.3: A) a WGS membrane reactor with a H2 selective
membrane, B) a WGS membrane reactor with a CO2 selective membrane, and C) a
Sorption-Enhanced Water-Gas Shift (SEWGS) reactor.

In all routes, the thermodynamic equilibrium of the WGS reaction (Equation 1.1) is
shifted towards the product side by selectively removing one of the product components.
Hence, full conversion of CO is likely and the required H2:CO ratio could be adjusted
with a CO bypass flow.

CO +H2O⇌ CO2 +H2 ∆H⊖R = −41.2kJmol−1 (1.1)

Both membrane-based routes theoretically enable continuous operation, while the
SEWGS reactor requires complex operating strategies consisting of cyclic adsorption-

H2O

CO
CO2

H2 H2/CO=2
H2 membrane

WGS reaction

A

CO

H2O
H2

CO2CO2 membrane

WGS reaction
H2/CO=2

B

CO

H2O
H2

CO2

H2/CO=2

CO2 adsorption

WGS reaction

C

Fig. 1.3: Basic concepts for syngas generation from pure CO and H2O via WGS with integrated
CO2 separation in one operation unit. A) WGS membrane reactor with a H2 selective
membrane, B) WGS membrane reactor with a CO2 selective membrane, and C) SEWGS
reactor. Full conversion of CO is assumed due to the selective removal of one product
component and the required H2:CO ratio is adjusted with a CO bypass flow.
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and regeneration phases. However, the membrane-based routes were discarded. Sim-
ulation results as well as literature studies regarding available membrane materials
suggested that these routes are less efficient and suitable compared to the SEWGS route.
The SEWGS route exhibited superior properties regarding the overall Kerogreen integra-
tion requirements. Therefore, the SEWGS technology was chosen for this work to be
integrated in the Kerogreen process chain due to technical and economical reasons.

1.4 Aims and Outline
The main aim of this thesis is to gain insight into the synthesis gas production step from
H2O and CO with simultaneous CO2 separation via adsorption and to provide a technical
solution for performing this unit operation in the Kerogreen pilot plant.

For this purpose, the following aspects have been investigated in detail:

• SEWGS: Lab Scale Experiments (Section 4.1)
Different sorbent and catalyst materials were characterized to find suitable candi-
dates for SEWGS. A laboratory SEWGS setup was designed and built for further
investigations regarding their applicability in a SEWGS reactor system. A beneficial
reactor configuration was deduced from experiments in this setup.

• SEWGS: Modeling and Simulation (Section 4.2 and Section 4.3)
A time- and space-resolved SEWGS model was developed. It accounts for simultane-
ous CO2 adsorption and WGS reaction as well as subsequent desorption. Essential
kinetic parameters were determined based on experimental data. The model was
solved numerically. A complex system-level model was derived from a single re-
action chamber model and enabled simulation with automated switching time
adjustment during runtime.

• SEWGS: Pilot Plant Module (Section 4.3 and Chapter 5)
A compact SEWGS pilot plant module for decentralized use was designed and built.
Simulation-driven guidelines for practical application in the real pilot plant were
established and implemented in the automated plant control.

• FT-HC: Impact of CO2 (Section 4.4)
The impact of remaining CO2 from the SEWGS step or omitting the sorption process
(solely WGS) on consecutive steps in the Kerogreen process chain was elucidated.
Experiments with different feeds for combined FT synthesis with subsequent HC
were conducted and revealed the importance of the feed gas composition.

The correlation of these aspects is depicted in Figure 1.4.
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Fig. 1.4: Overview of the main fields of investigations of this thesis. Detailed information regard-
ing SEWGS: Lab Scale Experiments can be found in Section 4.1, SEWGS: Modeling and
Simulation in Section 4.2 and Section 4.3, SEWGS: Pilot Plant Module in Section 4.3 and
Chapter 5, and FT-HC: Impact of CO2 in Section 4.4.

This work is based on four peer-reviewed publications, which are attached in full length
at the end of this thesis (Chapter Publications). The following chapters summarize the
main findings obtained in those publications. Chapter 2: Theoretical Background
contains all relevant theoretical background information on the scientific topics covered
in this thesis. The experimental setups and basic modeling methods used are briefly
discussed in Chapter 3: Methods. Chapter 4: Findings provides an overview of the
main results of each publication. The outcomes of all experimental and theoretical
investigations were put into practice in a larger-scale container-sized pilot plant SEWGS
module. The design and construction of this module contributed a vital part to this work
and is presented in Chapter 5: Scale-Up: SEWGS Module in the Kerogreen Pilot Plant.
Finally, the main results are summarized in Chapter 6: Conclusions and Outlook with
suggestions for future investigations.
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2Theoretical Background

This chapter gives a concise overview of the currently discussed and researched PtL
processes, with a specific focus on the technologies investigated in this thesis: syngas
production through the WGS reaction with simultaneous CO2 removal via selective ad-
sorption on a solid sorbent, a process known as SEWGS; and the subsequent hydrocarbon
product synthesis via the FT route with synthetic crude (syncrude) upgrade by means of
heavy hydrocarbons HC.

2.1 Power-to-Liquid Processes
PtL processes utilize energy from renewable power generation to convert CO2 and water
into liquid fuels. The significantly higher energy densities of PtL products, in both weight
and volume, compared to Li-ion batteries or Power-to-Gas (PtG) products like H2 and
CH4, make them especially appealing for hard-to-decarbonize industries such as aviation,
shipping, and heavy transportation [23]. Various PtL pathways are currently the subject
of research and development. The most commonly discussed processes are depicted in
Figure 2.1 and shortly described in the following section.

Sustainable Feedstock

Besides the requirement of electricity from renewable sources, such as solar, wind,
geothermal or hydro power, all PtL pathways require the provision of water for H2

generation, and CO2 as carbon source.

The water demand for PtL fuel is mainly defined by the reaction stoichiometry of the
fuel synthesis and accounts to about 1700m3 water for 1 kt PtL fuel. Despite the fact
that the water demand for PtL is relatively low compared to the water demand for
biofuel production (up to 15000 times lower), considerations of local water availability
and supply options are still important. These aspects need to be evaluated in local
environmental impact assessments when seeking approval for PtL plants [16].

CO2 can either be obtained from point sources, such as industrial sites or biomass-based
applications, or directly captured from the air. Although the CO2 concentration in the
atmosphere is significantly lower compared to point sources (0.04% and >10%, respec-
tively [24]), the first commercial DAC plant powered by geothermal energy recently
started operating in Hellisheidi, Island. Climeworks’ Orca is said to be the world’s first
and largest DAC and storage plant with an annual capture capacity of 4000 t CO2 [25]. A
plant with an even higher capacity of 36000 t, Mammoth, is currently under construction
[26].
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Fig. 2.1: Overview of commonly discussed PtL pathways. Electricity from renewable sources,
water and air-captured CO2 are used to produce sustainable hydrocarbon fuels.

If the renewable electricity is additionally generated (and not withdrawn from other
purposes), DAC-based PtL processes result in a closed carbon cycle. They facilitate carbon
neutrality of the entire process chain from CO2 capture to synthetic fuel combustion.

Synthesis Gas Production

As direct CO2 activation is still in its early stages of research and development [27],
the majority of PtL processes require the production of syngas as intermediate product
for subsequent hydrocarbon synthesis. Syngas, as defined in this work, is composed of
CO and H2. Unlike traditional industrial syngas production routes, such as gasification,
steam reforming or partial oxidation of fossil resources, alternative routes are developed
and improved in the frame of sustainable PtL processes.

The current state-of-the-art to provide syngas for PtL comprises water electrolysis pow-
ered by renewable energy for H2 generation in combination with the so-called reverse
Water-Gas Shift (rWGS) reaction. Water electrolysis can be performed at low tempera-
tures (50 ○C to 80 ○C) in an Alkaline Electrolyzer (AEL) or Polymer Electrolyte Membrane
Electrolyzer (PEM-EL). At high temperatures (600 ○C to 900 ○C), water steam can be
electrolyzed in a Solid-Oxide Electrolysis Cell (SOEC) [16, 23, 28]. In all systems, water
(or steam) is electrochemically split into H2 and O2.

The current industrial standard of electrolyzers is based on the AEL technology. This
technology operates with low current density and is less suitable for dynamic applications
due to its low load-flexibility. PEM-EL are available in small and medium scale and enable
higher current densities. They can operate under pressure and provide higher operational
flexibility than AEL. Utilizing high-temperature electrolysis (SOEC) can substantially
decrease electricity requirements compared to low-temperature electrolysis, resulting
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in an overall system-level advantage when appropriate heat sources, like heat from the
exothermic FT synthesis, can be used for steam generation. Additionally, SOEC systems
can perform with higher efficiencies of >80% (low-temperature AEL or PEM-EL: 60%
to 70%). However, the SOEC technology is (currently still) less developed and provides
disadvantages in terms of system costs and long-term durability [23]. As illustrated in
Figure 2.1, a portion of the H2 stream produced by water electrolysis reacts via rWGS
reaction (Equation 2.1) with captured CO2 to produce CO under external heat supply.

CO2 +H2 ⇌ CO +H2O ∆H⊖R = 41.2kJmol−1 (2.1)

Recently, progress has been made in the development of SOEC-based co-electrolyzers,
which enable the conversion of CO2 and steam into CO and H2 in one single step at high
temperatures (850 ○C, Equation 2.2) [29]. This technology could eliminate the need for
separate rWGS and generate more syngas output using the same amount of renewable
energy input in comparison to other syngas production pathways [30]. In the frame of
the research project Kopernikus P2X, the German company Sunfire achieved an output of
up to 220 kW with an electrical efficiency of more than 85% and marked an important
step towards the industrial use of the co-electrolysis technology [31].

H2O +CO2
e−ÐÐ→ H2 +CO +O2 (2.2)

A novel syngas production route is currently being investigated in the Kerogreen project.
The concept comprises the dissociation of CO2 into CO and O2 through a plasma gen-
erated with microwave radiation in a plasmolysis unit with subsequent O2 removal
in an advanced solid oxide membrane. The remaining CO/CO2 mixture is separated
in a PSA unit to obtain pure CO. CO is then converted into H2 by means of the WGS
reaction (Equation 1.1) with simultaneous separation of the generated CO2 by adsorption
(SEWGS). Detailed information on the SEWGS concept can be found in Section 2.2.

Hydrocarbon Synthesis

The conversion of syngas into hydrocarbons is the next step in PtL process chains.
Currently, there are two primary pathways being discussed: the FT pathway and the
methanol pathway.

The FT reaction has been applied for decades in industrial scale [32]. It generates a
variety of different long-chain hydrocarbons, which can differ based on the process
design and operation. This syncrude mixture is further processed through refining steps
to produce fuels that have similar chemical properties to conventional fossil fuels, such
as diesel, gasoline, and kerosene, or basic chemicals for the chemical industry. These
refining steps can be carried out in existing petroleum refineries alongside the processing
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of fossil crude oil. The resulting fuels are so-called "drop-in fuels" without the need for
modifications to the existing combustion engines or infrastructure used for storing and
transporting fuels, and abide by the American Society for Testing and Materials (ASTM)
norms. Therefore, the FT pathway is employed in the majority of large-scale PtL projects,
and also used in the frame of this work. Detailed information regarding the FT reaction
as well as heavy hydrocarbon HC as upgrading step can be found in Section 2.3.

Methanol synthesis is also a well-established large-scale process that operates under
moderate conditions and provides very high product purities [32]. As the use of pure
methanol as a fuel would require modified combustion engines, methanol is rather
used as a blending component in today’s combustion engines at concentrations of up to
3%. Alternatively, methanol or its dehydrated form, Dimethyl Ether (DME), are further
processed to C2-C4 olefins (Methanol-to-Olefins (MTO) or Dimethyl Ether-to-Olefins
(DTO), respectively) with subsequent oligomerization to hydrocarbons in the gasoline
and jet fuel range [33].

State-of-the-Art: PtL in Germany

As a result of the German "Energiewende" envisioned by policymakers and society, PtL
processes are becoming up-scaled for market rollout of e-fuels [34]. A selection of the
most recently announced PtL projects in Germany based on the FT pathway is listed in
Table 2.1.

2.2 Synthesis Gas Production: SEWGS
The following section discusses the WGS reaction as well as the adsorption of CO2 on
solid sorbent materials, and gives insight into the combination of both processes by
means of the SEWGS reaction.

2.2.1 Water-Gas Shift Reaction
The conversion of CO and H2O to CO2 and H2 is known as WGS reaction (Equation 1.1).
The reaction was first described in by Fontana in 1780 [35], and patented by Mond and
Langer for fuel cell applications in 1888 [36]. From 1913 on, the WGS reaction was
employed in large scale in the frame of the Haber-Bosch process for ammonia production
[37]. Until today, the WGS reaction plays an important role in industrial processes
involving or producing H2 [38]. WGS is typically employed to decrease the CO content
in feed gases of fuel cell applications, or to increase the hydrogen yield in reforming
processes.
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Tab. 2.1: Overview of selected large-scale PtL projects in Germany based on the FT pathway.

Stake-
holder

Project Location Technology Capacity Year Ref.

atmosfair FairFuel Werlte Biomass/DAC +
PEM-EL/rWGS +
FT

350 t/a 2021 [39]

DLR TPP
(DS)

not yet
announced

Biomass +
Electrolysis
(EL)/rWGS + FT

10000 t/a ∼2026 [40, 41]

KIT Energy
Lab2.0

Eggenstein-
Leopoldshafen

DAC +
PEM-EL/rWGS +
FT

200 l/d 2019 [42–44]

INERATEC Frankfurt-
Höchst

Biomass +
industrial
H2/rWGS +
FT

2500 t/a 1 ∼2024 [45, 46]

H&R Hamburg Biomass +
PEM-EL/rWGS +
FT

350 t/a 1 2022 [47]

1 This plant has been announced to become the "world’s largest PtL pioneering plant" [45].

Thermodynamic Considerations

The WGS reaction is a moderately exothermic equilibrium reaction. As can be seen
in Figure 2.2A and from the widely used Equation 2.3 [48], the equilibrium constant
decreases with increasing temperature.

Keq = exp(4577.8
T

− 4.33) (2.3)

An increase in temperature makes the product formation thermodynamically less favor-
able, resulting in lower H2 yields at higher temperatures. At temperatures above 830 ○C,
the equilibrium constant is <1 and the reverse reaction, rWGS, is favored. However,
an increase in temperature leads to a higher reaction rate. Hence, a balance between
favorable thermodynamic and kinetic conditions must be found. For that reason, the
combination of subsequent High-Temperature (HT) and Low-Temperature (LT) WGS
in a multi-stage reactor setup is commonly found in industry to achieve CO contents
below 0.5% [38, 49, 50]. In the HT shift on a Fe-based catalyst (320 ○C to 450 ○C) in the
first stage, CO levels are reduced to 3% to 5% at relatively fast reaction rates requiring
relatively small catalyst bed volumes. In the LT shift on a Cu-based catalyst (200 ○C to
250 ○C) in the second stage, higher CO conversion limited by the reaction equilibrium
can be achieved and the CO content is reduced to 0.1% to 0.3%.
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Fig. 2.2: Temperature dependence of A) WGS equilibrium constant (Equation 2.3, and B) CO
equilibrium conversion for various steam-to-gas ratios.

Due to the reversible nature of the WGS reaction, the forward reaction is limited by
the presence of the reaction products according to LeChatelier’s principle. Vice versa,
the removal of CO2 or the addition of steam promote the achievable CO conversion.
Figure 2.2B illustrates the influence of the reactant gas composition: an increasing
steam-to-gas ratio (H2O:CO) results in a higher equilibrium CO conversion.

LeChatelier’s principle also predicts that the reaction pressure does not affect the ther-
modynamic WGS equilibrium due to the constant number of moles. However, the total
pressure increases the reaction rate on the way to the equilibrium and influences the
conversion of CO in a beneficial manner in industrial applications.

Heterogeneous Low-Temperature Water-Gas Shift

Many catalysts were suggested and researched for the heterogeneous LT WGS: non-
noble metal based catalysts (Cu, Ni), or noble metal based catalysts (Pt, Ru, Rh, Pd, Au)
deposited on partially reducible oxides (CeO2, ZrO2, TiO2, Fe2O2, mixed oxides) [38]. In
this study, a conventional Cu/ZnO-Al2O3 is utilized, similar to the majority of industrial
processes.

The Cu metal crystallites serve as the active species within the catalyst, while ZnO acts
as a functional promoter to enhance the catalyst’s activity. Al2O3 is a primarily inactive
structural promoter, it helps dispersing the active sites, to stabilize them against thermal
sintering, and minimizing pellet shrinkage to enhance the strength of the catalyst [51].
To obtain active Cu metal crystallites for the WGS operation, CuO needs to be initially
reduced in H2 (Equation 2.4).

CuO +H2 Ð→ Cu +H2O ∆H⊖R = −80.8kJmol−1 (2.4)
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As Cu is prone to thermal sintering, temperatures exceeding 300 ○C should be avoided
during both the catalyst reduction and WGS operation. The lower operating temperature
is limited by the dew point of the mixture under industrial conditions. Due to its
intolerance to sulphur, halogens, and unsaturated hydrocarbons, the Cu/ZnO-Al2O3

catalyst requires protection from these compounds.

Although the WGS reaction being known for over two centuries, the complete under-
standing of its detailed reaction mechanism has yet to be fully uncovered [38, 50, 51].
Most studies explain the WGS reaction over a metal oxide catalyst with one of the
following reaction pathways:

• Regenerative mechanism (reduction-oxidation cycle)
The regenerative mechanism is based on the Eley-Rideal model, wherein only one
of the reactant molecules adsorbs on the catalyst surface and reacts directly with
the other molecule from the gas phase (Figure 2.3A). In this mechanism, H2O is
dissociated on the catalyst surface producing H2 and oxidizing a vacant reduced
active site. The oxidized catalyst site is reduced by CO to form CO2, leaving again
a vacant reduced active site on the catalyst surface to complete the catalytic cycle.

H2O + redÐ→ H2 + ox (2.5)

CO + oxÐ→ CO2 + red (2.6)

• Associative mechanism
The associative mechanism is based on the Langmuir–Hinshelwood model, wherein
both reactant molecules adsorb on adjacent active sites on the catalyst surface, and
the adsorbed molecules then react in a bimolecular reaction (Figure 2.3B). In this
mechanism, H2O and CO adsorb on the catalyst surface and interact to form an
adsorbed intermediate. The intermediate then splits into CO2 and H2. Although
numerous authors endorse this mechanism, there is still a lack of consensus re-
garding the nature of the intermediate species. Proposed reaction intermediates
include carboxyl- or formate-like species [52, 53].

CO +H2OÐ→ CO(ads) +H2O(ads) Ð→
intermediate(ads)

Ð→ CO2(ads) +H2(ads) Ð→ CO2 +H2 (2.7)

While the regenerative mechanism is commonly used to describe the HT WGS reaction
on Fe-based catalysts, the predominant mechanism in the LT WGS is still controversially
discussed in literature [38, 54].
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Fig. 2.3: Mechanistic models for describing bimolecular reactions (A + BÐ→ C) in heterogeneous
catalysis. A) Eley-Rideal mechanism, and B) Langmuir-Hinshelwood mechanism.

Despite the ongoing discussions regarding the detailed reaction mechanism on LT WGS
catalysts, various empirical models have been developed based on experimental results.
A comprehensive overview of kinetic rate expressions based on the above mentioned
mechanisms is given in the literature [38, 51, 55]. Unlike rate expressions derived from
detailed reaction mechanisms and rate-determining steps, the power-law represents a
simple empirical rate expression that does not take into account any specific mechanism
[50]. Various studies found that the power-law type expression given in Equation 2.8
and Equation 2.9 delivers satisfying descriptions of their experimental observations for
the WGS forward reaction rate [56–61]. This approach was also chosen for the transient
reactor description in this work. Table 2.2 presents various power-law parameters
from different studies for Cu/ZnO-Al2O3 catalysts, including the data obtained in this
research.

rWGS = k∞ ⋅ exp(− Ea

R ⋅ T ) ⋅ p
e1
CO ⋅ pe2H2O

⋅ pe3CO2
⋅ pe4H2

⋅ (1 − δ) (2.8)

δ = pCO2 ⋅ pH2

Keq ⋅ pCO ⋅ pH2O

(2.9)

Tab. 2.2: Overview of power-law parameters for Cu/ZnO-Al2O3 catalysts.

Arrhenius Parameters Reaction Order Temperature Study

k∞ Ea (kJmol−1) e1 e2 e3 e4 T (○C)

2.96 × 105 47.4 1 1 0 0 120 to 250 [56]
3.99 × 105 52.8 1 1 0 0 160 to 250 [57]

- 79.0 0.8 0.8 −0.9 −0.9 190 [58]
- 86.5 1* 1.4 −0.7 −0.9 180 to 200 [59]

5.37 × 10−7** - 0.45 0.07 0 0 200 [60]
4.9 × 106 47.0 1 1 0 0 123 to 175 [61]
2.01 × 105 51.8 1 1 0 0 250 [P3]

* fixed to unity, ** area related

2.2.2 Adsorption of CO2 on Solid Sorbents
As discussed above, the selective removal of a product component from the reaction
mixture favors the forward reaction according to LeChatelier’s principle and hence,
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Fig. 2.4: CO2 adsorption capacities and temperature ranges of selected CO2 adsorbents [64, 65].

increases the H2 production and purity. This approach also allows for the separated
component to be recycled. For these reasons, an advanced SEWGS system with in-situ
CO2 adsorption was investigated in this work. Therefore, a suitable solid sorbent needed
to be mixed with the WGS catalyst to be integrated into the reactor.

Choice of Sorbent Materials

A sorbent suitable for use in SEWGS systems must possess the following characteristics
under WGS operating conditions to be technically and economically viable [62, 63]:

• High selectivity towards CO2

• High adsorption capacity for CO2

• Fast adsorption and desorption kinetics

• Mechanical stability

• Thermal stability

• Low energy requirement during regeneration

• Stable sorption properties during cyclic operation

• Stable sorption properties in the presence of steam

An overview of selected adsorption capacities as well as temperature ranges of typi-
cally employed CO2 sorbents is given in Figure 2.4. Further information can be found
elsewhere [62, 64, 65].

For temperatures below 120 ○C, physisorbents such as zeolites [66–68], activated carbons
[67, 69, 70], alumina oxide [71], and Metal Organic Frameworks (MOFs) [72–75]
have been suggested. The physisorption is generally rather weak and sensitive to
temperature and less suitable for SEWGS applications [65]. Chemisorbents, however,
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Fig. 2.5: 3D structure of a LDH with two positively charged brucite-like layers and an interlayer
region. Adapted figure from [63].

yielded higher adsorption capacities at temperatures above 120 ○C. Among the most
discussed chemisorbents are magnesium oxide (and MgO-based materials) [76, 77],
Layered Double Oxides (LDOs) [78–81], lithium zirconates [82, 83], calcium oxides [84–
87], and sodium-based materials [88]. LDOs, derived from Layered Double Hydroxides
(LDHs), exhibit a reasonable combination of CO2 capacity and cyclic stability for SEWGS
applications due to their moderate CO2 adsorption heat. Additionally, they are highly
selective towards CO2, and the presence of steam has been reported to have a positive
impact on their capacity [80]. Their cheap price makes them especially interesting for
large scale applications. Therefore, various authors suggested LDOs as most promising
sorbents for SEWGS processes [62–65, 89]. LDOs, precisely Hydrotalcite-Derived Mixed
Oxides (HDMOs), are also employed in this work and will be presented in more detail in
the next section.

Hydrotalcite-derived Materials as CO2 Sorbents

LDHs are classified as anionic clay minerals. They possess a two-dimensional structure
consisting of two brucite-like layers with positively charged divalent cations (M2+),
partially substituted by trivalent cations (M3+). These positive ions occupy the center
of octahedral sites within hydroxide sheets, while the vertices of these sheets contain
hydroxide anions. Always three octahedral cations share one hydroxyl group, which
extends towards the interlayer region [90]. The excess charge in the interlayer is
balanced by highly disordered anions (Am-) and water molecules [91]. Figure 2.5 depicts
the neutral structure of LDHs.
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The general chemical formula of LDH is given in Equation 2.10, with x determining the
partial substitution of M2+ with M3+, typically ranging between 0.17 and 0.33 [91].

[M2+
1−x.M

3+
x/(OH)2]x+ [Am−

x/m ⋅ nH2O]x− (2.10)

Within the naturally occurring mineral LDH, also known as Hydrotalcite (HTC), the
divalent metal is Mg2+, the trivalent cation is Al3+, and the compensating anion is CO2−

3 .
The resulting formula is Mg6Al2(OH)16CO3⋅ 4H2O. In the case of synthetically produced
LDHs, it is possible to utilize various combinations of anions and cations, as listed in
Table 2.3.

Tab. 2.3: Overview of selected anions and cations used in synthetic LDHs [62, 92].

M2+: Mg2+, Ca2+, Ni2+, Zn2+, Cu2+, Mn2+

M3+: Al3+, Fe3+, Cr3+, Co3+, Ga3+

Am-: CO2−
3 , SO2−

4 , SO2−
3 , NO−3 , Cl-, OH-

As-synthesized LDHs do not possess great CO2 adsorption capacities, as their interlayers
are already saturated with anions, and water molecules prevent the permeation of
CO2 to the Lewis-basic active sites. Their adsorption properties can be enhanced by
means of controlled thermal activation (calcination), by changing the nature and ratio
of M2+/Mg3+ cations as well as the type of interlayer anion, or by doping with alkaline
metals.

The adsorption characteristics of as-synthesized LDHs can be improved through cal-
cination in N2 atmosphere for at least 4 h. Calcination temperatures of up to 400 ○C
enable the release of the interlayer ions and water, resulting in highly amorphous mixed
oxide materials with higher surface area and increased Lewis-basicity. During this ther-
mal treatment, LDHs undergo a structural transformation into LDOs, thereby exposing
appropriate basic properties for CO2 adsorption under WGS conditions [93, 94].

The molar ratio of divalent-to-trivalent cations considerably determines the adsorption
behavior of LDOs. Typically, the alumina content in HTC is below 50%. With increasing
alumina content, the loading of the hydroxide layer as well as the number of surface
defects increases, whereas the interlayer distance decreases [80, 95, 96]. These effects
controversially influence the adsorption properties, and a balance between stronger sites
and lower basic density must be found. Recently, Macedo et al. tested Mg/Al molar
ratios up to 20 and suggested an optimum ratio between 4 to 10 [97].

It was also found that the type of charge balancing anion present in the interlayer
significantly influences the adsorption capacity of LDOs. In HTC, CO2−

3 anions lead to
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higher adsorption capacities than OH− [63], due to their higher loading and greater
interlayer spacing (0.756 nm for carbonates compared to 0.755 nm for hydroxides) [91].

Various studies confirm the positive effect of alkaline (e.g. Na, K, Cs, Li) impregnation
on the CO2 adsorption capacity of LDOs [98–103]. Alkali metal ions accumulate on the
octahedral structure, increasing the number and strength of the basic adsorption sites
[104, 105]. Especially the impregnation of the calcined HTC (HDMO) with potassium
(Potassium-impregnated Hydrotalcite-Derived Mixed Oxide (K-HDMO)) enables great
potential for improvements and received special attention in the frame of sorption-
enhanced reactions [79, 100, 106–108].

Additionally, it has been demonstrated that the presence of water during CO2 adsorption
has a positive impact on the adsorption capacity of LDO. Improvements of up to 10%

associated with enhanced cyclic behaviour on K-HDMO were reported by Ding et al.
[106]. Ram Reddy et al. reported an even higher increase of more than 15% (from
0.61mmol g−1 to 0.71mmol g−1) in a wet feed compared to a dry feed [109]. Water
partially reverses the dehydroxylation achieved during calcination and thus, creates
additional adsorption sites. This finding is of utmost importance for SEWGS applications,
as the presence of water is inevitable during the WGS reaction.

Sorption of CO2 on Hydrotalcite-derived Materials

The process of CO2 adsorption occurs on active basic sites on the surface of the solid
sorbent. While LDHs feature only weak Brønsted-type basic sites, LDOs exhibit differ-
ent types of Lewis-basic active sites for CO2 adsorption: O2- (strong basicity), Mg-O
(intermediate basicity), and OH- (low basicity).

Leon et al. showed in infrared spectroscopic studies that CO2 coordinates weakly on
surface OH- groups to form bicarbonate anions, whereas bidentate carbonates (chelating
or bridging) are build on adjacent cationic sites (such as Mg-O pairs), and unidentate
carbonate species are formed on O2- sites. Figure 2.6 shows the different binding
types. Unidentate species bound on the strongest adsorption sites were identified as the
cause of irreversible adsorption, whereas bidentate carbonates and surface bicarbonates
contributed to highly reversible adsorption [93].
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2.2.3 State-of-the-Art: SEWGS
The principle of combined WGS reaction with simultaneous CO2 removal by means
of adsorption was first patented by Gluud et al. in 1931. The authors presented an
invention for H2 production and explained that "the carbon monoxide and steam being
brought to react with each other in such manner that the carbon dioxide formed is
removed at once from the reaction phase" [110]. By combining an active WGS catalyst
with a selective CO2 sorbent in a packed bed reactor, an increase in CO conversion
can be achieved by displacing the thermodynamic equilibrium towards the H2 and CO2

production side according to LeChatelier’s principle.

Hence, the yield and purity of the desired product, H2, can be improved, and CO2 is
separated and can potentially be reused. In a SEWGS system, the previously separate
steps of H2 production and CO2 removal are combined into a single unit operation. This
simplification has the potential to save costs and improve the overall energy efficiency
[111, 112]. However, as the sorbent must be regenerated regularly to ensure continuous
operation, the design of the reactor becomes more complex [113]. At least two reactors
that run alternately in reactive adsorption or regeneration mode are needed for continu-
ous H2 production. Gazzani et al. proposed an optimal range of six to nine reactor units
for cyclic operation, considering factors such as efficiency and economic considerations
[114]. A cycle typically consists of a reactive adsorption, depressurization, regeneration,
and pressurization step. Regeneration can be initiated through temperature or pressure
variations to release the adsorbate from the sorbent. Usually, PSA concepts are employed
in SEWGS systems, accompanied using purge gas to further implement a concentration
change and to reduce the partial pressure [65].

In the last decades, there has been a growing scientific interest in the topic of sorption-
enhanced reactions within the context of hydrogen economy and fuel cell applications.
Various studies have suggested that sorption-enhanced hydrogen production is not only a
viable option for WGS reaction [115–118], but also for methane steam reforming [119–
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122], steam gasification of biomass [123], gylcerol steam reforming [124], ethanol steam
reforming [125], and dimetyhl ether [126–128]. In the case of SEWGS, research focused
on the development of advanced sorbent materials with suitable sorption properties and
regenerability in the presence of a WGS catalyst [94, 97, 103]. Furthermore, significant
effort has been made in modeling the SEWGS process to obtain optimized process
strategies and ideal operating conditions by means of simulative parameter studies [115,
129–133].

Although the sorption-enhanced concept has been known for almost a century for the
WGS reaction, the SEWGS technology has not been implemented on an industrial scale
yet and only a few large-scale pilot plants were presented so far. In 2013, Jansen
et al. declared that the "SEWGS Technology is Now Ready for Scale-up!". Based on
experimental and theoretical investigations in the CAESAR project, they concluded
that the SEWGS technology can be classified at Technology Readiness Level (TRL) 5-6
[134]. The developed technology was subsequently up-scaled in the STEPWISE project
to demonstrate its feasibility in an industrial setting. A full scale pilot plant at TRL 6
was constructed near a steel manufacturing site in Luleå, Sweden, with a capacity of
1500 td−1 CO2 [135]. More recently, Sebastiani et al. published modeling results for
the cyclic operation in five out of six available columns in this plant. Each vessel had a
diameter of 0.038m and a height of 6m [136]. Their study demonstrated the feasibility
of describing the experimentally observed phenomena and adequately capturing the
periodic fluctuations of the nominal hydrogen flow (15 Lmin−1). However, this thesis
deals with a rather unconventional approach for decentralized SEWGS operation in
remote areas. It presents the design and construction of a compact SEWGS reactor
consisting of six individually fed reaction chambers.

2.3 Hydrocarbon Synthesis and Upgrade

2.3.1 Fischer-Tropsch Reaction
The FT synthesis was first patented by Fischer and Tropsch in 1925 [137]. It chemi-
cally converts syngas into a mixture of hydrocarbons and water. The reaction is highly
exothermic, whereby the reaction heat depends on the produced hydrocarbon species.
The product range includes hydrocarbons with one carbon atom (CH4) up to more than
100 carbon atoms. The composition of hydrocarbons, whether linear or branched, satu-
rated or unsaturated, and oxygen-containing species, depends on the reaction conditions
(pressure, temperature, residence time, H2:CO ratio), and the catalyst employed [138].

Potential metal catalysts for the heterogeneously catalyzed FT are iron, cobalt, nickel,
and ruthenium. Co exhibits a high degree of selectivity in synthesizing linear saturated
hydrocarbons with a suitable average chain length for the production of synthetic
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kerosene at low temperatures (200 ○C to 250 ○C). Therefore, a Co-based catalyst was
employed in this work.

The FT synthesis is a polymerization-type reaction and proceeds in three macroscopic
steps: 1) chain initiation, 2) chain propagation and 3) chain termination. The detailed
reaction network has not been fully elucidated yet, but the following three mechanisms
are predominantly being discussed: 1) carbide mechanism, 2) enol-based mechanism,
and 3) CO insertion mechanism [139]. The differences in those mechanisms primarily
arise from the suggested monomer on the catalyst surface and the type of chain growth.
All mechanisms serve to explain the synthesis of different FT products through various
chain termination steps. However, none of the mechanisms is capable to describe the
formation of all FT products. Therefore, a combination of different mechanisms is
typically assumed.

The main reaction products on Co-based catalysts at low temperatures include linear
alkanes (Equation 2.11), alpha-alkenes (Equation 2.12), and minor quantities of oxy-
genates, such as alcohols (Equation 2.13) [139]. According to Equation 2.11, a molar
H2:CO ratio of two is required for the desired alkene production.

n CO + (2n + 1) H2 Ð→ CnH2n+2 + n H2O (2.11)

n CO + (2n) H2 Ð→ CnH2n + n H2O (2.12)

n CO + (2n) H2 Ð→ CnH2n+2O + (n − 1) H2O (2.13)

The simplified distribution of FT product species can be described using the Anderson-
Schulz-Flory (ASF) model. Equation 2.14 calculates the weight fraction of a product
species with n carbon atoms for a given chain growth probability α. The chain growth
probability is influenced by both the reaction conditions and the catalyst employed.
Figure 2.7A depicts the accumulative weight fractions of lumped product groups as a
function of the chain growth probability. The lumps are classified as follows: C1-C4: gases,
C5-C9: naphtha, C10-C14: kerosene, C15-C22: gas oil, C22+: waxes. It can be deduced
that the fraction of long-chain hydrocarbons increases with increasing chain growth
probability, and the primary selectivity towards kerosene is mathematically limited to a
theoretical maximum of 23% for α = 0.84 according to the ASF model. In Co-based FT
processes, typical chain growth probability values from 0.88 to 0.95 are reported [140].
The ASF distribution for α = 0.9 is shown in Figure 2.7B. The maximum fraction is found
for species with around 10 carbon atoms.

wASF = nC(1 − α)2α(nC−1) (2.14)

As mentioned above, the ASF distribution is more of an approximation and does neither
accurately represent the actual composition of products nor provide information about
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α = 0.9. Figure A from [P4].

the type of species formed. The selectivity towards methane is typically higher than
predicted by ASF, whereas the C2 selectivity is lower. Also the amount of long-chain
hydrocarbons is often underestimated, as secondary reactions involving previously
produced FT products are not considered in the ASF model. Re-adsorption of alkenes
may influence the chain propagation and lead to longer product species. Hence, the
chain growth probability is not constant and increases slightly with increasing chain
length [139].

2.3.2 Hydrocracking
The FT syncrude needs to undergo additional upgrading processes to increase the fraction
of the intended target product, e.g. kerosene. Although HC has been largely employed
in refineries for decades, its application in combination with FT products is rather new
and has raised increasing interest during the last years [141].

HC is a catalytic cracking process used to convert long-chain hydrocarbons into mainly
middle distillates. Along with cracking reactions (Equation 2.15), de/hydrogenation
of the cracking products (Equation 2.16), and skeletal izomerization of n-alkanes to
iso-alkanes (Equation 2.17) take place in the presence of H2.

CnH2n+2 Ð→ Cn−mH2(n−m) +CmH2m+2 (2.15)

Cn−mH2(n−m) +H2 ⇌ Cn−mH2(n−m)+2 (2.16)

CnH2n+2 Ð→ iso −CnH2n+2 (2.17)
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HC is commonly conducted at high pressures (35 bar to 70 bar) and temperatures (325 ○C
to 375 ○C) in refineries. However, when combined directly with FT, a milder form of
HC with lower pressure and temperature can be employed due to nearly isothermal
conditions and the absence of carbonaceous deposition [139, 142].

Bifunctional catalysts were frequently reported for hydrocracking of the FT product
due to their high activity and selectivity to the middle distillate fraction under mild
conditions [141]. Bifunctiontal catalysts enable the cracking and isomerization reactions
on Brønsted-type acid sites, and the de/hydrogenation on metal sites. Acid functionality
can be provided by amorphous oxides (e.g. Al2O3) or zeolithes (e.g. ZSM-5). Metals
(e.g. molybdenum, wolfram, cobalt, nickel) or noble metals (e.g. palladium, platinum)
provide the metal sites.

The catalytic properties of bifunctional catalysts are influenced by the ratio of the
functional sites as well as their spatial distribution. In this work, a Pt/H-ZSM-5 catalyst
was employed. This catalyst features strong de/hydrogenation properties on the metal
sites in combination with the shape selective characteristics of the zeolithe. Weitkamp
introduced the concept of ideal HC on properly balanced bifunctional catalysts to describe
the selective cracking of long-chain n-alkanes into short-chain iso-alkanes [143]. Alkanes
are dehydrogenated on the metal sites to form alkenes. These alkenes are protonated on
the acid sites into alkyl carbenium ions, which are subject to skeletal rearrangements
and carbon–carbon bond rupture through β-scission. In the case of ideal HC, the rate-
determining steps in the chemical rearrangement and β-scission of alkyl carbenium
ions occur at the acid sites. In contrast, the de/hydrogenation reactions and transport
processes are fast and do not impose any rate or mass transfer limitations. Hence, ideal
HC does not involve secondary reactions and long-chain hydrocarbons are cracked only
once into hydrocarbon products with bell-shaped carbon-number distributions. However,
secondary cracking may occur due to mass transfer limitations and strong adsorption
affinity in micropores, depending on the catalyst and process conditions employed. The
principle of competitive adsorption may thus be used to control selectivity, e.g. in the
presence of steam [144].
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3Methods

The following chapter presents the most relevant experimental and modeling methods
used in this work. Section 3.1 describes the experimental setup which was built for the
SEWGS breakthrough experiments. Section 3.2 deals with the basic SEWGS modeling
concept. The setup used for experiments on the combined FT synthesis with HC is shown
in Section 3.3.

3.1 SEWGS Experimental Setup1

The behavior of catalyst and sorption materials, as well as the performance of ad-
and desorption strategies for the intended SEWGS technology, was experimentally
investigated [P1]. Additionally, kinetic investigations were performed to derive model
parameters [P3].

A laboratory setup with a Packed Bed Microchannel Reactor (PBMR) (manufactured
in-house) was designed and built for those investigations. A schematic drawing of the
overall setup is given in Figure 3.1. The reaction and dilution gases (CO, CO2, H2, and
N2) entered the system through mass flow controllers (Brooks Instrument, USA). Water
was supplied by a liquid flow controller (Brooks Instrument, USA) and vaporized in an
electrically heated micro nozzle evaporator (manufactured in-house). This sophisticated
vaporization instrument enables precise and pulsation-free steam supply in pressurized
systems. The feed gas mixture was fed into the PBMR for experiments and the resulting
product gas entered the gas analysis systems. Optionally, the feed gas bypassed the reac-
tor and was led directly to the gas analysis systems for feed gas analysis. Temperatures
above the boiling point prevented unwanted steam condensation in the tubes and were
realized by electrical heating coils. The system pressure was adjusted by an automated
regulating valve (Flowserve, USA).

Packed Bed Microchannel Reactor (PBMR)

A detailed illustration of the PBMR is given in Figure 3.2. The stainless steel reactor
enabled experiments with isothermal reaction conditions in two identical reaction slits.
Five programmable electrical heating cartridges (controlled by type K thermocouples)
together with tempering air flow in adjacent microchannels regulated the temperature
in the reaction slits. Additional thermocouples were inserted in the stainless steel block
and the packed bed for continuous temperature monitoring.

1This section contains content from [P1], [P2] and [P3].

27



pump PI

PIC

  

PIC

 

pressure 
indicator

pressure 
control

flow 
control

mass-flow 
controller

liquid-flow 
controller

needle 
valve

filter
pressure 
regulator

ball valve

micro nozzle 
evaporator

H2OH2O

reactor

air in air out

PIC

  

reactor 
bypass

micro heat 
exchanger (0 °C)

air

N2

N2N2

COCO

H2H2

CO2CO2

AirAir

PI

vent

PI
PI

Run Time

Next Run

08:13

10:00

gas 
chromatograph

CO

CO2

H2

0.21 %

5.50 %

5.51 %

H2O

product gasproduct gas

continuous gas 
analyzer

Fig. 3.1: Schematic flow scheme of the designed and built SEWGS laboratory setup. The setup
was used for materials tests and sorption experiments. Figure from [P1] and [P3].

4

5

3

1

2

6

7
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Both reaction slits (each 2mm × 50mm × 100mm) were filled with catalyst (Cu/ZnO-
Al2O3) and/or sorbent (K-HDMO) particles, depending on the experiment. The diameters
of the particles ranged from 100µm to 300µm.

Gas Analysis Systems

The wet feed or product gas composition (in steady-state) was analyzed in a Gas
Chromatograph (GC) (Agilent 7890A, Agilent Technologies, USA). The GC was equipped
with two columns (HP-Plot/Q and HP-Molsieve/5A, Agilent Technologies, USA) and two
detectors (Thermal Conductivity Detector (TCD) and Flame Ionization Detector (FID)).
N2 served as internal standard and Ar as carrier gas. GC measurements served to detect
possible by-product formation and to investigate blank activity of the materials.

The dry effluent, however, was monitored continuously. The volume fractions of CO,
CO2 and H2 were recorded in a Process Gas Analyzer (PGA) (X-STREAM Enhanced,
Emerson, USA) by infrared-based detectors (CO and CO2), and by a TCD (H2). Prior
to the PGA, steam was removed in a micro heat exchanger (manufactured inhouse).
Countercurrent flow with a cooling liquid near 0 ○C ensured full condensation to obtain
precise measurement results.

The deviation of both analysis systems, GC and PGA was less than 1% for the respective
gases. Hence, comparability and accuracy was assumed.

Catalyst and Sorbent

The WGS catalyst pellets containing Cu/ZnO-Al2O3 were acquired from commercial
sources. The pellets underwent crushing and sieving procedures to yield particles within
the diameter range of 100µm to 300µm. The catalyst was reduced in-situ prior to the
experiments in 3% H2 flow (balanced in N2), while the temperature was increased up to
240 ○C; and then in pure H2 up to 250 ○C.

A commercially available HTC (Pural MG70 from Sasol GmbH, Germany) was impreg-
nated with potassium and calcined to obtain K-HDMO particles, which were employed as
CO2 sorbent under WGS conditions. The HTC Pural MG70 provided a Al2O3:MgO ratio
of 30:70. It was loaded with 20% potassium to form Potassium-impregnated Hydrotalcite
(K-HTC) by means of incipient wetness impregnation with potassium carbonate (K2CO3,
≥99%, Sigma-Aldrich, United States). The impregnated samples were then calcined
ex-situ prior to the experiments in N2 atmosphere at 400 ○C for 10 h. Finally, the obtained
K-HDMO powder was tabletized, crushed and sieved to produce particles ranging in size
between 100µm and 300µm.

While the materials’ preparation for all experiments conducted in the laboratory setup
could be performed manually at the IMVT laboratory, the powder treatment had to be
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scaled up significantly for the intended pilot plant campaign. Therefore, this task was
assigned to an external company. They produced the required amount and quality of
K-HDMO from provided K-HTC by calcination in large inertizable ovens (N2, 400 ○C, 10 h)
and powder compaction in a roller compactor. The bulk density of the calcined powder
was sufficiently high (1096 kgm−3) after four repetitions in the roller compactor, and the
yield of the target fraction (106µm to 315µm) accounted to nearly 80%.

3.2 SEWGS Model Development2
A reactor model was developed to describe time- and (one-dimensional) space resolved
theoretical processes on a catalyst-sorbent mixture. The mathematical model describes
the simultaneous WGS reaction and CO2 adsorption followed by the desorption pro-
cess.

Various numerical approaches were applied to solve the model equations in Programming
and numeric computing platform (The MathWorks Inc., USA) (Matlab©) [145]. The
approaches were assessed regarding their consistency and applicability for dynamic
simulations on system-level [P2].

A novel Matlab-based graphical programming environment for modeling, simulating, and
analyzing dynamical systems (Simulink) implementation approach was developed and
used to model the complex SEWGS system with multiple reaction channels [146]. Due
to its hybrid character, this model on system-level enables the investigation of different
process configurations and cyclic operating strategies [P3].

Reactor Model Basics

WGS reaction and adsorption as well as consecutive desorption in a packed bed reactor
are mathematically described by a set of differential algebraic equations. The packed
bed reactor used in this work consists of rectangular slits filled with a homogeneous
mixture of uniformly sized K-HTC (sorbent) and Cu/ZnO-Al2O3 (catalyst) particles. The
reaction takes place on the active sites on the surface of the catalyst, whereas adsorption
and desorption occur on the active sites on the surface of the sorbent. Figure 3.3 shows
a schematic drawing of particles in a packed bed reactor.

The reactor model developed herein is based on the following assumptions and consider-
ations:

• Uniform gas distribution in the reaction chambers realized by a gas inlet

• Isothermal conditions in the slits due to an advanced temperature control system

2This section contains content from [P2] and [P3].
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• Negligible pressure drop in the slits owing to the fluid dynamics’ properties of the
reactor

• Constant superficial velocity in the slits due to high feed dilution

• No gradients rectangular to flow direction owing to the geometry of the slits in
combination with the particle size

• Axial dispersion considered with a calculated axial dispersion coefficient

• External mass transfer limitations neglected (according to Maers-criterion)

• Internal mass transfer limitations considered (according to Weisz-Prater-criterion)
and implemented with a linear driving force (LDF) model (according to Glueckauf-
criterion)

Reactor Model Equations

Conservation equations formulated for the bulk phase (Equation 3.1), particle void phase
(Equation 3.2), and particle solid phase (Equation 3.3) describe the system. For the sake
of simplicity, catalyst and sorbent particles are taken together as one particle solid phase
and weighted according to their overall weight fraction.

εb
∂ci
∂t
= −u ∂ci

∂z
+ εb Dax,i

∂2ci
∂z2

+ (1 − εb) kLDF,i (c̄i − ci) (3.1)

particle void phase

bulk phase

catalyst particlesorbent particle active sites

particle solid phase

Fig. 3.3: Schematic drawing of catalyst (blue) and sorbent (grey) particles in the SEWGS packed
bed reactor model. Conservation equations are formulated for (1) bulk phase, (2)
particle void phase, and (3) particle solid phase. Catalyst and sorbent particles are taken
together as one particle solid phase according to their weight fractions.
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εp
∂c̄i
∂t
= εp kLDF,i (ci − c̄i) + wcat ρ νi rWGS − (1 −wcat) ρ aads/des,i (3.2)

∂qCO2

∂t
= aads/des,CO2

(3.3)

i = CO, H2O, CO2, H2, N2

νi = −1 for i = CO, H2O; νi = 1 for i = CO2, H2; νi = 0 for i = N2

aads/des,i = 0 for i = CO, H2O, H2, N2; aads/des,i = Equation 3.5/ Equation 3.6 for i = CO2

A kinetic rate expression for the WGS reaction is taken from Choi et al. [56] (Equa-
tion 3.4). Equation 2.3 gives the correlation for the temperature-dependent equilibrium
constant.

rWGS = k∞ ⋅ exp(− Ea

R ⋅ T ) ⋅ (pCO ⋅ pH2O −
pCO2 ⋅ pH2

Keq

) (3.4)

Adsorption of CO2 and H2O on three different sorption sites is considered according to
the model of Coenen et al. [147] (Equation 3.5):

Site A: Only H2O adsorbs

Site B: Only CO2 adsorbs

Site C: H2O and CO2 adsorb comparatively

The desorption kinetics of H2O and CO2 are described based on equilibrium data (Equa-
tion 3.6).

aads,CO2 = kads ⋅ (qeqCO2
− qCO2

) (3.5)

ades,CO2 = kdes ⋅ (qeqCO2
− qCO2

) (3.6)

The desorption rate coefficient was described by an Arrhenius-type equation with an
Elovich-type expression for the activation energy to account for the heterogeneity of the
surface (Equation 3.7).

kdes = k1
des ⋅ exp

⎛
⎜⎜⎜
⎝
−
(−βdes ⋅ qCO2

qmax

)
R ⋅ T

⎞
⎟⎟⎟
⎠

(3.7)

The CO2 adsorption equilibrium isotherm on K-HDMO was described using the Freundlich
equation for heterogeneous surfaces (Equation 3.8).

qeqCO2
=mFr ⋅ p

1
nFr

CO2
(3.8)

Numerical Solution

The SEWGS model was solved using three different numerical simulation approaches.
Firstly, the set of combined Partial Differential Equations (PDEs) was solved numerically
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with Matlab©’s built-in solver for systems of parabolic and elliptic PDEs in Matlab (pdepe)
in one dimension. According to the solver’s definition, at least one PDE must be parabolic.
Thus, for the applicability of this solver, the axial dispersion term in Equation 3.1 is
necessary. Secondly, a semi-discretization approach was applied to solve the SEWGS
model equations. According to the Method-of-Lines (MoL), algebraic approximations are
used to replace spatial derivatives in the PDEs, resulting in a set of Ordinary Differential
Equations (ODEs). ODEs can be solved with well-established solving algorithms such as
Matlab©’s built-in solver for stiff ODEs in Matlab (ode15s). Lastly, the Matlab© Simulink
programming environment was used for a novel graphical implementation approach.
Based on the idea of the MoL, the set of PDEs is implemented with uniform spatial
discretization in up to 100 finite differences, and solved with the built-in solver for
moderately stiff ODEs in Matlab (ode23t).

3.3 FT-HC Experimental Setup3

The influence of CO2 in the feed gas on the selectivity to C10-C14 components in a coupled
FT-HC process was experimentally investigated [P4]. The experiments were conducted
in a micro-structured FT reactor coupled with a HC reactor cascade. Thus, the FT effluent
could directly be fed into the HC reactor. A schematic drawing of the overall setup is
given in Figure 3.4.

Mass flow controllers (Brooks Instrument, USA) delivered the feed gases H2, CO, CO2,
and N2 to the system. A permanent reactor bypass enabled feed gas analysis and control
during an experimental run. 5% of the total inlet flow passed through this bypass in
all experiments for optional GC analysis. For the FT synthesis, the rest of the inlet flow
was fed into the evaporation-cooled FT reactor (INERATEC GmbH, Germany). The
reactor effluent could optionally be analyzed directly after separation (in hot (180 ○C)
and cold (10 ○C) trap) or processed to the subsequent HC reactor cascade. The HC
reactor cascade was also followed by a separation unit (hot (180 ○C) and cold (10 ○C)
trap). In the separation units, products from FT or coupled FT-HC, respectively, initially
entered the hot trap, where the wax fraction (long-chain hydrocarbons) condensed. In
the subsequent cold trap, the oil and water fractions accumulated. The remaining non-
condensed gases were finally released to a GC for analysis. Wax, oil and water fraction
samples were gathered and analyzed offline. All tubes were wrapped with electrical
heating coils to avoid unwanted condensation and wax plugging. The system pressure
was regulated by a back-pressure regulating valve (BSH series, Swagelok, USA).

3This section contains content from [P4].
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Fig. 3.4: Schematic flow scheme of the combined FT and HC laboratory setup. The setup was
used for experiments with a variety of inlet gas compositions. Adapted figure from [P4].

Evaporation Cooled FT Reactor and HC Reactor Cascade

The evaporation cooled FT reactor features a large number of micro-structured reaction
channels and adjacent cooling channels for nearly isothermal reaction conditions. The
reaction channels were packed with commercial Co-based catalyst spheres (50µm to
200µm) for low-temperature FT. The cooling channels contained preheated water that
evaporated by consuming the reaction heat from the reaction channels. Hence, the
temperature in the reactor could be adjusted by changing the pressure in the cooling
channels thus also to change the boiling point. For the start-up of the FT reaction and
the compensation of heat losses along the reactor, additional heat needed to be provided.
Thus, electrical heating cartridges were mounted. The temperature was monitored at
the inlet and outlet of the reactor (in the reaction and cooling channels) as well as at
various positions between the channels with type K thermocouples.

The HC reactor cascade consisted of three identical tubular reactors (inner diameter:
14mm, length: 102mm) in sequence. They were filled with bifunctional Pt/H-ZSM-5
(0.5% Pt) catalyst extrudates (1/16” x 3mm). Heating jackets and type K thermocouples
regulated and monitored the temperature in each reactor. The number of operating HC
reactors could be defined manually. Gas dosage prior to the HC cascade enabled further
operating strategies. Both reactor systems, the evaporation-cooled FT reactor as well as
the HC reactor cascade, were placed in boxes filled with insulation material to reduce
heat losses.

Gas, Water, Oil, and Wax Phase Analysis

The gaseous components were analyzed online in a GC (7890B, Agilent Technologies,
customized by Teckso GmbH, Germany). H2, CH4, CO, and N2 were separated on a
micropacked HayeSep Q and a mole sieve 5A column and detected by a TCD. CO2 and
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hydrocarbons up to C7 were separated on a HP-Plot/Q column (all columns: Agilent
Technologies, USA) and detected by another TCD and a FID, respectively. N2 served as
internal standard and Ar as carrier gas.

Both phases from the cold trap (water and oil phase) were analyzed offline in a GC
(7820A, Agilent Technologies, USA). The carbonaceous components were separated on a
Rtx-1 column (Restek, USA) and detected by a FID. The alcohols C1 to C5 in the water
phase were quantified with Acetonitrile as internal standard. The hydrocarbons C4 to C27

in the oil phase were quantified with a 100% method under the assumption of a constant
relative response factor.

The wax phase from the hot trap was analyzed offline in a high temperature GC (7890B,
Agilent Technologies, USA). The long-chain hydrocarbons C10 to C60 were separated on
a MXT-1 column (Restek, USA) and detected by a high temperature FID.
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4Findings

The most significant findings based on the attached peer-reviewed publications are
summarized in this chapter. Section 4.1 discusses the selection of materials for producing
syngas from pure CO for jet fuel synthesis, along with appropriate SEWGS sorption
parameters and reactor configurations. Section 4.2 applies, compares, and evaluates
three numerical simulation approaches for a SEWGS reactor model. A novel graphical
simulation approach is demonstrated for dynamic reactor operation. The implementation
of this approach in a complex system-level model with multiple reaction channels is
discussed in detail in Section 4.3. Based on the simulation results, an operating strategy
is derived for a pilot plant reactor. Lastly, Section 4.4 provides insight into the subsequent
process step in the jet fuel production process chain. It shows the impact of CO2 in the
syngas on the selectivity to the kerosene fraction in a coupled FT-HC process.

4.1 Choice of Materials, Sorption Parameters
and Reactor Configurations1

In this section, the selection of suitable materials, namely a WGS catalyst and a CO2

sorbent, as well as the choice of appropriate sorption parameters and beneficial reactor
configurations are discussed.

4.1.1 Catalyst and Sorbent Characterization
Three different commercial copper-based catalysts were tested under various operating
conditions, including gas feed flow rates, feed composition, temperature, and pressure.
The experimental results indicated that all of these catalysts were suitable for the WGS
reaction at operating temperatures below 300 ○C. However, one of the Cu/ZnO-Al2O3

catalysts demonstrated superior long-term stability compared to the others and was
therefore selected for the SEWGS experiments.

The Electron Probe Micro Analysis (EPMA) (JXA 8530F, Jeol, Japan) coupled with
Energy-Dispersive X-Ray Spectroscopy (EDX) was used to determine the elemental
composition of this catalyst at fixed probe positions. The average weight fractions of
the main components were as follows: Al 3%, Cu 42%, and Zn 16%. Maps displaying
the elemental distribution of Cu, Al, Zn, and O are presented in Figure 4.1. These
maps, obtained with Wavelength-Dispersive X-Ray Spectroscopy (WDX), demonstrate
that the active components are well-distributed. The surface area of the catalyst was

1This section contains content from [P1].
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Fig. 4.1: Elementary distribution maps of the catalyst for Cu, Al, Zn, and O obtained by EPMA
coupled with WDX.

calculated using the Brunauer-Emmett-Teller (BET) method and found to be 86.6m2 g−1

(N2 physisorption, 3Flex, Micromeritics, USA).

The catalytic performance of the catalyst was tested in a standard tubular reactor (inner
diameter: 8mm, length: 30mm) and is presented in Figure 4.2. The CO conversion
increases with temperature and approaches equilibrium at temperatures above 300 ○C.
Therefore, the reaction conditions for the SEWGS experiments were chosen such that
kinetic constraints prevailed over thermodynamic limitations.

To identify a sorbent that can effectively adsorb CO2, the impact of calcination and
impregnation procedures on commercial HTC (PURAL MG70, Sasol GmbH, Germany)
was investigated. Figure 4.3A shows the influence of calcination temperature on the
crystalline structure, as measured by X-Ray Diffraction (XRD). The untreated sample
(MG70) has a layered structure, which is destroyed in all calcined samples (MG70-250,
MG70-400, MG70-500). However, calcination at 250 ○C only resulted in an amorphous
phase instead of the desired mixed oxide with basic sites for CO2 adsorption. The full
transition from layered double hydroxide to layered double oxide only occurred at 400 ○C
and 500 ○C, as indicated by intense peaks representing MgO. The Thermogravimetric
Analysis (TGA) results shown in Figure 4.3B illustrate the effect of calcination on thermal
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Fig. 4.2: CO conversion over temperature in catalyst performance experiments (1 g catalyst, 5 bar,
10% CO, steam-to-gas ratio 1, modified residence time 1.66 × 10−5 g hmL−1). Figure
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Fig. 4.3: A) XRD patterns for samples with varied calcination temperatures (250 ○C, 400 ○C,
500 ○C) compared with untreated sample (MG70). B) TGA results (sample weight and
temperature over time) for untreated sample (MG70) and impregnated–calcined sample
(MG70-K-400). Figure from [P1].

decomposition. The untreated sample (MG70) underwent three material changes up
to 400 ○C, while the impregnated and calcined sample (MG70-K-400) only experienced
minimal weight loss up to 100 ○C, which may be attributed to surface water adsorption
during storage. Further material decomposition began at 500 ○C. Both characterization
methods, XRD and TGA, indicate that calcination at 400 ○C resulted in the removal of
unwanted compounds and led to the desired mixed oxide structure.

Figure 4.4 presents CO2 chemisorption uptake measurements for calcined samples
with (MG70-K-400, MG70-400-K-400) and without (MG70-400) potassium impregna-
tion (potassium loading with incipient wetness impregnation: 20%). Two calcination-
impregnation procedures are shown, namely calcination only after (MG70-K-400), or
before and after (MG70-400-K-400) impregnation. The isotherms display a fast initial
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Fig. 4.4: CO2 chemisorption isotherms at 250 ○C for samples with varied calcination–impregnation
procedures: calcined (MG70-400), impregnated–calcined (MG70-K-400), and calcined–
impregnated–calcined (MG70-400-K-400). Straight lines: data fitted according to the
Freundlich model. Figure from [P1].

rise in CO2 uptake, followed by a less significant increase with increasing pressure, which
can be described using the Freundlich model. As alkaline modification is known to
enhance CO2 sorption on HTC, the impregnated samples exhibit higher CO2 uptake.
The CO2 equilibrium isotherms suggest that the calcination procedure before and af-
ter impregnation (MG70-400-K-400) was not advantageous compared to calcination
only after impregnation (MG70-K-400). Incomplete reconstruction resulting from the
memory effect during incipient wetness impregnation from mixed oxide back to layered
double hydroxide during double calcination may account for the difference in adsorption
capacity.

Based on the results of the characterization tests, the K-HDMO MG70-K-400 was found
to be the most promising material for SEWGS applications. This sorbent exhibited the
following textural properties: a BET surface area of 9m2 g−1, an average pore width
of 12.5 nm according to the Barrett-Joyner-Halenda (BJH) method, and a cumulative
pore volume of 0.027 cm3 g−1 from N2 physisorption measurements on the adsorption
branch. Moreover, EDX measurements at fixed probe positions revealed a Mg/Al ratio of
(3.64 ± 0.54), which is close to the expected value of 3. The distribution of potassium
was found to be inhomogeneous, with values ranging from 3% to 24%.

Figure 4.5 presents Scanning Electron Microscopy (SEM) images of crushed and sieved
particles of the catalyst and sorbent. The particles have irregular and undefined shapes.
Nevertheless, the catalyst and sorbent could be homogeneously mixed without experi-
encing any unmixing during reactor packing.

4.1.2 Sorption Parameters
In cyclic SEWGS breakthrough experiments, the reactor was packed with a homogeneous
sorbent-catalyst mixture. Both, sorbent and catalyst, were crushed and sieved to obtain
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Fig. 4.5: SEM images (x100) of A) crushed and sieved Cu/ZnO-Al2O3 particles, B) impregnated–
calcined K-HDMO sample (MG70-K-400). Figure B from [P1].

particles between 100µm and 300µm. An experimental cycle consisted of a reactive
adsorption phase (feed: CO, H2O, and N2) and a desorption phase at lower pressure
to regenerate the sorbent (feed: H2O and N2). At least five cycles were performed in
each experiment. During the reactive adsorption phase, three stages could be identified:
1) pre-breakthrough stage with pure H2 in the effluent, while the produced CO2 was
fully adsorbed; 2) breakthrough stage, where CO2 breakthrough started; and 3) post-
breakthrough stage, when CO2 reached its steady-state concentration.

The amount of adsorbed CO2 decreased significantly from the first to the second reactive
adsorption phase in all of the cyclic breakthrough experiments, but it remained relatively
stable in subsequent cycles. Incomplete regeneration during the comparatively short
desorption phase was mainly responsible for the initial loss of available sorption capacity,
as the adsorption kinetics are known to be up to ten times faster than the desorption
kinetics. The “cycle average” adsorbed amount CO2 of all follow-up cycles, also known
as "cyclic working capacity", is a relevant indicator for the performance of a SEWGS
system.

An extensive parameter study revealed the influence of pressure, steam-to-gas ratio, and
CO and H2O partial pressure during adsorption, as well as desorption feed composition
and desorption time. Figure 4.6 presents exemplary the results for an increase of the CO
fraction in the reactive adsorption feed. It shows that steady-state equilibrium conversion
was attained for feed S/G ratios greater than 1 (2.5% and 5% CO). With an increase in
CO fraction, the CO2 breakthrough delay decreased, and 2.5% CO exhibited significantly
higher adsorption of CO2 compared to other feeds. Several factors need to be considered
to explain these observations: the sorbent saturation that is dependent on the rate of
CO2 production, the partial pressure of CO2 as resulting driving force, the total amount
of CO2, and the average steam content throughout the bed length. At lower CO2 partial
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Fig. 4.6: Adsorption cycle average A) Steady-state CO conversion, B) breakthrough delay,
and C) amount of adsorbed CO2 for various CO fractions in the adsorption feed at
250 ○C. Adsorption: 15min, 8 bar, 2000mLmin−1, 10% H2O. Desorption: 40min, 1 bar,
1000mLmin−1, 40% H2O. Figure from [P1].

Energies 2021, 14, x FOR PEER REVIEW 15 of 21 
 

 

regeneration on the adsorption properties in the subsequent adsorption cycles. Break-
through time as well as amount of CO2 adsorbed increased with increasing H2O fraction. 
These experimental results can be explained with the HTdc sorption model developed by 
Coenen et al. [51,57,62,63]. They distinguished three different adsorption sites: (A) H2O 
adsorption only, (B) CO2 adsorption only (mainly on basic sites caused by MgO), and (C) 
competitive adsorption of H2O and CO2 (mainly due to K-promotion). Sites A and B were 
regenerated with N2, whereas steam was needed to desorb CO2 from site C (and vice 
versa). Hence, sorbent activation (of site C) and regeneration could be enhanced with 
steam. 
Influence of Desorption Time 

An increase in desorption time in SEWGS experiments resulted in longer break-
through delays and higher amounts of CO2 adsorbed in the subsequent adsorption cycles 
(Figure 13). This outcome indicates that desorption equilibrium was not reached. It is in 
line with literature data for sorption on HTdc, as desorption kinetics are reported to be 
slow [22,27,56]. The literature also suggests that a temperature increase during desorption 
further enhances the sorbent regeneration and enables shorter desorption times [57,64]. 
Changing the temperature during desorption was not straightforward in the SEWGS sys-
tem, first because the applied Cu/ZnO/Al2O3 catalyst tended to lose activity due to sinter-
ing at temperatures above 300 °C, and second because of energy losses in a temperature 
swing process. 

 

(a) (b) (c) 

Figure 12. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorp-
tion: 15 min, 8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min. PBMR, Mode D, 250 °C. 

 

(a) (b) (c) 

Figure 13. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorp-
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Fig. 4.7: Adsorption cycle average A) CO conversion, B) breakthrough delay, and C) amount of
adsorbed CO2 for various H2O fractions in the desorption feed at 250 ○C. Adsorption:
15min, 8 bar, 2000mLmin−1, 2.5% CO, steam-to-gas ratio 4. Desorption: 40min, 1 bar,
1000mLmin−1. Figure from [P1].

pressures, the enhancement of the adsorption capacity caused by the presence of steam
was observed to be predominant, resulting in a higher amount of adsorbed CO2 for 2.5%
CO. A sufficient amount of steam, leading to a faster CO2 production rate, was only
present for S/G ratios of 1 or higher. Nevertheless, the sorbent’s capacity was reached
earlier with higher CO concentrations, caused by an overall increase of CO2 fluxes of
more than three-fold from 5% CO to 20% CO.

The findings depicted in Figure 4.7 illustrate how the H2O fraction during sorbent
regeneration impacts the adsorption properties in subsequent adsorption cycles. With
an increase in the H2O fraction, both the breakthrough time and the amount of CO2

adsorbed increased. These results support the idea of different adsorption sites ([147]),
which can either be regenerated with N2 or H2O.
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4.1.3 Reactor Configurations
The SEWGS performance of five packed bed reactor configurations based on the multi-
section column packing concept (Figure 4.8A) is displayed in Figure 4.8B. The most
pronounced CO2 uptake was measured for configuration C, where the bed was divided in
two zones: the first zone (towards inlet) contained one quarter of the total sorbent mass
homogeneously mixed with the total catalyst amount, whereas the second zone (3/4 of
the reactor length, towards outlet) was packed with pure sorbent. Increasing the length
of the catalyst-containing zone (with identical total amount of catalyst) resulted in a
decrease in sorption capacity (configuration A, B, C). The presence of lengthy catalyst-
free zones at the outlet increased the breakthrough delay, as the adsorption kinetics
seemed significantly slower than the reaction kinetics. Configuration D demonstrated a
higher CO conversion than configuration B, as it contained twice the amount of catalyst.
Nonetheless, the adsorbed amount of CO2 was similar in both configurations due to the
same zone length. Configuration E did not exhibit a higher capacity than configuration D
despite the inclusion of additional alternating zones. Here, the effect of thermodynamic
equilibrium shift in the second catalyst zone during unsteady-state conditions was
outweighed by the limitation from the sorption kinetics. Hence, the consideration of
relatively fast reaction interacting with relatively slow adsorption kinetics is important
for the reactor packing concept and the overall process design.

Sorbent

Catalyst + 

Sorbent

CBA D E

1 1
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Fig. 4.8: A) SEWGS reactor configurations. A, B, and C have a total catalyst weight fraction of
0.05, whereas D and E have a total catalyst weight fraction of 0.11. B) Average amount
of adsorbed CO2 for various reactor configurations at 250 ○C. Adsorption: 15min, 8 bar,
2000mLmin−1, 10% CO, steam-to-gas ratio 1. Desorption: 40min, 1 bar, 1000mLmin−1,
40% H2O. Adapted figure from [P1].
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4.2 Numerical Simulation Approaches2

This section compares the results of a SEWGS base case simulation using three different
numerical approaches. The base case considered reactive adsorption in a rectangular-
shaped reaction chamber filled with a homogeneous catalyst-sorbent mixture. All
necessary kinetic parameters for the calculations were taken from the literature [56,
147]. First, it was shown that two conventional numerical methods, MoL and pdepe
delivered reliable results. Then, the MoL approach was applied and extended to develop
a novel Matlab© Simulink model, which is capable of performing dynamic simulations.

4.2.1 Conventional Methods: Method-of-Lines and
Matlab©’s built-in Solver pdepe

The results of both methods, semi-discretization approach MoL and Matlab©’s built-in
solver for PDEs (pdepe), converged with appropriate mesh settings. To enhance the
accuracy of MoL simulations, it has been demonstrated that the adequacy of the grid
discretization is essential. Figure 4.9A shows the sorbent loading with CO2 across
the reactor length for up to N = 250 cells at t = 25 s. Steep steps appear for low cell
simulations, but the curves become smoother for N > 100, and the deviation from N = 250
is below 5% for N = 100. In pdepe simulations, which were highly sensitive to initial
conditions, a sufficiently high number of mesh points in time and space was required to
achieve numerical stability and prevent oscillations.
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Fig. 4.9: CO2 loading over the reactor length for reactive adsorption. A) MoL grid analysis with
N = 10 to 250 cells at t = 25 s. B) Comparison of MoL (N = 100) and pdepe simulation
results at various adsorption times. Solid lines: MoL, dotted lines: pdepe. Figure from
[P2].

2This section contains content from [P2].
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pdepe computations needed significantly lower computation time compared to MoL
simulations, even with a higher number of mesh points (Table 4.1). This is due to
the implemented runtime optimization of pdepe. The required MoL computation time
increased almost exponentially with the number of cells, and a trade-off between accuracy
and speed was inevitable.

Tab. 4.1: Computation time for MoL and pdepe simulations for reactive adsorption. Adapted
table from [P2].

MoL pdepe

Number of cells (-) 10 30 50 100 200 250 3000
Computation time (min) 0.04 0.22 0.27 4.96 46.81 90.93 12.19

The base case results for both methods were - as expected - almost identical, as shown
in Figure 4.9B in terms of CO2 loading over the reactor length. The sorbent loading
increases until reaching full saturation after around 100 s. Before CO2 breaks through at
the reactor outlet, complete conversion of CO in excess of H2O in the feed is attained,
and the produced CO2 is entirely adsorbed.

The conservation properties of both solution algorithms were assessed in terms of the
deviation from the molar balance (Figure 4.10). MoL as well as pdepe results showed
insignificant deviations of less than 2%. The deviation in the case of the MoL emerges
for a longer period of time at the reactor outlet compared to the deviation of the pdepe
solution. Both deviations are more pronounced close to the reactor inlet at the beginning
of the simulation. In both cases, the deviation is related to the adsorption process and
approaches zero as soon as steady-state conditions are reached.

A B

Fig. 4.10: Time and space-dependent deviation from molar balance for reactive adsorption.
A) MoL (N = 100), and B) pdepe simulation results. Figure from [P2].
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4.2.2 Novel graphical Implementation in Matlab© Simulink
After demonstrating that the semi-discretization method, MoL, produces reliable results
when compared to the built-in Matlab© solver for PDEs (pdepe), a new graphical sim-
ulation approach based on the MoL concept was developed using Simulink. Simulink
provides a graphical editor where the model can be created using hierarchical block
diagrams. The editor includes libraries of pre-defined blocks consisting of elementary
model components for continuous and discrete systems.

Unlike the other methods presented in Section 4.2.1, Simulink enables the implementa-
tion of a SEWGS reactor for a dynamic process on system-level with multiple reaction
chambers. The cyclic process operating procedure can be executed by switching between
different discrete modes of operation. Furthermore, automated adjustment of switching
times during runtime according to specified conditions, such as exceeding a thresh-
old of CO2 concentration in the product stream, can be achieved with this approach.
The implementation of such a complex system-level model is presented in detail in
Chapter 4.3.

An overview of the main elements of the SEWGS model is displayed in Figure 4.11.
Beginning with the blocks used to define the ODEs, which were derived from spatial
discretization of the PDEs, the entire set of ODEs describes the adsorptive reaction
phenomena within a single cell. This cell is then replicated in ten additional cells to
create a group, and the desired number of these groups are then cascaded together to
form a reaction chamber. The integrator block (marked in yellow in Figure 4.11) supplies
the solver with an initial condition for computing the block’s initial state and outputs
the integral of its time-varying input signal at each time step. To enhance data access,
a so-called bus object structure was created. This structure simplifies data handling,
unlike the MoL and pdepe methods, which use a single, bulky matrix to store time- and
space-dependent solutions.

Various solvers from the Matlab© solver library were tested on the Simulink model,
aiming to achieve a solution within specified tolerance limits and a reasonable time
frame. In Figure 4.12, the computation time is depicted as it relates to the number of
cells implemented in the base case and the relative error tolerance. For N = 100, the
solver ode23t achieved a sufficient level of precision (relative error tolerance of 10−3),
while reducing the computation time by almost 50% compared to the commonly used
ode15s. Thus, this solver was applied in all simulations.

Figure 4.13 compares the results obtained from the MoL and the Simulink approach for
the base case simulation. Both approaches yield satisfactory results and exhibit negligible
differences, confirming that the graphical approach in Simulink is precise and reliable.
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This finding suggests that the Simulink approach is suitable to be further extended to a
more complex hybrid process model.

reaction chamber (N=50)

cell (N)

ODE

Fig. 4.11: Bottom-up Simulink implementation of the model equations discretized analogous to
MoL. Exemplary ODE implementation of the CO concentration in the bulk phase. The
integrator block is marked in yellow. 14 ODEs arrange the cell subsystem. N (here:
N = 50) cells form the reaction chamber. Figure from [P2].
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Fig. 4.12: Required computation time for Simulink simulations in one rectangular reaction cham-
ber depending on the number of implemented cells, the chosen solver and the relative
error tolerance. Filled symbols: relative error tolerance 10−6; open symbols: relative
error tolerance 10−3. The best results for N = 100 were obtained for solver ode23t with
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Fig. 4.13: Comparison of MoL and Simulink (N = 100) simulation results for reactive adsorption.
A) CO2 loading at various adsorption times over the reactor length, and B) bulk phase
concentrations at the reactor outlet as a function of time. Solid lines: MoL; dotted
lines: Simulink (N = 100). Figure from [P2].
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4.3 Dynamic Reactor Modeling3

This section presents the simulation results of a dynamic SEWGS process on system
level for the pilot plant reactor design. The model includes multiple reaction chambers
and cyclic process operation, enabling time-resolved insights into every axial position of
each reaction chamber. The simulation-driven process design resulted in an optimized
operating procedure that enhances the process efficiency while maximizing the sorbent
loading of the pilot plant reactor.

4.3.1 Pilot Plant Reactor Model
The pilot plant reactor shown in Figure 4.14A is composed of six identical parallel
reaction chambers, which can be configured for continuous H2 production in either a
single stage or a serial configuration. The switch between modes is accomplished by
using discrete valve positions, and an overview of the operating modes is depicted in
Figure 4.14B.
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temperature
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CO + H2O
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chamber
product

exhaust
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Fig. 4.14: A) Compact SEWGS pilot plant reactor with six individually fed reaction chambers.
Each chamber consists of seven rectangular reaction slits. Adjacent microchannels for
purge gas and heating cartridges enable advanced temperature control for isothermal
operation in the slits. Uniform gas distribution in the slits is realized using sintered
metal plates. B) Pilot plant reactor operating modes. Mode (M)2 stands for reactive
adsorption with fresh feed, and M4 for regeneration with purge flow. M1 and M3
(both reactive adsorption) occur only in a serial configuration when the outlet of
one reaction chamber is optionally connected to the inlet of the subsequent reaction
chamber. Adapted figure from [P2] and [P3].

In the single stage configuration, one chamber operates in reactive adsorption mode
(M2) with fresh feed (CO + H2O) and produces CO2-free WGS product, while the others
are in regeneration mode (M4) using N2 and H2O as regeneration feed. As soon as the
sorbent in the reactive adsorption chamber becomes saturated and reaches a predefined
CO2 threshold in the outlet gas flow, the system switches to another chamber, which is
then in M2.

3This section contains content from [P3].
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In the serial configuration, chambers can be interconnected in series to maximize the
sorbent loading and increase the time span of reactive adsorption. For instance, cham-
ber 1 is in M2, while all the other chambers are in M4. Once the outlet of chamber 1
reaches a specific CO2 threshold, it triggers a switch to M3. In M3, the gas flow leaving
chamber 1 is directed to chamber 2, which is then in M1. While the sorbent loading in
chamber 1 continues to increase, chamber 2 produces CO2-free WGS product. When
chamber 1 reaches another predefined threshold, such as 20% CO2, it switches back to
M4, and the cycle continues in chamber 2 with M2.

Figure 4.15 displays the graphical representation of the SEWGS pilot plant reactor,
including its reaction chambers and valves, implemented in Simulink. To simulate the
cyclic process operation, the valve positions are adjusted for either reactive adsorption
or regeneration using a finite state machine implemented in Stateflow, an add-on for
Simulink. This state machine operates by setting discrete valve positions to switch
between modes of the chambers, similar to the process used in the actual plant. Specified
events such as exceeding a threshold of CO2 concentration in the product stream trigger

System Control

Reactor Model

Fig. 4.15: Simulink model on system-level. The Stateflow chart (System Control in yellow) con-
trols the system and adjusts the discrete states (valve positions) to enable automated
operation. Six reaction chambers (Reactor Model in blue) can optionally be intercon-
nected with valves. After an initialization step, the chambers operate alternately in
reactive adsorption or regeneration mode to deliver a continuous product flow. Figure
from [P2] and [P3].
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the Stateflow machine to act. By employing this approach, the switching times can be
optimized automatically during runtime.

As already stated in Section 3.2, the model takes into consideration the simultaneous
occurrence of the WGS reaction on a Cu-based catalyst, CO2 adsorption on a K-HDMO
sorbent, and the subsequent desorption process. Detailed reactor parameters and
operating conditions relevant for the pilot plant base case simulations are listed in
Table 4.2.

Tab. 4.2: Reactor parameters and operating conditions used in the pilot plant base case simulation.
Adapted table from [P3].

Reactor dimensions

number of chambers 6
number of slits per chamber 7
rectangular slit dimensions 4mm × 50mm × 300mm

General parameters

bed void fraction εb 0.4
particle void fraction εp 0.5
bulk density ρ 1096 kgm−3

particle radius dp 200 µm
catalyst weight fraction1 wcat 0.05

Adsorption parameters

pressure p 8 bar
temperature T 250 ○C
flow rate F STP 1000mLmin−1

CO volume fraction yCO,feed 0.3
H2O volume fraction yH2O,feed 0.6
N2 volume fraction yN2,feed 0.1

Desorption parameters

pressure p 1 bar
temperature T 250 ○C
flow rate F STP 500mLmin−1

H2O volume fraction yH2O,feed 0.4
N2 volume fraction yN2,feed 0.6

1 Catalyst is homogeneously mixed with sorbent in the first quarter of the reactor length.

Various experiments were carried out to determine the kinetic parameters contained in
the model equations in Chapter 3.2. The frequency factor as well as the activation energy
in the empirical rate expression describing the WGS reaction were fitted according to
experimental data at 250 ○C, and breakthrough experiments were performed to adapt
adsorption (pressure: 8 bar) and desorption (pressure: 1 bar) parameters. The experi-
mental equilibrium isotherm for CO2 sorption was implemented by using the Freundlich
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model. All relevant parameters obtained by nonlinear regression from experimental data
are given in Table 4.3.

Tab. 4.3: Kinetic and equilibrium parameters obtained by nonlinear regression from experimental
data. Table adapted from [P3].

WGS reaction rate parameters

k∞ 2.01 × 105molbar−2 g−1 h−1

Ea 51.845 kJmol−1

Isotherm parameters

mFr 0.177mmol g−1bar−nFr

nFr 4.545

Sorption kinetic parameters

kads 0.1125 s−1

k1
des 5.38 × 10−4 s−1

βdes 74000 Jmol−1

4.3.2 Base Case Simulation Results
The Simulink results for the pilot plant base case simulation are shown in Figure 4.16
for single stage configuration (A, C, E) and serial configuration (B, D, F). The switch was
initiated in such a way that product purity in both configurations was maintained.

Figure 4.16A and B display typical operating schemes for all chambers during the first
1200 s. Both configurations facilitated continuous H2 production with less than 5% CO2 in
the product, as at least one reaction chamber was always in M1 or M2, respectively. The
duration of M4 was identified as the limiting factor for sorbent regeneration. Figure 4.16C
and D show the time spans of each operating mode for the first five cycles. After the first
cycle, time spans decrease significantly but do not reach the initial level again due to
limited regeneration time and incomplete sorbent regeneration. However, they stabilize
and remain almost constant from the fourth cycle onwards. Figure 4.16E and F illustrate
the relative sorbent loadings at the end of each operating mode, based on the maximum
loadings. By interconnecting two subsequent chambers in serial configuration, it becomes
possible to increase the sorbent usage by 7% compared to single stage configuration
while keeping the CO2 volume fraction in the product flow below 5%.

Not only the configuration, but also the accepted CO2 content in the product influences
the overall efficiency. Figure 4.17 displays the CO2 loading at the end of each reactive
adsorption mode in serial configuration across the length of the reactor. The switch from
M2 to M3 was initiated when the CO2 fraction in the product gas reached yCO2 > 0.05,
whereas the switch from M3 to M4 was triggered when yCO2 > 0.10 (Figure 4.17A) or
yCO2 > 0.15 (Figure 4.17B). Increasing the M3-M4 threshold can improve sorbent loading,
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Fig. 4.16: Optimized cycle modes obtained by means of Simulink simulations for the pilot plant
base case in single stage configuration (A,C,E) and serial configuration (B,D,F). The
switch from M2 to M4 (single stage configuration) or M3 (serial configuration), respec-
tively, is triggered as soon as yCO2 > 0.05 at the outlet of the reaction chamber. The
switch from M3 to M4 in serial configuration occurs when the CO2 volume fraction to
the subsequent chamber is yCO2 > 0.15. A,B) Operating schedule for all six reaction
chambers, C,D) time span of each operating mode for the first five cycles in chamber 1,
and E,F) relative sorbent loading at the end of each operating mode for the first five
cycles in chamber 1. Figure from [P3].
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Fig. 4.17: CO2 loading at the end of each reactive adsorption mode for cycle 5 in chamber 1 over
the reactor length obtained by means of Simulink simulations for the pilot plant base
case in serial configuration. The switch from M3 to M4 occurs when the CO2 volume
fraction to the subsequent chamber is A) yCO2 > 0.10, and B) yCO2 > 0.15. The switch
from M2 to M3 is triggered as soon as yCO2 > 0.05 at the outlet of the reaction chamber
in both cases. Figure from [P3].

as demonstrated by the higher value at the end of M3 in Figure 4.17B compared to
Figure 4.17A. This leads to longer cycle times and improved efficiencies.

Another critical operational parameter was identified to be the ratio of adsorption-to-
desorption flow. As shown in Figure 4.18A for single stage configuration, both the
duration of M2 and the sorbent loading at the end of M2 decrease with increasing flow
ratio. The flow ratio had a significant impact on the sorbent loading throughout the
entire reactor length, as illustrated in Figure 4.18B. To achieve acceptable switching
times and process efficiencies, a balance must be found between maintaining reasonably
high product flows and ensuring adequate sorbent loadings.

Hence, simulation-driven process design, as demonstrated by this case study, can greatly
improve the utilization of the sorption capacity and consequently, enhance the perfor-
mance of sorption-enhanced reaction processes.
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Fig. 4.18: Impact of changes in the adsorption-to-desorption flow ratio on the cyclic adsorption
behaviour obtained by means of Simulink simulations for the pilot plant base case
in single stage configuration. A) Time span of M2, and relative sorbent loading at
the end of M2 as a function of the adsorption-to-desorption flow ratio (cycle 5 in
chamber 1), and B) CO2 loading at the end of M2 over the reactor length for various
adsorption-to-desorption ratios (cycle 5 in chamber 1). The switch from M2 to M4
is triggered as soon as yCO2 > 0.05 at the outlet of the reaction chamber in all cases.
Figure from [P3].
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4.4 Impact on subsequent Process Steps4

The potential impact of a possible slip of CO2 that originates from incomplete separation
in the SEWGS reactor on subsequent process steps, specifically FT and HC, is discussed
in this section.

4.4.1 Experimental FT-HC Coupling
To investigate the effects of various syngas compositions, a series of experiments were
conducted using a FT reactor coupled with a HC reactor. Each experiment began with a
FT product reference measurement, followed by the redirection of the FT effluent into
the HC reactor cascade for coupled operation. The experimental data was recorded and
is presented in Figure 4.19, which depicts the exemplary curve of an experimental point
in terms of the reaction temperatures in both reactors, as well as the conversion in the
FT reactor. To attain steady-state operation, the process conditions were maintained
constant in the FT reactor for around 24 h. FT reference samples were gathered in
the traps for a minimum of 3 h towards the end of this period. After FT-HC coupling,
steady-state HC samples were collected from the traps after approximately 24 h.
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Fig. 4.19: Exemplary curve for FT-HC coupling experiments (shown here: Dil_CO2_1). Tempera-
ture, as well as CO conversion, remain constant in FT and HC steady-state operation
during sampling. Figure from [P4].

The syngas compositions of interest, i.e., low CO2 dilution (arising from incomplete CO2

removal in the SEWGS reactor, Dil_CO2_2) and high CO2 dilution (lack of CO2 removal,
Dil_CO2_1), as well as syngas with equivalent N2 dilution (Dil_N2) and without any
dilution (Ref_A) for comparative purposes, are presented in Table 4.4.

4This section contains content from [P4].
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Tab. 4.4: FT feed (balanced in N2), weight fractions of FT hydrocarbon product lumps, average
chain length for FT and FT-HC measurements, and HC wax (C22+) conversion. System
pressure: 20 bar, FT Weight Hourly Space Velocity (WHSV)1: 4.5 h−1, FT/HC catalyst
mass ratio: 7.4, FT temperature: 195 ○C to 200 ○C (adjusted to maintain constant CO
conversion), HC temperature: 230 ○C. Adapted table from [P4].

H2 CO CO2 wC10−C14 wC15−C22 wC22+ nC,FT nC,HC XC22+

Dil_N2 38.8% 19.4% 0% 0.17 0.22 0.39 20 11 86.0
Dil_CO2_1 38.8% 19.4% 38.8% 0.17 0.21 0.40 20 9 94.8
Dil_CO2_2 38.8% 19.4% 5.0% 0.18 0.21 0.39 20 11 81.7
Ref_A 64.7% 32.3% 0% 0.22 0.22 0.28 17 11 77.0

1 The desired value of 4.5 h−1 was not reachable in Ref_A due to experimental restrictions. Here: 3.5 h−1.

4.4.2 Hydrocarbon Products
Based on the results of the FT reference measurements, it can be inferred that neither
N2 nor CO2 significantly influences the FT kinetics on the Co catalyst employed in this
study. Instead, both gases act primarily as a diluent, as evidenced by the weight fractions
of product "lumps" listed in Table 4.4. These hydrocarbon lumps are based on the
number of carbon atoms and defined as follows: kerosene (C10-C14), gas oil (C15-C22),
and waxes (C22+); not shown: gases (C1-C4), and naphtha (C5-C9). Due to technical
limitations, achieving identical CO conversion in all experiments was not possible. In
the reference measurement without dilution (Ref_A), the conversion was below half of
the intended value. This could account for the distinct product distribution in Ref_A
compared to the experiments with N2- or CO2-enriched syngas. A noticeable change in
the product distribution towards shorter hydrocarbons was observed in all experiments
when comparing the average chain length of FT-HC products to the corresponding FT
reference measurement (Table 4.4). Although the wax conversion in the HC reactor
cascade, is quite high (above 75% in all experiments), it does not seem to correlate with
the ratio of gas velocity and FT product (Table 4.4).

Figure 4.20 illustrates the FT and FT-HC product distribution for two experimental points
(Figure 4.20A: Dil_N2, Figure 4.20B: Dil_CO2_1). In all experiments, the hydrocracking
process only yielded hydrocarbon species up to C14. The primary factor responsible for
this effect might be the shape selectivity of the H-ZSM-5 catalyst, which could lead to
pore mouth cracking.

The integral product selectivity for different hydrocarbon product lumps obtained from
FT and FT-HC processes is presented in Figure 4.21. The data indicates that the wax
fraction, along with some portions of the gas oil fraction, is selectively transformed into
kerosene and naphtha in the HC.
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Fig. 4.20: Hydrocarbon weight fractions for FT and coupled FT-HC measurements. A) Dil_N2,
and B) Dil_CO2_1. Figure B from [P4].
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Fig. 4.21: Integral CO-related hydrocarbon selectivity of product lumps for FT and FT-HC mea-
surements. In FT products, n-alkanes and 1-alkenes could be distinguished; in FT-HC
products, only n-alkanes could be distinguished with the GC analysis on hand. Adapted
figure from [P4].
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Figure 4.22 provides a more in-depth analysis of the product composition concerning
the content of n-alkanes. The n-alkane content in the naphtha and kerosene fraction is
considerably lower in all FT-HC products compared to their FT counterparts. Nonetheless,
a minor increase in the n-alkane fraction is observed in the gas oil and wax fractions.
These findings suggest that the linear alkanes produced by the FT process underwent
successful isomerization or dehydrogenation in the HC.
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Fig. 4.22: Integral n-alkane fractions of product lumps for FT and FT-HC measurements. Adapted
figure from [P4].

According to the experimental data, no significant differences were found between the
pure syngas feed and the diluted feeds with N2 and CO2. Hence, the impact of dilution
on the coupled FT-HC process’s product distribution is insignificant, considering the
limited parameter variations.

4.4.3 Carbonaceous Species in the Water Phase
Low-Temperature Fischer-Tropsch (LTFT) with Co catalysts is known to produce some
oxygenates such as alcohols and carboxylic acids in addition to the majority of hydro-
carbons. Short-chain primary alcohols selectively dissolve in the aqueous phase, while
long-chain alcohols accumulate in the oil fraction. The weight fractions of C1 to C5 alco-
hols in the water phase, collected in the cold trap at 10 ○C in FT reference measurements,
are illustrated in Figure 4.23A. During coupled FT-HC operation, oxygenates from the
FT product underwent further reactions on the bifunctional HC catalyst.

The conversion of alcohols in the HC stage is illustrated in Figure 4.23B, which indicates a
more significant reduction in weight fraction for long-chain alcohols. Potential reactions,
such as dehydroxylation on Brønsted acid sites and hydrogenation on Pt sites of the
catalyst, may occur depending on the hydrogen partial pressure and the prevailing
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Fig. 4.23: C1-C5 alcohols in the water phase collected in the cold traps at 10 ○C. A) Alcohol
weight fractions in water phase for FT measurements, and B) conversion of alcohols in
the HC for FT-HC measurements. Adapted figure from [P4].

reaction conditions. These findings demonstrate that the subsequent coupling of HC
with FT can minimize the loss of carbonaceous compounds to the water phase.
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5Scale-Up: SEWGS Module in
the Kerogreen Pilot Plant

The scientific findings discussed in Chapter 4 were utilized in the design of a SEWGS
module, which was integrated into the Kerogreen process chain (as presented in Sec-
tion 1.3). The Kerogreen pilot plant was built at IMVT, KIT in Germany, and is composed
of modules from various project partners. The plant is the first of its kind and aims to
produce 0.1 kg h−1 kerosene crude. The planning and construction of the SEWGS module
contributed a vital part to this work and is briefly presented in this chapter.

5.1 SEWGS Reactor: Design, Construction and
Operating Strategies

Figure 5.1A shows an excerpt from the technical drawing of the diffusion-bonded SEWGS
pilot plant reactor, which was manufactured in-house at IMVT. The reactor consists
of six chambers, each of which has seven slits. Each slit measures 30 cm in length,
5 cm in width, and 0.4 cm in height. The slits were filled with a mixture of catalyst
and sorbent particles with particle diameters ranging from 100µm to 300µm. Based
on the findings presented in Section 4.1, the most promising mixture of Cu/ZnO-Al2O3

catalyst and potassium-loaded HTC sorbent calcined at 400 ○C was used. The reactor
was configured according to the best laboratory results [P1], with catalyst particles
placed in zone 1 (one-quarter of the total sorbent mass homogeneously mixed with
the total catalyst amount), and zone 2 (towards the reactor outlet) packed with the
remaining sorbent. Due to the high quantities of sorbent material required, several
powder processing steps, such as calcination under N2 atmosphere at 400 ○C, compaction,
and sieving, were performed by an external company (hte GmbH, Germany). The reactor
chambers were equipped with individual inlet ports, where sintered metal plates ensured
uniform gas distribution (not shown in Figure 5.1). Further plates at the reactor outlet
prevented the discharge of catalyst or sorbent particles. To maintain isothermal operating
conditions, heating cartridges could be inserted into drilled holes in the reactor body.
Additional microchannels between the reaction slits allowed temperature control through
a preheated N2-steam mixture generated for the desorption process. Figure 5.1B shows
a virtual cut in the flow direction of the technical drawing, which provides insight into
the positioning of these adjacent cooling channels.
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A B

Fig. 5.1: Technical drawing of the SEWGS reactor with six individually accessible reaction cham-
bers. A) Outside view with drilled holes for heating cartridges on the side, along with
inlet and outlet flanges, and B) virtual cut in the flow direction to make the adjacent
cooling channels visible. More information can be found in Figure 4.14A.

Figure 5.2 displays the SEWGS reactor in its filling rack, which facilitates easy rotation
during filling, emptying, and leakage testing. To enable precise and user-friendly filling
of the reactor slits, a custom-fitted movable funnel was designed and 3D-printed.

Fig. 5.2: Photograph of the SEWGS reactor mounted in its filling rack. The inlet and outlet
flanges are positioned underneath. The blue 3D-printed funnel can be used for the
precise filling of the reactor slits.
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Valves were installed at both the inlet and outlet of the reaction chambers, as shown in
Figure 5.3. By setting the valve positions, the prevailing modes in the reaction chambers
can be dynamically controlled. Table 5.1 lists the corresponding valve positions for the
reactive adsorption and regeneration modes, as defined in Figure 4.14B.

The reaction chambers can be operated in either a single stage or serial configuration.
In each chamber, the reaction feed (CO + H2O) can be supplied via valve A, or the
regeneration feed (N2 + H2O) can be supplied via valve B. The effluent of each reaction
chamber can be directed to the product line via valve C, or to the exhaust line via valve
D. If the reactor is operated in serial configuration, the outlet of one reaction chamber
can be redirected to the inlet of the subsequent reaction chamber via valve E. Typical
cyclic operating strategies, in terms of the respective operating modes for single stage as
well as serial configuration, are graphically depicted in Figure 5.4 and described in more
detail in Section 4.3. In both configurations, chamber 1 always starts in M2 while the
others start in M4. Then, cyclic operation begins once a pre-defined threshold is reached,
such as the CO2 content in the effluent.

CO + H2O

C1

A1 B1

D1C1 E1

C2

A2 B2

D2C2 E2

C3

A3 B3

D3C3 E3

C4

A4 B4

D4C4 E4

C5

A5 B5

D5C5 E5

C6

A6 B6

D6C6 E6

N2 + H2O

product

exhaust

Fig. 5.3: Schematic drawing of the SEWGS reactor with six individually controlled reaction
chambers and their corresponding valves at the inlets and outlets.
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Tab. 5.1: Valve positions of a reaction chamber for all relevant modes. The modes are described
in Figure 4.14B, and the valve positions are illustrated in Figure 5.3. The index i defines
the respective chamber position (C1...C6 in Figure 5.3).

Ai Bi Ci Di Ei Ei − 1

M1 0 0 1 0 0 1
M2 1 0 1 0 0 0
M3 1 0 0 0 1 0
M4 0 1 0 1 0 0

i: 1...6, 1: valve open, 0: valve closed.

Ei − 1 for i = 1: E6.
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Fig. 5.4: Cyclic operating strategies for A) single stage configuration, and B) serial configuration.
The modes are described in Section 4.3, and the corresponding valve positions according
to Figure 5.3 are listed in Table 5.1.
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5.2 SEWGS Module: Planning, Construction and
Implementation

The SEWGS module is embedded in the Kerogreen process chain. Hence, feed as well as
product streams are connected to previous and subsequent modules, respectively. The
SEWGS reactor serves as the central component of the SEWGS module. Figure 5.5 shows
the Piping and Instrumentation Diagram (P&ID) with all relevant piping, valves, fittings,
instruments, and connections of the module.

Computer Aided Design (CAD) drawings were used to plan the construction of the
module to minimize the required space. The side view of the module is shown in
Figure 5.6. The module measures approximately 1.20m in length, 1.80m in depth,
and 1.75m in height. A photograph of the completed SEWGS module can be found in
Figure 5.7.

The SEWGS module was installed in a 30 ft container together with the other modules
from the project partners for the full Kerogreen process pilot plant. This container is
divided into three compartments: the safety control room, the synthesis compartment,
and the plasmolysis compartment. An additional 10 ft container serves as a system control
room for operators and is located next to the main container. The SEWGS module is
situated within the synthesis compartment, which measures approximately 5m in length,
2.2m in depth, and 2.3m in height. A photograph of the synthesis compartment is shown
in Figure 5.8. The outlet of the SEWGS module is connected to the coupled FT-HC
unit, where the produced syngas is utilized to synthesize hydrocarbons, mainly middle
distillates. The middle distillates are further isomerized into naphtha, kerosene, and
diesel. This mixture is then distilled to yield synthetic paraffinic kerosene. The inlet of
the SEWGS module is connected to the CO purification unit. This PSA module supplies
pure CO from a CO-CO2 mixture, which was preliminary provided by a plasmolysis
system. The plasmolysis unit produces approximately 0.7 kg h−1 of CO via plasma-driven
CO2 splitting with integrated oxygen separation (not shown in Figure 5.8).

In terms of general infrastructure, the container provides electricity, several vents for gas
disposal, a syngas compressor between SEWGS and FT, and access to various gases for
inertization, purging, reduction, start-up, and CO2 feed. Additionally, ventilation systems
and electrical room heaters ensure stable operating conditions. Cooling machines are
installed on the backside and the rooftop of the container, supplying cooling cycles for
various heat exchangers in the system. The container is equipped with various safety
measures, including H2, CO and O2 sensors (Safety Integrity Level (SIL) 1), fire detectors,
and safety vents connected to safety valves in the system.
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Fig. 5.5: P&ID of the SEWGS module.
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Fig. 5.6: CAD drawing (side view) of the SEWGS module.
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©Bramsiepe/KIT

Fig. 5.7: Photograph of the SEWGS module (front view), located at IMVT, KIT, Germany.
©Bramsiepe/KIT

FT-HC SEWGS CO purification

©Bramsiepe/KIT

Fig. 5.8: Photograph of the Kerogreen container with FT-HC, SEWGS, and CO purification mod-
ules (provided by the project partners INERATEC GmbH, KIT and HyGear B.V., respec-
tively), located at IMVT, KIT, Germany. ©Bramsiepe/KIT

68 Chapter 5 Scale-Up: SEWGS Module in the Kerogreen Pilot Plant



6Conclusions and Outlook

The aviation sector is a major contributor to greenhouse gas emissions. Fossil fuels must
be replaced with sustainable alternatives for contributing to the ambitious climate targets
stated in the Paris Agreement on Climate Change [2, 3]. Synthetic e-fuels, typically
produced in PtL processes, are among the discussed options to serve as SAF.

A novel PtL process was currently developed in the EU project Kerogreen [22]. Here,
captured CO2 is dissociated into CO and O2 using microwave plasma technology. Solid
oxide membranes are utilized to electrochemically separate the O2, while the residual
mixture of CO and CO2 is purified into pure CO by passing through a PSA unit. Sub-
sequently, the CO reacts with water in the WGS reaction to produce syngas. Syngas is
chemically converted into a range of hydrocarbons in a FT reactor. The output of the FT
reactor consists of a wide range of hydrocarbons, which can be utilized as a synthetic
jet fuel after cracking down heavy hydrocarbons into the desired kerosene fraction. By
using air-captured CO2 as feedstock, a closed carbon cycle can be achieved and Kerogreen
e-fuels are considered to be carbon neutral. Furthermore, synthetically produced e-fuels
offer the advantage of clean combustion without the generation of soot particles.

In this thesis, an innovative syngas production route from pure CO was developed. The
potential influence of a CO2 slip from this step on the subsequent FT crude cracking to
kerosene was evaluated. Additionally, a technical solution was provided for conducting
this process step in a single unit operation in a container-sized pilot plant.

The syngas production technology did not employ electrolysis. Instead, pure CO was
converted to CO2 and H2 via the WGS reaction in a packed-bed SEWGS reactor. Here,
the produced CO2 was removed in-situ through selective adsorption on a solid sorbent to
shift the thermodynamic equilibrium towards the product side. Thus, the desired syngas
ratio (H2:CO = 2) could be adjusted by using a CO bypass flow. The subsequent e-fuels
synthesis was performed in a micro-structured FT reactor coupled with a HC reactor
cascade.

The objective of this thesis was accomplished by investigating a variety of aspects, as
outlined in Section 1.4. The main results and conclusions can be summarized as follows
and are graphically presented in Figure 6.1:

• SEWGS: Lab-Scale Experiments (Section 4.1)
Characterization tests and CO2 breakthrough experiments revealed suitable materi-
als, namely an active WGS catalyst and a stable CO2 sorbent, as well as relevant
sorption parameters and a beneficial reactor configuration. The chosen Cu/ZnO-
Al2O3 catalyst showed the best activity and stability among the three copper-based
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commercial catalysts tested. The most promising sorbent was found to be a
hydrotalcite-derived material that was obtained after impregnation of hydrotalcite
with potassium and calcination at 400 ○C. Lab-scale experiments revealed, that the
sorption properties were significantly impacted by the water content during both
the reactive adsorption and desorption phase. Also, the reactor filling with sorbent
and catalyst particles was found to be crucial: the most effective reactor configura-
tion was a two-zone filling with a quarter of the total sorbent mass homogeneously
mixed with the total catalyst amount in the first zone and the remaining sorbent
packed in the second zone. The experimental results demonstrated that choosing
appropriate process conditions is highly important for efficient SEWGS operation,
i.e. all influencing factors, such as water content, temperature, and pressure, must
be considered carefully.

• SEWGS: Modeling and Simulation (Section 4.2 and Section 4.3)
Simulation-driven process design was applied to optimize the intended cyclic
operation procedure of the SEWGS reactor. Therefore, a complex Matlab© Simulink
model on system scale was developed and employed to quantify the influence
of design configurations and key operating parameters. The dynamic Simulink
simulations resulted in practical guidelines for the efficient operation of the SEWGS
pilot plant reactor. A case study revealed that the interconnection of reaction
chambers in the so-called serial configuration resulted in a 7% increase in sorbent
loading compared to the simple single stage operation without interconnections.

Modeling and 
Simulation:

hybrid reactor model
improved SEWGS 

process operation by
simulation-driven
process design & 

enabled automated
process control

Pilot Plant    
Module:

SEWGS module
integrated in 

Kerogreen process
chain to demonstrate

innovative e-fuels
production route in 

remote areas

Impact of CO2:

limited influence of
SEWGS performance
on subsequent steps
in process chain (FT-

HC) detected

Lab Scale
Experiments:

efficient SEWGS 
operation under

optimized conditions
performed with Cu-

based catalyst & 
hydrotalcite-derived

sorbent

Fig. 6.1: Overview of the main investigation results of this thesis. Detailed information regarding
SEWGS: Lab-Scale Experiments can be found in Section 4.1, SEWGS: Modeling and
Simulation in Section 4.2 and Section 4.3, SEWGS: Pilot Plant Module in Section 4.3 and
Chapter 5, and FT-HC: Impact of CO2 in Section 4.4.
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The developed operation procedures could directly be implemented for automated
plant control.

• SEWGS: Pilot Plant Module (Section 4.3 and Chapter 5)
An automatically controlled SEWGS module was designed and successfully imple-
mented in a first-of-its-kind demonstration plant in a 30 ft container. This Kerogreen
plant aims to produce 0.1 kg h−1 synthetic kerosene. Thanks to its modular, scalable,
and compact design, the automated technology is well suited for decentralized
operation. As such, it can be utilized in remote areas, including those near offshore
wind turbine parks.

• FT-HC: Impact of CO2 (Section 4.4)
The impact of possible CO2 slip from the SEWGS step on consecutive steps in the
Kerogreen process chain was elucidated by means of an experimental study. FT
syncrude upgrade through direct HC was proven to be a relatively robust process,
which is not remarkably influenced by possible variations of the CO2 content in the
feed. Nevertheless, it was shown that direct coupling of FT with HC can reduce
the loss of carbonaceous species to the water phase through conversion processes
on the bifunctional HC catalyst. Provided that the diluting effect of CO2 in case of
a SEWGS stage malfunction is considered in the reactor design, the investigated
syngas production route is ideally suited for producing synthetic kerosene in the
given process framework.

After resuming the key findings of this work, several suggestions for future research
emerge. One of the most pressing topics is the development of advanced CO2 sorbent
materials that can operate at high temperatures and pressures. The next step would
be to optimize these materials for use in SEWGS systems to achieve an even higher
CO2 adsorption capacity than the materials that are presently available. Additionally,
SEWGS process operation could be intensified through adapted simulation studies using
the presented Simulink model. Expanding the experimental data set could facilitate
the further development of the mathematical models and improve the precision of
the kinetic coefficients. The novel graphical modeling approach could also be applied
to other time- and space-dependent problems to enhance automated process control.
Regarding the SEWGS module in the Kerogreen pilot plant, final test runs are to be
performed. The results will provide important data regarding the long-term stability
of the syngas production step and the overall proof-of-concept of the Kerogreen process
chain. A comprehensive characterization of the hydrocarbon product produced in the
pilot plant should be carried out to determine its suitability as a substitute for fossil
kerosene, including its drop-in quality and aging properties. Moreover, a life cycle
assessment and life cycle costing analysis of SAF produced via this novel route yields
valuable information about the scalability of this technology in relation to world-scale
requirements.
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Apart from the life cycle assessment, which has been performed in the consortium of the
project, the life cycle costing analysis of the Kerogreen process based on experimental
pilot plant data is of utmost importance. Preliminary research has revealed that the major
limitations of other PtL production technologies, some of which are nearly ready for
market implementation, are their accessibility and expenses associated with renewable
energy and CO2 [148]. Consequently, e-fuels have a higher price point compared to
conventional fossil fuels [15–18]. Based on a fundamental PtL cost model, the 2020
production cost of e-kerosene was estimated to be ten times higher than fossil kerosene
in the EU. This price gap is expected to decrease significantly up to two and a half times
by 2050 [148]. Strategic political decisions are required to enhance the visibility and
importance of synthetic liquid fuels. Such measures may include financial incentives
through high carbon prices, or obligations on fuel suppliers and aircraft operators for
providing and using SAF-blended fuel [149]. As recently announced by the European
Commission [150], an agreement was reached on the law regarding the mandate for
blending SAF. According to a proposal of the ReFuelEU Aviation Initiative, jet fuel
suppliers will be required to blend SAF with jet fuel loaded at airports within the EU in
increasing amounts from 2025 [151]. Synthetic e-fuels produced from captured CO2 are
subject to a 0.7% quota starting in 2030, increasing to 28% in 2050. To conclude: it was
shown that the production of synthetic kerosene via a technology totally different from
established electrolysis-based routes is technically feasible. This technology could, if also
competitive from an economic point of view, contribute a vital part towards sustainable
aviation.
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Symbols and Abbreviations

Latin Symbols

Symbol Description Unit

a adsorption/ desorption rate molkg−1 s−1

c̄ particle void phase concentration molm−3

c bulk phase concentration molm−3

D dispersion coefficient m2 s−1

d diameter m

e power-law exponent −
Ea activation energy Jmol−1

F flow rate mLmin−1

k rate coefficient s−1

Keq WGS equilibrium constant −
k∞ frequency factor molbar−2 g−1 h−1

m Freundlich constant mmol g−1bar−nFr

N number of cells −
n Freundlich adsorption intensity −
nC hydrocarbon chain length −
p (partial) pressure bar

q sorbent loading molkg−1

R gas constant Jmol−1K−1

r reaction rate mol g−1 h−1

S selectivity −
T temperature K

t time s

u gas velocity ms−1

w weight fraction −
X conversion −
y volume fraction −
z axial coordinate m
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Greek Symbols

Symbol Description Unit

α chain growth probability −
β activation energy change Jmol−1

δ power law equilibrium approach −
ε void fraction −
ν stoichiometric reaction coefficient −
ρ bulk density kgm−3

Indices

Index Description

ads adsorption
ax axial
b bed
cat catalyst
des desorption
eq equilibrium
exp experimental
Fr Freundlich model
LDF Linear Driving Force model
max maximum
p particle
sim simulation
STP Standard Temperature and Pressure
WGS Water-Gas Shift reaction
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Abbreviations

Abbreviation Description

AEL Alkaline Electrolyzer
ASF Anderson-Schulz-Flory
ASTM American Society for Testing and Materials
BET Brunauer-Emmett-Teller
BJH Barrett-Joyner-Halenda
CAD Computer Aided Design
DAC Direct Air Capture
DME Dimethyl Ether
DTO Dimethyl Ether-to-Olefins
EDX Energy-Dispersive X-Ray Spectroscopy
EL Electrolysis
EPMA Electron Probe Micro Analysis
FEU Forty Foot Equivalent Unit
FID Flame Ionization Detector
FT Fischer-Tropsch
GC Gas Chromatograph
HC Hydrocracking
HDMO Hydrotalcite-Derived Mixed Oxide
HTC Hydrotalcite
HT High-Temperature
IMVT Institute for Micro Process Engineering
K-HDMO Potassium-impregnated Hydrotalcite-Derived Mixed Oxide
K-HTC Potassium-impregnated Hydrotalcite
KIT Karlsruhe Institute of Technology
LDH Layered Double Hydroxide
LDO Layered Double Oxide
LTFT Low-Temperature Fischer-Tropsch
LT Low-Temperature
MOF Metal Organic Framework
MTO Methanol-to-Olefins
Matlab© Programming and numeric computing platform (The MathWorks Inc.,

USA)
MoL Method-of-Lines
M Mode
ODE Ordinary Differential Equation
PBMR Packed Bed Microchannel Reactor
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Abbreviation Description

PDE Partial Differential Equation
PEM-EL Polymer Electrolyte Membrane Electrolyzer
PGA Process Gas Analyzer
PSA Pressure Swing Adsorption
P&ID Piping and Instrumentation Diagram
PtG Power-to-Gas
PtL Power-to-Liquid
P Publication
SAF Sustainable Aviation Fuel
SEM Scanning Electron Microscopy
SEWGS Sorption-Enhanced Water-Gas Shift
SIL Safety Integrity Level
SOEC Solid-Oxide Electrolysis Cell
Simulink Matlab-based graphical programming environment for modeling, sim-

ulating, and analyzing dynamical systems
TCD Thermal Conductivity Detector
TGA Thermogravimetric Analysis
TOS Time-On-Stream
TRL Technology Readiness Level
WDX Wavelength-Dispersive X-Ray Spectroscopy
WGS Water-Gas Shift
WHSV Weight Hourly Space Velocity
XRD X-Ray Diffraction
ode15s solver for stiff ODEs in Matlab
ode23t solver for moderately stiff ODEs in Matlab
pdepe solver for systems of parabolic and elliptic PDEs in Matlab
ox oxidized site
rWGS reverse Water-Gas Shift
red reduced site
syncrude synthetic crude
syngas synthesis gas (CO + H2)
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Abstract: A sorption-enhanced water-gas shift (SEWGS) system providing CO2-free synthesis gas
(CO + H2) for jet fuel production from pure CO was studied. The water-gas shift (WGS) reaction was
catalyzed by a commercial Cu/ZnO/Al2O3 catalyst and carried out with in-situ CO2 removal on
a 20 wt% potassium-promoted hydrotalcite-derived sorbent. Catalyst activity was investigated in
a fixed bed tubular reactor. Different sorbent materials and treatments were characterized by CO2

chemisorption among other analysis methods to choose a suitable sorbent. Cyclic breakthrough
tests in an isothermal packed bed microchannel reactor (PBMR) were performed at significantly
lower modified residence times than those reported in literature. A parameter study gave an insight
into the effect of pressure, adsorption feed composition, desorption conditions, as well as reactor
configuration on breakthrough delay and adsorbed amount of CO2. Special attention was paid to
the steam content. The significance of water during adsorption as well as desorption confirmed the
existence of different adsorption sites. Various reactor packing concepts showed that the interaction
of relatively fast reaction and relatively slow adsorption kinetics plays a key role in the SEWGS
process design at low residence time conditions.

Keywords: sorption-enhanced water-gas shift reaction; synthesis gas production; Power-to-Liquid;
jet fuel production; CO2 sorption; potassium-promoted hydrotalcite; divided section packing

1. Introduction

The mitigation of anthropogenic climate change is a key challenge of today’s society.
CO2 emissions contribute significantly to the atmospheric greenhouse effect and need to be
reduced drastically to constrain global average temperature rise well below 2 ◦C [1]. The
transport sector causes one quarter of Europe’s greenhouse gas emissions and relies signifi-
cantly on fossil fuels [2]. Sustainable alternatives, such as mobility based on electrochemical
storage or hydrogen from renewable sources, can be employed to defossilize the transport
sector. However, not all means of transport, such as aviation, marine or long-haul truck
transport can rely on those technologies due to volumetric and gravimetric restrictions.
For such applications, CO2 neutral synthetic fuels produced via Power-to-Liquid (PtL)
processes are promising [2].

The Kerogreen project aims to investigate an advanced PtL conversion route from
water and captured CO2 to carbon neutral jet fuel powered by renewable energy sources [3].
In this project, the crucial step of CO2 activation is tackled by means of CO2 plasma splitting
into CO and O2 [4,5]. To circumvent product recombination, O2 is separated by a solid oxide
electrolyte cell. The remaining reaction mixture is fed into a pressure swing adsorption
unit to remove unreacted CO2. The purified CO is then partly converted with steam to
produce hydrogen via the water-gas shift reaction (WGS). After the removal of formed
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CO2, the synthesis gas (CO + H2) reacts in the subsequent Fischer-Tropsch (FT) reactor to
hydrocarbons with a wide chain length distribution. The kerosene yield is increased in a
hydrocracking unit, where hydrocarbons greater C14 are cracked down to the kerosene
range [6,7].

In the WGS (Equation (1)) step, two main targets are pursued: First, providing syn-
thesis gas with a H2/CO ratio of approximately 2 for the subsequent FT synthesis and,
secondly, removing the byproduct CO2 in order to recycle it to the plasma unit. Both
requirements can be realized in a single unit operation: a sorption-enhanced water-gas
shift (SEWGS) system. Here, the heterogeneously catalyzed WGS reaction is carried out
simultaneously with in-situ CO2 adsorption on a highly selective sorbent. This promising
CO2 capture technology is proposed in the literature for high purity hydrogen produc-
tion from synthesis gas of reformers [8,9]. Thermodynamic limitations are overcome by
an equilibrium shift towards the product side resulting in near full CO conversion and,
consequently, near fuel cell grade H2. However, in the Kerogreen process, near pure CO is
fed to the process and CO2 removal, rather than full CO conversion, is envisaged.

H2O + CO 
 H2 + CO2 ∆H0
R = −41

kJ
mol

(1)

From a thermodynamic point of view, the moderately exothermic WGS reaction favors
low temperatures, whereas higher temperatures are desired for kinetic reasons at initial
reaction conditions. Equilibrium conversion is not dependent on pressure and can be
calculated based on the equilibrium constant reported by Moe (Equation (2), [10]).

Keq = exp
((

4577.8
T

)
− 4.33

)
(2)

Cu/ZnO/Al2O3 catalysts are commonly used for low temperature WGS (200 ◦C–
300 ◦C) [11,12]. Pressure dependent side reactions, such as methanol synthesis, are not
expected in a mild pressure range of up to 15 bar from thermodynamic calculations.
Although the WGS reaction mechanism is not yet clearly revealed, an appropriate empirical
rate expression proposed by Choi et al. (Equation (S1)) could be applied [13].

Various materials are suggested as CO2 sorbents, namely calcium oxide [14], magne-
sium oxide [15], lithium zirconate [16], lithium silicate [17], activated carbon [18], molecular
sieves [19], zeolites [20] and metal organic frameworks [21]. The use of these materials in
this SEWGS study is discarded due to, for example, low thermal stability, low CO2 sorption
capacity at WGS conditions, poor performance in the presence of water, high temperatures
required for regeneration or low cyclic working capacity.

Apart from these sorbents, layered double hydroxides, so-called hydrotalcite materials
(HTCs), are identified as suitable CO2 sorbents under WGS conditions [22,23]. Their
chemical composition can be described with Equation (3) [24]. HTCs change their structure
during thermal treatment and reveal basic sites, which are required for CO2 adsorption
in their mixed oxide form (hydrotalcite-derived compounds, HTdcs) [25]. Positively
charged brucite-like layers are compensated with counter-anions (CO3

2−) and water in the
interlayer region. HTdcs exhibit good cyclic, mechanical, and thermal stability, as well as
relatively fast adsorption and desorption kinetics. They can be regenerated with low energy
input [8,26]. Thanks to their low costs, nearly infinite selectivity for CO2 and acceptable
adsorption capacity (typically lower than 1 mmol/g), HTdcs are preferred candidates
for SEWGS [27]. Impregnation with alkali metal ions, usually potassium, enhances their
sorption capacity [28,29].

HTC :
[
Mg6Al2(OH)16

]
CO3 · 4 H2O (3)

In this work, the experimental results for a laboratory scale SEWGS reaction con-
cept using a Cu/ZnO/Al2O3 catalyst and a potassium-impregnated HTC as sorbent are
presented. Initially, the catalyst and sorbent characteristics are determined. Then, the
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combination of catalyst and sorbent in five reactor configurations with different packing
concepts is tested in automated cyclic breakthrough experiments. A slit-like packed bed
microchannel reactor (PBMR) first applied in methanation studies is used in the detailed
SEWGS parameter study [30]. In this reactor, plug flow performance and good heat transfer
characteristics are expected. Thus, temperature gradients observed at certain conditions
in a tubular reactor for catalyst performance studies are absent. The influence of various
adsorption parameters, namely pressure and feed composition, as well as the effect of
desorption time and feed on the subsequent adsorption phase is shown. The importance of
the steam content in the adsorption and the desorption phase is investigated in detail. Such
detailed analysis is missing in the literature to design a full-scale system in the framework
of the Kerogreen project. The parameter study is conducted at significantly lower modified
residence times than those previously reported in the literature [31–33].

2. Materials and Methods
2.1. Materials
2.1.1. Catalyst and Sorbent Preparation

Commercial Cu/ZnO/Al2O3 pellets were used as the WGS catalyst. The pellets
were crushed and sieved in order to obtain particles in the range of 100 µm to 300 µm.
Catalyst reduction was carried out in-situ for the catalyst performance investigations and
the SEWGS breakthrough measurements. The catalyst was reduced while heating up to
240 ◦C in 3% H2 flow (balanced in N2), then the flow was switched to pure H2 and the
temperature further increased to 250 ◦C.

A commercially available HTC from Sasol GmbH (PURAL MG70, herein called MG70)
with Al2O3:MgO = 30:70 was treated with different calcination and impregnation proce-
dures to obtain hydrotalcite-derived mixed oxides as CO2 sorbents. MG70 powder was
calcined ex-situ in N2 atmosphere for 10 h at 250 ◦C, 400 ◦C and 500 ◦C, respectively.
Incipient wetness impregnation with potassium carbonate (K2CO3, ≥ 99%, Sigma-Aldrich)
was applied to achieve a potassium loading of 20 wt% on MG70. This value was reported
in the literature for reaching a maximum CO2 adsorption capacity [34–36]. Impregnated
samples were either calcined before, after, or before and after impregnation. All HTdc
samples listed in Table 1 were characterized by various methods (see Section 2.1.3). Sample
MG70-K-400 revealed the most promising results, thus particles in the range of 100 µm to
300 µm of this material were used in the SEWGS breakthrough measurements.

Table 1. Hydrotalcite-derived compounds (HTdcs) samples with optional calcination before and/or
after impregnation.

Sample Calcination/◦C K-Impregnation/wt% Calcination/◦C

MG70 - - -
MG70-250 250 - -
MG70-400 400 - -
MG70-500 500 - -

MG70-K-400 - 20 400
MG70-400-K 400 20 -

MG70-400-K-400 400 20 400

2.1.2. Catalyst Performance Measurements

Catalyst activity tests were performed in a tubular stainless-steel reactor (TR, 8 mm
inner diameter, 30 mm length). Nearly isothermal conditions (gradients ±2 K) could be
achieved by a programmable tubular furnace and were controlled by an axially moveable
K-type thermocouple in the sufficiently diluted catalyst bed. The catalyst loading was
1 g, the reaction pressure is 5 bar, and the steam-to-gas (S/G) ratio in the feed gas was
kept constant at 1 (Equation (4)). The reaction tests were performed at temperatures
between 225 ◦C and 300 ◦C. The modified residence times at reaction conditions were set
between 1.3 × 10−5 g·h/mL and 2.2 × 10−5 g·h/mL (Equation (5)). Feed and product gas
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composition were analyzed in a gas chromatograph (GC, Agilent 7890) equipped with
two columns (HP-Plot/Q and Molsieve 5Å) and two detectors (TCD and FID). Argon was
used as carrier gas and N2 as internal standard. Carbon balances for all results reported in
this work were within 3% of closure. Blank activity was evaluated before the experiments
with inert filling. No byproduct formation was observed. The steady-state conversion was
determined according to Equation (6).

S/G =

.
nH2O,0

.
nCO,0

(4)

τmod =
mcat

.
V0

(5)

XCO =

.
nCO,0 −

.
nCO

.
nCO,0

(6)

2.1.3. Sorbent Characterization and Sorption Capacity Measurements

The crystalline structures of all HTdcs were studied by powder X-ray diffraction (XRD)
in a D8 Advance (Bruker AXS) diffractometer with Cu Kα1,2 radiation (0.154060 nm and
0.154440 nm, respectively) operating in a 2θ range of 5–85◦ with a step width of 0.019◦ 2θ.
The total counting time per step was 288 s. The raw data was evaluated with the software
DIFFRAC.EVA Version 5.1 (zero shift correction and mineral phases identification).

The thermal decomposition of two samples (MG70 and MG70-K-400) was investigated
by thermogravimetric analysis (TGA) in a STA 449 F3 Jupiter (Netzsch). The samples were
heated with a heating rate of max. 10 K/min up to 1000 ◦C under N2 atmosphere.

Textural properties of three samples (MG70-400, MG70-K-400 and MG70-400-K-400)
were determined by N2 physisorption at −196 ◦C in a 3Flex Surface Characterization
instrument (Micromeritics). Adsorption and desorption isotherms were recorded after
degassing the samples in vacuum (<1 mmHg) at 400 ◦C for 3 h. Surface area was calculated
according to the BET method. Average pore width and total pore volume, corresponding to
the cumulative pore volumes between 17 and 3000 Å, were determined from the adsorption
branch using the BJH method.

Electron probe micro analysis (EPMA) was performed for various samples on a JXA
8530F (Jeol) coupled with energy dispersive spectroscopy (EDS) to investigate the sample
composition at fixed probe positions and to compare the sample surface (SE and BSE
images). Pressed powder (0.2 g, 30 kN for 30 s) tablets with a plane surface were used for
EDS analysis.

CO2 chemisorption uptake measurements were also performed in the above men-
tioned 3Flex Surface Characterization instrument (Micromeritics). Samples were pretreated
in situ at the respective calcination temperature in N2 flow for 3 h and outgassed in vacuum
(<5 × 10−3 mmHg) at analysis temperature (250 ◦C) for 2 h. During the measurement, the
samples (~0.5 g) were flushed stepwise with CO2 until equilibrium was reached. Pressure
increments were 10 mmHg from 0 to 50 mmHg, 25 to 100 mmHg and 50 to 760 mmHg.

2.2. SEWGS Breakthrough Experiments

As the highest and most reproducible sorption capacity was obtained for MG70-K-400
(see Section 3.2), all SEWGS tests were conducted with this sorbent. CO2 breakthrough
experiments were carried out in a two-slit packed PBMR in the experimental setup shown
in Figure 1 [30]. Both reaction slits (2 × 5 × 10 mm3) were filled with catalyst and sorbent
particles. Five programmable heating cartridges controlled by K-type thermocouples were
placed along the bed ensure isothermal reaction conditions together with a microchannel
air-cooling system. An additional thermocouple was placed inside the fixed bed. Constant
and precise water dosage was enabled by a liquid flow controller (LFC, Brooks) and
pulsation-free evaporation by an inhouse-manufactured micro nozzle. N2 and CO were
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fed with mass flow controllers (MFC, Brooks). The pressure in the system was adjusted by
an automated regulating valve (Flowserve).
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Figure 1. Schematic drawing of experimental sorption-enhanced water-gas shift(SEWGS) setup.

The composition of the wet product gas was analyzed by a GC (see Section 2.1.2)
to detect possible byproduct formation. The volume fractions of CO, CO2 and H2 in the
dry effluent were continuously monitored in a process gas analyzer (PGA, X-STREAM
Enhanced, Emerson).

CO and CO2 fractions were recorded by nondispersive infrared detectors (NDIR),
and H2 by a TCD. Prior to the PGA, H2O was condensed in a micro heat exchanger with
cooling liquid kept at about 0 ◦C.

Preliminary tests without catalyst (sorbent only) ensured that the sorbent was not
catalytically active for the WGS reaction at 250 ◦C, as neither products nor byproducts of
any kind were found in the effluent. The measurement systems, GC and PGA, operated
within 1% of accuracy between each other. Therefore, comparability was confirmed and
only PGA breakthrough curves were discussed in this work to monitor the time-resolved
evolution of the gases in the SEWGS breakthrough experiments.

In all breakthrough experiments, at least five adsorption and reaction (herein only
called adsorption) and desorption cycles were conducted. Prior to the first adsorption,
a 90 min desorption step was carried out (40% H2O in N2, 1000 mL/min, 1 bar). After
the last desorption step of an experiment, the bed was purged with N2 for 12 h overnight
(1000 mL/min, 1 bar). This procedure was proven to deliver good regeneration of the
sorbent in preliminary trials with pure HTdc in the fixed bed. In the adsorption experiments,
adsorption temperature, total adsorption flow rate, and adsorption time as well as all
desorption parameters were kept constant, whereas adsorption feed composition (balanced
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in N2) and adsorption pressure were varied. In the desorption experiments, desorption
temperature, desorption pressure as well as all adsorption parameters were kept constant.
The varied desorption parameters were time and H2O volume fraction (balanced in N2).
An overview of all parameters is given in Table 2.

Table 2. Adsorption and desorption parameters used in the SEWGS breakthrough experiments.

Temperature T 250

Adsorption time tads/min 15
Adsorption pressure pads/bar 3, 4, 8 *
Total adsorption volume flow (STP)

.
Vads/mL/min 2000

Adsorption volume fraction CO yCO,ads/% 2.5 *, 5, 10, 20
Adsorption volume fraction H2O yH2O,ads/% 10 *, 20, 40

Desorption time tdes/min 15, 20, 30, 40 **
Desorption pressure pdes/bar 1
Total desorption volume flow (STP)

.
Vdes/mL/min 1000

Desorption volume fraction H2O yH2O,des/% 20, 40 **, 60
* adsorption parameters in desorption experiments, ** desorption parameters in adsorption experiments.

Five fixed bed configurations were investigated in this work (Figure 2). Mode A
consisted of a homogeneous mixture of catalyst and sorbent with a total catalyst weight
fraction of 0.05 in both slits of the PBMR (Equation (7)). In mode B, the fixed bed in both
channels was divided into two almost equally long zones: half of the sorbent mass was
mixed with the same total catalyst amount as in mode A in the first zone (corresponding
zone weight fraction is 0.10), and the other half of the sorbent mass was loaded into the
second zone. In mode C, the bed was also divided into two zones. The first zone contained
one quarter of the total sorbent mass and the same total catalyst amount as used in mode
A and B, yielding a zone weight fraction of 0.17. The second zone was loaded with the
remaining sorbent. Experimental catalyst and sorbent mass are listed in Table 3. Variations
in sorbent mass and the non-precise doubling of the weight fraction arose from changes in
the bulk density of different sorbent batches and the stepwise manual filling process. In
mode D and E, the total amount of catalyst was doubled to achieve a total catalyst weight
fraction of 0.11. Zone distribution in mode D equaled mode B, where the second zone (half
of the length) was filled with pure sorbent. Mode E consisted of four equally distributed
zones which were alternately filled with mixed sorbent and catalyst and pure sorbent.

wcat =
mcat

mcat + msorb
(7)Energies 2021, 14, x FOR PEER REVIEW 7 of 21 
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Table 3. Experimental catalyst and sorbent mass for different reactor configurations.

Mode A Mode B Mode C Mode D Mode E

Catalyst mass mcat/g 0.58 0.58 0.58 1.22 1.22
Sorbent mass msorb/g 11.0 9.7 11.0 9.7 9.7

The CO conversion was calculated from PGA data according to Equation (8), whereas
the dry volume flow and the dry N2 volume fraction was obtained by Equations (9) and (10),
respectively. CO2 breakthrough delay compared to H2 was evaluated with Equation (11).
As H2 was not adsorbed, the H2 content in the effluent showed the residence time behavior
in the setup from feed dosage until the PGA measurement. Due to measurement reasons,
the H2 signal in the PGA was retarded and needed to be shifted in absolute time before
determining the CO2 breakthrough delay. The amount of adsorbed CO2 until 0.2% CO2
was detected in the dry effluent was determined using Equation (12). Note that this
value (herein called CO2 adsorbed) does not represent the full adsorption capacity of the
sorbent. It rather refers to a sorption time limit for allowed CO2 breakthrough which is
influenced by the sorption kinetics and was used as reference for internal comparison of
the experiments. The value of 0.2% CO2 as reference point for both breakthrough delay and
adsorbed amount of CO2 was chosen based on a first assumption of the tolerable amount
of CO2 in the feed for the FT reactor in the Kerogreen process.

XCO =

.
V0 · yCO,0 −

.
Vdry · yCO,dry

.
V0 · yCO,0

(8)

.
Vdry =

.
V0 ·

yN2,0

yN2,dry
(9)

yN2,dry = 1 − yCO2, dry − yCO,dry − yH2,dry (10)

∆t = t
(

yCO2, dry = 0.2%
)
− t
(

yH2,dry
= 0.2%

)
(11)

nads =
p

R · T
· 1

msorb
·
(∫ yCO2, dry=0.2%

0

.
Vdry · yH2,dry · dt −

∫ yCO2, dry=0.2%

0

.
Vdry · yCO2,dry · dt

)
(12)

3. Results and Discussion
3.1. Catalyst Performance

Catalyst activity tests in the TR revealed that no byproducts, e.g., methane, were
formed. The reaction was rather limited kinetically than thermodynamically within the
studied parameter range, as CO conversion increased with temperature and approached
equilibrium only at 300 ◦C (Figure 3a). Assuming complete CO2 removal, the reaction
rate could be shifted from 0.21 mol/(g·h) to 0.43 mol/(g·h) at 60% CO conversion (and a
temperature of 250 ◦C) according to the rate expression from Choi et al. (Equation (S1)) [13].
The temperature of 250 ◦C was chosen for the SEWGS experiments as Cu catalysts tend
to sinter at temperatures above 300 ◦C. Figure 3b shows that CO conversion slightly
increased with modified residence time but was still far away from thermodynamic equilib-
rium. This suggests that kinetic constraints prevailed under the given reaction conditions.
Therefore, SEWGS experiments were carried out at modified residence times of about
2 × 10−5 g·h/mL.
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Figure 3. Cu/ZnO/Al2O3 catalyst performance in experiments (1 g catalyst TR, 5 bar, 10% CO, S/G = 1). (a) CO conversion
over temperature for modified residence time of 1.66 × 10−5 g·h/mL. (b) CO conversion over modified residence time at
250 ◦C.

3.2. Structural Properties and CO2 Capture Performance of Sorbent

XRD patterns of all samples are depicted in Figure 4. Untreated MG70 showed the
typical diffractogram of HTC compared to HTC reference from powder diffraction file
(PDF) 35-0965. Sharp and intense peaks at ~11◦, 23◦, 35◦, and 60◦ corresponding to the
(003), (006), (012) and (110) planes indicated a well-formed crystalline layered structure
with a rhombohedral symmetry. The patterns of the calcined samples revealed that the
layered structure was destroyed after heat treatment (Figure 4a). For MG70-250, mainly
weak and broad peaks corresponding to the amorphous phase were observed. MG70-400
and MG70-500 showed broad but more intensive and distinguishable reflections at ~43◦

and 62◦, which represent the diffraction by the (200) and (220) planes of periclase (see MgO,
PDF 65-0476). Aluminum compounds were assumed to be well-dispersed or formed an
amorphous phase [37]. These results indicated that full transition from layered double
hydroxide to layered double oxide was obtained through the applied calcination treatment
at 400 ◦C and 500 ◦C, whereas calcination at SEWGS reaction temperature (250 ◦C) was not
sufficient. According to literature, calcination at 400 ◦C leads to the best CO2 uptake prop-
erties [38,39]. In diffractograms of various impregnation—calcination procedures, typical
K2CO3 reflections were identified in all impregnated samples (PDF 49-1093) (Figure 4b).
Therefore, the applied impregnation treatment seemed to be applicable. The different
impregnation—calcination procedures did not seem to influence the crystalline structure
observed in the XRD patterns.

TGA was performed to study the thermal decomposition up to 1000 ◦C of untreated
MG70 and of impregnated—calcined MG70-K-400. For MG70, a total mass loss of 43%
was found. Three material changes could be observed (Figure 5a): removal of surface
and interlayer water (80–120 ◦C), hydroxyl groups as water vapor (~200 ◦C), and further
hydroxyl groups and carbonate anions (~400 ◦C). These expected findings are discussed in
detail elsewhere [24,40,41]. The impregnated and calcined sample MG70-K-400 exhibited a
marginal weight loss up to ~100 ◦C, which was mainly attributed to surface water adsorbed
during storage. Reddy et al. suggested to perform in situ calcination to avoid this effect [38].
For SEWGS, in situ calcination at 400 ◦C prior operation and catalyst in situ reduction
could be feasible, but it can be definitely excluded as a sorbent regeneration procedure.
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Such regeneration is not feasible due to the instability of the admixed Cu/ZnO/Al2O3
catalyst. As this catalyst is prone to oxidation, it would require re-reduction after that
kind of sorbent regeneration. In this work, initial sorbent calcination was performed
ex situ to avoid cross contamination between catalyst and sorbent. Water adsorption
was minimized by keeping storage time after calcination as short as possible prior to the
SEWGS experiments. Nonetheless, TGA as well as XRD results showed that the applied
calcination treatment at 400 ◦C ensured the removal of all unwanted compounds and led
to the desired mixed oxide structure.
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Figure 4. X Ray diffraction (XRD) patterns for (a) samples with varied calcination temperatures (250,
400 and, 500 ◦C) compared with untreated sample (MG70) and (b) varied calcination—impregnation
procedure: calcined—impregnated sample (MG70-400-K), impregnated—calcined sample (MG70-K-
400), and calcined—impregnated—calcined sample (MG70-400-K-400) compared with nonimpreg-
nated (but calcined) sample (MG70-400).
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Figure 5. (a) Thermogravimetric analysis (TGA) results. Sample weight and temperature over time for
untreated sample (MG70) and impregnated—calcined sample (MG70-K-400). (b) N2 physisorption
isotherms at −196 ◦C for calcined sample (MG70-400), impregnated—calcined sample (MG70-K-400),
and calcined—impregnated—calcined sample (MG70-400-K-400).

The morphological characteristics of the samples calcined at 400 ◦C (as last step) were
investigated by N2 physisorption at −196 ◦C. The adsorption and desorption isotherms
(Figure 5b) corresponded to mesoporous solids with pore diameters between 2 nm and
50 nm (type IV, IUPAC [42]). Hysteresis loops did not exhibit any limiting adsorption
at high relative pressure, which is typical for type H3 hysteresis loops [42]. Such curve
shape gives rise to the assumption of open large pores corresponding to aggregates of
platelike particles that form slit-shaped pores [25,27]. The impregnated samples exhib-
ited a more pronounced difference between adsorption and desorption branch, possibly
due to enlarged pore networks caused by pore blocking during impregnation. Textural



Energies 2021, 14, 355 10 of 21

properties were within the range of values reported in literature and are summarized in
Table S1 [25,41,43,44]. The specific surface area decreased significantly, as expected, due
to potassium impregnation. All pore diameters were above 2 nm; hence, gas molecule
diffusion did not limit CO2 adsorption.

EPMA results showed that the shapes of untreated and impregnated samples were
not regular or defined, as can be seen in SE images (Figure S1). Neither needle-like
nor flat structures were detected. In images employing back-scattered electrons (BSE,
Figure S2), brighter zones were visible that indicated the presence of heavier components.
Although incipient wetness impregnation is known to result in good material distribution,
a clear preference of potassium to deposit on certain phases of the support was visible.
This preference of inhomogeneous distribution was further validated by EDS analysis
performed at various probe positions (Table S2, Figure S3) and was also observed by
others [45–47]. EDS measurements further revealed Mg/Al ratios close to the expected
value of 3.

CO2 chemisorption isotherms obtained for dry conditions at SEWGS temperature
(250 ◦C) are depicted in Figure 6. All curves exhibit the typically fast initial rise followed
by a less pronounced increase of CO2 uptake as function of the CO2 pressure, as reported
in the literature [48]. This behavior can be fairly described by means of the Freundlich
model [22,49]. The optimized Freundlich parameters (Equation (S2)) used for data fitting
in Figure 6 are listed in Table S3 and are comparable to other works [43,50,51]. As CO2
equilibrium sorption measurements in this work were only performed up to 1 bar and
for dry conditions, the given values are valuable information for the comparison of the
different samples, but they do not represent SEWGS conditions.
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Figure 6. CO2 chemisorption isotherms at 250 ◦C for (a) samples with varied calcination temperatures
(250, 400 and 500 ◦C), and (b) varied calcination—impregnation procedures: calcined (MG70-400),
impregnated—calcined (MG70-K-400), and calcined—impregnated—calcined (MG70-400-K-400).
Straight lines: data fitted according to the Freundlich model (Table S3).

The highest sorption capacity in Figure 6a was reached for the sample calcined at
400 ◦C, compared to those calcined at 250 ◦C and 500 ◦C, respectively. This behavior can
be explained by the above-mentioned findings: XRD patterns revealed that calcination
at 250 ◦C did not lead to the desired mixed oxide with basic sites for CO2 adsorption.
Additionally, according to TGA measurements, further material decomposition started at
500 ◦C.

In Figure 6b, isotherms of samples with and without potassium impregnation are
shown. It is well-known that CO2 sorption on HTdcs can be improved by alkaline mod-
ification, and especially with potassium promising results were obtained [28,50,52,53].
Meis et al. attributed this enhancement to an increase in low-coordinated oxygen sites
through alkali metal incorporation, and Rocha et al. assumed K to act as a chemical
promoter [43,54]. Interestingly, CO2 equilibrium isotherms in Figure 6b suggest that the
procedure, in which the sample was calcined before, and once again after impregnation
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(MG70-400-K-400, was not beneficial compared to the procedure in which the sample was
calcined only after impregnation (MG70-K-400). The difference in adsorption capacity was
more pronounced for higher pressures and might be due to an incomplete reconstruction
(based on the so-called memory effect during incipient wetness impregnation) from the
mixed oxide (after the first calcination) back to the layered double hydroxide in the case
of twofold calcination. This decrease in adsorption sites was not correlated with surface
area and pore volume. Therefore, sorption properties were more related to the chemical
structure of the surface than the accessible surface area or pore volume, as indicated else-
where [25,47,55]. As MG70-K-400 exhibited the best CO2 adsorption characteristics, this
material was selected for the following SEWGS experiments.

3.3. SEWGS Performance

The following section summarizes the results of an extensive SEWGS parameter
study in the PBMR. First, the stability and the influence of various process conditions
are demonstrated for selected examples of different reactor configurations. Finally, all
investigated reactor modes are compared under otherwise identical process conditions.

In Figure 7a, a typical SEWGS breakthrough curve is shown. Three process stages
can be distinguished as: (1) pre-breakthrough, where pure H2 is obtained and CO2 is
adsorbed completely, (2) breakthrough stage, where CO2 breakthrough begins, and (3)
post-breakthrough, where CO2 has reached steady-state concentration (equal to H2 due
to equimolar WGS reaction). A graphical illustration of data evaluation according to
Equations (11) and (12) is depicted in Figure 7b.
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Figure 7. Measurement in the packed bed microchannel reactor (PBMR): (a) Exemplary CO, CO2,
and H2 breakthrough curves for an adsorption step starting at t = 0 s measured in the PGA with
(1) pre-breakthrough, (2) breakthrough, and (3) post-breakthrough stage. (b) Determination of CO2

breakthrough time (Equation (11)) and adsorbed amount of CO2 (Equation (12)).

3.3.1. Cyclic Stability

In the twelve-cycle run in Figure 8a, the steady-state conversion remains constant,
whereas the adsorbed amount of CO2 drops by 58% after the first cycle (Figure 8b). The
steady-state conversion was measured after reaching the post-breakthrough phase and
confirmed that no catalyst deactivation took place, neither due to the conditions nor by
adding the sorbent.

All performed cyclic adsorption and desorption experiments exhibited a remarkable
decrease of CO2 adsorption capacity from the first to the second adsorption phase but
stayed almost stable in subsequent cycles. The initial loss of available sorption capacity was
mainly attributed to incomplete regeneration during the comparatively short desorption
phase, as the adsorption kinetics were known to be ten times faster than desorption [27,56].
Furthermore, irreversible bulk polydentate carbonate formation took place, leading to
a decrease of adsorption sites [29]. Nevertheless, even the initial amount adsorbed was
already lower than the expected full adsorption capacity due to the limited adsorption
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kinetics. The resulting cyclic working capacity, herein denoted as “cycle average” of
all follow-up cycles, is more relevant to industrial applications than the initial capacity.
Therefore, this value is provided in further figures of this work.

Energies 2021, 14, x FOR PEER REVIEW 12 of 21 
 

 

All performed cyclic adsorption and desorption experiments exhibited a remarkable 
decrease of CO2 adsorption capacity from the first to the second adsorption phase but 
stayed almost stable in subsequent cycles. The initial loss of available sorption capacity 
was mainly attributed to incomplete regeneration during the comparatively short desorp-
tion phase, as the adsorption kinetics were known to be ten times faster than desorption 
[27,56]. Furthermore, irreversible bulk polydentate carbonate formation took place, lead-
ing to a decrease of adsorption sites [29]. Nevertheless, even the initial amount adsorbed 
was already lower than the expected full adsorption capacity due to the limited adsorp-
tion kinetics. The resulting cyclic working capacity, herein denoted as “cycle average” of 
all follow-up cycles, is more relevant to industrial applications than the initial capacity. 
Therefore, this value is provided in further figures of this work. 

3.3.2. Reproducibility 
Reproducibility of the measured sorption capacities was proven to be difficult, as the 

conditions a sorbent has seen, its history, have a remarkable influence on the adsorption 
characteristics [51,57]. For that reason, only experiments with similar history (e.g., no 
changes in desorption water content between the experiments) are compared with one 
another in this work. More information concerning this issue is given in (Figures S4 and 
S5). 

 

(a) (b) 

Figure 8. (a) CO conversion and (b) adsorbed amount of CO2 for 12 adsorption cycles. Adsorption: 15 min, 8 bar, 2000 
mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode C, 250 °C. 

3.3.3. Variation of Adsorption Parameters 
Influence of Total Pressure 

Results obtained in SEWGS experiments at different pressures are presented in Fig-
ure S6. Steady-state conversion approached equilibrium with increasing pressure due to 
faster adsorption kinetics (Equation (S1)). Breakthrough time, as well as adsorbed amount 
of CO2, increased with pressure as the sorption equilibrium shifted to higher loadings and 
the reaction rate increased. This observation is in line with other works on CO2 uptake on 
HTdcs at higher pressures [8,58,59]. Pressures above 8 bar were not assessed as no signif-
icant enhancement was expected, according to Zhu et al. [27]. 
Influence of CO Partial Pressure at Constant H2O Partial Pressure 

The impact resulting from an increase of the CO fraction (2.5% to 20%, constant H2O 
fraction of 10%) in the feed is presented in Figure 9. Equilibrium conversion in steady-
state was achieved for S/G ratios greater than 1 in the feed (2.5% and 5% CO), see Figure 
9a. The CO2 breakthrough time decreased with increasing CO fraction, and the amount of 
adsorbed CO2 was significantly higher for 2.5% CO than for the other feeds (Figure 9b,c). 
Here, several influences overlap: sorbent saturation depends on CO2 production rate dur-
ing reaction (which is probably lowest for 2.5% CO), the resulting driving force (partial 
pressure of CO2), the overall amount of CO2 produced (highest at 10% and 20% CO) and 

1 2 3 4 5 6 7 8 9 101112
0.0

0.2

0.4

0.6

0.8

1.0
C

O
 c

on
ve

rs
io

n 
/ -

Cycle / -

 equilibrium

1 2 3 4 5 6 7 8 9 101112
0.00
0.01
0.02
0.03
0.04
0.05
0.06

C
O

2 a
ds

or
be

d 
/ m

m
ol

/g

Cycle / -

Figure 8. (a) CO conversion and (b) adsorbed amount of CO2 for 12 adsorption cycles. Adsorption:
15 min, 8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O.
PBMR, Mode C, 250 ◦C.

3.3.2. Reproducibility

Reproducibility of the measured sorption capacities was proven to be difficult, as the
conditions a sorbent has seen, its history, have a remarkable influence on the adsorption
characteristics [51,57]. For that reason, only experiments with similar history (e.g., no
changes in desorption water content between the experiments) are compared with one an-
other in this work. More information concerning this issue is given in (Figures S4 and S5).

3.3.3. Variation of Adsorption Parameters
Influence of Total Pressure

Results obtained in SEWGS experiments at different pressures are presented in Fig-
ure S6. Steady-state conversion approached equilibrium with increasing pressure due to
faster adsorption kinetics (Equation (S1)). Breakthrough time, as well as adsorbed amount
of CO2, increased with pressure as the sorption equilibrium shifted to higher loadings and
the reaction rate increased. This observation is in line with other works on CO2 uptake
on HTdcs at higher pressures [8,58,59]. Pressures above 8 bar were not assessed as no
significant enhancement was expected, according to Zhu et al. [27].

Influence of CO Partial Pressure at Constant H2O Partial Pressure

The impact resulting from an increase of the CO fraction (2.5% to 20%, constant H2O
fraction of 10%) in the feed is presented in Figure 9. Equilibrium conversion in steady-state
was achieved for S/G ratios greater than 1 in the feed (2.5% and 5% CO), see Figure 9a.
The CO2 breakthrough time decreased with increasing CO fraction, and the amount of
adsorbed CO2 was significantly higher for 2.5% CO than for the other feeds (Figure 9b,c).
Here, several influences overlap: sorbent saturation depends on CO2 production rate
during reaction (which is probably lowest for 2.5% CO), the resulting driving force (partial
pressure of CO2), the overall amount of CO2 produced (highest at 10% and 20% CO) and
the mean steam content over the bed length. It has been widely shown that the presence of
steam during CO2 adsorption enhances the adsorption capacity of HTdcs [44,60].
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Figure 9. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorption:
15 min, 8 bar, 2000 mL/min, 10% H2O. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D, 250 ◦C.

This steam effect appeared to dominate for lower CO2 partial pressures, as the ad-
sorbed amount was higher for 2.5% CO. Furthermore, steam also influenced the SEWGS
reaction, as enough steam leading to a faster CO2 production rate was only present for
S/G ratios above or equal 1. However, at overall higher CO2 fluxes caused by higher CO
concentrations (more than factor 3 from 5% CO to 20% CO), the capacity of the sorbent was
earlier at breakthrough.

Influence of H2O Partial Pressure at Constant CO Partial Pressure

The influence of steam on the adsorption capacity was further investigated by keeping
the CO fraction constant at 10%, whilst increasing the H2O fraction above the required S/G
ratio of 1. The results of these experiments are shown in Figure 10. Equilibrium conversion
in steady-state increased with S/G ratio and was nearly reached for S/G ratios greater
than 1. Longer breakthrough times and higher amounts of adsorbed CO2 were detected in
the presence of excess steam during the adsorption process at 20% H2O. With 40% steam,
the breakthrough time did not diminish compared to 20%. However, the amount of CO2
adsorbed decreased by this further steam addition.

Energies 2021, 14, x FOR PEER REVIEW 14 of 21 
 

 

 

(a) (b) (c) 

Figure 9. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorp-
tion: 15 min, 8 bar, 2000 mL/min, 10% H2O. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D, 250 °C. 

 

(a) (b) (c) 

Figure 10. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorp-
tion: 15 min, 8 bar, 2000 mL/min, 10% CO. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D, 250 °C. 

 

(a) (b) (c) 

Figure 11. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Adsorp-
tion: 15 min, 8 bar, 2000 mL/min, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D, 250 °C. 

3.3.4. Variation of Desorption Parameters 
Influence of H2O Partial Pressure during Desorption 

In previous studies, Soria et al. reported significant process improvement with 15% 
H2O (balanced in N2) in the desorption flow compared to pure N2 [61]. The results de-
picted in Figure 12 demonstrate further the influence of the H2O fraction during sorbent 

2.5 5 10 20
0

5

10

15

20
 cycle average
 H2O = 10 %

CO fraction / %

Br
ea

kt
hr

ou
gh

 d
el

ay
 / 

s

2.5 5 10 20
0.0

0.2

0.4

0.6

0.8

1.0

 cycle average
 equilibrium
 H2O = 10 %

CO fraction / %

C
O

 c
on

ve
rs

io
n 

/ -

2.5 5 10 20
0.00

0.01

0.02
 cycle average
 H2O = 10 %

CO fraction / %

C
O

2 a
ds

or
be

d 
/ m

m
ol

/g

10 20 40
0.00

0.01

0.02
 cycle average
 CO = 10 %

H2O fraction / %

C
O

2 a
ds

or
be

d 
/ m

m
ol

/g

10 20 40
0

5

10

15

20
 cycle average
 CO = 10 %

H2O fraction / %

Br
ea

kt
hr

ou
gh

 d
el

ay
 / 

s

10 20 40
0.0

0.2

0.4

0.6

0.8

1.0

 cycle average
 equilibrium
 CO = 10 %

H2O fraction / %

C
O

 c
on

ve
rs

io
n 

/ -

2.5 5 10
0.00

0.01

0.02

 cycle average
 S/G = 4

CO fraction / %

C
O

2 a
ds

or
be

d 
/ m

m
ol

/g

2.5 5 10
0

5

10

15

20

 cycle average
 S/G = 4

CO fraction / %

Br
ea

kt
hr

ou
gh

 d
el

ay
 / 

s

2.5 5 10
0.0

0.2

0.4

0.6

0.8

1.0

 cycle average
 equilibrium
 S/G = 4

CO fraction / %

C
O

 c
on

ve
rs

io
n 

/ -

Figure 10. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Ad-
sorption: 15 min, 8 bar, 2000 mL/min, 10% CO. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D,
250 ◦C.

Such observations were in line with investigations on pure sorbent conducted by
Soria et al. [8]. They reported a positive effect on sorption capacity up to 15% H2O, but no
further improvement with increasing H2O volume fraction up to 25% (with 15% CO2 in
the feed). A potential reason might be found in competing adsorption on adsorption sites
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that can be occupied by either H2O or CO2, depending on the respective partial pressure of
these compounds. For specific sites, steam was required to remove CO2, see Section 3.3.4.

Influence of CO and H2O Partial Pressure at Constant S/G Ratio

Figure 11 displays the results for experiments with constant S/G ratio of 4 and si-
multaneously increasing CO and H2O fraction. In all cases, equilibrium conversion was
reached at steady-state conditions. With increasing reactants concentration, breakthrough
time decreased. The amount of CO2 adsorbed rose (2.5% to 5% CO), and then dropped
significantly (5% to 10% CO). Multiple related impact factors overlapped again in these
experiments. The following three parameters increased with increasing feed gas concen-
tration: (1) total amount of produced CO2, (2) CO2 production rate, thus higher driving
force for CO2 adsorption, and (3) mean amount of steam present in the gas phase. The
amount of produced CO2 depended primarily on the CO concentration and conversion.
It affected the breakthrough delay inversely. Even though a higher CO2 partial pressure
leading to a sorption equilibrium shift was obtained for 10% CO, the reaction rate increase
was followed by slower adsorption kinetics, resulting in less CO2 adsorbed. Therefore,
kinetic constraints arising from relatively slow adsorption kinetics might become prevalent
for high CO2 production rates. As discussed above, the positive influence of steam seemed
to be limited up to 40% H2O in these experiments, which was reached at 10% CO for S/G
= 4 and added to the effect of the kinetics gap.
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Figure 11. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Ad-
sorption: 15 min, 8 bar, 2000 mL/min, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode D,
250 ◦C.

3.3.4. Variation of Desorption Parameters
Influence of H2O Partial Pressure during Desorption

In previous studies, Soria et al. reported significant process improvement with 15%
H2O (balanced in N2) in the desorption flow compared to pure N2 [61]. The results de-
picted in Figure 12 demonstrate further the influence of the H2O fraction during sorbent
regeneration on the adsorption properties in the subsequent adsorption cycles. Break-
through time as well as amount of CO2 adsorbed increased with increasing H2O fraction.
These experimental results can be explained with the HTdc sorption model developed by
Coenen et al. [51,57,62,63]. They distinguished three different adsorption sites: (A) H2O
adsorption only, (B) CO2 adsorption only (mainly on basic sites caused by MgO), and (C)
competitive adsorption of H2O and CO2 (mainly due to K-promotion). Sites A and B were
regenerated with N2, whereas steam was needed to desorb CO2 from site C (and vice versa).
Hence, sorbent activation (of site C) and regeneration could be enhanced with steam.
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Figure 12. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Ad-
sorption: 15 min, 8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min. PBMR, Mode D,
250 ◦C.

Influence of Desorption Time

An increase in desorption time in SEWGS experiments resulted in longer breakthrough
delays and higher amounts of CO2 adsorbed in the subsequent adsorption cycles (Figure
13). This outcome indicates that desorption equilibrium was not reached. It is in line with
literature data for sorption on HTdc, as desorption kinetics are reported to be slow [22,
27,56]. The literature also suggests that a temperature increase during desorption further
enhances the sorbent regeneration and enables shorter desorption times [57,64]. Changing
the temperature during desorption was not straightforward in the SEWGS system, first
because the applied Cu/ZnO/Al2O3 catalyst tended to lose activity due to sintering at
temperatures above 300 ◦C, and second because of energy losses in a temperature swing
process.
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Figure 13. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed amount of CO2. Ad-
sorption: 15 min, 8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode E,
250 ◦C.

3.3.5. Variation of Reactor Configuration

Different reactor configurations based on the multi-section column packing concept
introduced by Jang et al. were tested in the PBMR. Jang et al. concluded in a numerical
study that the SEWGS process could be enhanced by loading a catalyst and sorbent mixture
with higher catalyst weight ratio in the first section of a column reactor than in the second
section [65].

Here, in this work, both slits of the PBMR were equally divided in multiple sections
(2 and 4) and packed identically (see Figure 2). In contrast to previous studies [31–33],
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significantly lower modified residence times (~factor 10) were studied. Hence, kinetic
influences were allowed and the results are quantified with respect to the desired process
conditions. Figure 14 shows the achieved steady-state CO conversion and the adsorbed
amount of CO2 for all configurations investigated.
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Figure 14. Adsorption cycle average (a) CO conversion, and (b) adsorbed amount of CO2. Adsorp-
tion: 15 min, 8 bar, 2000 mL/min, 10% CO, S/G = 1. Desorption: 40 min, 1 bar, 1000 mL/min, 40%
H2O. PBMR, 250 ◦C.

For modes A, B and C, comparable steady-state CO conversions well below thermo-
dynamic equilibrium were reached. A decrease in the catalyst containing zone length led
to an increase in sorption capacity. Long catalyst-free zones at the outlet increased the
breakthrough time, as the adsorption kinetics appeared to be considerably slower than the
reaction kinetics. This conclusion is in line with the results from the operational parameter
variation (see Section 3.3.2). Mode D exhibited higher CO conversion compared to mode
B, owing to the doubled amount of catalyst. The adsorbed amount of CO2, however, was
within the same range for both modes, attributable to the identical zone length. The total
CO2 flux led to equally lower breakthrough times in consequence (not shown). Alternating
zones in mode E did not improve the capacity in comparison with mode D. In this case, the
limitation from the sorption kinetics outweighed the potential effect of thermodynamic
reaction equilibrium shift in the second catalyst zone in unsteady-state conditions; the
amount of CO2 adsorbed dropped slightly. Also, slightly lower steady-state conversion
was reached in mode E, possibly caused by better heat distribution. It appears that for the
investigated packing concepts under the observed process conditions, the zone length of
pure sorbent at the outlet was decisive. The main influencing factor on sorption character-
istics with regard to reactor configurations was the difference in adsorption and reaction
rate.

Experimental results for a S/G ratio of 2 are depicted in Figure S7. In this case, steady-
state CO conversion reaches equilibrium for mode D and E and similar trends regarding
CO2 adsorption were observed.

4. Conclusions

A SEWGS system providing CO2-free synthesis gas for the production of carbon
neutral jet fuel in a PtL process starting from CO2 splitting into CO and O2 in a plasma
source was investigated. The SEWGS fixed bed reactor contained a mixture of catalyst
and sorbent particles to carry out WGS reaction and CO2 adsorption simultaneously. This
experimental study provided catalyst and sorbent characteristics, insight into the influence
of various SEWGS operation conditions, and results on the CO2 uptake of five different
reactor configurations.

Activity tests with a commercial Cu/ZnO/Al2O3 catalyst, a reaction temperature of
250 ◦C and modified residence times around 2 × 10−5 g·h/mL were set. The HTdc sample
calcined only once after 20 wt% potassium impregnation (MG70-K-400) from HTC starting
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material possessed the best sorption capacity and was chosen for the SEWGS parameter
study.

In automated cyclic adsorption and desorption breakthrough experiments in the
isothermal PBMR, the influence of adsorption pressure, adsorption feed composition,
desorption conditions and reactor configuration on breakthrough delay and adsorbed
amount of CO2 was studied. A constant cyclic working capacity was reached after an initial
drop between the first and the second adsorption cycle. This effect was mainly attributed
to bulk carbonate formation and incomplete sorbent regeneration due to much slower
desorption kinetics.

In accordance to the proposed adsorption isotherm models [58], an increase in pres-
sure led to higher amounts of adsorbed CO2. The amount of water available during the
adsorption phase was found to be crucial. Up to around 20% steam content in the feed, the
sorption properties were enhanced. At 40% steam, a contradictory effect was observed,
which was related to H2O and CO2 competing for adsorption sites. A total increase in
CO2 flux reduced the breakthrough time at certain conditions but the right choice of some
excess steam could counteract this effect or at least increase the amount of CO2 adsorbed.
Variations in desorption conditions revealed that the desorption process exhibited low
sorption kinetics and could also be improved with steam. High feed loading with steam
in the desorption process and long desorption times helped to increase the amount of
CO2 adsorbed during the following adsorption phase. The significance of water during
adsorption, as well as desorption, confirmed the existence of different adsorption sites.

Several catalyst and sorbent packing concepts with varying catalyst weight fraction
and zone distribution suggested that the length of the catalyst-free zone at the outlet was a
main influencing factor on the cyclic sorption capacity. As the SEWGS tests were performed
at significantly lower modified residence times than those previously reported [31–33], it
was shown for the first time that the interaction of relatively fast reaction and relatively
slow adsorption kinetics seem to play a key role in the SEWGS process design.

In general, the results suggest that the investigated SEWGS concept is a promising
option to provide synthesis gas for carbon neutral jet fuel production in the Kerogreen
process. Improving the sorption capacity of HTdcs would result in longer breakthrough
times, so this is recommended for further study.

Supplementary Materials: The following are available online at https://www.mdpi.com/1996-1
073/14/2/355/s1. Figure S1. SE image of (a) untreated sample (MG70) (×100), (b) impregnated—
calcined sample (MG70-K-400) (×100), (c) untreated sample (MG70) (×1000), and (d) impregnated—
calcined sample (MG70-K-400) (×1000). Figure S2. BSE image (x500) of pressed powder (a)
calcined—impregnated sample (MG70-400-K), (b) impregnated—calcined sample (MG70-K-400), and
(c) calcined—impregnated—calcined sample (MG70-400-K-400). Figure S3. Probe positions marked
for EDS analysis of pressed powder (a) untreated sample (MG70), (b) calcined sample (MG70-400),
(c) impregnated—calcined sample (MG70-K-400), (d) calcined—impregnated sample (MG70-400-K),
and (e) calcined—impregnated—calcined sample (MG70-400-K-400). Results are listed in Table S2.
Figure S4. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed
amount of CO2 for reproduced experiments after different sorbent histories. Adsorption: 15 min,
8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR,
Mode B, 250 ◦C. Figure S5. Adsorption cycle average (a) CO conversion, (b) breakthrough delay,
and (c) adsorbed amount of CO2 for reproduced experiments after comparable sorbent histories.
Adsorption: 15 min, 8 bar, 2000 mL/min, 2.5% CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min,
40% H2O. PBMR, Mode C, 250 ◦C. Figure S6. Adsorption cycle average (a) CO conversion, (b)
breakthrough delay, and (c) adsorbed amount of CO2. Adsorption: 15 min, 2000 mL/min, 2.5% CO,
S/G = 4. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR, Mode C, 250 ◦C. Figure S7.
Adsorption cycle average (a) CO conversion, and (b) adsorbed amount of CO2. Adsorption: 15 min,
8 bar, 2000 mL/min, 10% CO, S/G = 2. Desorption: 40 min, 1 bar, 1000 mL/min, 40% H2O. PBMR,
250 ◦C. Table S1. BET surface area, BJH average pore width and cumulative pore volume. Table S2.
EDS results: Mg/Al ratio (average) and potassium content (probe positions in Figure S3). Table S3.
Freundlich equation (Equation (S2)) parameters kF and n, and fitting parameter R2.
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Supplementary Materials 

Supplement to 3.1. Catalyst performance 

WGS rate equation acc. to Choi et al. with reaction rate rCO in mol/(g∙h), temperature T in K, pressure 

p in atm, and equilibrium constant Keq calculated from Eq. (2).  

rCO = 2.96 ⋅ 105 ⋅ exp (−
47400

R ⋅ T
) ⋅ (pH2O

⋅ pCO −
pCO2 ⋅ pH2

Keq

) (S1) 

 

Supplement to 3.2. Structural properties and CO2 capture performance of sorbent   

Table S1. BET surface area, BJH average pore width and cumulative pore volume.  

Sample surface area / m2/g pore width / nm pore volume / cm3/g 

MG70-400 170 3.95 0.123 

MG70-K-400 9 12.50 0.027 

MG70-400-K-400 18 9.50 0.042 

 

 

  
 (a)  (b)  

  
 (c)  (d)  

Figure S1. SE image of (a) untreated sample (MG70) (x100), (b) impregnated – calcined sample 

(MG70-K-400) (x100), (c) untreated sample (MG70) (x1000), and (d) impregnated – calcined sample 

(MG70-K-400) (x1000). 
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(a) (b) (c) 

Figure S2. BSE image (x500) of pressed powder (a) calcined – impregnated sample (MG70-400-K), 

(b) impregnated – calcined sample (MG70-K-400), and (c) calcined – impregnated – calcined sample 

(MG70-400-K-400). 

 

Table S2. EDS results: Mg/Al ratio (average) and potassium content (probe positions in Figure S3). 

Sample Mg/Al / -  K 1 / wt% K 2 / wt% K 3 / wt% K 4 / wt% 

MG70 3.05 ± 0.05 - - - - 

MG70-400 3.10 ± 0.01 - - - - 

MG70-K-400 3.64 ± 0.54 6.55 2.95 23.97 23.14 

MG70-400-K 3.21 ± 0.08 37.81 35.02 6.10 9.71 

MG70-400-K-400 3.12 ± 0.02 6.89 3.19 6.55  

 

 

   
(a) (b) (c) 

  

 

(d) (e)  

Figure S3. Probe positions marked for EDS analysis of pressed powder (a) untreated sample (MG70), 

(b) calcined sample (MG70-400), (c) impregnated – calcined sample (MG70-K-400), (d) calcined – 

impregnated sample (MG70-400-K), and (e) calcined – impregnated – calcined sample (MG70-400-K-

400). Results are listed in Table S2. 
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Table S3. Freundlich equation (Eq. (S2)) parameters kF and n, and fitting parameter R2. 

Sample kF / mmol/(g∙bar1/n) n / - R2 / - 

MG70-250 0.008 4.687 0.966 

MG70-400 0.071 5.280 0.984 

MG70-500 0.022 4.399 0.985 

MG70-K-400 0.174 9.512 0.970 

MG70-400-K-400 0.141 8.924 0.967 

 

Freundlich model equation for CO2 adsorption isotherm with nads being the specific amount of moles 

CO2 adsorbed in mmol/g, Freundlich constant kF in mmol/(g∙bar1/n), partial pressure of CO2 pCO2 in 

bar, and adsorption intensity n.  

nads = kF ⋅ pCO2
1/n

 (S2) 

 

Supplement to 3.3 SEWGS performance 

Supplement to 3.3.2 Long term stability 

The sorbent in Figure S4 has seen a higher water content (in other experiments at different conditions) 

between the reproduced experiments (II and III), what resumed in an increase in both, breakthrough 

time and sorption capacity. This might be due to adsorption site activation caused by steam, see 

section 3.3.3 and 3.3.4. However, the sorbent in the example depicted in Figure S5 had a comparable 

time on stream but was not exposed to different conditions between the repetitions, and no 

noteworthy difference in breakthrough delay or in adsorbed CO2 could be detected.  

 

 
(a) (b) (c) 

Figure S4. Adsorption cycle average (a) CO conversion, (b) breakthrough delay, and (c) adsorbed 

amount of CO2 for reproduced experiments after different sorbent “histories”. Adsorption: 15 min, 

8 bar, 2000 ml/min, 2.5 % CO, S/G = 4. Desorption: 40 min, 1 bar, 1000 ml/min, 40 % H2O. PBMR, 

Mode B, 250 °C.  
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(a) (b) (c) 
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Figure S7. Adsorption cycle average (a) CO conversion, and (b) adsorbed amount of CO2. Adsorption: 

15 min, 8 bar, 2000 ml/min, 10 % CO, S/G = 2. Desorption: 40 min, 1 bar, 1000 ml/min, 40 % H2O. 

PBMR, 250 °C.  
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Abstract: A dynamically operated sorption-enhanced water–gas shift reactor is modelled to lever-
age its performance by means of model-based process design. This reactor shall provide CO2-free
synthesis gas for e-fuel production from pure CO. The nonlinear model equations describing si-
multaneous adsorption and reaction are solved with three numerical approaches in MATLAB: a
built-in solver for partial differential equations, a semi-discretization method in combination with an
ordinary differential equation solver, and an advanced graphic implementation of the latter method in
Simulink. The novel implementation in Simulink offers various advantages for dynamic simulations
and is expanded to a process model with six reaction chambers. The continuous conditions in the
reaction chambers and the discrete states of the valves, which enable switching between reactive
adsorption and regeneration, lead to a hybrid system. Controlling the discrete states in a finite-state
machine in Stateflow enables automated switching between reactive adsorption and regeneration
depending on predefined conditions, such as a time span or a concentration threshold in the product
gas. The established chemical reactor simulation approach features unique possibilities in terms of
simulation-driven development of operating procedures for intensified reactor operation. In a base
case simulation, the sorbent usage for serial operation with adjusted switching times is increased by
almost 15%.

Keywords: sorption-enhanced water–gas shift (SEWGS); reactor modeling; nonlinear hybrid dynamic
system simulation; method-of-lines (MoL); pdepe solver; MATLAB Simulink Stateflow

1. Introduction

In November 2021, the participants of the Conference of the Parties COP26 in Glas-
gow agreed on a stronger commitment to the aims set in the Paris Agreement back in
2015: reducing the limitation of global warming to 1.5 °C [1,2]. To reach this ambitious
goal, anthropogenic greenhouse gas emissions must be drastically reduced. Potential for
reduction is especially possible in the transport sector, where fossil fuels must be replaced
by sustainable alternatives. A promising substitute in the case of aviation is synthetic jet
fuel produced in so-called Power-to-Liquid processes [3].

Such a process is developed in the Kerogreen project. In this project, a container-sized
pilot plant is being built, in which captured CO2, H2O, and renewable energy are converted
to the target product kerosene [4]. One unit operation within the process chain comprises a
compact sorption-enhanced water–gas shift (SEWGS) reactor. Here, purified CO from a
plasma reactor is partly converted with steam to produce hydrogen. Two main targets are
pursued in this process step:

1. Providing synthesis gas (syngas) with a H2/CO ratio of approximately two for the
subsequent Fischer–Tropsch synthesis.

2. Removing the by-product CO2 and refeeding it to the plasma reactor.

Processes 2022, 10, 1160. https://doi.org/10.3390/pr10061160 https://www.mdpi.com/journal/processes
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In sorption-enhanced reactors, or, in other words, adsorptive reactors, a chemical reaction
and an adsorptive separation of one product component are carried out simultaneously [5].
Simultaneous reaction and adsorption usually take place in fixed bed reactors filled with
solid catalyst and sorbent material .

In our case of the SEWGS reactor, the exothermic water–gas shift reaction (WGS,
Equation (1)) on a Cu-based catalyst is combined with in-situ adsorption of CO2 on a
potassium-impregnated hydrotalcite sorbent (K-HTC). Many experimental studies have
proven the feasibility of this technology [6–8]; a comprehensive overview is given in [9].
According to Le Chatelier’s principle, the selective removal of the product component
CO2 (Equation (2)) shifts the reaction equilibrium towards the product side. Hence, higher
yields of the desired product component H2 can be obtained, and the undesired product
component CO2 can be recycled. Depending on prevailing operating conditions, H2O is
also adsorbed on K-HTC (Equation (3)).

CO + H2O 
 CO2 + H2 ∆H	R = −41.2 kJ mol−1 (1)

CO2 + •
 CO2• (2)

H2O + •
 H2O• (3)

Due to its limited adsorption capacity, the sorbent gets saturated with adsorbate during
the reactive adsorption phase and needs to be regenerated for further use. Regeneration
can either be realized by temperature swing (temperature swing adsorption, TSA), pressure
swing (pressure swing adsorption, PSA), or a combination thereof (PTSA) and is often
stimulated by a concentration change (purge flow). The adsorption capacity of the sorbent
is lowered by changing the prevailing process conditions: increasing the temperature or
decreasing the pressure releases the adsorbate from the sorbent. To ensure continuous flow
and concentration of product gas, several (at least two) parallel reactors must be operated in
periodically switching modes: at least one in reactive adsorption mode and one (or more) in
regeneration (desorption) mode [10]. Usually, the required regeneration time is longer than
the time span of reactive adsorption. Hence, sorption-enhanced reactor systems consist
of multiple (about six to nine) equivalent reactors [11], which are operated in periodically
switching modes. Depending on the process concept, these modes may include for a PSA:

• pressurization (feed: reactants);
• reactive adsorption (feed: reactants);
• depressurization (no feed, often purged);
• regeneration (feed: purge gas).

A periodic reactive adsorption and regeneration cycle consists of a consecutive se-
quence of all relevant steps and is repeated continuously. To enhance performance and
efficiency, ideal operating conditions for periodic cycles must be ensured.

Modeling and simulation techniques are precious tools to develop optimized process
strategies. They aim to perform simulative parameter studies based on sorption-enhanced
reactor models to gather deeper understanding of the interior states of the reactor system.
Several approaches for reactive adsorption models were developed over the last years, and
detailed studies on the intrinsic adsorption and reaction behavior are available for specific
applications.

Sorption-enhanced processes are time- and space-dependent and can be described by
a system of coupled partial differential equations (PDE). Although single PDEs might be
solved analytically, numerical solvers are needed to compute coupled PDEs. Besides the
complex and time-consuming development of a customised solving algorithm for a special
problem, more general commercial numeric tools, such as built-in solvers in MATLAB
(The MathWorks Inc., USA), COMSOL Multiphysics (COMSOL Inc., Sweden), or gPROMS
(Siemens PSE, UK) are available for solving PDE systems. Furthermore, semi-discretization
methods (Method-of-Lines, MoL) can be used to transform a PDE into a system of ordinary
differential equations (ODE) [12], which can then be solved by well-established ODE
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solving algorithms. Table 1 gives a short overview of selected studies employing those
methods for (reactive) adsorption processes.

Table 1. Overview of selected studies employing different numerical methods for solving (reactive)
adsorption models.

Reaction Adsorption Numerical Solution Reference

- CO2 on K-HTC MATLAB: MoL (N = 500) / ode15s solver [13]
SMR CO2 on K-HTC MATLAB: MoL / ode15s solver [14]
WGS CO2 on K-HTC gPROMS: CFDM (N = 600) / DASOLV solver [15]
WGS CO2 COMSOL Multiphysics: FEM [16]
SMR CO2 on CaO-mayenite MATLAB: pdepe solver [17]
DMES H2O on LTA zeolite MATLAB: MoL (N = 30) / ode15s solver [18]
DMES H2O on LTA zeolite 3A gPROMS: BFDM (N = 60) / DASOLV solver [19,20]
WGS CO2 on K-HTC MATLAB: MoL (N = 250) / ode15s solver [21]
SMR CO2 on CaO MATLAB: pdepe solver [22]
- CO2 on K-HTC gPROMS [23]

Whereas most studies focus on the model description of simultaneous adsorption
and reaction in one reactor, the dynamic modeling of multiple interconnected reactors has re-
ceived less attention. Only few studies have investigated full-cycle behavior [15,16,18,23,24].

Najmi et al., for example, developed a multi-train SEWGS model that consists of eight
parallel reactors [15]. They implemented a set of PDEs describing reactive adsorption,
regeneration, and various PSA process cycle steps in gPROMS (axial discretization in
600 elements by centered finite difference method (CFDM), time integration by DASOLV
solver) and created an operating schedule that switches the set of equations between
reactive adsorption and desorption after defined cycle times.

Recently, van Kampen et al. presented an elaborated model study on the sorption-
enhanced dimethyl-ether synthesis, in which they demonstrated a full-cycle design for a
three column PTSA system [18]. The numerical solution was realized by means of spatial
discretization according to MoL with 30 finite differences (FD) and time integration with
MATLAB ode15s solver for pre-defined time spans of reactive adsorption/regeneration
steps.

In this contribution, we apply a novel numerical solution approach that has not been
described previously for dynamic sorption-enhanced reactor modeling. It is based on the
graphical implementation of the ODE system obtained via MoL in the MATLAB Simulink
programming environment. Simulink enables the implementation and analysis of the
SEWGS reactor as a dynamic system. The cyclic process operation procedure is imple-
mented with the Simulink add-on Stateflow. Stateflow is a tool to create state-machines
and flow-charts in Simulink. With Simulink and Stateflow, the hybrid system consisting of
parallel and periodically operated fixed beds and the discrete switches between different
modes can be fully described.

With this model, switching times for reactive adsorption and regeneration no longer
need to be predefined. Instead, they can be adjusted automatically during run time
according to a defined threshold, e.g., the CO2 content in the reaction chamber outlet.

2. SEWGS Model
2.1. Model Development

A one-dimensional, time- and space resolved dynamic reactor model was developed
to investigate numerical approaches and process configurations. The packed bed reactor
dimensions and operating conditions were chosen in accordance with the pilot plant reactor
in the Kerogreen project. This reactor consists of six individually fed reaction chambers
embedded in one diffusion-bonded apparatus (Figure 1).
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slit

reactor

reaction chamber temperature control

heating cartridges

Figure 1. Pilot plant SEWGS reactor with six individually fed reaction chambers. Every chamber
consists of seven slits. Isothermal conditions are ensured with adjacent channels between the slits for
tempering with purge gas.

In cyclic operation, the chambers can be operated in parallel or in series: the outlet of
one reaction chamber can be coupled with the inlet of the next reaction chamber for a serial
configuration. Each reaction chamber consists of seven rectangular slits (h = 4 mm, w =
50 mm, l = 300 mm). The slits are filled with a homogeneous mixture of K-HTC and
Cu/ZnO-Al2O3 catalyst particles. Due to the rather low adsorption capacity of K-HTC, the
SEWGS reactor in the Kerogreen pilot plant employs a PSA concept with fast switching
times for continuous H2 production. Contrary to concepts with large, thick vessels as
reactor compartments, where severe back-mixing can occur, the slits are assumed to behave
like ideal plug flow reactors.

The SEWGS reactor merges several elements of process intensification [25,26]. In terms
of processing methods, it can be classified as a multi-functional reactor for dynamically
operated reactive separation processes. In terms of equipment, the SEWGS reactor exhibits
excellent heat transfer properties due to adjacent tempering micro-channels between the
slits that basically form a micro heat-exchanger and enable isothermal operation conditions
in the reaction chambers. Sending purge gas (N2 with steam) through the tempering chan-
nels prior to entering the chambers in desorption mode leads to a negligible temperature
difference between adsorption and desorption slits. The model is based on the following
assumptions and considerations:

• Homogeneous distribution of uniformly sized catalyst and sorbent particles according
to their weight fraction assumed as one phase

• Uniform gas distribution in the reaction chambers
• Isothermal conditions in the slits
• Negligible pressure drop in the slits
• Constant superficial velocity (which is only the case for sufficient dilution, [27])
• No gradients rectangular to flow direction
• Axial dispersion considered with axial dispersion coefficient
• External mass transfer limitations neglected (Maers criterion)
• Internal mass transfer limitations considered (Weisz–Prater criterion) and imple-

mented with linear driving force (LDF) model (Glueckauf criterion)
• WGS reaction [28] and simultaneous adsorption of CO2 and H2O on three different

sorption sites (A: H2O only, B: CO2 only, C: H2O and CO2 comparatively) [29]
• Equilibrium-based desorption of H2O and CO2.

2.2. Model Equations

The mole balances for species i = CO, H2O, CO2, H2, N2 in the bulk gas phase are
given in Equation (4). A heterogeneous LDF approximation was used for intraparticle mass
transfer limitations to account for the porous character of the particles.



Processes 2022, 10, 1160 5 of 19

εb
∂ci
∂t

= −u
∂ci
∂z

+ εb Dax,i
∂2ci
∂z2 + (1− εb) kLDF,i (c̄i − ci) (4)

The required initial conditions are implemented according to the prevailing conditions
in the reaction chambers before the switch (e.g., end of desorption mode before reactive
adsorption) and the boundary conditions according to Equation (5) at the inlet (Dirichlet) and
Equation (6) at the outlet (Neumann) of the reaction chambers. The initial conditions for the
first reactive adsorption step result from a 2 h regeneration step to represent a fresh sorbent.

at z = 0 ci = ci,feed t > 0 (5)

at z = l
∂ci
∂z

= 0 t > 0 (6)

The mole balances for species i = CO, H2O, CO2, H2, N2 in the particle void phase,
where reaction and adsorption or desorption are assumed to take place on the solid surface,
are given in Equation (7) for an axial dependent averaged particle concentration. The
stoichiometric reaction coefficient νi is−1 for the reactants (CO and H2O), 1 for the products
(CO2, H2), and 0 for inert N2. The adsorption rates of H2O and CO2 are given in Equation (8)
and Equation (9), respectively. Initial conditions are defined analogous to the bulk phase.

εp
∂c̄i
∂t

= εp kLDF,i(ci − c̄i) + wcat ρ νi rWGS − (1− wcat) ρ aads,i (7)

aads,H2O =
∂qA,H2O

∂t
+

∂qC,H2O

∂t
(8)

aads,CO2 =
∂qB,CO2

∂t
+

∂qC,CO2

∂t
(9)

The adsorption kinetics of adsorbate species H2O and CO2 on adsorption site A (H2O
only), B (CO2 only), and C (H2O and CO2) of K-HTC sorbent are taken from Coenen et
al. and are specified in Equation (10) (identical approach for qA,H2O) and Equation (11)
(identical approach for qC,H2O), respectively [29]. The initial conditions are chosen according
to the prevailing conditions in the reaction chambers before the switch.

∂qB,CO2

∂t
= kB,ads ·

(
qeq

B,CO2
− qB,CO2

)
with qeq

B,CO2
= kB · pnB

CO2
(10)

∂qC,CO2

∂t
= kC,ads · pm

CO2
·
(
qC,max − qC,H2O − qC,CO2

)

+ kC,rep1 · qC,H2O · pm
CO2
− kC,rep2 · qC,CO2 · pm

H2O − kC,des,CO2 · qC,CO2

(11)

The desorption of site A and B was modelled with an equilibrium-dependent des-
orption coefficient (Equation (12), identical approach for qA,H2O). For site C, comparative
replacement of CO2 by H2O takes place (Equation (11)). The heterogeneity of the surface is
considered by a modified Elovich approach, shown for site B in Equation (13) (identical
approach for site A and C) [29].

∂qB,CO2

∂t
= kB,des ·

(
qeq

B,CO2
− qB,CO2

)
(12)

kB,des = k1
B,des · exp


−

(
−βB,des ·

qB,CO2

qB,max

)

R · T


 (13)

The WGS reaction rate expression over a Cu/ZnO-Al2O3 catalyst is taken from Choi
et al. and presented in Equation (14) [28]. The reaction equilibrium constant results from
Equation (15) [30].
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rWGS = k∞ · exp
(
− Ea

R · T

)
·
(

pH2O · pCO −
pH2 · pCO2

Keq

)
(14)

Keq = exp
(

4577.8
T
− 4.33

)
(15)

The axial dispersion coefficient was determined with Equation (16) [19] with gas
mixture diffusion coefficients from [31].

Dax,i = Dmix,i ·
√

εb + u · rp (16)

The linear driving force approximation coefficients were calculated according to
Equation (17) [32] with effective diffusion coefficients from [31].

kLDF,i =
15 · Deff,i

r2
p

(17)

2.3. Model Parameters

For the comparison of numerical solution approaches, a base case was investigated.
The operating conditions and parameters for this base case are listed in Table 2. An
overview of the kinetic coefficients is given in Appendix A, Table A1.

Table 2. Parameters and operating conditions used in the base case simulation.

General Parameters

εb 0.4
εp 0.5
ρ 1096 kg m−3

rp 100 µm
wcat 0.05

Adsorption Parameters

p 8 bar
T 250 °C
FSTP 2000 mL/min
yCO,feed 0.3
yH2O,feed 0.6
yN2,feed 0.1

Desorption Parameters

p 1 bar
T 250 °C
FSTP 1000 mL/min
yH2O,feed 0.4
yN2,feed 0.6

3. Numerical Simulation Approaches

Three practical numerical simulation approaches for solving the SEWGS model are
presented in the following sections. The simulations were performed on one core of the
multi core processor Intel(R) Core(TM) i7-6700HQ CPU @ 2.60 GHz, with 8 GB of installed
RAM memory using MATLAB version R2020b, 64-bit.

3.1. Built-In Solver

The system of coupled PDEs was solved with MATLAB’s built-in solver pdepe for
parabolic and elliptic PDEs in one dimension. This solver solves initial-boundary value
problems in the form of Equation (18) with two independent variables: one spatial variable
and time. The coefficients of Equation (18) have to be provided in the function handle
pdefun, whereas initial and boundary conditions are specified in icfun and bcfun. The
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boundary conditions must be coded according to Equation (19) [33]. At least one PDE
must be parabolic. Therefore, the axial dispersion term in Equation (4) is required for the
applicability of pdepe and the proper definition of boundary conditions.

c∗
(

z, t, v,
∂v
∂z

)
∂v
∂t

= z−m∗ ∂

∂z

(
zm∗ f ∗

(
z, t, v,

∂v
∂z

))
+ s∗

(
z, t, v,

∂v
∂z

)
(18)

p∗(z, t, v) + q∗(z, t) f ∗
(

z, t, v,
∂v
∂z

)
= 0 (19)

The pdepe solver transforms the system of PDEs into a system of ODEs by means of spatial
discretization with a piecewise Petrov–Galerkin method on a set of user-defined nodes
(xmesh) [34]. The resulting ODE system is integrated in time with the built-in solver ode15s
for stiff differential algebraic equations (DAEs). DAEs arise from elliptic equations in the
PDE system. The variable time step integration of ode15s delivers the numerical solution at
specified points of time, defined in tspan. With this procedure, both time step and computing
formula are adapted dynamically to obtain high accuracy in short computational time [35]. The
pdepe solver provides a user-friendly implementation and is capable of solving nonlinear
and coupled equations reliably for suitably defined meshes [36].

3.2. Method-of-Lines (MoL)

Another approach for solving coupled PDE systems is the MoL, a semi-discretization
method [12]. Spatial derivatives in the PDEs are substituted by algebraic approximations
to obtain a set of ODEs that can be solved with well-established solving algorithms. Here,
spatial discretization is realized on a uniform grid in an axial direction (z-direction) with
FD. For the first-order convective terms, a backward FD is used (Equation (20)), and for the
second-order dispersion terms, implicit central differences are defined (Equation (21)). The
resulting error O is neglected. The MoL resembles a CSTR cascade: with decreasing length
of ∆z, the number of cells N in the cascade increases and the error diminishes.

∂v
∂z
≈ vn − vn−1

∆z
+ O(∆z) with n = 1, ..., N (20)

∂2v
∂z2 ≈

vn+1 − 2vn + vn−1

∆z2 + O(∆z2) with n = 1, ..., N − 1 (21)

The boundary conditions are implemented as differential equations on the first node
(n = 0, Dirichlet), and on the last node (n = N, Neumann), analogous to Equation (5) and
Equation (6) (method of false boundaries).

The obtained ODE system of N + 1 equations is numerically solved in time with MAT-
LAB’s ode15s for best comparability with the pdepe results. This variable-step, variable-
order solver is based on numerical differentiation formulas and is recommended for stiff
problems and DAEs. A convergence analysis with up to 250 cells is performed to examine
the adequacy of the spatial discretization.

3.3. Simulink

Simulink is a graphical programming environment used for modeling, simulation,
and analysis of dynamical systems that is based on MATLAB [37].

3.3.1. Model Implementation and Data Structure

In the third approach presented in this paper, the model equations are implemented in
Simulink based on the idea of the MoL. In Simulink, the model is constructed in hierarchical
block diagrams in the graphical editor, where libraries of predefined blocks of elementary
model components for continuous-time and discrete-time systems are available [37]. Those
blocks are connected with signal lines to visually build the model.

The SEWGS model equations are discretized in space to obtain ODEs for N cells,
as described in Section 3.2. The ODEs are implemented in a block diagram as shown in
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Figure 2 for the bulk concentration of CO [38]. Fourteen ODEs are needed to describe one
cell (Figure 2). All ODEs of one cell have to be evaluated as a time-dependent single unit.
Therefore, they are classified as one atomic subsystem. For simplified programming, the cell
subsystem is stored in a separate file to be used multiple times as a referenced subsystem in
the main model file, the so-called parent model. Ten subsequent cells are arranged in a group
subsystem to enable easy scale-up and data storage. A reaction chamber comprises the
desired number of groups in a cascade, as shown in Figure 2 for N = 50.

reaction chamber (N=50)

cell (N)

ODE

Figure 2. Bottom-up Simulink implementation of the model equations for one reaction chamber
discretized analogous to MoL. Exemplary ODE implementation of the CO concentration in the bulk
phase. The integrator block is marked in yellow. Fourteen ODEs arrange the cell subsystem; N (here:
N = 50) cells form the reaction chamber.
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The integrator block (marked in yellow in Figure 2) provides the selected solver
(Section 3.3.2) with an initial condition that is used to compute the block’s initial state at
the start of the simulation and outputs the value of the integral of its time-dependent input
signal at every time step.

A comprehensive bus object structure had to be developed for user-friendly and reliable
data access. Simulink bus objects are equivalent to a structure definition in C. All relevant
data belonging to one cell are stored together in one cell bus object. Ten cells are grouped in
a superordinated group bus object. The desired number of groups form the whole reaction
chamber and are contained in a chamber bus object. Each data point in every cell can easily
be accessed via dot notation: e.g., the CO2 concentration leaving the 25th cell is addressed
as N20.N05.CCO2. This structure simplifies data handling enormously, compared to the
methods presented in Sections 3.1 and 3.2, where the overall time- and space dependent
solution is contained in one voluminous matrix.

3.3.2. Solver Selection

The solver choice depends on the dynamics of the system, the solution stability, the
solver robustness, and especially the computation speed when solving complex systems
[39]. The different solvers suggested by the MATLAB solver library for ODEs were tested
for the SEWGS model, with the aim to solve the model successfully within specified
tolerance limits and in a reasonable duration. Figure 3 shows the required computation
time for appropriate solvers depending on the implemented number of cells for the base
case: reactive adsorption in one reaction chamber. Computation times below 0 indicate
that a simulation did not converge, and a smaller error tolerance was required. With solver
ode23t, the computation time was reduced by almost half compared to the commonly used
solver ode15s with sufficient precision (relative error tolerance of 10−3). This solver is used
to speed-up all Simulink simulations presented in this paper.
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Figure 3. Required computation time depending on the number of implemented cells, chosen solver,
and relative error tolerance. Filled symbols: relative error tolerance 10−6; open symbols: relative
error tolerance 10−3. The best results for N = 100 are obtained for solver ode23t with a relative error
tolerance of 10−3. Computation times below 0 indicate that a simulation did not converge.

3.3.3. Cyclic Process Design

A complex model, consisting of six parallel reaction chambers, is developed for
continuous H2 production. The automated switching logic from reactive adsorption to
regeneration mode is realized with a finite-state-machine implemented in the Simulink
tool Stateflow. Stateflow enables mode logic, fault management, and task scheduling in
discrete or hybrid systems. A Stateflow machine contains Stateflow charts with objects
such as states, events, transitions, etc. [40].
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For the implemented periodic process, the valve positions (corresponding to the real
plant) for either reactive adsorption or regeneration are triggered after an initialization
step in all chambers by the Stateflow machine. One reaction chamber starts in reactive
adsorption mode, while the other chambers are in regeneration mode. As soon as a specified
event triggers the Stateflow machine, such as reaching a threshold concentration in the
outlet flow or a predefined time span, the valve positions are changed in a way that the
next reaction chamber starts its reactive adsorption period. A graphical overview of the
SEWGS Simulink model is given in Figure 4.

System Control

Reactor Model

Figure 4. Simulink model consisting of six reaction chambers (blue), which are operated in either re-
action or regeneration mode after an initialization step. Subsequent reaction chambers can optionally
be connected. The cyclic process operation is controlled with a Stateflow machine (yellow).

In this paper, the dynamic adaptation of switching times depending on the CO2
content in the reaction chamber outlet is investigated for a partly serial reaction chamber
configuration.

4. Results and Discussion

In the following sections, the simulation results for reactive adsorption in one reaction
chamber are compared for three numerical approaches. Furthermore, the cyclic process
design for the SEWGS reactor consisting of six reaction chambers is presented.

4.1. Reactive Adsorption

The accuracy of the MoL simulations depends primarily on the adequacy of the grid
discretization. In Figure 5a, the sorbent loading with CO2 over the reactor length is shown
for 10 to 250 cells at t = 25 s. The curves exhibit steep steps for simulations with few
cells, and the smoothness increases significantly for N > 100. The grid (in)dependence is
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depicted in Figure 5b. For N > 100, the deviation from N = 250 is less than 5%, except for
the initial conditions in the differently sized first cell.

The required computation time increased almost exponentially with the number of
cells (see Appendix A, Table A2). Therefore, a trade-off between accuracy and computation
time must be made, and N = 100 was chosen for the following MoL simulations.
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Figure 5. MoL grid analysis with N = 10 to 250 cells for reactive adsorption in one reaction chamber.
(a) CO2 loading, and (b) deviation of CO2 loading from N = 250 as a function of the reactor length at
t = 25 s.

The pdepe simulations have proven to be extremely sensitive to initial conditions. A
sufficiently high number of mesh points in time and space needs to be chosen to ensure
numerical stability and to avoid oscillations. The computation time for pdepe was signifi-
cantly lower compared to MoL simulations with a comparable number of mesh points due
to pdepe’s run-time optimization (see Appendix A, Table A2). For both methods, MoL and
pdepe, convergence could be reached with appropriate mesh settings.

In the base case, the CO2 loading of the sorbent over the reactor length increases with
time until it reaches full saturation after approximately 100 s (Figure 6a). At the same time,
the CO2 concentration at the reactor outlet approaches its steady-state value (Figure 6b).
The defined breakthrough (CO2 volume fraction in the product > 0.05) of CO2 at the reactor
outlet can be noticed after approximately 40 s. Prior to that point, CO is fully converted in
excess of H2O in the feed, and the produced CO2 is adsorbed completely.

In order to access the conservation properties of the numerical solution algorithms,
the deviation from the molar balance depending on time and space was calculated (see
Appendix A, Figure A1). Both methods, pdepe and MoL, exhibit only minor deviations
from a closed molar balance (< 2%). The deviation is more pronounced for pdepe close to
the reactor inlet at t <50 s. For MoL, the deviation emerges for a longer period of time at
the reactor outlet. In both cases, it approaches zero as soon as steady-state conditions are
reached. The deviations were attributed to the adsorption process and could—especially for
undiluted feeds—possibly be improved by taking into account prevailing velocity changes,
as suggested by DiGiuliano et al. [27].
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Figure 6. Comparison of pdepe and MoL (N = 100) simulation results for reactive adsorption in one
reaction chamber. (a) CO2 loading at various adsorption times as a function of the reactor length, and
(b) bulk phase concentrations at reactor outlet as a function of time. Solid lines: MoL; dotted lines:
pdepe.

After having shown that both approaches, pdepe as well as simple uniform semi-
discretization with MoL, lead to satisfying results for the SEWGS simulation, the MoL results
were compared with the corresponding Simulink results for N = 100. As expected, hardly any
deviation between the curves of the two methods can be distinguished (Figure 7). Therefore,
it was concluded that the graphical approach in Simulink performs with sufficient precision
and reliability and can be expanded to a more complex hybrid process model.
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Figure 7. Comparison of MoL and Simulink (N = 100) simulation results for reactive adsorption in
one reaction chamber. (a) CO2 loading at various adsorption times as a function of the reactor length,
and (b) bulk phase concentrations at reactor outlet as a function of time. Solid lines: MoL; dotted
lines: Simulink (N = 100).

4.2. Process Design

The hybrid Simulink Stateflow model consisting of six reaction chambers, switching
opportunities (valves), and process control (Stateflow machine) (Figure 4) is used to simu-
late cyclic SEWGS process operation. An interconnected reaction chamber configuration
was investigated for optimized sorbent usage (Figure 8): chamber 1 starts in reactive ad-
sorption mode (M2) with fresh feed (CO + H2O) and produces CO2-free WGS product,
whereas all other chambers are in regeneration mode (M4). The regeneration feed consists
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of N2 and H2O to increase CO2 desorption from both sorption sites (B and C). As soon as
the sorbent in chamber 1 is no longer capable of adsorbing all produced CO2 and the gas
flow leaving chamber 1 reaches a CO2 volume fraction of 5%, a switch to M3 is triggered.
In M3, the gas flow leaving chamber 1 is fed into chamber 2, which is then in M1. While
the sorbent loading in chamber 1 is still increasing, CO2-free WGS product is produced
in chamber 2. Chamber 1 switches from M3 to M4 when a threshold of 20% CO2 volume
fraction is reached. The cycle then continues in chamber 2 with M2.

M1

CO + H2O

M2

M3

M4

CO + H2O

N2 + H2O

product

to

subsequent

chamber

from

previous

chamber

product

exhaust

Figure 8. Process operation modes. M1: feed from previous chamber, outlet product; M2: reaction
feed, outlet product; M3: reaction feed, outlet to subsequent chamber; M4: regeneration feed, outlet
exhaust.

A typical operation scheme is depicted in Figure 9a for the first 900 s for all chambers.
According to the operational concept, the interconnected chambers in M1 and M3 are
dependent on each other. The resulting time span for M4 is the limiting factor for the
sorbent regeneration. As always one chamber is either in M1 or M2, a constant product gas
flow is ensured, and a nearly CO2-free product flow leaves the reactor. Figure 9b shows the
H2 volume fraction in the product flow of the total reactor (six chambers) and of chamber 1.
The H2 volume fraction approaches a constant value of about 0.62 after the first cycle; the
rest of the product gas flow consists of inert N2 and unreacted H2O.
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Figure 9. (a) Operation scheme for six reaction chambers, and (b) H2 volume fraction in the product
for all chambers combined ("total") and for chamber 1 for the first 900 s. Switching condition M2
to M3: CO2 volume fraction in product > 0.05; M3 to M4: CO2 volume fraction to subsequent
chamber > 0.2.
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The time span in which a chamber stays in each mode and the resulting sorbent
loading at the end of each mode as a function of the cycle number is shown for chamber 1
in Figure 10. The relative sorbent loading refers to the maximum loading after 400 s reactive
adsorption. A significant reduction of the cycle time span by almost 50% is visible after the
first cycle. Due to the limited regeneration time, the initial time span of reactive adsorption
can no longer be reached in subsequent cycles, as the sorbent cannot be fully regenerated.
After the third cycle, the time spans for the different modes as well as the relative sorbent
loadings approach constant values. Hence, the overall system is operating in steady-state.
The interconnection of two subsequent chambers in M3 and M1 allows for an increased
sorbent usage from 72.6% (at the end of M2) to 87.1% (at the end of M3) for the prevailing
process conditions, while maintaining the CO2 volume fraction in the product flow below
5%.

1 2 3 4 5 6 7 8 9
Cycle (-)

0

50

100

150

200

250

T
im

e 
(s

)

M1 M2 M3 M4

(a)

1 2 3 4 5 6 7 8 9
Cycle (-)

0

20

40

60

80

100

So
rb

en
t l

oa
di

ng
 (

%
)

M1 M2 M3 M4

(b)

Figure 10. Cyclic operation in six reaction chambers; results shown for nine cycles in chamber 1.
(a) Time span of the modes depending on the cycle number, and (b) relative sorbent loading at the
end of the modes.

These results show the feasibility of the novel Matlab Simulink Stateflow implemen-
tation of the SEWGS model for process optimization. Using a Simulink implementation
for a chemical reactor and utilizing Stateflow simplifies the following: simulation-driven
development of operating procedures, performance evaluation of larger and more complex
systems, and safe failure management. These advantages enable rapid prototyping with
MATLAB code generation into programming language for automation systems (PLC) [41]
and could thus simplify real plant operation.

5. Conclusions

A dynamically operated compact SEWGS reactor was modelled to optimize its opera-
tion procedure. The reactor consists of six identical reaction chambers, which are operated
in cycles of reactive adsorption and desorption. The model contains coupled PDEs and is
based on kinetic expressions for adsorption, reaction, and desorption.

A novel simulation approach for time- and space-dependent cyclic reactor operation
was presented. This approach enables automated adjustment of switching times during run-
time according to specified conditions, such as exceeding a threshold of CO2 concentration
in the product stream. For that reason, switching times do not need to be pre-defined and
can be optimized dynamically.

First, the applicability of the novel method was verified by comparison with existing
and well-established methods for reactive adsorption in one reaction chamber. Therefore, a
base case simulation was implemented and solved with MATLAB’s pdepe solver. These
results were compared with those obtained via MoL (spatial discretization with FD and
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ODE system solution with MATLAB’s ode15s solver) to determine the required number of
spatial discretization cells and to justify the discretization scheme.

Then, the MoL equations were implemented graphically in MATLAB Simulink. Only
minor deviations between the results of all methods verify the discretization and suggest
the reliability of the MoL implementation in Simulink.

Finally, the basic model was expanded to a complex model distinguishing between ini-
tialization, reactive adsorption, and regeneration modes. A comprehensive data structure
for reliable data handling was established. A Stateflow machine was designed to simulate
automated cyclic switching between six reaction chambers for continuous synthesis gas
production. Overall process modeling included a configuration of subsequent intercon-
nected reactor chambers for optimized sorbent usage, while the CO2 volume fraction in
the product flow could still be kept below 5%. Due to automated switching between
interconnected reaction chambers, an increase of sorbent usage from 72.6% to 87.1% could
be elaborated in the presented case.

This case study has shown that carefully chosen operating parameters and process
configurations together with simulation-driven process design can significantly enhance the
exploitation of the full sorption capacity and therefore increase the efficiency of sorption-
enhanced reaction processes. The novel simulation approach can serve as a practical
example for dynamic reactor modeling.
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Abbreviations
The following abbreviations are used in this manuscript:
BFDM Backward finite difference method of first order
CFDM Centered finite difference method of second order
Ch. Chamber
CSTR Continuously stirred tank reactor
DAE Differential algebraic equation
DASOLV Implicit backward differentiation formula solver in gPROMS
DMES Dimethyl ether synthesis
FD Finite Difference
FEM Finite elements method
K-HTC K2CO3-promoted hydrotalcite
LDF Linear driving force model
M1-M4 Mode 1-4
MoL Method-of-lines
ODE Ordinary differential equation
ode15s Solver for stiff ODEs in MATLAB
PDE partial differential equation
pdepe Solver for systems of parabolic and elliptic PDEs in MATLAB
PLC Programmable logic controller
PSA Pressure swing adsorption
PTSA Pressure temperature swing adsorption
SEWGS Sorption-enhanced water–gas shift
SMR Steam-methane reforming
TSA Temperature swing adsorption
WGS Water–gas shift
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The following symbols are used in this manuscript:
β j,des,(i) activation energy change (J mol−1)
εb bed void fraction (−)
εp particle void fraction (−)
νi stoichiometric reaction coefficient (−)
ρ bulk density (kg m−3)
aads,i adsorption rate (mol kg−1 s−1)
c∗ pdepe diagonal matric (−)
ci bulk phase concentration (mol m−3)
c̄i particle void phase concentration (mol m−3)
Dax,i axial dispersion coefficient (m2 s−1)
Deff,i effective diffusion coefficient (m2 s−1)
Dmix,i gas mixture diffusion coefficient (m2 s−1)
Ea activation energy (J mol−1)
eq equilibrium (−)
f ∗ pdepe flux term coefficient (−)
FSTP volumetric flow rate at STP (ml min−1)
h slit height (mm)
∆H	R standard reaction enthalpy (kJ mol−1)
i species CO, H2O, CO2, H2, N2 (−)
j sorption site A, B, C (−)
kC,rep1 exchange rate coefficient 1 (bar−1 s−1)
kC,rep2 exchange rate coefficient 2 (bar−1 s−1)
Keq equilibrium constant (−)
kj Freundlich adsorption coefficient (mol kg−1 bar−1)
kj,ads adsorption coefficient (s−1)
kj,des,(i) desorption coefficient (s−1)
k1

j,des,(i) desorption coefficient (s−1)

kLDF,i linear driving force coefficient (s−1)
k∞ frequency factor (mol bar−2 g−1 h−1)
l slit length (mm)
m tiny value exponent (−)
m∗ pdepe symmetry constant (−)
n index variable (−)
N number of cells (−)
nj Freundlich adsorption intensity (−)
O approximation error (−)
p∗ pdepe boundary coefficient (−)
p(i) (partial) pressure (bar)
q∗ pdepe boundary coefficient (−)
qj,i sorbent loading of species i on site j (mol kg−1)
rp particle radius (m)
rWGS WGS reaction rate (mol kg−1 s−1)
R gas constant (J mol−1 K−1)
s∗ pdepe source term coefficient (−)
t time (s)
T temperature (K)
u gas velocity (m s−1)
v dependent variable (−)
w slit width (mm)
wcat catalyst weight fraction (−)
yi volume fraction (−)
z axial coordinate (m)
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Appendix A

Table A1. Kinetic coefficients. Adapted from [28,29].

Adsorption / Desorption

kA,ads 4.18× 10−2 s−1

kA 1.69 mol kg−1 bar−1

nA 0.235
k1

A,des 7.84× 10−9 s−1

βA,des 1.72× 105 J mol−1

kB,ads 9.29× 10−2 s−1

kB 0.31 mol kg−1 bar−1

nB 0.239
k1

B,des 4.41× 10−5 s−1

βB,des 6.27× 104 J mol−1

kC,ads 0.1 bar−1 s−1

kC,rep1 5.0× 10−3 bar−1 s−1

kC,rep2 1.4× 10−2 bar−1 s−1

k1
C,des,H2O 5.23× 10−11 s−1

k1
C,des,CO2

2.06× 10−10 s−1

βC,des,H2O 5.41× 104 J mol−1

βC,des,CO2 5.00× 104 J mol−1

m 1× 10−16

WGS Reaction

k∞ 2.96× 105 mol bar−2 g−1 h−1

Ea 47.400 J mol−1

Table A2. Computation time for pdepe and MoL simulations for reactive adsorption in one reaction
chamber.

MoL pdepe

Number of Cells 10 30 50 100 200 250 3000
(-)

Computation Time 0.04 0.22 0.27 4.96 46.81 90.93 12.19
(min)

(a) (b)

Figure A1. Time and space-dependent deviation from molar balance for reactive adsorption in one
reaction chamber: (a) pdepe, and (b) MoL (N = 100) simulation results.
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Dynamic simulation of a compact
sorption-enhanced water-gas
shift reactor

Tabea J. Stadler, Laila J. Bender and Peter Pfeifer*

Institute for Micro Process Engineering (IMVT), Karlsruhe Institute of Technology (KIT), Karlsruhe,
Germany

This work presents the dynamic simulation of a novel sorption-enhanced

water-gas shift reactor used for synthesis gas production from pure CO in

an e-fuels synthesis process. Due to the intended decentralized plant

installation associated with fluctuating feed, process intensification and a

compact reactor system is required. An optimized operating procedure was

obtained by simulation-driven process design to maximize the sorbent loading

and operate the process as efficient as possible. The process simulation is based

on a simplified heterogeneous packed bed reactor model. The model accounts

for simultaneous water-gas shift (WGS) reaction on a Cu-based catalyst and

CO2 adsorption on a K-impregnated hydrotalcite-derived mixed oxide as well

as subsequent desorption. An empirical rate expression was chosen to describe

the water-gas shift reaction according to experimental data at 250°C.

Breakthrough experiments were performed and used to adapt kinetic

adsorption (pressure: 8 bar) and desorption (pressure: 1 bar) parameters. The

experimental CO2 sorption equilibrium isotherm was fitted with the Freundlich

model. The reactor model was extended to a complex hybrid system scale

model for the pilot plant reactor consisting of six individually accessible reaction

chambers. Cyclic operation with automatized switching time adjustment was

accomplished by a finite state machine. A case study exploited the benefits of a

serial process configuration of reaction chambers. It could be shown that the

sorbent loading can be remarkably increased through optimized operating

strategies depending on the process conditions. Hence, the development of the

hybridmodel marks a crucial step towards the planned pilot plant operation and

control.

KEYWORDS

sorption-enhanced water-gas shift reaction, dynamic simulation, MATLAB Simulink
Stateflow, experimental model validation, simulation-driven process optimization,
micro-structured reactor design, high-temperature CO2 adsorption

1 Introduction

Global CO2 emissions unexpectedly dropped by 5.4% in 2020 due to the COVID

pandemic, but pre-COVID levels have been reached again rapidly (UNEP, 2021).

International aviation is among the top emitters. It released about 1 Gt CO2 to the

atmosphere in 2018 (Lee et al., 2021) and the global aviation industry expects
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emissions to increase to about 1.2–1.9 Gt CO2 in 2050

(Fleming and de Lépinay, 2019). Although these

predictions were made before the pandemic, they do not

lose their long-term significance, because the pandemic-

related impacts are expected to be only relevant until

around 2024 (IATA, 2020).

To still achieve the Paris climate goals and limit global

warming to well below 1.5°C, net zero CO2 emissions have to

be reached by around 2050 (IPCC, 2018). Hence, also the

aviation sector has to undergo a transition away from fossil

fuels until 2050. The decarbonization of aviation is especially

demanding due to extremely long technology and fleet

turnover times. Therefore, it is highly likely that planes still

have to be powered with hydrocarbons in the upcoming

decades. Sustainable aviation fuels (SAF) as fossil fuel

substitutes remain the only reasonable near- to mid-term

solution.

SAF can be classified into biofuels produced from biomass,

and e-fuels obtained from renewable energy, CO2 and water.

Biofuel production technologies are already available in

industrial scale, but biofuel availability is limited by natural

and ethical constraints. The global SAF demand in

2050 cannot be met completely by biofuels under

sustainable aspects, such as protecting ecosystems and

ensuring availability of land and water without

competition. E-fuels production, however, is primarily

limited by the cost and availability of renewable energy.

Established e-fuels process routes include H2 production

via water electrolysis in combination with CO generation via

reverse water-gas shift reaction from air-captured CO2

(Kirsch et al., 2020). Synthesis gas (CO and H2) is then

chemically converted to e-fuels via Fischer-Tropsch

reaction and further downstream processing steps (Stadler

et al., 2022a).

The Kerogreen project currently investigates a novel

e-fuels process route with an advanced synthesis gas

production concept (Goede, 2018; Kerogreen, 2022).

Compact, decentralized plants close to renewable energy

production sites are envisaged. Here, CO2 is split into CO

and O2 in a plasmolysis unit. Pure CO partly reacts with steam

to H2 via water-gas shift (WGS) reaction. The by-product CO2

is removed in-situ and recycled to the plasmolysis unit. The

energy for the plasmolysis unit is provided by renewable

sources.

For the WGS process step with simultaneous CO2

separation, the sorption-enhanced water-gas shift (SEWGS)

reaction concept was chosen. SEWGS applications were first

described by Gluud et al. (1931) and have been broadly

discussed for H2 production, purification, and pre-

combustion capture technologies in the past decade (Jansen

et al., 2013; Petrescu et al., 2019; Sebastiani et al., 2022). The

concept is based on a homogeneous mixture of solid catalyst

and sorbent material in a packed bed reactor. The catalyst

enables the exothermic WGS reaction (Eq. 1) while the

sorbent is capable to adsorb the produced CO2 under the

prevailing process conditions, e.g., at elevated temperature

(200°C–450 °C). Hence, the thermodynamic boundary

conditions are shifted towards favorable H2 generation

according to LeChatelier’s principle.

CO +H2O#CO2 +H2 ΔH⊖
R � − 41.2 kJmol−1 (1)

The most intensively discussed materials for CO2

adsorption include calcium oxide (Wang et al., 2013),

magnesium oxide (Bhagiyalakshmi et al., 2010), lithium

zirconate (Iwan et al., 2009), lithium silicate (Hu et al.,

2019), activated carbon (Yin et al., 2013), molecular sieves

(Siriwardane et al., 2001), zeolites (Mulloth and Finn, 1998),

metal organic frameworks (Millward and Yaghi, 2005), and

layered double hydroxides (Rives, 2002). Hydrotalcites (HTC)

belong to the latter group and change their structure during

thermal treatment to a hydrotalcite-derived mixed oxide

(HDMO) form, so that suitable basic properties for CO2

adsorption under WGS conditions are revealed (León et al.,

2010; van Selow et al., 2011; Salomé Macedo et al., 2021).

HDMOs are frequently employed in SEWGS processes due to

their stable thermal and mechanical properties, good

performance in the presence of steam, high adsorption

selectivity towards CO2, relatively fast sorption kinetics,

low energy requirement for regeneration, and cyclic

performance (Yong et al., 2001; Soria et al., 2015).

Additionally, their cheap price makes them interesting for

large scale applications. The relatively low adsorption capacity

of HDMOs (typically below 1 mmol g−1) can be improved by

means of impregnation with alkali metal ions, namely

potassium, to obtain potassium-impregnated hydrotalcite-

derived mixed oxides (K-HDMO) (Oliveira et al., 2008; Du

et al., 2010; Lee et al., 2010; Halabi et al., 2012; Zhu et al., 2017;

Faria et al., 2022). K-HDMO was chosen as CO2 adsorption

material in this work.

Various catalysts (Fe-, Ni-, Cu-based) are applied in

SEWGS systems (Lee et al., 2008; Beaver et al., 2009; Li

et al., 2012; Cunha et al., 2015; Moreira et al., 2016; Cunha

et al., 2017). The choice of catalyst depends mainly on the

intended process operating conditions as well as on the

employed sorbent. Occasionally, it has been reported that

specific sorbent materials can exhibit sufficient catalytic

activity, so that a separate catalyst may even be omitted

(van Selow et al., 2013). Promising candidates in

combination with K-HDMOs are Cu-based low-

temperature WGS catalysts with operating temperatures

from 200°C to 300°C (Soria et al., 2019). Such a catalyst

was chosen in this work.

A major challenge in sorption-enhanced processes is

caused by the relatively fast sorbent saturation. To enable

continuous production, the sorbent has to be regenerated at
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least at full saturation and cyclic operation of not less than

two reactors is inevitable. A cycle may include reactive

adsorption, depressurization, regeneration, and

pressurization. Always (at least) one reactor is in reactive

adsorption mode, while the other(s) is (are) in regeneration

mode. The regeneration can either be triggered by

temperature or by pressure changes. Typically, pressure

swing adsorption (PSA) concepts are chosen for SEWGS

systems alongside with purge gas for additional partial

pressure reduction (Zhu et al., 2019). Due to the rather

complex nature of a PSA-like SEWGS system with various

interfering parameters, the definition of ideal operating

conditions of the overall setup with multiple reactors can

be challenging (Choi et al., 2003; Zheng et al., 2014).

Modeling and simulation tools provide a time- and

resource-efficient way to investigate a variety of

influencing parameters that might be difficult to observe

on a purely experimental basis in complex reaction

systems. Therefore, advanced system scale models are

needed to determine optimum (cyclic) operating strategies

and ensure enhanced overall process performance and

efficiency. System scale models are based on reactor and

particle scale models to simulate reactive adsorption and

subsequent regeneration.

Concerning reactor and particle scale models, significant

effort was put on modeling the sorption behavior on

K-HDMO under real working conditions, e.g., elevated

temperature and pressure or in the presence of steam.

Reactor as well as kinetic models are available in great

depth. Recently, Martins et al. successfully modelled CO2

capture from flue gas on K-HDMO at 623 K and 134 kPa in

dry and wet conditions (Martins et al., 2022). They applied a

bi-Langmuir equilibrium expression to consider CO2

adsorption on two different sites and Elovich-type

equations accounting for the heterogeneous adsorption/

desorption activation energy. Coenen et al. (2019)

intensively investigated the sorption mechanisms and

kinetics of H2O and CO2 as well as the interactions of both

components on K-HDMO. Their model includes three

adsorption sites: two weaker chemisorption sites for H2O

and CO2, respectively, and one exchange site for both

gases. They concluded that the presence of steam

remarkably influences the desorption behavior by means of

exchanging CO2 on the exchange site. Karagöz et al. (2019)

developed a multi-scale process model with a Langmuir

adsorption isotherm to quantify the catalyst and adsorbent

effectiveness factors and stated a rapid convergence to a long-

term cyclic solution. Likewise, a variety of kinetic expressions

is given in literature for the WGS reaction rate on low-

temperature Cu-based catalysts. Some suggestions include

mechanistic aspects derived from redox (Uchida et al.,

1967; Ovesen et al., 1996) or Langmuir-Hinshelwood-type

models (Amadeo and Laborde, 1995), while others are purely

empiric (Ovesen et al., 1996; Choi and Stenger, 2003;

Koryabkina et al., 2003). A comprehensive overview of

WGS reaction models and proposed mechanisms is given

by Smirniotis (2015).

Concerning system scale models, interesting concepts for

multi-column PSA systems were published. For example,

Boon et al. (2014) and Boon et al. (2015) presented the

simulation of a complete SEWGS cycle consisting of eleven

steps in a nine-column system. The simulation is based on

their single column model and was used to establish an

enhanced cycle design (Boon et al., 2014; Boon et al.,

2015). Another multi-train model was developed by Najmi

et al. (2016). Their system consists of eight parallel reactors

and shows the influence of rinse and purge steam loads on

CO2 purity for predefined cycle times. The authors concluded

that cycle times should be adjusted depending on the feed gas

composition to maintain the target performance. More

recently, Sebastiani et al. (2021) demonstrated a six reactor

SEWGS model and validated it with single column and multi-

column experiments with simulated blast furnace gas. Here,

always one column is calculated, while the interacting column

states are stored in a database for use upon requirement

(Sebastiani et al., 2021).

So far, less attention has been paid to overall SEWGS

modeling and practical operational concepts in small-sized

apparatus under intensified process conditions. Therefore, we

herein present the complete dynamic simulation of our

compact pilot plant SEWGS reactor which was

manufactured in the frame of the Kerogreen project. This

diffusion-bonded reactor was designed for decentralized plant

installation. It enables continuous cyclic operation in six

packed bed reaction chambers, each with a separate in- and

outlet. Due to space constraints that arise from the modular

container-sized setup, the amount of available sorbent for CO2

separation is very limited. For that reason, a carefully chosen

operating strategy derived from simulation-driven process

design is of utmost importance to increase the process’

overall efficiency. A simplified mathematical description

with experimentally determined kinetic parameters was

used to model combined reaction and adsorption as well as

consecutive desorption. The model accounts for mass transfer

limited sorption kinetics, nonlinear adsorption equilibrium

(Freundlich model), and empirical WGS reaction kinetics. It

was extended for simulating the full pilot plant reactor on

system scale. An elaborated graphical simulation approach in

MATLAB Simulink was established to enable automated

switching between reactive adsorption and regeneration in

all six reaction chambers simultaneously. The hybrid system

consisting of continuous states (reaction chamber conditions)

and discrete states (valve positions) is controlled with a finite

state machine in MATLAB Stateflow. This novel approach is

capable to work without predefined switching times: switches

from, e.g., reactive adsorption to regeneration occur
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automatically based on the outlet CO2 concentration to ensure

constant product purity. A case study including different

design configurations and process conditions was

performed to identify optimum operating strategies

regarding sorbent loading and process efficiency.

2 Materials and methods

2.1 Catalyst and sorbent

Commercial Cu/ZnO/Al2O3 WGS catalyst pellets were

crushed and sieved to obtain particles with diameters from

100 µm to 300 µm. Catalyst reduction took place in-situ under

3% H2 in N2 flow (up to 240°C), followed by pure H2 flow from

240°C to 250°C.

K-HDMO served as CO2 sorbent under WGS conditions. It

was obtained through impregnation and calcination of Pural

MG70 (Sasol GmbH, Germany), a HTC with Al2O3:MgO = 30:

70. Pural MG70 was loaded with 20 wt% potassium to form

potassium-impregnated HTC (K-HTC) by means of incipient

wetness impregnation with potassium carbonate (K2CO3, ≥99%,
Sigma-Aldrich, United States). K-HTC was calcined ex-situ at

400°C in N2 atmosphere for 10 h to K-HDMO. K-HDMO

particles were crushed and sieved to keep the diameter range

between 100 µm and 300 µm.

2.2 CO2 sorption isotherm

The physico-chemical characterization of K-HDMO in terms

of a CO2 sorption equilibrium isotherm was performed under

FIGURE 1
Schematic drawing of the experimental laboratory SEWGS setup Stadler et al. (2021).
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dry conditions with a 3Flex Surface Characterization instrument

(Micromeritics Instrument Corporation, United States).

Calcined and outgassed samples (~0.2 g) were exposed to

pulses of analysis gas (CO2) at 250°C (equilibration interval 20 s).

2.3 Experimental setup

Catalyst activity as well as breakthrough experiments were

performed in the laboratory setup depicted in Figure 1. The

results were used to estimate the model parameters introduced in

Section 2.6. The gases N2, CO, CO2 and H2 were fed into the

system by calibrated mass flow controllers (Brooks Instrument,

United States). Precise and pulsation-free steam supply was

realized with a liquid flow controller (Brooks Instrument,

United States) in combination with an electrically heated

micro nozzle evaporator (manufactured inhouse). Unwanted

condensation in the tubes was prevented by electrical

heatings. All gases entered the stainless steel two-slit packed

bed microchannel reactor (PBMR, manufactured inhouse),

which was filled with catalyst and/ or sorbent particles,

respectively. Isothermal reaction conditions in both reaction

slits (each 2 mm × 50 mm × 100 mm) were ensured by five

programmable electrical heating cartridges controlled by type K

thermocouples, and tempering air-flow in adjacent

microchannels. The reaction temperature was monitored

continuously by additional type K thermocouples in the

packed bed. The PBMR could optionally be bypassed for feed

gas analysis. An automated valve (Flowserve, United States)

regulated the system pressure. The steady-state wet gas

composition was analyzed in a gas chromatograph (GC,

Agilent 7890A, Agilent Technologies, United States) equipped

with two columns (HP-Plot/Q and HP-Molsieve/5A, Agilent

Technologies, United States) and two detectors (TCD and

FID). N2 served as internal standard and Ar as carrier gas.

The CO, CO2 and H2 volume fractions in the dry effluent

were continuously recorded in a process gas analyzer (PGA,

X-STREAM Enhanced, Emerson, United States). CO and CO2

were monitored by infrared-based detectors, and H2 by a TCD.

H2O was removed from the gas flow in a micro heat exchanger

(manufactured inhouse) in countercurrent flow with a cooling

liquid (0°C). Both analyzers, GC and PGA, measured the

respective gases within 1% of accuracy between each other.

Further information related to the experimental setup can be

found in (Stadler et al., 2021).

2.4 Water-gas shift catalyst activity
experiments

For the catalyst activity tests, Cu/ZnO/Al2O3 particles were

sufficiently diluted with silicon carbide (SiC, 100 µm–300 μm,

ESK-SIC GmbH, Germany) and filled in the first quarter of the

PBMR reactor slits. The catalyst mass accounted for 0.50 g. The

remaining space of the reactor slits was filled with pure SiC. This

arrangement was chosen due to comparability with subsequent

experiments and resulted from preliminary studies (Stadler et al.,

2021). The feed gas flow rate was kept constant at 2,000 ml min−1.

The CO volume fraction was 0.1 and the steam content was

varied to achieve Steam-to-Gas ratios between 0.5 and 4.5 (Eq. 2)

balanced in N2.

S/G � _nH2O,feed

_nCO,feed
(2)

The reaction pressure was kept constant at 8 bar. The reaction

temperatures were set to 225°C, 250°C, and 275°C, respectively.

The temperature gradient in the catalyst bed was always kept

below 1 K, hence isothermal conditions could be assumed.

GC measurements of feed and product gas compositions

revealed carbon balances within 2% of closure, and no byproduct

formation was detected. Preliminary tests with SiC filling without

catalyst did not reveal blank activity. The steady-state conversion

of CO was determined according to Eq. 3.

XCO � _nCO,feed − _nCO
_nCO,feed

(3)

2.5 CO2 breakthrough experiments

The K-HDMO stability and cyclic working capacity was

tested in typical breakthrough experiments with and without

WGS catalyst under PSA conditions. Blank experiments with

inert SiC particles of identical size (100 µm–300 μm, ESK-SIC

GmbH, Germany) were used to determine the residence time

distribution in the reactor, tubes, fittings and components.

Preliminary tests without catalyst (K-HDMO sorbent only)

ensured that the sorbent was not catalytically active for the

WGS reaction at 8 bar and 250°C, as neither products nor

byproducts of any kind were detected in the effluent.

In the first series of experiments, a pure K-HDMO filling

(9.70 g) was packed into the PBMR for PSA breakthrough

experiments. The adsorption step was investigated with a feed

flow consisting of various compositions of CO, CO2, H2, and

H2O balanced in N2. The step duration was 15 min at 8 bar and

250°C. CO and H2 were fed for comparison with CO2.

The second series of experiments was performed with a

catalyst-sorbent-mixture PBMR filling. The first quarter of the

reaction slits was packed with a homogeneous mixture of 0.51 g

Cu/ZnO/Al2O3 catalyst and K-HDMO sorbent. The remaining

space of the slits was packed with pure K-HDMO. The total

sorbent mass was 9.35 g. Experimental reasons were responsible

for minor deviations in the total packed bed filling weight of the

two series. The reactive adsorption feed flowwas varied regarding

the compositions of CO andH2O balanced in N2. The duration of
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the reactive adsorption step was always 15 min at 8 bar and

250°C.

In both experimental series, the regeneration step was

performed at 1 bar, 250°C, and lasted for 40 min. The

regeneration purge gas consisted always of 40%H2O and 60%N2.

A LabVIEW process control program (National Instruments,

United States) enabled fully automated reproducible PSA

operation. All experiments were repeated with at least five and

maximum 70 cycles.

2.6 Sorption-enhanced water-gas shift
process model

A hybrid dynamic reactor model was developed to describe

simultaneous reaction and adsorption, as well as consecutive

desorption on a homogeneous catalyst-sorbent-mixture. The

model is capable to automatically compute and adjust cyclic

PSA switching times during runtime according to a defined

threshold. This threshold can, for example, be a defined CO2

concentration in the product flow.

The model aims to predict and plan the operation of the

pilot plant reactor depicted in Figure 2A. The pilot plant

reactor is basically an extended version of the laboratory-scale

two-slit PBMR. It consists of six parallel reaction chambers,

each with a separate in- and outlet, merged in one diffusion-

bonded apparatus (manufactured inhouse). For continuous

H2 production in cyclic operation, at least one reaction

chamber must be in reactive adsorption mode. Subsequent

chambers can optionally be interconnected in series to

maximize sorbent loading, hence, increase the time span of

reactive adsorption. An overview of operation modes for the

pilot plant reactor is given in Figure 2B. In serial

configuration, M1-4 take place, while in single stage

configuration (without interconnected chambers) only

M2 and M4 occur. In the real pilot plant as well as in the

model, the switch between different modes is realized by

means of discrete valve positions.

2.6.1 Conservation equations in bulk and particle
phase

A simplified set of differential algebraic equations was used to

describe WGS reaction and CO2 adsorption as well as desorption

in a packed bed reactor model. The homogeneous mixture of

identically sized catalyst and sorbent particles was assumed as

one phase. Time- and space (axially) resolved mole balances for

bulk and particle phase are given in Table 1.

Internal mass transfer limitations were considered

(according to Weisz-Prater-criterion) with a linear driving

force (LDF) model (in line with Glueckauf-criterion), while

external limitations could be neglected (proven by Maers-

criterion). The initial conditions for the first step represented

a fresh sorbent, while all subsequent PSA steps based on the

conditions at the end of the previous step. Dirichlet boundary

conditions arising from the feed flow were applied at the inlet,

and Neumann boundary conditions at the outlet of each reaction

chamber. Negligible pressure drop as well as the absence of

gradients rectangular to flow direction could be assumed owing

to the technical properties of the reactor. Isothermal conditions

in the slits were realized by an advanced temperature control

system: electrical heating cartridges in combination with adjacent

tempering channels, where purge gas is fed through, enable

excellent heat transfer.

2.6.2 Reaction and adsorption kinetics
A power law kinetic expression in combination with

Arrhenius’ equation (Eq. 4) was used to describe the

experimental observations for the WGS reaction rate. This

type of empirical expression is frequently found in literature

for resembling catalysts (Smirniotis, 2015). The reaction

FIGURE 2
(A) Compact SEWGS pilot plant reactor with six individually fed reaction chambers, each consisting of seven rectangular slits. Microchannels
and heating cartridges enable advanced temperature control for isothermal operation in the slits. Uniform gas distribution in the slits is realized by
means of sintered metal plates. (B) Pilot plant reactor operation modes. M2 stands for reactive adsorption with fresh feed, and M4 for regeneration
with purge flow. M1 and M3 (both reactive adsorption) occur only in serial configuration, when the outlet of one reaction chamber is optionally
connected to the inlet of the subsequent reaction chamber Stadler et al. (2022b).
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equilibrium constant is a function of temperature and was

calculated with the well-established correlation given in Eq. 5

(Moe, 1962).

rWGS � k∞ · exp − Ea

R · T( ) · pCO · pH2O − pCO2 · pH2

Keq
( ) (4)

Keq � exp
4577.8
T

− 4.33( ) (5)

The equilibrium-based ad- and desorption of CO2 on K-HDMO

surface was modelled with Eqs 6, 7, respectively (Zhu et al., 2017;

Coenen et al., 2019; Martins et al., 2022).

aads,CO2 � kads · qeqCO2
− qCO2( ) (6)

ades,CO2 � kdes · qeqCO2
− qCO2( ) (7)

The adsorption rate coefficient was assumed to be a function of

temperature and can therefore be fitted directly. The desorption

rate coefficient was described by an Arrhenius-type expression

(Eq. 8). Due to the heterogeneity of the surface, an Elovich-type

equation was employed to describe the activation energy of

desorption (Eq. 9) (Ho, 2006). The number of fitted

parameters was reduced by simplifying Eqs 8–10 (Coenen

et al., 2019).

kdes � k0des · exp −Ea, des
R · T( ) (8)

Ea,des � E0
a,des − βdes ·

qCO2

qmax
( ) (9)

kdes � k1des · exp −
−βdes · qCO2qmax

( )
R · T

⎛⎜⎜⎜⎜⎜⎜⎜⎝ ⎞⎟⎟⎟⎟⎟⎟⎟⎠ (10)

The equilibrium isotherm for CO2 adsorption on K-HDMO was

modelled with the empirical Freundlich equation for

heterogeneous surfaces (Eq. 11).

qeqCO2
� kFr · p

1
nFr
CO2

(11)

2.7 Model parameters

The SEWGS model comprises a set of various

parameters and properties, which have to be defined,

measured or calculated: Axial dispersion coefficients were

determined according to Eq. 12 (Guffanti et al., 2021).

Linear driving force approximation coefficients resulted

from Eq 13 (Yang, 1987). Gas mixture diffusion

coefficients and effective diffusion coefficients were taken

from (Poling et al., 2020).

Dax,i � Dmix,i · ��
εb

√ + u · rp (12)
kLDF,i � 15 ·Deff ,i

r2p
(13)

Kinetic and sorption isotherm parameters were obtained through

nonlinear least-squares regression by minimization of the

objective function (Eq. 14). Optimized parameters contained

in ϕ were computed in MATLAB by the optimization solver

lsqnonlin.

F ϕ( ) � ∑ ysim ϕ( ) − yexp

ysim ϕ( )( )2

(14)

Table 2 gives an overview of all required information

concerning the operating conditions in the simulation

base case.

2.8 Numerical solution

A novel graphical implementation approach was applied

for solving the set of partial differential and algebraic

equations simultaneously in all six reaction chambers in

the MATLAB Simulink programming environment

(Figure 3). The implementation is based on the Method-of-

Lines with uniform spatial discretization in up to 100 finite

differences. It employs the built-in solver ode23t for

moderately stiff ordinary differential equations. The cyclic

PSA operation was performed by a state-machine created in

the Simulink add-on Stateflow. This state-machine switches

the PSA modes by levering discrete valve positions just like in

the real plant. Switches from reactive adsorption to

regeneration during runtime can, for example, be triggered

by a predefined threshold of CO2 in the product gas. Detailed

information on the implementation method and numerical

solution of the hybrid model can be found in our recent

publication (Stadler et al., 2022b).

TABLE 1 Reactor model equations for bulk and particle phase.

Bulk gas phase εb
zci
zt � −u zci

zz + εb Dax,i
z2ci
zz2 + (1 − εb) kLDF,i (�ci − ci) (15)

Particle void phase εp
z�ci
zt � εp kLDF,i(ci − �ci) + wcat ρ ]i rWGS − (1 − wcat) ρ aads/des,i (16)

Particle solid phase zqCO_2
zt � aads/des,CO2

(17)

i = CO, H2O, CO2, H2, N2. ]i = −1 for i = CO, H2O; ]i = 1 for i = CO2, H2; ]i = 0 for i = N2. aads/des,i = 0 for i = CO, H2O, H2, N2; aads/des,i = Eq. 6/Eq. 7 for i = CO2.
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3 Results and discussion

3.1 Water-gas shift catalyst activity

The empirical WGS reaction rate expression (Eq. 4) adequately

described the catalyst’s behavior under the prevailing conditions in

the SEWGS system. Experimental CO conversion rates for three

different temperatures are shown together with fitted model data in

Figure 4. The fitted kinetic parameters are listed in Table 3. The

values for the frequency factor as well as the activation energy are

comparable to those presented in literature for resembling catalysts,

albeit, slightly lower conversions were obtained (Choi and Stenger,

2003; Smirniotis, 2015).

3.2 CO2 sorption on K-HDMO

The Freundlich adsorption equation (Eq. 11) provided a good

fit for the measured CO2 equilibrium isotherm on K-HDMO at

250°C under dry conditions (Figure 5). The empirical correlation

was capable to account for the heterogeneity of the sorbent’s

surface (Al-Ghouti and Da’ana, 2020). It required the definition

of the temperature-dependent adsorption intensity, which is an

indicator for the adsorption strength, and the Freundlich

coefficient, which is related to the adsorption capacity (Dada

et al., 2012). As 1/nFr is smaller than one, normal adsorption

can be assumed. The fitted parameters are listed in Table 3. The

CO2 uptake of the self-prepared sorbent was relatively low

compared to resembling sorbents reported in literature, where

adsorption capacities ranging from 0.1 mmol g−1 to 1mmol g−1 can

be found (Iruretagoyena Ferrer, 2016).

3.3 Breakthrough experiments

The breakthrough experiments in the single reaction

chamber PBMR revealed an appropriate stability and cyclic

working capacity for the tested PSA conditions.

In Figure 6, the first five cycles of an experimental run with

pure K-HDMO filling are shown. Non-adsorbing CO was co-fed

for comparison with adsorbing CO2, and the time shift between

the evolution of the gases indicated CO2 adsorption on

K-HDMO. After the first cycle, a significant loss of sorption

capacity was observed. Due to severe back-mixing in the tubes

and in other parts downstream the reactor, no sharp ramp, as

expected for ideal plug-flow behavior, was detectable. Therefore,

the residence time distribution for the employed reactor had to be

considered for quantitative claims.

Experimental results for a long-term run with catalyst-

sorbent-mixture filling are presented in Figure 7. Back-mixing

and residence time distribution also had an apparent effect on the

breakthrough curves here. It has been proven that long-term

operation up to at least 70 cycles was possible (depicted are the

curves for cycle 1, 3, 13, 43, 63). A constant steady-state CO

conversion of 89.6% was reached, and the time shift between H2

and CO2 changed less than 20% over 70 cycles. During

desorption (cycle 2 to cycle 70), a relatively constant value of

(0.011 ± 0.002)mmolCO2 g
−1 was released from the sorbent.

A computational approach was applied to estimate the

kinetic parameters proposed in the model in Section 2.6.

Blank experiments were implemented to account for the

residence time distribution of the gas flow in the overall setup

to get a set of appropriate parameters which best fit the

experimental data for the tested process conditions. To

account for the significant drop in sorption capacity due to

irreversible bulk carbonate formation, the first cycle was not

considered for the parameter estimation. The maximum sorbent

loading was required to express the dependence of the desorption

rate from the surface coverage (Eq. 10) and was calculated for a

pressure of 20 bar, as also done by others (Coenen et al., 2019).

Experimental and modelled curves are shown together in

Figure 8 for the third cycle on K-HDMO without (Figure 8A)

and with catalyst (Figure 8B) for a feed consisting of 5% CO and

TABLE 2 Parameters and operating conditions used in the pilot plant
base case simulation.

Reactor dimensions

Number of chambers 6

Number of slits per chamber 7

Rectangular slit dimensions 4 mm × 50 mm × 300 mm

General parameters

Bed void fraction εb 0.4

Particle void fraction εp 0.5

Bulk density ρ 1,096 kg m−3

Particle radius rp 100 µm

Catalyst weight fractiona wcat 0.05

Adsorption parameters

Pressure p 8 bar

Temperature T 250°C

Flow rate FSTP 1,000 ml min−1

CO volume fraction yCO,feed 0.3

H2O volume fraction yH_2O,feed 0.6

N2 volume fraction yN_{2},feed 0.1

Desorption parameters

Pressure p 1 bar

Temperature T 250°C

Flow rate FSTP 500 ml min−1

H2O volume fraction yH_2O,feed 0.4

N2 volume fraction yN_{2},feed 0.6

aCatalyst is homogeneously mixed with sorbent in the first quarter of the reactor length.
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20%H2O, balanced in N2. It can be seen that the initial increase is

fitted quite well, while the experimental and simulated CO curves

in the upper part deviate when approaching the final state.

FIGURE 3
Simulink model on system scale. Six reaction chambers (Reactor Model) can optionally be interconnected via valves. After an initialization step,
the chambers operate alternately either in reactive adsorption or in regeneration mode to deliver a continuous product flow. The Stateflow chart
(yellow) is responsible for the control (System Control) and adjusts the discrete states (valve positions) to enable automated operation Stadler et al.
(2022b).

FIGURE 4
Experimental CO conversion over Steam-to-Gas ratio in the
feed for the Cu/ZnO/Al2O3 catalyst. Catalyst mass: 0.5 g, pressure:
8 bar, feed flow rate: 2000 ml min−1, feed volume fraction CO: 0.1.
Catalyst is homogeneously mixed with inert material (SiC) in
the first quarter of the reactor. Solid lines: data fitted according to
the empirical model (Eq. 4) with kinetic parameters from Table 3.
Dashed lines: temperature-dependent thermodynamic
equilibrium.

FIGURE 5
CO2 sorption isotherm measured on K-HDMO at 250°C
under dry conditions. Solid line: data fitted to the Freundlich
correlation (Eq. 11) with parameters from Table 3.
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The set of kinetic parameters obtained by non-linear

regression over a series of experiments is listed in Table 3.

This model calibration can be used for simplified SEWGS

simulation and is only valid for the tested conditions and

materials. Simplifying assumptions had to be made due to

experimental limitations. More elaborated models should

additionally account for the highly important interactions of

steam with the sorbent to describe the competitive adsorption of

CO2 andH2O on K-HDMO (Coenen et al., 2019; Sebastiani et al.,

2021). Therefore, an enhanced multi-component isotherm, as

suggested by Boon et al. (2014) is required. Furthermore, a

smaller setup with less pronounced influence of residence

time distribution could lead to more precise data. Further

experiments at different temperatures may be performed to

further validate and refine the estimated model parameters.

However, the simplified parameterized model presented here

served as a sufficient base considering setup and simulation

times. The dynamic simulations on system scale can be used

to determine real plant operating conditions.

3.4 Dynamic simulation

The dynamic MATLAB Simulink model on system scale

enabled insights into every axial position of every reaction

chamber of the pilot plant reactor at every time step. Due to

automated switching between different modes during runtime,

the influence of key operating parameters and design

configurations on the overall process performance could be

investigated.

Figure 9 presents MATLAB Simulink results for the pilot

plant base case simulation in single stage configuration (Figures

9A,C,E) and serial (Figures 9B,D,F) configuration. The switch

from M2 to M4 (single stage configuration) or M3 (serial

configuration), respectively, was triggered as soon as the CO2

fraction at the outlet of the reaction chamber exceeded yCO_{2} >
0.05. Thus, the product purity in both cases was comparable. The

switch from M3 to M4 in serial configuration occurred when

yCO_{2} > 0.15 for the gas being fed to the subsequent chamber.

The operating schedules depicted in Figures 9A,B demonstrate

that both configurations enabled the generation of high pressure

H2 in a single unit operation. As always at least one reaction

chamber was in M2, continuous H2 production was realized

while the CO2 content in the product was always kept below 5%.

Cyclic studies exhibited that the process reached cyclic steady-

state behavior within the first four operating cycles, what is well

in line with previously published observations (Karagöz et al.,

2019). The time spans of each operation mode (in Figures 9C,D

FIGURE 6
Experimental breakthrough curves (dry volume fraction) of CO2 and CO for the first five adsorption cycles on pure K-HDMO sorbent (no
catalyst). CO is shown for comparison. Sorbent mass: 9.70 g, temperature: 250°C, pressure: 8 bar, feed composition: 0.05/0.05/0.05/0.2/0.65 CO/
CO2/H2/H2O/N2. Regeneration pressure: 1 bar, regeneration feed composition: 0.4/0.6 H2O/N2.

TABLE 3 Kinetic and equilibrium parameters obtained by nonlinear
regression from experimental data.

WGS reaction rate parameters

k∞ 2.01 × 105 mol bar−2 g−1 h−1

Ea 51.845 kJ mol−1

Isotherm parameters

kFr 0.177 mmol g−1 bar−nFr

1/nFr 0.220

Sorption kinetic parameters

kads 0.1125 s−1

k1des 5.38 × 10–4 s−1

βdes 74 ,000 J mol−1
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shown for the first five cycles in chamber 1) did not change

anymore after cycle 4. The relative sorbent loadings at the end of

each operation mode based on the maximum loading

(determined after 600 s reactive adsorption) are depicted in

Figures 9E,F for the first five cycles in chamber 1. Owing to

the serial configuration, the sorbent loading in each cycle could

be increased by 7% compared to single stage configuration. Thus,

interconnected reactor chambers in serial configuration can

improve the overall performance of the process operation.

Figure 10 illustrates the CO2 loading at the end of each

reactive adsorptionmode in serial configuration for the fifth cycle

in chamber 1 over the reactor chamber length. Cycle 5 has an

exemplary significance as the system already attained its long-

term behavior by then. Chamber 1 was arbitrarily chosen and

could be replaced by every other chamber, too. In both cases,

Figures 10A,B, the switch from M2 to M3 was triggered as soon

as the CO2 fraction in the product gas at the outlet of the reaction

chamber reached yCO_{2} > 0.05. The switch from M3 to

M4 occurred when the CO2 volume fraction to the

subsequent chamber was yCO_{2} > 0.10 (Figure 10A), or yCO_

{2} > 0.15 (Figure 10B). The larger area at the end of M3 in

Figure 10B compared to Figure 10A shows that the K-HDMO

loading could notably be improved with increasing M3-M4

threshold. Consequently, higher sorbent loadings could be

realized resulting in longer cycle time spans and better

efficiencies.

The influence of the M2-M4 threshold (in single stage

configuration) is depicted in Figure 11. This key operating

parameter controlled the switch from reactive adsorption to

desorption and thereby, the purity of the product gas. The

FIGURE 8
Exemplary experimental and simulated breakthrough curves. (A) third cycle on pure K-HDMO sorbent (see Figure 6), (B) third cycle on K-HDMO
sorbent and Cu/ZnO/Al2O3 catalyst (see Figure 7).

FIGURE 7
Experimental breakthrough curves (dry volume fraction) of CO2 and CO for adsorption cycles 1, 3, 13, 43, and 63 on K-HDMO sorbent and Cu/
ZnO/Al2O3 catalyst. Sorbent mass: 9.35 g, catalyst mass: 0.51 g, temperature: 250°C, pressure: 8 bar, feed composition: 0.05/0.2/0.75 CO/H2O/N2.
Regeneration pressure:1 bar, regeneration feed composition: 0.4/0.6 H2O/N2. Catalyst is homogeneously mixed with sorbent material in the first
quarter of the reactor.
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time span of M2 as well as the relative sorbent loading at the end

of M2 increased with increasing M2-M4 threshold (Figure 11A).

The latter observation is illustrated in terms of the CO2 loading

over the reactor length for various M2-M4 thresholds in

Figure 11B. Here, it becomes apparent that the highest

potential for intensified sorbent loading is given in the last

third of the reactor length.

Another key operating parameter was found to be the

adsorption-to-desorption flow ratio. With increasing

adsorption flow, the time span of M2 as well as the sorbent

loading at the end of M2 decreased (Figure 12A). However, the

fraction of H2 in the product gas remained constant and the

product flow increased linearly with increasing feed. The sorbent

loading over the whole reactor length was remarkably influenced

by the flow ratio (Figure 12B). Thus, a trade-off between

reasonably high product flows and adequate sorbent loadings

must be made to achieve acceptable switching times and process

efficiencies. A less pronounced influence on the system behavior

has been detected for the catalyst weight fraction. This parameter

was varied from 0.02 to 0.08 and no remarkable effect on neither

time span, sorbent loading nor H2 production was observed.

Based on this case study performed with the novel

simulation approach, important insights regarding the

planned pilot plant operation and control could be gained

by simulation-driven process design. Fast switching times and

low sorbent loadings should be avoided in the compact pilot

plant reactor to increase the process’ efficiency and improve

its overall performance.

FIGURE 9
MATLAB Simulink results for the pilot plant base case simulation in single stage configuration (A,C,E) and serial configuration (B,D,F). The switch
from M2 to M4 (single stage configuration) or M3 (serial configuration), respectively, is triggered as soon as y{CO2} > 0.05 in the outlet of the reaction
chamber. The switch from M3 to M4 in serial configuration occurs when the CO2 volume fraction to the subsequent chamber is y{CO2} > 0.15. (A,B)
Operating schedule for all six reaction chambers, (C,D) Time span of each operation mode for the first five cycles in chamber 1, (E,F) Relative
sorbent loading at the end of each operation mode for the first five cycles in chamber 1.

Frontiers in Chemical Engineering frontiersin.org12

Stadler et al. 10.3389/fceng.2022.1000064



FIGURE 10
MATLAB Simulink results for the pilot plant base case simulation in serial configuration. CO2 loading at the end of each reactive adsorptionmode
for cycle 5 in chamber 1 over the reactor length. The switch fromM2 to M3 is triggered as soon as y{CO2} > 0.05 at the outlet of the reaction chamber.
The switch from M3 to M4 occurs when the CO2 volume fraction to the subsequent chamber is (A) y{CO2} > 0.10, (B) y{CO2} > 0.15.

FIGURE 11
MATLAB Simulink results for the pilot plant base case simulationwith various y{CO2} thresholds (switchM2 toM4) in single stage configuration. (A)
Time span of M2, and relative sorbent loading at the end of M2 as a function of the threshold CO2 volume fraction (cycle 5 in chamber 1), (B) CO2

loading at the end of M2 over the reactor length for various CO2 volume fraction thresholds (cycle 5 in chamber 1).

FIGURE 12
MATLAB Simulink results for the pilot plant base case simulation with various adsorption-to-desorption flow ratios in single stage configuration.
The switch fromM2 toM4 is triggered as soon as y{CO2} > 0.05 in the outlet of the reaction chamber. (A) Time span of M2, and relative sorbent loading
at the end of M2 as a function of the adsorption-to-desorption flow ratio (cycle 5 in chamber 1), (B) CO2 loading at the end of M2 over the reactor
length for various adsorption-to-desorption ratios (cycle 5 in chamber 1).
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4 Conclusion

A novel compact SEWGS reactor has been designed and

built. It produces synthesis gas (CO + H2) from pure CO in an

advanced e-fuels process route. The overall process is

currently demonstrated in a pilot plant. Simulation-driven

process design was applied to determine optimized operation

procedures for the intended reactor operation. Therefore, a

comprehensive MATLAB Simulink model on system scale was

developed. It is based on a reactor scale model accounting for

simultaneous WGS reaction and CO2 adsorption as well as

consecutive desorption. It employs an empirical rate

expression for the WGS reaction rate and the Freundlich

isotherm model for CO2 adsorption equilibrium. The

kinetic and equilibrium parameters were fitted to

experimental data obtained in laboratory-scale experiments

and adequately described the process. The dynamic system

scale model was used to quantify the influence of design

configurations and key operating process parameters. The

simulation case study revealed rapid convergence to a final

periodic solution after the fourth cycle and continuous

product generation. It was shown that the serial

configuration with interconnected reaction chambers lead

to intensified sorbent loading compared to simple single

stage operation by 7%. Hence, better efficiencies could be

realized due to longer cycle times. Investigations in single

stage configuration exhibited a trade-off between high

throughput (high adsorption flow) and high product purity

(low M2-M4 threshold) which considerably determined the

length of the switching times and the degree of the sorbent

loading. Consequently, the dynamic simulation provided

process guidelines for practical application to maximize

switching time spans and sorbent loadings. It enabled

valuable insights on how to operate the compact pilot plant

reactor as efficient as possible with improved overall

performance.
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Nomenclature

Abbreviations

Ch. Chamber

FID Flame ionization detector

GC Gas chromatograph

HDMO Hydrotalcite-derived mixed oxide

HTC Hydrotalcite

K-HDMO Potassium-impregnated hydrotalcite-derived mixed

oxide

K-HTC Potassium-impregnated hydrotalcite

LDF Linear driving force

M1-M4 Operation mode 1-4

PBMR Packed bed microchannel reactor

PGA Process gas analyzer

PSA Pressure swing adsorption

SAF Sustainable aviation fuel

SEWGS Sorption-enhanced water-gas shift

TCD Thermal conductivity detector

WGS Water-gas shift

Symbols

βdes activation energy change (J mol−1)

ΔH⊖
R standard reaction enthalpy (kJ mol−1)

εb bed void fraction (−)

εp particle void fraction (−)

νi stoichiometric reaction coefficient (−)

ρ bulk density (kg m−3)

aads,des,i adsorption/ desorption rate (mol kg−1 s−1)

�ci particle void phase concentration (mol m−3)

ci bulk phase concentration (mol m−3)

Dax,i axial dispersion coefficient (m2 s−1)

Deff,i effective diffusion coefficient (m2 s−1)

Dmix,i gas mixture diffusion coefficient (m2 s−1)

Ea activation energy (J mol−1)

Ea,des activation energy for desorption (J mol−1)

E0
a,des activation energy for desorption (J mol−1)

eq equilibrium (−)

exp experimental (−)

F objective function (−)

FSTP flow rate (ml min−1)

i species CO, H2O, CO2, H2, N2 (−)

k∞ frequency factor (mol bar−2 g−1 h−1)

kads/des adsorption/ desorption coefficient (s−1)

k0/1des desorption coefficient (s−1)

Keq WGS equilibrium constant (−)

kFr Freundlich constant (mmol g−1 bar−nFr)

kLDF,i linear drivinsg force coefficient (s−1)

_n molar flow (mol s−1)

nFr Freundlich adsorption intensity (−)

p(i) (partial) pressure (bar)

qCO_{2} CO2 sorbent loading (mol kg−1)

qmax maximum CO2 sorbent loading (mol kg−1)

R gas constant (J mol−1 K−1)

rp particle radius (m)

rWGS WGS reaction rate (mol g−1 h−1)

S/G steam-to-gas ratio (−)

sim simulation (−)

T temperature (K)

t time (s)

u gas velocity (m s−1)

wcat catalyst weight fraction (−)

XCO CO conversion (−)

y volume fraction (−)

z axial coordinate (m)

Frontiers in Chemical Engineering frontiersin.org17

Stadler et al. 10.3389/fceng.2022.1000064





P IV Impact on subsequent Process Steps

Influence of CO2-Rich Syngas on the Selectivity to C10–C14 in a
Coupled Fischer-Tropsch/Hydrocracking Process

Published in Chemie Ingenieur Technik 2022, 94, 3

Publishing Date 20 January 2022

DOI https://doi.org/10.1002/cite.202100172

P IV Impact on subsequent Process Steps 163

https://doi.org/10.1002/cite.202100172 




Influence of CO2-Rich Syngas on the Selectivity
to C10–C14 in a Coupled Fischer-Tropsch/
Hydrocracking Process
Tabea J. Stadler1, Barbara Bertin-Mente1, Roland Dittmeyer1, Lucas T. Brübach1,
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Synthesis gas (syngas) used for the production of synthetic fuels may contain significant amounts of CO2, depending on

its source. For Fischer-Tropsch synthesis on cobalt, CO2 can be considered as inert diluent. However, in the specific case

of a coupled Fischer-Tropsch-hydrocracking (FT-HC) process, CO2 could interact with the catalyst in the HC step. In this

experimental study, HC product distributions obtained for FT-syngas compositions with and without CO2 and N2 are

presented. The selected feed gas compositions result from an advanced syngas production route via plasma splitting of

CO2. Main target product was kerosene, here being defined as C10–C14. It was found that the CO2 presence is negligible

with regard to adsorption or reaction on the HC catalyst. Further insights into possible impacts of CO2 could be obtained

from the analysis of alcohols in the aqueous phase.
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1 Introduction

Carbon neutral synthetic fuels are among the most promis-
ing alternatives for the successful defossilization of the
transport sector [1]. Since not all means of transport can
manage without liquid fuels due to gravimetric or volumet-
ric restrictions, so-called Power-to-Liquid (PtL) processes
are emerging technologies. The Kerogreen project aims to
investigate a compact PtL conversion route from water and
captured CO2 to carbon neutral aviation fuel powered by
renewable energy sources [2]. Here, CO2 is activated to CO
in a plasma splitting reactor combined with O2 separation
in a solid oxide electrolyte cell [3]. CO is partly converted
back to CO2 with steam in order to produce synthesis gas, a
mixture of CO + H2 (syngas), via the water-gas shift reac-
tion. The by-product CO2 is removed and recovered in situ
through a sorption-enhanced process (SEWGS) [4]. Syngas
reacts subsequently in a Fischer-Tropsch (FT) reactor fol-
lowed by a hydrocracking (HC) reactor to produce primar-
ily hydrocarbons in the middle distillate range. Therefore, it
is important to know if certain concentrations of CO2 in
the syngas influence the product composition in this pro-
cess, since also further upgrading steps are necessary with
the hydrotreated crude to meet the fuel quality regulations
for direct use as synthetic kerosene [5–7].

Compact, decentralized PtL concepts, such as the Kero-
green process but also others in general, do not only require
a modification of the FT process but also of the product up-
grading steps in terms of simplicity and conditions. Com-
mercial HC processes are firstly not applicable in a compact
coupled FT-HC process layout due to pure H2 requirement
and, secondly, they cannot be economically scaled down so
far [8]. One possibility to overcome this issue is the direct
coupling of the HC reactor into the synthesis gas loop of
the FT. The HC reaction is then conducted under FT condi-
tions, i.e., in presence of CO. In any case of CO2 in the syn-
gas, also the CO2 contribution towards process performance
gains interest. Advantages and disadvantages of the direct
coupling are discussed in the subsequent paragraphs.
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The FT synthesis is a heterogeneously catalyzed, polymer-
ization-like exothermic hydrogenation reaction and con-
verts syngas to a hydrocarbon mixture and water [9]. The
hydrocarbon product consists of a variety of species with up
to 100 carbon atoms and can be denoted as synthetic crude
(syncrude). FT carried out with cobalt-based catalysts at low
temperatures (200–250 �C, Co-LTFT) produces mainly line-
ar alkanes (Eq. (1)), but also alkenes (Eq. (2)) and minor
quantities of oxygenates, such as alcohols (Eq. (3)) [10].

nCOþ 2nþ 1ð ÞH2 fi CnH2nþ2 þ nH2O alkanesð Þ (1)

nCOþ 2nð ÞH2 fi CnH2n þ nH2O alkenesð Þ (2)

nCOþ 2nð ÞH2 fi CnH2nþ2Oþ n� 1ð ÞH2O alcoholsð Þ (3)

The product distribution on a weight basis can be
approximated by means of the Anderson-Schulz-Flory dis-
tribution (ASF, Eq. (4)) [11, 12].

wASF;nC;i
¼ nC;i 1� að Þ2a nC;i�1ð Þ (4)

A graphical illustration of the ASF product distribution is
depicted in Fig. 1. The chain growth probability a is defined
as the ratio of propagation to the sum of propagation and
termination and depends on the reaction conditions and
catalyst. Typical Co-LTFT a values range from 0.88 to 0.95
[13]. According to Eq. (4), the primary selectivity towards
kerosene (here being defined as C10–C14) is limited to a the-
oretical maximum of 23 % for a = 0.84. To overcome this
limitation, the product distribution must be narrowed with
adequate upgrading processes. Assuming complex refining
technologies at large scale, an industrial LTFT jet fuel refin-
ery can yield up to 57 % jet fuel from syncrude [14].

HC is among the most relevant refinery processes for the
conversion of long-chain hydrocarbons to mainly middle
distillates with naphtha as by-product. It promotes skeletal

isomerization of n-alkanes to isoalkanes to enhance the cold
flow properties of the resulting synthetic fuel. HC is carried
out on bifunctional catalysts with de/hydrogenation and
cracking functionality. On the metal sites of the catalyst,
alkanes are dehydrogenated to alkenes. On the Brønsted
acid sites, these alkenes are protonated to form alkylcarbe-
nium ions and undergo isomerization and scission reactions
of the carbon-carbon bonds. The products desorb from the
acid sites and unsaturated alkenes can further be hydrogen-
ated on the metal sites. Ideal hydrocracking (Eq. (5)) occurs
if the de/hydrogenation and the cracking functionality are
properly balanced so that secondary cracking becomes neg-
ligible [15]. HC is typically performed under elevated pres-
sure (35 to 70 bar) and temperature (325 to 375 �C). In
direct combination with FT, ‘‘mild’’ HC with lower pressure
and temperature can be applied [16, 17]. On the one hand,
this lower pressure and lower temperature is beneficial with
regard to the process efficiency since no compression or
considerable heating-up of the product gas and liquid flow
are required. On the other hand, noble metals are required
for the carbenium ion formation and hydrogenation steps,
which are partly blocked due to competitive adsorption of
CO. This may lead to secondary cracking and, thus, to a
potential negative impact on middle distillate yield.

CnH2nþ2 fi Cn�mH2 n�mð Þ þ CmH2mþ2 (5)

Many studies reported on the influence of CO2-rich feeds
in Co-LTFT [18–21]. The majority concluded that CO2,
which is, e.g., contained in significant amounts in biomass-
derived syngas, acts mainly as diluent on Co catalysts. How-
ever, the influence of CO2 on coupled FT-HC processes has
received less attention in literature although it may be a
serious parameter in a case of process integration.

Therefore, this experimental study aims to understand the
impact of a possible slip of CO2. CO2 could originate from
incomplete separation in the SEWGS reactor (for a detailed
process description, see [4]), and thus, influence the subse-
quent process steps and product quality in the Kerogreen
process chain. Various syngas compositions were fed to an
FT reactor coupled with an HC reactor cascade. The weight
hourly space velocity (WHSVFT, Eq. (12)) as well as the CO
conversion (XCO, Eq. (6)) in the FT were kept constant. The
following cases were investigated: syngas with low CO2 dilu-
tion (incomplete CO2 removal in the SEWGS reactor) and
with high CO2 dilution (no CO2 removal in the SEWGS
reactor), and for comparative purposes: syngas with equiva-
lent N2 dilution and without dilution.

2 Materials and Methods

2.1 Reactors and Catalysts

The experiments were conducted in a micro-structured FT
reactor coupled with an HC reactor cascade consisting of
three identical tubular reactors in sequence, see also [22].

www.cit-journal.com ª 2022 The Authors. Chemie Ingenieur Technik published by Wiley-VCH GmbH Chem. Ing. Tech. 2022, 94, No. 3, 289–298

Figure 1. ASF syncrude composition for lumped product
groups: C1–C4, gases; C5–C9, naphtha; C10–C14, kerosene;
C15–C22, gas oil; C22+, waxes.
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A commercial Co-based catalyst was used for low-tempera-
ture FT (spheres with a diameter of 50–200 mm). In the HC
reactor cascade, bifunctional Pt/H-ZSM-5 (0.5 wt % Pt) cat-
alyst extrudates (1/16’’ ·3 mm) were employed.

2.2 Experimental Setup

Fig. 2 shows a simplified process scheme of the experimen-
tal setup used in this study. The feed gases H2, CO, CO2,
and N2 were provided by a central gas supply and fed into
the system by calibrated mass flow controllers (Brooks
Instrument, USA). 5 vol % of the total flow passed through
a permanent bypass to enable continuous feed control in
the online gas chromatograph (GC). The electrically pre-
heated gases entered the reaction channels of the evapora-
tion-cooled FT reactor (INERATEC GmbH, Germany)
[22–24].

The reaction channels of the FT reactor were filled with
catalyst and adjacent cooling channels ensure precise tem-
perature control. Preheated water entered the cooling chan-
nels, evaporated by consuming the reaction heat, and left
the reactor as two-phase flow. Temperature adjustment in
the reactor was realized by means of the boiling point,
which could be adjusted by the pressure in the water cycle.
This technology results in nearly isothermal reaction condi-
tions. Electrical heating cartridges alongside the reactor pro-
vided additional heat for the start-up of the reaction and
compensated heat losses at the outer walls. The reactor itself
was placed in a box filled with insulation material to reduce
heat losses. Type K thermocouples in the water cycle as well
as in the reactor inlet and outlet, and at various positions
between the channels were used to monitor the tempera-
tures. An automated shutdown routine implemented in the
process control system (LabView, National Instruments,
USA) ensured safe operation conditions.

The product flow leaving the FT reactor could either be
directed to the product separation unit (hot and cold trap)
for analysis or to the HC reactor cascade for further pro-

cessing. Due to their interconnections, the number of oper-
ating HC reactors could be adjusted manually. Additional
gas could optionally be dosed into the HC section. The tem-
perature of each tubular HC reactor (inner diameter:
14 mm, length: 102 mm) was regulated by a heating jacket
and monitored internally by a K-type thermocouple located
inside the catalyst bed. The whole reactor cascade was
placed in a box filled with insulation material to reduce heat
losses.

Products from FT or coupled FT-HC were fed into the
hot trap under pressure. The hot trap was electrically heated
to a constant temperature of 180 �C. Long-chain hydrocar-
bons (the wax fraction) condense and accumulate here. The
remaining parts of the product moved on to the cold trap
which was cooled to 10 �C. Here, the oil and water fraction
condensed. To ensure that no water condensation occurred
in the hot trap, thus leading to under-estimation of alcohols
in the water phase of the cold trap, the hot trap temperature
was set sufficiently high [23]. Wax, oil, and water fraction
were analyzed in offline GCs. The non-condensed gases
were analyzed in an online GC and left the system through
an exhaust line.

A back-pressure regulator (BSH series, Swagelok, USA)
controlled the system pressure. Unwanted condensation
and wax plugging in the tubes was prevented by electrical
heating coils.

2.3 Product Analysis and Data Evaluation

The feed and gaseous product flows were analyzed online in
a GC (7890B, Agilent Technologies, customized by Teckso
GmbH, Germany) equipped with two thermal conductivity
detectors (TCD1, TCD3) and one flame ionization detector
(FID). H2, CH4, CO, and N2 were detected by TCD1 after
being separated on a micropacked HayeSep Q and a mole
sieve 5A column. CO2 and hydrocarbons (up to C7) were
separated on a HP-Plot/Q column (all columns: Agilent
Technologies, USA) and detected by TCD3 and the FID,

respectively. Ar was used as car-
rier gas and N2 as internal stan-
dard.

Water and oil phase gathered
in the cold trap were separated in
a separation funnel. Both phases
were analyzed offline in a GC
(7820A, Agilent Technologies,
USA) equipped with an Rtx-1
column (60 m, 0.32 mm, 1 mm,
Restek, USA) and an FID. Ace-
tonitrile was added as internal
standard to the water phase for
the quantification of alcohols
(C1–C5). The oil phase (hydro-
carbons: ~C4–C27) was injected
without a solvent by an auto-
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Figure 2. Simplified flow scheme of the experimental setup. Feed gases enter the micro-struc-
tured FT reactor and can optionally be fed to the HC reactor cascade. Products are separated in
a wax phase (hot trap), liquid (oil and water) phase (cold trap), and remaining gases.
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matic liquid sampler. It was analyzed quantitatively with a
100-% method under the assumption of a constant relative
response factor. This is usually justified for aliphatic hydro-
carbon mixtures without heteroatoms [25].

The composition of the long-chain hydrocarbons in the
wax fraction (~C10–C60) was determined offline in a high-
temperature GC (7890B, Agilent Technologies, USA)
equipped with a MXT-1 column (30 m, 0.53 mm, 0.25 mm,
Restek, USA) and a high temperature FID. The dissolved
wax sample (200 mg wax dissolved in 20 mL cyclohexane,
ultrasound bath at 40 �C) was directly injected into the
temperature programmable inlet (Da Vinci Laboratory
Solutions B.V., The Netherlands) to avoid discrimination of
high-boiling components.

The conversion of CO XCO was calculated according to
Eq. (6).

XCO ¼
_nCO;in � _nCO;out

_nCO;in
(6)

Wax, water, and oil samples collected under steady-state
conditions were weighted for integral mass flow _m determi-
nation. Mass fraction w of hydrocarbon i and carbon mon-
oxide related selectivity S towards hydrocarbon i were calcu-
lated according to Eqs. (7) and (8), respectively. The average
chain length �nC was derived from Eq. (9). As far as analyti-
cally feasible, it was further distinguished between n-alkanes
and 1-alkenes [26]. The n-alkane fraction a of hydrocarbon
i is calculated according to Eq. (10). The conversion of
long-chained hydrocarbons (nC > 22) XC22+ in the HC reac-
tor resulted from Eq. (11).

wi ¼
_mi;outP

_mi;out
(7)

Si;CO ¼
_ni;out

_nCO;in � _nCO;out
nC;i (8)

�nC ¼
X

winC;i
� �

(9)

ai ¼
_ni;n�alkane

_ni
(10)

XC22þ
¼

XCO;FT�HC

XCO;FT

P
_nC22þ;FT;out

nC;i

� �
�
P

_nC22þ;FT�HC;out
nC;i

� �

XCO;FT�HC

XCO;FT

P
_nC22þ;FT;out

nC;i

� �

(11)

2.4 Experimental Procedure

2.4.1 Reduction and Pre-Conditioning

Prior to the experiments, both catalysts were reduced in situ
in H2 atmosphere (FT: 100 % H2, 320 �C, 16 h; HC: 10 % H2

in N2, 300 �C, 5 h). A run-in phase of 500 h ensured stable
catalyst activity. Typical initial degradation due to wax for-
mation in the catalyst pores requires ~70 h according to
preliminary studies. To observe possible catalyst deactiva-
tion, a reference point was repeatedly analyzed during the
measurement campaign; the conversion remained constant
within the noise of analytics of ±2 %.

2.4.2 FT and FT-HC Coupling Experiments

The system pressure was set to 20 bar for all experiments.
The reaction temperature in the FT reactor was adjusted to
maintain a constant CO conversion in all experiments
between 195 and 200 �C. The reaction temperature in the
HC reactor cascade was set to 230 �C.

The experimental nomenclature was chosen in the fol-
lowing order: ‘‘Dil’’ for dilution of the syngas with ‘‘N2’’ or
‘‘CO2’’ followed by a numbering with the concentration lev-
el ‘‘1’’ or ‘‘2’’ followed by ‘‘A’’ or ‘‘B’’ for variation of other
parameters (number of HC stages and hydrogen addition to
the HC feed) used in the experiment. ‘‘FT’’ and ‘‘HC’’ at the
end indicate whether the product is derived from FT or
from the coupled FT-HC process. An exception from the
nomenclature is the experiment ‘‘Ref_A’’ which indicates an
undiluted syngas for ‘‘FT’’ or coupled process ‘‘HC’’. The
specific conditions are provided in the following tables and
paragraphs.

Fig. 3 shows the ramp-up of an individual experimental
point with regard to reaction temperatures in FT and HC
stages and conversion in the FT reactor. The process condi-
tions for every experimental point were kept constant for
about 24 h in the FT reactor to accomplish steady state in
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Figure 3. Exemplary experimental
curve for FT-HC coupling
experiment (Dil_CO2_1).
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the individual run, and FT reference samples were collected
for at least 3 h at the end of that period in the traps. For the
FT-HC coupling, the FT effluent was slowly redirected to
the pressurized and preheated HC reactor cascade. The cas-
cade was flushed for at least 30 min to ensure the build-up
of a wax layer on the catalyst pellets. Then, the HC reactors
were heated to target temperature (230 �C). After about
24 h, steady-state HC samples were taken out of the traps
(collection time ~3 h). The graph in Fig. 3 indicates that the
FT reactor has reached steady-state reaction conditions in
the run-in phase and also during ramp-up. During the FT
reference measurement, the HC reactor cascade was flushed
with an H2/N2 mixture to avoid possible catalyst oxidation
and pressure surge.

The CO conversion plotted in Fig. 3 is normalized to sim-
ulated CO conversion. Simulated values were derived from
an INERATEC in-house MATLAB� program, which was
fitted to a simplified version of the Visconti model [27] with
data points obtained in a smaller oil-cooled reactor as used
elsewhere [28] and which has been approved by many data
points before. The activation energies in the model param-
eter set are slightly lower and the rate constants are in the
order of 7–10 higher than in the original publication of
Visconti et al. due to the applied highly active catalyst.

FT inlet conditions for all experiments are summarized in
Tab. 1. Nitrogen was used as diluent and (partly) replaced
in two runs with CO2 while the reference run was per-
formed with only 3 % N2 as internal standard. Typically, the
weight hourly space velocity in the FT reactor WHSVFT was
kept constant (Eq. (12)).

WHSVFT ¼
_min

mcat;FT
(12)

2.4.3 Variation of HC Reaction Conditions

To further investigate the influence of CO2 on HC, two
modifications in the HC were tested with identical FT prod-
uct as feed: 1) additional H2 feed in the HC, and 2) reduc-
tion of HC catalyst mass (Tab. 2).

3 Results and Discussion

In this section, hydrocarbons were classified according to
their carbon number and grouped into lumps: C1–C4: gases,
C5–C9: naphtha, C10–C14: kerosene, C15–C22: gas oil, C22+:
waxes. The main target product was kerosene, here being
defined as C10–C14 [14]. Further insights into possible
impacts of CO2 could be obtained from the analysis of alco-
hols in the aqueous phase.

Concluding from the high reproducibility of the reference
point in both reactors, FT and HC, no significant catalyst
deactivation occurred during the measurement campaign
after the run-in phase. The total mass balance deviation was
well below 3.5 % in all experiments. It was determined from
the integral mass flow of the liquid and wax phase collected
under steady-state conditions and continuous gas phase
analysis.

3.1 FT Reference Measurements

Fig. 4 shows the carbon-based mass fractions for all FT ref-
erence measurements in form of an Anderson-Schulz-Flory
(ASF) plot, i.e., the logarithmic of the weight fraction of the
C-species divided by the respective C-number. For the
C10–C50 species, a product distribution, characterized by an
averaged chain-growth probability of 0.91, is obtained. The
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Table 1. FT feed in the FT-HC coupling experiments. System
pressure: 20 bar; H2/CO ratio: 2; FT catalyst mass/HC catalyst
mass: 7.4; temperature in FT: 195–200 �C (adjusted to maintain
constant CO conversion); no additional gas feed to HC; temper-
ature in HC: 230 �C.

H2 [%] CO [%] CO2 [%] N2 [%] WHSVFT [h–1]

Dil_N2 38.8 19.4 0 41.8 4.5

Dil_CO2_1 38.8 19.4 38.8 3.0 4.5

Dil_CO2_2 38.8 19.4 5.0 36.8 4.5

Ref_A 64.7 32.3 0 3 3.5a)

a) The desired value of 4.5 was not reachable due to experimen-
tal restrictions.

Table 2. Variation of HC conditions. FT feed equal to Dil_CO2_1
(Tab. 1). Temperature in HC: 230 �C.

H2 HC [mLNmin–1] mcat,FT/mcat,HC [–]

Dil_CO2_1 0 7.4

Dil_CO2_1A 500 7.4

Dil_CO2_1B 500 11.1

Figure 4. Experimental carbon-related mass fractions of
hydrocarbons for FT reference measurements (Tab. 1) versus
model prediction with the in-house MATLAB� code. Fitted aver-
age ASF chain growth probability for C10–C50 (Eq. (4)).
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chain growth probability was fitted according to Eq. (4)
with R2 values above 0.99 for all individual fits. The model-
ing results are also plotted for the two reference points as
lines.

For short-chain hydrocarbons (< C10), saddle-like devia-
tions from the ideal ASF distribution emerge. These devia-
tions might rather be explained by experimental artefacts
than mechanistic effects [29]. One possible explanation
might be found in the sampling procedure. The sampling of
the liquid and wax phase included a release to ambient tem-
perature and pressure. Hence, short chain hydrocarbons
dissolved in the liquid and wax phase under reaction condi-
tions could be irrecoverably lost to air due to a phase
change into gas state. This flash loss could result in a dip as
observed in the ASF plot [30]. This fact can lead to a devia-
tion of the detected chain-growth probability in the range
of 1–2 % despite high quality fits and explain deviations
from the modeling results. Nevertheless, the long-chain
product factions of interest do not seem to be influenced by
the loss during liquid sampling.

Detailed information on the FT reference measurements
is given in Tab. 3. The mass fractions for hydrocarbon
lumps agree well with literature data for Co-LTFT [10].
Unfortunately, it was not possible to reach equal CO con-
version in all experiments due to technical restrictions of
the setup. The reference measurement without dilution
(Ref_A) exhibited significantly higher heat production and
was run under less than half the desired conversion. This
could explain the different product distribution for Ref_A.
The results show that no significant difference is observed
between the product distribution obtained from syngas en-
riched with N2 and CO2. As known from previous studies,
N2 has no influence on the FT kinetics and serves as inert
gas [31]. Thus, also CO2 does not play an influencing role
in FT with the employed Co catalyst and acts mainly as
diluent in the presence of CO. This observation is in line
with various studies which stated that CO2 removal from
raw syngas is not necessary for FT on Co catalysts [19–21,
32]. Visconti et al. attributed the inert behavior of CO2 in
the presence of CO to competitive adsorption on the cata-
lyst free sites [18]. An increase in methane selectivity due to
CO2 was not expected for the investigated CO conversion
range under constant H2/CO feed ratio [33–35].

3.2 Coupled FT-HC Measurements

In all FT-HC coupling experiments, a shift in the product
distribution towards shorter hydrocarbons is clearly
identified compared to the corresponding FT reference.
The product distribution of one experimental point
(Dil_CO2_1) is exemplarily shown in Fig. 5 in terms of the
weight fractions of the C-species as function of the corre-
sponding C-numbers. The net production of hydrocarbon
species through the hydrocracking process is strictly limited
to C14 in all experiments. Considering preliminary studies,
this effect is mainly attributed to the shape selectivity of the
employed H-ZSM-5 and gives rise to the occurrence of pore
mouth cracking. Primarily produced long-chain hydrocar-
bons undergo secondary cracking reactions due to mass
transfer limitations in the narrow pores of the zeolite.

Minor deviations (< 2 %) between the CO conversion of
the FT reference measurement and the coupled FT-HC
point were considered for the determination of the wax
conversion (Eq. (11)). The results summarized in Tab. 4 do
not indicate a correlation between the wax conversion and
the ratio of gas velocity and FT product. All wax conversion
rates are well above 75 % and therefore quite high. However,
the corresponding changes in boundary conditions for
phase equilibrium influence the reaction conditions on the
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Table 3. Experimental conversion and mass fractions of hydrocarbon product lumps for FT reference measurements (Tab. 1), fitted ASF
chain growth probability, and calculated kerosene (C10–C14) mass fraction.

XCO,exp,FT/XCO,sim [–] wC5–C9 [–] wC10–C14 [–] wC15–C22 [–] wC22+ [–] aC10–C50 [–]a) wASF,C10–C14 [–]b)

Dil_N2 FT 0.85 0.15 0.17 0.22 0.39 0.92 0.16

Dil_CO2_1 FT 0.93 0.14 0.17 0.21 0.40 0.92 0.16

Dil_CO2_2 FT 0.96 0.15 0.18 0.21 0.39 0.92 0.16

Ref_A FT 0.39 0.19 0.22 0.22 0.28 0.90 0.19

a) Fitted value: R2 > 0.99; b) Eq. (4) with determined chain growth probability.

Figure 5. Hydrocarbon mass fractions for FT and coupled FT-HC
measurement (Dil_CO2_1). FT feed: 38.8 % H2, 19.4 % CO,
38.8 % CO2, 3.0 % N2, WHSVFT = 4.5 h–1.
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HC catalyst surface. More gas phase means that more heavy
molecules may evaporate, and the probability of drying out
of the liquid film on the catalyst increases. This would allow
further secondary cracking, i.e., loss of the gas oil fraction.
The average chain length decreased in the HC by 9 and 11
with diluted syngas feed (N2 and CO2), and by only 6 in the
pure syngas feed experiment.

The integral product selectivity of the FT and FT-HC
hydrocarbon product lumps is depicted in Fig. 6 for C6–C9

(naphtha), C10–C14 (kerosene), C15–C21 (gas oil), and C22+

(wax) to identify decrease and increase of these fractions. It
is apparent that the wax fraction together with small parts
of the gas oil fraction is selectively converted to kerosene
and naphtha range hydrocarbons in the HC. A more de-
tailed look at the product composition with respect to the
n-alkane content in C6–C9 (naphtha), C10–C14 (kerosene),
and C15–C21 (gas oil) is given in Fig. 7. Even though it is not
possible to distinguish with normal GC analysis between
isoalkanes and different molecules of alkenes and isoal-
kenes, it can be concluded that the n-alkane fraction in gas
oil and kerosene is remarkably lower for all FT-HC prod-
ucts compared to the corresponding FT product, whereas
the reverse effect occurs slightly for the waxes. These results
indicate that linear FT alkanes were either successfully
isomerized or dehydrogenated in the HC.

A high content of isoalkanes in the synthetic fuel is desir-
able as it enhances its cold flow properties, but any type of
alkene is lowering the thermal stability and is therefore not
allowed in the synthetic kerosene substi-
tute. As the presence of CO and water in
the HC feed heavily influences the cata-
lyst behavior [36, 37], the formation of
mainly isoalkenes is nevertheless highly
likely and a subsequent hydrogenation is
required. The pure syngas feed (Ref_A)
showed similar trends as the diluted feed.
No significant difference between the
syngas feed with N2 (Dil_N2) and CO2

(Dil_CO2_1 and Dil_CO2_2) could be
deduced. Thus, the effects of dilution on
the product distribution obtained in the
coupled FT-HC process are negligible
within the limited variations of parame-
ters (i.e., upfront dilution and FT conver-

sion effect on wax/gas ratio) and the analysis at hand. A
more detailed analysis of the HC products would require
GC·GC analysis.

3.3 Variation of HC Conditions

To enhance the kerosene selectivity at the expense of naph-
tha production, the conditions in the HC were varied. Addi-
tional H2 feed (Dil_CO2_1A compared to Dil_CO2_1) as
suggested by Freitez et al. [38] did neither exhibit a remark-
able influence on kerosene and naphtha selectivity nor on
mass distribution or average chain length (Fig. 6, Fig. 8,
Tab. 5). The wax conversion decreased slightly under H2 ad-
dition. Due to the higher H2 partial pressure, the dehydro-
genation/hydrogenation equilibrium shifts towards hydro-
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Table 4. Experimental wax (C22+) conversion in coupled FT-HC
measurements and average chain length for FT and FT-HC mea-
surements (Tabs. 1 and 2).

XC22+,HC [%] �nC;FT [–] �nC;HC [–]

Dil_N2 86.0 20 11

Dil_CO2_1 94.8 20 9

Dil_CO2_2 81.7 20 11

Ref_A 77.0 17 11

Figure 6. Integral CO-related hydrocarbon selectivity of prod-
uct lumps for FT and FT-HC measurements (Tab. 1, Tab. 2). In FT
products, n-alkanes and 1-alkenes could be distinguished; in
FT-HC products, only n-alkanes could be distinguished with the
GC analysis at hand.

Figure 7. Integral n-alkane fraction (Eq. (10)) of product lumps for FT and FT-HC mea-
surements (Tab. 1, Tab. 2).
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genation. This gives rise to the assumption that less dehy-
drogenation of long-chain alkanes as cracking initiation
step occurred, and higher hydrogen partial pressure is
inhibiting this step. The hydrogenation functionality is fur-
ther influenced by the considerably high CO content.

To further decrease the wax conversion in the HC,
the catalyst mass was reduced from Dil_CO2_1A to
Dil_CO2_1B. Fig. 8 shows the weight distribution of the
C-species as function of the C-number while varying the
HC conditions only. The figure indicates that the fractions
of hydrocarbons with more than 11 carbon atoms are higher
with decreasing catalyst mass. A lower
wax conversion seems to be beneficial to
avoid over-cracking.

The investigated variations of the HC
operating conditions did not lead to any
change in the n-alkane fraction (Fig. 7).
A more complex process design includ-
ing wax recycling is therefore commis-
sioned in the Kerogreen process chain to
reduce the consumption of the gas oil
fraction and to improve the kerosene
selectivity. The proof of the beneficial
conditions in a liquid-rich HC step is
nevertheless pending by future work.

3.4 Carbonaceous Species in the Water Phase

Besides hydrocarbons, also oxygenates, mainly alcohols and
traces of carboxylic acids, are produced in Co-LTFT. Pri-
mary alcohols with up to five carbon atoms dissolve selec-
tively in the aqueous phase, whereas long-chain alcohols
aggregate in the oil fraction [10].

Fig. 9a displays the alcohol mass fractions of methanol,
ethanol, 1-propanol up to 1-pentanol in the water phase
collected in the cold trap at 10 �C for FT reference measure-
ments. The values range from 0.5 wt % (methanol) to less
than 0.1 wt % (1-pentanol). In coupled FT-HC operation
mode, oxygenates of the FT product reacted further on the
bifunctional HC catalyst. Fig. 9b shows the conversion of
alcohols in the HC stage. From this graph, it can be seen
that the decrease of mass fraction after HC was more pro-
nounced for long-chain alcohols and accounted for around
25 to 50 % for methanol, and more than 80 % for 1-penta-
nol.

To the best of the authors’ knowledge, no research has
been published on the aqueous phase oxygenates reactions
of FT products directly converted on HC catalysts. Depend-
ing on the hydrogen partial pressure and prevailing reaction
conditions, potential reactions could involve dehydroxyla-
tion and hydrogenation steps. The former being catalyzed
on Brønstedt-active acidic sites, the latter on the Pt sites of
the catalyst.

In Fig. 9b, no clear relation between alcohol conversion
and CO2 content in the syngas feed is observed. Reasonable
trends for the variation of HC conditions could be distin-
guished: first, additional H2 feed in the HC resulted in
smaller alcohol conversion. This effect could either be
attributed to the lower residence time or indicate that
hydrogenation is not solely responsible for oxygenate reac-
tions on the bifunctional catalyst. Second, as expected, less
catalyst mass led to smaller conversion of alcohols. These
results show that FT syncrude upgrading by means of di-
rectly coupled HC reduces the loss of carbonaceous species
to the water phase.
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Figure 8. Hydrocarbon mass fractions for coupled FT-HC
measurements with varying HC conditions (Tab. 2). FT feed:
38.8 % H2, 19.4 % CO, 38.8 % CO2, 3.0 % N2, WHSVFT = 4.5 h–1.

Table 5. Experimental wax (C22+) conversion in coupled FT-HC
measurements and average chain length for FT and FT-HC mea-
surements with varying HC conditions (Tabs. 1 and 2).

XC22+ [%] �nC;FT [–] �nC;HC [–]

Dil_CO2_1 94.8 20 9

Dil_CO2_1A 92.6 20 10

Dil_CO2_1B 79.0 20 11

a) b)

Figure 9. C1–C5 alcohols in the water phase collected in the cold trap at 10 �C. a) Mass
fractions in water phase for FT reference measurements. b) Conversion of alcohols in
the HC for FT-HC measurements.
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4 Conclusions

This experimental study investigated the influence of CO2-
rich syngas feeds on the product distribution of combined
FT-HC operation. Therefore, syngas with and without CO2

was used as feed for solely FT and coupled FT-HC experi-
ments. Commercial catalysts were employed: cobalt-based
in the FT, and Pt/H-ZSM in the HC. The product distribu-
tion was obtained from gas, oil (collected at 10 �C), and wax
(collected at 180 �C) phase analysis. Additionally, the oxy-
genates dissolved in the water phase were analyzed.

The FT reference measurements (without HC) confirmed
that CO2 does not influence the FT product distribution
and can be treated as an inert gas. The product distribution
for C10–C50 could be well described according to the ASF
model with an average chain growth probability of 0.91.

The coupled FT-HC experiments showed that mainly the
wax fraction and parts of the gas oil fraction were selectively
converted to kerosene and naphtha range hydrocarbons
during HC. Linear FT alkanes were either isomerized or de-
hydrogenated and a limited hydrocarbon net production of
C14 was revealed. As no significant difference between the
syngas with N2 and CO2 was detected, the effects of CO2 in
the coupled FT-HC process seem to be negligible. Although
the FT-HC product is rich in kerosene substitute starting
material, the loss of gas oil should be lowered in a compact
FT-HC process. A recycling of wax may be straightforward
to lower the wax conversion per pass, thus, keeping CO
away from the catalyst surface and lowering conversion.
This will be tested in the future in the Kerogreen plant.

Interestingly, it was found that alcohols (C1–C5) dissolved
in the FT water phase reacted further on the bifunctional
HC catalyst. Although no clear relation between the CO2

content in the syngas and the alcohol conversion could be
deduced, a clear trend was visible for the alcohol conversion
in dependence of the alcohol chain length.

The experimental results show that FT syncrude upgrad-
ing by means of direct HC is not remarkably influenced by
the CO2 content in the syngas feed. Nevertheless, the dilut-
ing effect has to be considered for the reactor design. There-
fore, the investigated Kerogreen process route seems to be
an interesting case study in the PtL framework.
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cal support. The work presented in this paper is part of
the European project Kerogreen, which has received
funding from the European Union’s Horizon 2020
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Symbols

a [–] n-alkane fraction
m [g] mass
_m [g h–1] mass flow rate
_n [mol h–1] molar flow rate
nC [–] carbon number
�nC [–] average chain length
S [–] selectivity
w [–] mass fraction
WHSV [h–1] weight hourly space velocity
X [–] conversion
a [–] chain growth probability

Sub- and superscripts

cat catalyst
CO carbon monoxide
exp experimental value
FT Fischer-Tropsch
HC hydrocracking
i hydrocarbon chain length
in reactor inlet
out reactor outlet
sim simulated value

Abbreviations

ASF Anderson-Schulz-Flory distribution
Co-LTFT low temperature Fischer-Tropsch on cobalt

catalyst
FID flame ionization detector
FT Fischer-Tropsch
FT-HC Fischer-Tropsch coupled with hydrocracking
GC gas chromatograph
HC hydrocracking
PtL Power-to-Liquid
SEWGS sorption-enhanced water-gas shift
syncrude Fischer-Tropsch crude product
syngas synthesis gas (CO + H2)
TCD thermal conductivity detector
TOS time-on-stream
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