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ABSTRACT: The integration of “biomass gasification with supercritical water ”, “steam reforming of hydrocarbons”, and “water−
gas shift reaction” is a promising process concept for the conversion of moist biomass to “green hydrogen”. This process concept was
investigated in this work, considering ethanol as a biomass model compound. The gasification of ethanol with supercritical water can
be accurately simulated, allowing a very good prediction of the gaseous product that will undergo steam reforming. A
multidisciplinary study is presented, in which a comprehensive kinetic model for steam reforming of the gasification product gas was
developed and validated with experimental data and then employed in a simulation of the whole process chain. Finally, a techno-
economic and sensitivity analysis was applied. In the kinetic model, the high steam content overshadowed the influence of other
substances in the sites balance on the catalyst surface, except for methane. After investigating the effect of ethanol concentration and
feed flow rate, and considering the technical constraints imposed by the high organic matter content and the availability of actual
waste biomass, the optimal values of the ethanol concentration and feed flow rate were 50 t h−1 and 15 wt % ethanol, reaching a
hydrogen break-even price of 6.8 $ kgHd2

−1. The sensitivity analysis identified the ethanol price as the primary cost driver. Exploring
waste biomass feedstocks, such as sewage sludge, demonstrated potential break-even prices as low as 0−1.8 $ kgHd2

−1, which can
compete with conventional technologies.

■ INTRODUCTION
The energy transition toward zero carbon emissions is going to
rely heavily on hydrogen production.1 A promising technology
for sustainable hydrogen production is the gasification of waste
biomass resources. In particular, the supercritical water
gasification (SCWG) is an ideal process for waste biomass
with high water content that cannot be processed effectively
with conventional gasification techniques due to required
predrying.2

Under supercritical conditions (T > 374 °C, p > 221 bar), the
water facilitates the hydrolysis of the biomass long chain organic
molecules, turning them to their monomers.3 The latter react
then with water to generate H2, CO, and CO2

4 (eqs 1 and 2).

Carbon monoxide reacts with H2 to form CH4 (via eq 3) and
with steam to produce CO2 (eq 4)
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HCO 3H CH H O 206.1 kJ mol2 4 2
0 1V+ + = ·

(3)

HCO H O CO H 41.2 kJ mol2 2 2
0 1V+ + = ·

(4)

Additional chemical reactions occur, which generate coke,
tars, and heavier hydrocarbons (mainly ethane),6 all depending
on the conditions of SCWG, the presence of catalysts, and the
biomass structure and composition.7−9 The SCWG of organics
started gaining notable interest in the 1980s. For instance,
Model investigated the gasification of glucose using both
subcritical and supercritical water.10 The key finding was that no
char formed in the supercritical state, unlike in the subcritical
state, suggesting that supercritical water acts as an efficient
solvent, keeping organic compounds uniformly dispersed. Since
then, the field has gained significant development and progress,
addressing various challenges such as transition to real waste
biomass, char formation, poor gasification yields, corrosion, and
plugging issues.3 However, a research gap remains in optimizing
the SCWG process to enhance hydrogen production. A portion
of the produced hydrogen remains bound to the coproduced
hydrocarbons, which impacts the efficiency of hydrogen
recovery. A recent review from our group of experimental
research on catalytic SCWG of organics found that, in most
cases, a significant amount of the hydrogen produced (around
30%) was bound to the hydrocarbons, mainly methane. In
comparison, in cases where less than 5% of the hydrogen
produced was trapped in the hydrocarbons, the feed was quite
dilute (≤5 wt %), and the operating temperature exceeded 700
°C.11
To increase the H2 yield, a subsequent steam or dry reforming

process of the SCWG product gas is required.12,13 Steam
reforming of natural gas or steam methane reforming (SMR) is
the most widely used industrial technology for hydrogen
production.14 In this process, steam reacts with CH4 (eqs 5
and 6) under high temperature (700−1000 °C), in the pressure
range 20−30 bar and at steam to CH4 (H2O/CH4) ratios of
2.5−3,15−17 producing H2, CO and CO2.

HCH H O CO 3H 206.1 kJ mol4 2 2
0 1V+ + = ·

(5)

HCH 2H O CO 4H 164.9 kJ mol4 2 2 2
0 1V+ + = ·

(6)

The produced CO reacts with the remaining steam to result in
CO2 and H2, via the water−gas shift (WGS) reaction (eq 4).
Should the feed to the steam reformer consist of heavier
hydrocarbons, they also react with steam according to eq 718,19

n n
m
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(7)

In parallel carbon formation reactions can also take place.20

This process is conducted in the presence of a Ni-based
catalyst.21,22

Several studies have implemented the combination of biomass
SCWGand subsequent steam/dry reforming with simulations in
Aspen Plus. Hantoko et al.23 simulated a process for the SCWG
of sewage sludge and the subsequent SMR of the product gas at
the same pressure of the SCWG reactor, concluding that the

reformer’s implementation significantly increased the systems
energetic efficiency and the H2 yield. Ruya et al.

12 assessed the
incorporation of a steam reformer in an autothermal process of
SCWG of empty fruit bunch and palm oil mill effluent. They
reported that the implementation of the steam reformer at the
lowest biomass concentration (15 wt % of empty fruit bunch)
decreased the net H2 yield because the product gas only covered
the energy demands of the process. In contrast, at high biomass
concentrations (25 wt %), the reformer’s implementation
increased the net H2 yield up to 98%. Campanario and Gutieŕrez
Ortiz designed and simulated a process for the SCWGof the bio-
oil aqueous phase coupled with dry reforming of the produced
syngas and purification with a pressure swing adsorption (PSA)
unit. The authors also assessed this process techno-econom-
ically.24 Kumar et al.25 proposed a process for the SCWG of
microalgae, implementing a mineral separator step upstream of
the SCWG and an SMR reactor followed by high and low
temperature WGS reactors, downstream of the SCWG reactor
and after water separation. They reported that for a plant
capacity of 2000 t d−1, a total capital investment of 277.8M $ (in
2019) was required, with a respective hydrogen price of 4.59 ±
0.1 $ kg−1.
There is a lack of experimental work covering steam reforming

of the product gas from SCWG for increased hydrogen
production. Brito et al.6 performed steam reforming of the gas
produced from gasification of lignin with oxygen and steam.
Their experiments were conducted at 500−800 °C, 1 atm, a ratio
of steam to carbon present in CH4 and C2H6 in the feed equal to
3, and space velocity 0.5 Nl min−1 gcat−1. While a significant
amount of methane was observed at 500 °C, due to an
unfavorable chemical equilibrium at lower temperatures, full
CH4 conversion was observed at 800 °C. Additionally, they
demonstrated that complete ethane conversion was reached for
T ≥ 750 °C. Their thermodynamic analysis showed that to
optimize hydrogen yield while mitigating coke formation, a
minimum temperature of 700 °C and a steam-to-carbon (S/C)
ratio between 2 and 3 are required. At lower temperatures and/
or lower S/C ratios, coke formation is more likely. To inhibit
coke formation at very low S/C ratios, in the absence of water, or
when higher hydrocarbons are present in the feed, the
pioneering work of Subramaniam et al.26−28 suggests that
under dense supercritical conditions, coke solubility in the
reaction mixture is enhanced. This prevents coke deposition and
buildup inside the pores, thereby avoiding pore plugging.
The analysis of Brito et al.6 focused on the subsequent steam

reforming of the gas produced from biomass gasification under
ambient pressures, and not specifically of product gases resulting
from SCWG. To address this gap of experimental work a lab-
scale setup combining SCWG with direct subsequent steam
reforming was conceptualized and investigated. This concept
was also applied for a patent.29 The experimental work has been
reported in a recent study by our group, where the first two
reactors from the conceptualized process�the SCWG reactor
and the steam reformer�were operated.30 In that study, ethanol
was used as a model compound for biomass. It was
demonstrated that the total hydrogen yield based on the
EtOH in the feed increased significantly, from 27.4% with only
the SCWG reactor (gasification of 8 wt % EtOH, at 250 bar, 600
°C, and 1.5 min residence time), to 98% with the SMR reactor’s
integration, at 600 °C, 1 atm and a gas hourly space velocity
(GHSV) of around 14,850 h−1. The excess steam left over from
gasification entered the second reactor together with the
product gas, promoted the SMR reaction even at low
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temperatures (450−550 °C), inhibited the formation of carbon
deposits on the catalyst, but enhanced the sintering of the active
metal. After successful experimental investigation it is of great
interest to study the economics of the process. In the present
study a techno-economic analysis was conducted based on the
experimental results produced previously.
The development of alternative processes to replace conven-

tional technologies for processing fossil fuels, requires thorough
economic analysis. A techno-economic analysis can assess the
profitability of the proposed process, identify strategies for cost
minimization, and ultimately compare its competitiveness with
other conventional processes. Within this context a new kinetic
model was developed to describe the kinetics of methane and
ethane reforming based on the experiments carried out in the
previous work of the group,30 and is the first model to describe
this reaction at such high steam content (13≤H2O/CH4 ≤ 46),
to the best of our knowledge. The model was applied in Aspen
HYSYS V14 to scale up the experimentally developed process,
incorporating technologies like oxyfuel combustion to reduce its
carbon footprint on an industrial scale. Finally, an economic
analysis was carried out to determine the cost of such a chemical
plant, considering as important parameters the organic matter
concentration in the feed and the plant capacity in order to
minimize the cost of hydrogen production. A follow-up
sensitivity analysis helped to identify the most significant
contributors to the cost of hydrogen produced. As a benchmark
for comparing hydrogen production costs, recent studies suggest
that by 2030, the cost of hydrogen produced through electrolysis
in the EU will range between €3 and €5 per kilogram.31−34

It should be noted that the process used EtOH as a biomass
model compound because this substance was also used for the
laboratory experiments in the previous work of the group.
Ethanol can be used as a biomass model compound tomodel the
complete gasification with supercritical water of sewage sludge
and microalgae. Ethanol is composed of 52.17 wt % C, 13.04 wt
%H, and 34.78 wt %O. Although the composition of microalgae
and sewage sludge may vary, there have been several studies in
the literature with compositions similar to EtOH with respect to
the three components mentioned.35−40 It should be mentioned,
however, that the amount of ash in real biomasses should not be
taken into account for the comparison. Furthermore, this work
aims to formulate a base case that is not affected by obstacles like
coke formation, salt deposition and eventually incomplete

gasification and plugging as it might be the case when processing
waste biomasses.8 After successful process assessment with
EtOH further investigation and development is required for
processing waste biomasses.

■ MATERIALS AND METHODS
Experimental Layout and Procedure. A comprehensive

overview of the experimental methodology, setup details, and
additional information was previously presented in the
aforementioned work.30 Still, a shorter description is provided
here with specific reference to the information most relevant to
the present work.
The experimental setup includes a feeding system with an

EtOH/water solution, anHPLC pump, two tubular reactors of 8
mm i.d., and two back-pressure regulators, one installed at the
outlet of the first reactor (SCWG) and the other at the outlet of
the second reactor (reforming).
The reforming reactor is connected in series with the first

reactor, and it contains a fixed catalytic bed with a commercial
Ni-based catalyst (ReforMax 210 LDP, purchased from C&CS
Catalysts and Chemicals Specialties GmbH). Its nominal
content of NiO is 18 wt % and it is supported on a CaK2Al22O34
support. It was delivered in the form of 10-hole ring-shaped
pellets, which were crushed and sieved into particles with a
diameter in the range 250−500 μm. Its apparent density is 0.915
g cm−3. The BET surface area of the fresh and reduced catalyst
was measured to be equal to 3.8 and 14.6 m2 gcat−1,
respectively.30

The SCWGof 8 wt % EtOHwas performed at 600 °C and 250
bar.30 The residence time in the SCWG reactor was 1.5 min
(calculated at experimental conditions, i.e., 600 °C and 250 bar).
The investigated operating parameters in SMR reactor were the
temperature (450−700 °C), the pressure (1−40 bar), and the
GHSV (14,852−74,163 h−1). The latter parameter was studied
by adjusting the amount of catalyst in the SMR reactor. In
addition, some experiments were performed that are not part of
the previous publication and involve different EtOH concen-
trations, namely 5, 11, and 13 wt %. In the latter experiments, the
amount of catalyst in the second reactor was adjusted so that the
ratio of the flow of the SCWG dry product gas to the volume of

the catalytic bed of the SMR reactor (i.e.,
Q

V
SCWG,dry

SMR,cat.bed
) to be 6 ×

Figure 1. Reaction mechanism of SMR and WGS from Xu and Froment.41 The asterisk symbol (*) denotes a free active site on the catalyst surface.
The reaction numeration was modified. Reproduced with permission from Xu and Froment.41 Copyright 2024 John Wiley and Sons.

Industrial & Engineering Chemistry Research pubs.acs.org/IECR Article

https://doi.org/10.1021/acs.iecr.4c01486
Ind. Eng. Chem. Res. 2024, 63, 16683−16700

16685

https://pubs.acs.org/doi/10.1021/acs.iecr.4c01486?fig=fig1&ref=pdf
https://pubs.acs.org/doi/10.1021/acs.iecr.4c01486?fig=fig1&ref=pdf
https://pubs.acs.org/doi/10.1021/acs.iecr.4c01486?fig=fig1&ref=pdf
https://pubs.acs.org/doi/10.1021/acs.iecr.4c01486?fig=fig1&ref=pdf
pubs.acs.org/IECR?ref=pdf
https://doi.org/10.1021/acs.iecr.4c01486?urlappend=%3Fref%3DPDF&jav=VoR&rel=cite-as


10−3 h−1. All the experimental data are listed in Tables S1 and S2
(Chapter S1) in the Supporting Information.
Kinetic Model of the SMR Reactor. Kinetic Model of Xu

and Froment for SMR. Xu and Froment41 developed a model
for SMR and the WGS reaction. They considered three global
reactions: SMR with CO formation (eq 5), SMR with CO2
formation (eq 6), and theWGS (eq 4). The reaction mechanism
from Xu and Froment is provided in Figure 1, while a table with
the list of elementary reactions is presented in the Supporting
Information (see Table S3).
According to Xu and Froment, R6 is the rate-determining step

(RDS) of SMR to CO, R9 is the RDS of SMR to CO2, and R8 is
the RDS ofWGS. After defining the reactionmechanism and the
rate-determining steps, the reaction rates (ri, in mol·kgcat−1 s−1)
for R6 (eq 8), R9 (eq 9), and R8 (eq 10) were derived

r

k
p p

p

p p

K

SMR to CO, RDS is R6: 1

1
2 CH H O

H
2.5

H
0.5

CO

P,1
0

4 2

2

2
i

k

jjjjjjj
y

{

zzzzzzz= · *·
· ·

(8)

r

k
p p
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p p

K

SMR to CO , RDS is R9:2 2

2
2 CH H O

2

H
3.5

H
0.5

CO

P,2
0

4 2

2

2 2

i

k

jjjjjjj
y

{

zzzzzzz= · *·
· ·

(9)

r k
p p

p

p

K
WGS, RDS is R8: 3 3

2 CO H O

H

CO

P,3
0

2

2

2
i

k
jjjjjjj

y

{
zzzzzzz= · *·

·

(10)

where ki is the constant of reaction i (k1 and k2 in mol·kgcat−1 s−1

bar0.5, k3 in mol·kgcat−1 s−1 bar−1), pj is the partial pressure of
component j (bar), KP,i0 is the equilibrium constant of reaction i
(KP,10 and KP,20 in bar1.5, KP,30 in bar), and θ* is the fraction of free
active sites on the catalyst surface (in the original work, it was
defined as 1/DEN), which was calculated by a balance equation
(eq 11)

K p K p K p K p p(1 )CO CO CH CH H H H O H O H
1 1

4 4 2 2 2 2 2* = + · + · + · + · ·

(11)

where, Kj is the adsorption constant related to component j
(KCO, KCHd4

, and KHd2
are in bar−1, while KHd2O is unitless). Xu and

Froment stated that CO2 adsorption was not significant and,
therefore, not considered in the balance equation.
The reaction constants (ki) and the adsorption constants (Kj)

were described via the Arrhenius equation (given in eqs 12 and
13, in the original work, the terms Ai and Aad,i in the Arrhenius
equation were outside the exponential function).

k A
E

R T T
exp

1 1
i i

A

ref

i

Ä

Ç

ÅÅÅÅÅÅÅÅÅÅ
i
k
jjjjj

y
{
zzzzz

É

Ö

ÑÑÑÑÑÑÑÑÑÑ
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(12)

K A
H

R T T
exp

1 1
j i

j
ad,

ref
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ÅÅÅÅÅÅÅÅÅÅ
i
k
jjjjj

y
{
zzzzz

É

Ö

ÑÑÑÑÑÑÑÑÑÑ
= ·

(13)

where Ai and Aad,i are pre-exponential factors, EA,i is the
activation energy, Tref is the reference temperature of the kinetic
model (in this work, Tref = 873.15 K), and ΔHj is the enthalpy
variation of the adsorption.

In total, the model of the original work has 14 parameters to
be fitted to the experiments, i.e., A1, A2, A3, EA d1

, EA d2
, EA d3

, Aad,CO,
Aad,CHd4

, Aad,Hd2
, Aad,Hd2O, ΔHCO, ΔHCHd4

, ΔHHd2
, ΔHHd2O.

Kinetic Model of the Present Work for SMR and SER. In
general, mathematical models should be as simple as possible
and as complex as necessary. Furthermore, the number of fitted
parameters should also be minimized to avoid highly correlated
and statistically insignificant parameters. Therefore, this paper
presents a modified version of Xu and Froment’s model, with a
focus on a steam-rich operating window, thereby reducing
model complexity and the number of parameters.
The WGS is reported to be rapid under reforming

conditions;42−44 therefore, its actual kinetic parameters are
difficult to estimate.43 If the WGS is considered rapid under
typical SMR conditions, it should be even faster when steam is in
large excess. Because of that, we assumed this reaction to be
quasi-equilibrated. Mathematically, this was done by assuming a
high value for the WGS reaction constant, avoiding parameter
fitting. The values of A3 = 5 and EAd3

= 0 kJ mol−1 were found to
be high enough to guarantee quasi-equilibrium conditions, while
not too high to create numerical instability. A similar procedure
was performed in the literature for a SMR kinetic model at
typical operating conditions.43

The SMR system is described by three global reactions (eqs
4−6). However, because each reaction is a linear combination of
the other two, two reactions might be enough to represent the
system, allowing a reduction in the model’s complexity. Since
the WGS is much faster than SMR, it should not be excluded.
Therefore, two possibilities were considered in this work: (i)
WGS and SMR to CO (eqs 4 and 5), (ii) WGS and SMR to CO2
(eqs 4 and 6).
The elementary step R5 was also tested as RDS for SMR.

Since this step belongs to both SMR to CO and SMR to CO2,
and the WGS is considered rapid, the same results would be
achieved if considering either CO or CO2 as the product.
Therefore, this approach was only tested for SMR to CO, and
the reaction rate was derived. A detailed mathematical
derivation of eq 14 is provided in the Supporting Information
(see Chapter S2).

r

k
p p

p

p p

K

SMR to CO, RDS is R5: 1

1
2 CH H O

H
2

H CO

P,1
0

4 2

2

2
i

k

jjjjjjj
y

{

zzzzzzz= · *·
· ·

(14)

It was not possible to get statistically significant parameters for
KCO and KHd2

. In the work of Xu and Froment,41 KCO and KHd2

could only be defined by performing reverse WGS +
methanation experiments. Such experiments are out of scope
in the present study, and only the adsorption constants of the
reactants (KCHd4

and KHd2O) were considered. Furthermore,
because the present work focuses on much higher steam content
(13≤H2O/CH4 ≤ 46) in comparison with the typically studied
range in the literature (0.25 ≤ H2O/CH4 ≤ 6),45 it is likely that
the adsorption constants of the products do not play as a
significant role as in typical conditions. Therefore, eq 11 was
simplified (eq 15).

K p K p p(1 )CH CH H O H O H
1 1

4 4 2 2 2* = + · + · · (15)
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The temperature dependent parameters of the adsorption
constants (ΔHj) were not statistically significant, so that KCHd4

and KHd2O were estimated as single parameters.
Finally, low amounts of ethane are contained in the feed

streams, and steam ethane reforming (SER) also takes place on
the catalyst surface. At reforming conditions, the reverse
reaction is negligible: KP,SER0 (873 K) = 5600, KP,SER0 (973 K) =
1,140,000.46 Thus, irreversible SER was considered (eq 16).

HC H 2 H O 2 CO 5 H 346.3

kJ mol
2 6 2 2

0

1

+ · · + · =

· (16)

A literature search was made regarding SER, but no kinetic
models were found. Furthermore, the ethane concentration in
this study is extremely low compared to steam (H2O/C2H6 >
450), thus it is expected that the steam apparent order is either
zero or even negative. Therefore, the simplest assumption was
made, i.e., the reaction rate of SER is first order in relation to
ethane and independent of steam partial pressure (eq 17)

r k pSER: 4 4 C H2 6
= · (17)

where r4 is in mol·kgcat−1 s−1. To summarize, three kinetic
models were developed and compared. While the same rates for
WGS (eq 10), SER (eq 17) and the same fraction of active sites
(eq 15) were considered, the models differ concerning SMR.
That is:

• model M1�SMR to CO, R6 is the RDS (eq 8)
• model M2�SMR to CO2, R9 is the RDS (eq 9)
• model M3�SMR to CO, R5 is the RDS (eq 14)
The equilibrium constants (KP,1−3

0 ) were taken from the
database of Goos et al.,46 which contains 7-parameter temper-
ature-dependent functions. A parametrization to 3-parameter
functions was made in the temperature interval of 700−1100 K,
and an average relative error below 0.1% was obtained. The
resulting functions are provided as follows (eqs 18−20)

K T Texp(15.58 25256 )P,1
0 1.878 1= · · (18)

K T Texp(1.96 19, 836 )P,2
0 3.118 1= · · (19)

K T Texp( 13.77 5437 )P,3
0 1.259 1= · + · (20)

Modeling of the SMR Reactor. To simulate the operating
conditions of the SMR laboratory experiments, the following
assumptions were made: (i) plug flow reactor (PFR), (ii)
isobaric conditions, (iii) isothermal conditions, and (iv)
variations only along the reactor length (1D approach).
Component and total molar balance along the reactor length
were then derived (eqs 21 and 22).
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Here, ṅ is the total mole flow (mol·s−1), mCat is the total catalyst
mass (kg), L is the catalytic bed length (m),NR is the number of
reactions, NC is the number of components, νji is the
stoichiometric coefficient of component j in reaction i, and yi
is the mole fraction of component j.

The differential equations were implemented in Matlab and
solved with the built-in function ode45, with absolute and
relative tolerances set to 10−6.
Estimation of the Kinetic Parameters. Since a high value for

theWGS constant was assumed (A3 = 5 and EA d3
= 0), eachmodel

has a maximum of six parameters to be fitted to the experiments:
• For M1 and M3: A1, A4, EA d1

, EA d4
, KCHd4

, and KHd2O

• For M2: A2, A4, EA d2
, EA d4

, KCHd4
, and KHd2O

An optimization problem was solved to estimate the kinetic
parameters. Its objective function was the minimization of the
normalized squared deviations between the experimental data
and the simulations ( fmin), i.e., the chi-square method (χ2).
Since the WGS is considered fast, and only the SMR and SER
kinetic parameters need to be estimated, methane and ethane
conversion values are sufficient to describe the system. Thus, the
following objective function was applied (eq 23)
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whereNTP is the number of training points, and Xj and X̂j are the
measured and simulated values of component j conversion,
respectively. The inverse of the squared experimental values was
used as weights to avoid giving too much weight to high
conversion points and too less weight to low conversion points.
The optimization problem was solved in Matlab with the

built-in function fminsearch, with the step tolerance set to 5 ×
10−3 and the function tolerance set to 10−3.
To assess the model accuracy outside the training region, the

5-fold cross-validation method was applied. It consists of
dividing the database into five groups of equal size and solving
the optimization problem five times, each time leaving a different
group out for validation only. Finally, χ2 was calculated for all
points for each set of optimized parameters (eq 24).
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Here, NP is the number of experimental points (training and
validation). The set of parameters with the lowest χall2 (i.e., χbest2 )
was selected.
The 5-fold cross validation value (CV5) is the average value of

χall2 (eq 25). If CV5 is close to χbest2 , the model is more likely to
perform well outside the training region.

CV
1
5

( )
i

i5
1

5

all,
2= ·

= (25)

where χall,i2 is the chi-square number for the set of parameters i.
To obtain the confidence interval of each kinetic parameter

(CIi), the standard deviation was calculated considering the five
sets of parameters, and then it was multiplied by the two-tail t-
student value for 0.05 significance.
Scale-Up of the Proposed Process and Techno-

Economic Analysis. This part describes the scale-up process
corresponding to the previously described lab-scale plant and
the methodology followed for the techno-economic analysis.
The chemical plant is assumed to be constructed in Germany.
Figure 2 illustrates a simplified process flow diagram with the
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main process units and Figure 3 the detailed one. Figure S2 in
the Supporting Information (Section S7) presents the process
flow diagram as depicted in the Aspen HYSYS software. Table
S8 in Supporting Information contains the mass balances, the
properties and molar compositions of all the streams from the
simulated process in Aspen HYSYS.

The feed to the system is a water−EtOH solution that is

pumped to 250 bar (P-1) and preheated to 320 °C (stream 6)

prior to SCWG via four heat exchangers. EtOHwas used in both

cases (experiments and process scale-up) as a biomass model

compound establishing a preliminary base case. Gasification

Figure 2. Simplified process flow diagram (PFD) of the scale-up process.

Figure 3. PFD of the scale-up process. The blue arrows indicate the water streams.
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takes place at 250 bar and 600 °C. The required heat for the
SCWG reactor is provided by electricity.47

The product gas, together with the remaining steam (stream
7), is expanded in a turbine (EXP-1) to an outlet pressure of 30
bar (stream 8). Stream 8 is preheated (HE-1) before entering
the steam-methane reforming (SMR) reactor. The outlet of the
SMR reactor (stream 10) has a temperature of 804 °C and a
pressure of 30 bar, providing heat to the inlet of SMR (stream 8)
(HE-1).
The product from the SMR is further cooled by heating the

feed to the SCWG in HE-2 and HE-3. Afterward, the cooled
SMR product is inserted into the WGS adiabatic reactor at
around 225 °C. The WGS outlet stream has a temperature
increase to approximately 254 °C due to the exothermic WGS
reaction.
The product from the WGS reactor is further cooled in HE-4

andHE-6 with the EtOH feed and inHE-5 andHE-7 with water.
The heat exchange in HE-5 (heat transferred from stream 15 to
W-5) generates low-pressure steam (4.5 bar) that can be sold to
nearby industrial facilities.48 The HE-7 utilizes water (W-2) to
cool the WGS product down to 30 °C (stream 18). Afterward,
the product gas is separated from condensed water in the gas−
liquid separator FL-1. It consists primarily of H2, CO2, and traces
of CH4 and CO (stream 19). For the purification of H2, a PSA
unit is implemented. This unit consists of adsorbers filled with
zeolite 5A and generates an H2-rich gas with 99.99% purity and
85% recovery.49 The recovered water from the product contains
a part of the produced CO2, and it is degassed after pressure
reduction close to atmospheric (FL-2), and the released CO2 is
driven to the final CO2-rich side product (the stream leaving FL-
3). Then, the water can be recycled and reintroduced to the feed.
The tail-gas from the PSA unit (stream 20) contains almost all

of the CO2, unreacted CH4, CO, and part of the produced H2. It
is driven to the SMR oven for oxyfuel combustion to provide the
heat required for the SMR reaction system. The oxyfuel
combustion is carried out with O2 separated from N2 in a PSA
unit. There, the air is slightly pressurized by a compressor
(COMP) and driven to the PSA unit, where O2 is recovered at a
rate of 53%with a purity of 90%, utilizing a zeolite.50 The oxyfuel
combustion of the tail-gas results in a dry gas consisting
primarily of CO2 (>90 vol. %) that can also be sold. A series of
heat exchangers reduce the temperature of the off-gas to 40 °C.
From the off-gas cooling, high (25 bar) and low pressure steam
(4.5 bar) is generated and sold too. Water is separated from the
CO2 in FL-3 andmixed with the water from the streamW-9. The
temperature of this stream is close to 42 °C, and an air-cooled
heat exchanger is utilized (AC) to cool it down to 20 °C.
Afterward, the cooled water is reintroduced to the system by a
pump (P-2).
The scale-up process was simulated with Aspen HYSYS V14.

The selected fluid property package was the PRSV, which
employs the Peng−Robinson equation of state. A Gibbs reactor
was used to simulate the SCWG reaction system by minimizing
the Gibb’s free energy of the system,51 which is an adequate
approach for this application, as Dutzi et al.52 demonstrated.
They reported complete gasification of EtOH with a
concentration ranging from 1.2 to 72 wt %, under 650 °C and
280 bar. The product gas composition was in close agreement
with the results from thermodynamic equilibrium when the
same process was also simulated with a Gibbs reactor in Aspen
HYSYS. Their minimum weight hourly space velocity was 1715
gfeed Lreactor−1 h−1. This value is applied here to design the SCWG
reactor, ensuring that the selection of the Gibbs reactor

generates satisfactory results in terms of complete carbon
gasification efficiency and equilibrium approach.
For accurate simulation of the SMR reactor, a PFR is used in

Aspen HYSYS. This unit requires all input related to the kinetic
model that was developed in this study. The reactor is
considered to be of the multitubular type, with the tubes
located inside a furnace. The detailed data for the design of the
PFR is given in Supporting Information (see Chapter S7). The
furnace (or fired heater) is simulated as a conversion reactor
considering the combustion reactions of H2, CH4, and C2H6.
More details regarding the design of this unit can be found in
Supporting Information (Chapter S7). An equilibrium reactor
was used to model the WGS reactor, considering only the WGS
reaction (see Chapter S7 in Supporting Information).
The heat exchangers (HE-1 up to HE-8) were modeled with

the Rigorous Shell & Tube model provided by Aspen HYSYS.
The gas−liquid separators and the PSA units were designed
based on the book by Towler and Sinnott.53 The specific
methodology for both units can be found in Supporting
Information (Chapter S7).
An exergy analysis was conducted by determining the exergy

efficiency (nEx, eq 26)
54,55

n
m e m e m e

m e P EEx
H H CO CO steam steam

FEED FEED electric Q

2 2 2 2=
· + · + ·

· + + (26)

where ṁi is the mass flow rate of stream i, ei is the specific exergy
of the stream I, Pelectric is the total electric power required by the
process operations, and EQ is the total exergy input for heating
purposes. The total exergy loss was calculated as the difference
between the inlet exergy streams in the process and the outlet
streams.54 No distinction is made between exergy destruction
and exergy loss.54,55 The specific exergy of a stream (ei) is
calculated as the sum of its physical exergy and its chemical
exergy, with the latter being equal to the higher heating value of a
material stream (HHVi, eq 27)
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whereHi and Si are the enthalpy and entropy, respectively, at the
actual conditions, Hi0 and Si0 are the enthalpy and entropy at
reference conditions (298.15 K and 1 bar), and T0 is the
reference temperature. The physical exergy can be obtained
from Aspen HYSYS. The reference conditions were 298.15 K
and 1 bar. Table S9 in the Supporting Information enlists the
exergy flows of all process streams.
The costs of the equipment (Ci) were calculated from

reference equipment costs,56 considering equipment scaling
factors (M) and the effect of inflation on the prices of the
equipment based on the chemical engineering plant cost indexes
(CEPCI), via the following equation (eq 28)55
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where, Qi and Qi,ref are the characteristic capacities andM is the
equipment scaling factor.56 The prices of the equipment were
corrected to 2023 with the corresponding value of CEPCI for
May 2023, which is 808.8.57 The values of CEPCIref varied
according to the available source of reference equipment.
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The total cost of the main equipment (Ctotal), multiplied by
the Lang Factor (FL), corresponds to the fixed capital
investment (CIfixed, eq 29)

F CCIfixed L total= · (29)

where Ctotal accounts for the sum of all main equipment costs

C Citotal = (30)

The Lang factor is frequently used to obtain order-of-
magnitude cost estimates and takes into account the direct and
indirect costs related to the construction of tP, based on the
equipment costs.56 The Lang factor was estimated to be 4.86,
according to Albrecht et al.58 Τable S13 in the Supporting
Information contains all the different cost types that contributed
to the CIfixed. The total capital investment (CAPEX) was
calculated by the following equation (eq 31)55

CCAPEX CIfixed working= + (31)

whereCworking stands for the working capital. According to Peters
et al.56 the Cworking lies between 10 and 20% of CAPEX. In this
work, a value of 15% of the CAPEX was selected.
The annual capital costs (Ca) can be given as a function of the

CIfixed and Cworking, based on the annuity method (eq 32)
55
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where r is the annual interest rate, assumed equal to 10%, and tP
is the operating lifetime of the plant which was considered to be
20 years.59 No salvage value was considered.
The direct and indirect operating expenses (OPEXdir and

OPEXind, respectively) were also estimated. The OPEXdir
correspond to the costs of EtOH, cooling and clean water,
electricity, catalysts for SMR and WGS, and adsorbents for the
PSA units. Table 1 presents the unit costs of all the

aforementioned utilities and the prices of the products to be
sold, i.e., low pressure and high pressure steam and CO2. The
OPEXind consist of costs associated with operating labor,
operating supervision, maintenance labor, maintenance materi-
als, operating supplies, laboratory expenses, insurance, taxes,
plant overhead, administrative costs, distribution and selling,

research and development. The methodology of calculating
them was taken from Albrecht et al.58

The operating labor costs (COL) were calculated according to
the following equation (eq 33)

C NWageOL OP OP= · (33)

where the WageOP is the wage of every operator, equal to 72.000
€ a−155 (or 75.600 $2023 a−1), and NOP is the total number of
operators calculated by 3455,62

N F N(6.29 0.23 )OP OP np
0.5= ·[ + · ] (34)

where Nnp is the number of nonparticulate processing units in
the scaled-up plant, and FOP the number of operators to cover
every position in the plant at any time, which was estimated to be
4.5. A description on how COL is estimated at different plant
capacities, is given in Supporting Information (S8). As the plant
scales up, labor costs increase. Peters and Timmerhaus provide
in their book56 a diagram through which one can estimate the
operating labor requirements when the capacity of the chemical
plant increases.
The net production costs (NPC) can be estimated in $ a−1 (eq

35). The break-even price of H2 is also calculated, taking into
account the sale of CO2 and steam of low and high pressure (LP
and HP, respectively) as follows (eq 36)

CNPC($ a ) OPEX OPEX1
a dir ind· = + + (35)
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(36)

All assumptions applied for the economic analysis are given in
Table 2.

■ RESULTS AND DISCUSSION
Kinetic Modeling of SMR and SER. Kinetic Model

Parameters and Performance. In both Models M1 and M2,
the optimization procedure gaveKCHd4

= 0. Besides, inmodelM2,
k1 and KHd2O were growing together to extremely large values,
indicating a high correlation between them and suggesting the
following change from eqs 15−37

K p p K p
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H O H O H
1 1

2 2 2 4 4

2 2 2

· · + · *
· · (37)

Table 1. Unit Costs of Purchased Utilities and of Products for
Sale

utility unit cost references

unit costs of utilities constituting the OPEXdir

EtOH 0.56 $ L−1 60
cooling water 0.0013125 $ m−3 58
clean water 2.1 $ m−3 58
electricity 0.0945 $ kWh−1 58
SMR catalyst 29.7 $ kg−1 61
WGS catalyst 19 $ kg−1 55
adsorbent of PSA-H2 2.0 $ kg−1 59
adsorbent of PSA-O2

a 2.0 $ kg−1 59
unit costs of products to be sold

low-pressure steam (4 bar) 27.0 $ t−1 58
high-pressure steam (25 bar) 27.6 $ t−1 58
CO2 46.5 $ t−1 55

aNo price for adsorbents in the PSA-O2 was found in the literature,
thus it was assumed that the price for a PSA-O2 adsorbent is same
with that of the adsorbent in the PSA-H2 unit.

Table 2. Assumptions Used for the Economic Analysis

assumption
number parameter value

1 working capital (Cworking) 15% of
CAPEX

2 annual interest rate (r) 10%
3 operating lifetime of the plant (tP) 20 years
4 hours of operations in a year 8000 h a−1

5 average labor costs 75,600 $ a−1

6 number of nonparticulate processing units in
the chemical plant (NOP)

3

7 number of operators to cover every position in
the plant at any time (FOP)

4.5
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With this consideration in model M2, KHd2O could be lumped
to the kinetic constants, reducing the number of parameters to
four (see mathematical demonstration in Section S3). A similar
approach was also tested for models M1 andM3 for comparison
purposes. In the end, the total number of developed models was
extended to five: (i) M1 (4 parameters), (ii) M1 (5 parameters),
(iii) M2 (4 parameters), (iv) M3 (4 parameters), and (v) M3 (6
parameters). In Table 3, the statistic values of all models are
presented. The mean error of methane and ethane conversion
were calculated as follows (eq 38)

N
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N
i i

iP 1

P

= ·
= (38)

Model M3 (6p) outperforms all other models, with its χbest2

being 50% lower than model M3 (4p), the second best model,
and around 70% lower than models M1 and M2. The average
errors of model M3 (6p) are significantly low: 9.0 and 4.7% for
KCHd4

and XCd2Hd6
, respectively. Furthermore, CV5 of all models are

close to their χbest2 , indicating adequate simulation outside the
training region. Since the performance of model M3 (6p) was
much superior than the other models, it is chosen for further
analysis and for the process simulation. In Table 4, the
parameters and all equations of model M3 (6p) are summarized.
The parameters and equations of the other models are provided
in the Supporting Information (Chapter S4).
In Figure 4, experimental and simulated values of CH4 and

C2H6 conversion are shown as functions of temperature (Figure

4a,b), space velocity (Figure 4c,d), and pressure (Figure 4e).
C2H6 conversion as a function of pressure is not shown because
either complete conversion or almost complete conversion was
reached in all cases. While all models reasonably reproduce the
experimental data for the different variations in operating
conditions, model M3 (6p) clearly outperforms the other
models, especially with regards to CH4 conversion for
temperature and pressure variations.
The experiments from the temperature variation (Figure 4a)

suggest a sinusoidal behavior, while the curves from most
models were significantly softened, almost linear in some cases.
model M3 (6p) had the best fit, probably aided by the
adsorption components. This sinusoidal behavior from the
experiments might indicate temperature dependent adsorption,
in which higher temperature improve desorption, enhancing the
fraction of free sites, and, therefore, the reaction rates. The
addition of such parameters might further improve model M3
(6p), but more experiments would have to be performed for all
parameters to remain statistically significant.
Pressure has a known negative effect on the SMR rates of all

models related to thermodynamics, as the number of mols
increases within the reaction. Besides, models M1 and M2
include a negative effect of pressure related to kinetics (r ∝
p−0.5), which is apparently too strong and should be the cause of
the systematic XCHd4

underestimations in Figure 4e. Model M3
(4p) gave moderate XCHd4

overestimations, which were fairly
corrected by the addition of the adsorption parameters, i.e., in
model M3 (6p) curve. Still, the experimental results show a
stabilization after 25 bar, probably because a poisoning
phenomenon from one of the substances (probably H2O or
CH4) reached a saturation point, which model M3 (6p) could
not perfectly reproduce. A further improvement of the model
might be possible by performing further experiments, expanding
the parameter number (e.g., with KCO and/or KHd2

) and re-
estimating the parameters.
Finally, in Figure 4f parity plots of model M3 (6p) simulations

are presented. All points are between the ±20% lines, indicating
excellent agreement between experiments and simulations. The
parity plots of all models can be found in the Supporting
Information (Chapter S5).
Checking the Influence of Mass Transfer Phenomena. The

activation energies of the steam reforming reactions of the
models developed in this work were lower than typical literature
models (134 to 240 kJ mol−1).41,63,64 The question was raised if
mass transfer phenomena in the experiments could be limiting
the reaction. The possible influence of external and/or internal
mass transfer phenomena on the reaction rates during the
experiments was determined by applying three criteria. To check
for possible external mass transfer effects theMears criterion was
applied (eq 39)65

M
r R n

k C
0.15criterion

A b

c A(bulk)
=

· · ·
· (39)

where rA is the reaction rate of the limiting reactant (mol kgcat−1
s−1), ρb the catalyst’s apparent density (kg m−3), R the radius of
the catalyst particles (m), n the reaction order, kc the gas-particle
mass transfer coefficient (m s−1), and CA(bulk) the reactant’s
concentration in the bulk gas phase (mol m−3). For internal
mass transfer limitations, the Weisz−Prater criterion was used
(eq 40)66

Table 3. Statistical Performance Indicators

M1 (4p) M1 (5p) M2 (4p) M3 (4p) M3 (6p)

χbest2 0.849 0.801 0.873 0.633 0.291
CV5 0.909 0.874 0.953 0.651 0.327
ME-XCHd4

(%) 15.8 16.1 17.7 13.1 9.0

ME-XCd2Hd6
(%) 4.6 4.7 4.6 4.6 4.7

Table 4. Summary of Equations and Parameters of Model M3
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θ* = (1 + KCHd4
·pCHd4

+ KHd2O·pHd2O·pHd2

−1)−1 eq 15

A1 = −2.125 ± 1.011 EA d1
= (37.86 ± 10.63) kJ·mol−1

A3 = 5 EA d3
= 0 kJ·mol−1 *b

A4 = 0.498 ± 0.078 EA d4
= (14.61 ± 3.99) kJ·mol−1

K (2.996 1.529) barCH
1

4
= ± K 0.419 0.392H O2

= ±

aThe reaction rates are given in mol kgcat−1 s−1. bWGS parameters
were chosen to give a high reaction constant, so that this reaction is in
quasi-equilibrium.
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r R

D C
WP 1criterion

A c
2

eff. A(surface)
=

· ·
· (40)

where ρc the catalyst’s density (kg m−3), Deff. the effective
diffusivity (m2 s−1), and CA(surface) the concentration of the
reacting gas on the catalyst surface (mol m−3). Furthermore, for
the internal mass transport phenomena, the effectiveness factor,
i.e., the ratio of the actual reaction rate to the one if the activity of
the catalyst was uniform throughout the catalyst particles (in the
kinetic regime), was determined assuming spherical catalytic
particles (eq 41)67

3 1
tanh( )

1i
k
jjjj

y
{
zzzz=

(41)

The parameter φ in eq 41 represents the Thiele modulus that
compares the chemical reaction rate to the rate of intraphase
diffusion (eq 42)67,68

R
c

D Reff. h
= ·

· (42)

R is the radius of the spherical particles in m, Deff. is the effective
diffusivity in m2 s−1, Rh is the hydraulic radius of the pores,
calculated by dividing the total pore volume (m3 kgcat.−1) by the
catalyst surface area, Ap (m2 kgcat.−1). The parameter c (m s−1) is
the reaction rate of SMR (rA) divided by the methane bulk
concentration, CCHd4

(mol m−3), and the Ap.
67 Information

regarding their calculation can be found in Supporting
Information (S6.2).

Figure 4. Experimental and predicted values of CH4 and C2H6 conversion under different conditions of temperature (a,b), space velocity (c,d), and
pressure (e). In (f) parity plots of model M3 (6p) for all conditions are shown.
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With regard to the external mass transfer control, the highest
calculated value of the Mears criterion was 6.71 × 10−4 ≪ 0.15,
indicating no control by external mass diffusion. On the other
hand, theWeisz−Prater criterion values were in the range 0.18−
0.30 at ambient pressure and 600 °C. Under the same pressure
but higher temperatures, the values of the criterion increased,
reaching a value of 0.66 at 700 °C. The respective values
dropped 1 order of magnitude as the pressure increased to 10
bar. From 10 to 40 bar (at 600 °C and 22,234 h−1) the value of
the criterion dropped from 0.017 to 0.0081. Similarly, the
effectiveness factor η ranged from 0.79 to 0.93 under ambient
pressure and temperatures between 600 and 700 °C. Higher
pressures resulted in η > 0.99. These results suggest that under
atmospheric pressure, temperatures in the range of 450 −700
°C, and GHSV ranging from 14,852 to 74,163 h−1, intraphase
diffusion may affect the reaction rates, possibly due to the very
low partial pressure of methane in the feed (0.033 atm) and at
the same time due to the low total pore volume of the catalyst.
The numerical values of each criterion in all experimental
conditions can be found in the Supporting Information
(Chapter S6).
Checking the Influence of Nonidealities in the Gas Phase.

The kinetic model was developed assuming ideal gas (IG)
behavior. In order to check if nonidealities are significant in our
operating region of interest, the following test was performed:
the block RGIBBS from Aspen Plus was used to calculate the
chemical equilibrium for a range of pressures and temperatures.
The inlet feed mass composition was: H2O = 81.999%, CH4 =
6.400%, CO = 0.200%, CO2 = 10.700%, H2 = 0.700%, C2H6 =
0.001%. Simulations were performed for both IG and Peng−
Robinson (PR) equations of state, and the results are shown in
Figure 5. The influence of nonidealities in the gas phase is in

general not significant, growing with increasing pressure and
decreasing temperature (as expected). At 30 bar, the deviation is
only 0.01 at 773 and 923 K while a mere 0.002 at 1073 K.
Implementation of the Kinetic Model to the SMR Reactor

in the Scale-Up Process. The kinetic model M3 was applied in
Aspen HYSYS to simulate the SMR reactor as a PFR reactor.
Here, a description of its performance and operational
parameters is given for one of the critical cases systematically
reported in the economic analysis, i.e., feed flow rate of 10 t h−1

and 15 wt % EtOH concentration. The SMR’s outlet
temperature and pressure were fixed at 804 °C and 30 bar,
respectively. In this case, the required heat input was equal to

3227 kW. The reactor’s volume was calculated to be equal to 0.5
m3, while GHSV = 26,220 h−1. According to Nielsen et al.,21 the
GHSV used in industrial applications is typically around 2000−
4000 h−1. Such a higher space velocity is possible due to the very
high H2O/CH4 ratio of this study, driving the SMR reaction
toward H2 formation,

14,69 which in this case was equal to 11.3,
compared to a conventional SMR reactor, operating at H2O/
CH4 ratios = 2.5−3.16,21,70 Besides, the desired CH4 conversion
accounted for 74.4%, without the need of lower GHSV (i.e.,
longer residence times). Additional design characteristics can be
found in the Supporting Information S7.
Figure 6 illustrates the temperature profile and the reaction

rates in the SMR reactor along the tubes’ length, and Figure 7

shows the dry product gas composition. The SMR reaction rate
has its highest value of 25 mol m−3 s−1 at the inlet, decreasing
gradually to approximately 5 mol m−3 s−1 at the reactor’s outlet.
The WGS reaction rate follows the same trend but close to the
tube’s end, where the temperature reaches 750 °C, it reaches
zero and then becomes negative, designating the promotion of
the reverse WGS.

Figure 5. Simulation of chemical equilibrium in the SMR considering
IG and Peng−Robinson (PR).

Figure 6. Profile of temperature and rates of reactions in the SMR
reactor. The data correspond to the simulation with 15 wt % EtOH in
the feed with 10 t h−1 rate. The temperature of outlet stream of the SMR
is 804 °C and the pressure 30 bar.

Figure 7. Profile of dry product gas composition along the SMR reactor.
The data correspond to the simulation with 15 wt % EtOH in the feed
with 10 t h−1 rate. The temperature of outlet stream of the SMR is 804
°C and the pressure 30 bar.
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The temperature of the reactor’s inlet is low because the feed
enters at 578 °C, but gradually increases along the length of the
reactor. The SMR reaction rate strongly depends on the
temperature of the reactor. The SMR reaction proceeds faster,
closer to the inlet, where the amount of methane is larger,
consuming more energy due to its endothermic nature.
Gradually, as the methane decreases, the energy supplied
becomes more and more sufficient to heat the reactor and
promote methane steam reforming.64 Similarly, the elevation of
H2 concentration and the reduction in CH4 concentration, as
depicted in Figure 7, are steeper closer to the reactor’s inlet,
gradually attenuating as they approach the reactor outlet.
Exergy Analysis. For the exergy analysis, the same case with

15 wt % ethanol in the feed and a feed flow rate of 10 t h−1 was
considered. Figure 8 shows the overall exergy balance. The total
exergy input was 16.28 MW, with the process feed and the
electric power input contributing 76.18 and 23.65% of it,
respectively. Hydrogen accounted for the largest portion of the
exergy output, representing 59.09% of the exergy input. The
exergy efficiency, calculated using eq 26, was estimated to be
67.8%.
The total exergy destruction was 5.23 MW. The SCWG

reactor accounted for the largest share of the total exergy
destruction, at 32.13%, primarily due to the significant amount
of electricity required for heating. The heat exchangers followed,
contributing 30.98% to the total exergy destruction. These heat
exchangers were used to preheat the feeds to the SCWG and SR
reactors by cooling their product streams, cool the final H2-rich
product, and cool the off-gas from the fired heater in the steam
reformer. The latter two tasks involved generating low- and
high-pressure steam across large temperature differences.
The steam reformer was the third largest contributor to exergy

destruction, at 26.27%, due to the combustion of some of the
produced hydrogen and unreacted hydrocarbons to provide
heat for the SR reactions, resulting in the production of
CO2,H2O, and thermal energy. The remaining exergy losses

were attributed to other process units, such as the WGS reactor,
the PSA units, the expander, and the air compressor.
Techno-Economic Analysis. Section S7 in Supporting

Information provides the mass balances and the molar
composition of all the streams used in the simulation, for the
case of 15 wt % EtOH and 10 t h−1. The equipment costs for this
case are given in Section S8, together with the total equipment
costs for different EtOH concentrations (Table S11) and
different feed flow rates (Section S12). Section S8 also enlists the
capital investments for every different simulated case.
Effect of EtOH Concentration on the Break-Even Price of

H2. Figure 9 shows the break-even price of produced hydrogen,
the ratios of NPC and H2 production to their value for 8 wt %
EtOH as a function of the feed concentration. A significant
decrease in the PBE is found from 8 to 18.5 wt % of EtOH
concentration. More specifically, the PBE for 8 wt % EtOH
accounts for 40.1 $ kgHd2

−1, whereas at 18.5 wt % EtOH, the PBE
drops to 18.9 $ kgHd2

−1. A further increase in the EtOH

Figure 8. Exergy balances for the case of 15 wt % EtOH with a feed flow rate of 10 t h−1.

Figure 9.Break-even price of hydrogenwith EtOH concentration in the
feed. The feed flow rate is 1 t h−1.
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concentration leads to slighter drop in the PBE, e.g., for 20 wt %
EtOH, the PBE was calculated to be equal to 17.9 $ kgHd2

−1. Both
H2 production and NPC rates increase linearly with EtOH
concentration, but that of H2 is significantly greater than that of
NPC. Considering therefore the eq 36 of PBE and that the
contributions of the LP-steam, HP-steam, and carbon dioxide
terms are small, the drop in the hydrogen value with ethanol
concentration is justified by the curve in Figure 9. The feed
concentration of the organics thus, plays a crucial role in the
profitability of this process. Fang et al.71 designed and simulated
a SCWGplant for the gasification of 15 and 25 wt % glucose, and
15 wt % sewage sludge with a feed flow rate of 30 t h−1. They
estimated that their process became profitable, in terms of
annual net income, when hydrogen had a minimum selling price
of around 4 $ kgHd2

−1 for 25 wt % glucose and 5 $ kgHd2

−1 for 15 wt
% glucose, respectively.
Higher biomass concentrations can lead to technical bottle-

necks in the operation of continuous processes. The carbon
gasification yield decreases with increasing biomass concen-
tration, leaving more carbonaceous products as side products in
the liquid effluent (tar and char) or as solid deposits.4,8,13 A high
concentration of such organic byproducts in the liquid effluent
can cause clogging72 and also can poison the downstream SMR
catalyst.73 Boukis and Stoll13 argued that a positive energy
balance and relatively high yield of product gas can be generated
when the feed concentration lies between 8 and 12 wt % of dry
matter. Previous experiments from the same group13 with corn
silage at 700 °C and 250 bar had shown that an increase in the
biomass concentration from 5 to 19 wt % leads to a reduction in
the carbon gasification yield from almost 100 to 80%,
respectively, and a rise in the total carbon content in the
effluent from around 750 ppm, at 5 wt %, to approximately 2600
ppm at 20 wt %. Given this technical limitation faced by the
SCWG of real biomass types, and considering the results of the
Figure 9, the EtOH concentration chosen for further study was
15 wt %.
Effect of Feed Flow Rate on the Break-Even Price of H2.The

effect of the feed flow rate on theH2 break-even price is shown in
Figure 10a. There is a steep decline in the PBE from 22.0 $ kgHd2

−1,
at 1 t h−1, to 9.0 $ kgHd2

−1, at 10 t h−1. An increase to 50 t h−1

results in a slighter drop in the PBE price to 6.8 $ kgHd2

−1. A further
increase in the feed flow rate does not significantly improve PBE,
leading to a final price of 6 $ kgHd2

−1 at 160 t h−1. Figure 10b
compares the NPC and their constituents for different feed flow
rates. The NPC at 160 t h−1 are 51 times higher than the NPC at
1 t h−1. What also stands out is the high increase rate of the
OPEXdir with feed flow rate, compared to the Ca and OPEXind.
Despite the large increase in production costs, the price of
hydrogen tends to reach a stable price in the range studied,
consistent with the economies of scale.25

These results are similar to those of Kumar et al.,25 who found
that a higher feed flow rate than 83.3 t h−1 in a SCWG process of
microalgae would not yield further decrease in the price of H2,
which at that point was around 4.6 $ kgHd2

−1. The latter price
from Kumar et al.25 at 83.3 t h−1 is lower than even the PBE price
of this study at 160 t h−1. This difference is attributed to the high
price of EtOH that was used here, i.e., 707 $ tEtOH−1, compared
to the price of the algal biomass from Kumar et al.,25 i.e., 392 $
t−1 of dry biomass. Campanario and Gutieŕrez Ortiz24 studied
the effect of plant capacity from 20 to 200 t h−1 in the process of
bio-oil aqueous phase SCWG coupled withWGS, dry reforming

and Fischer−Tropsch (FT) synthesis. The selling prices of the
FT-biofuels had been halved from 20 to around 90 t h−1, e.g., the
price of gasoline decreased from 2.1 $ kg−1 to around 1.1 $ kg−1.
After this range, the decrease was less significant.
As can be seen from Figure 11, EtOH costs are the most

significant contributor to OPEXdir, followed by electricity. It is
also apparent from Figure 11 that the distribution of costs
remains almost the same with increase in feed flow rate.
Based on Figure 10a, a feed flow rate of 50 t h−1 can be

sufficient to improve the profitability of this process, as
described above. Above this scale, the availability of different
feedstocks should be considered to determine a suitable plant
size. For example, Campanario andGutieŕrez Ortiz24 proposed a
theoretical optimum plant capacity for the processing of bio-oil
aqueous phase in SCWG to be around 200 t h−1, after which the
reduction in production costs is negligible in their proposed
process chain. However, they argued that a more realistic
capacity should aim at 100 t h−1 due to feedstock availability.
One relevant feedstock for the proposed process in this article is
sewage sludge, as it is a wet feedstock that does not need to be
dried in SCWG and thus can be energetically utilized very
efficiently.13,15,35,74,75 According to Fang et al.,71 a sewage sludge
flow rate of 30 t h−1 with 15 wt % dry biomass corresponds to the
disposal capacity of a city with around 1.3 million citizens.
Similarly, a flow rate of 50 t h−1 would correspond to a city of
2.16 million citizens. As an example, this roughly corresponds to
the number of citizens of Hamburg, Germany.76 As this is the
second largest city in Germany, a capacity higher than 50 t h−1 of

Figure 10. (a) Break-even price of hydrogen with varying feed flow rate,
(b) NPC in $ a−1 and its components with feed flow rate. The
concentration of EtOH in the feed is 15 wt %.
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sewage sludge would not be meaningful in this country. Another
suitable feedstock is glycerol, which can be easily gasified and is a
cheap educt.77−80 According to Attarbachi et al.,81 the supply of
glycerol will exceed demand by about 2.33 million tons by 2025.
Assuming that the proposed process uses 15 wt % glycerol with a
capacity in the range of 10 to 50 t h−1 of total feed flow rate, it will
process about 0.5 to 2.6% of the world’s total glycerol surplus by
2025. In conclusion, for the proposed process, a maximal
capacity of 50 t h−1 should be reached in order to increase
sufficiently its profitability.
Sensitivity Analysis. A sensitivity analysis of specific

parameters that affect the PBE was carried out. The analysis
was based on a feed flow rate of 10 t h−1. The investigated
parameters were the unit prices of EtOH, electricity, and clean
water, the total purchase cost of equipment, and the operating
labor costs. Each parameter varied from their reference value by
±50%, while the others remained constant. The results are
summarized in Figure 12. The price of EtOH seems to have the

most significant effect on the PBE, with a ±50% change in its
value resulting in a 27.6% variation in PBE (i.e., 6.5−11.5 $
kgHd2

−1). Kumar et al.25 found that a 20% variation in the cost of
algae leads to a change slightly higher than 20% in the hydrogen
value. Galera and Gutieŕrez Ortiz77 varied the price of glycerol
up to 50% in an SCWG process with a 1 t h−1 glycerol flow rate
with around 26.5 wt % concentration, coming up with a

hydrogen selling price variation of around 17%. Gasafi et al.,75

who studied the SCWG of sewage sludge with 5 t h−1, assuming
a negative unit feedstock cost, estimated that an increase of 50%
in sludge revenue would reduce hydrogen production costs by
72%.
Following the effect of EtOH price, the operating labor brings

about a variation in PBE of 11.9%. The equipment costs and the
price of electricity cause a roughly similar change in the price of
hydrogen, i.e., 8.3 and 9.5%, respectively. The price of clean
water had a negligible impact on the break-even price of H2.
These results suggest a significant reduction in the break-even
price of hydrogen can be achieved by reducing the price of
ethanol. Since ethanol was used as the biomass model in this
study, it is reasonable to examine the effect of its price on PBE in
more detail, thus representing different biomass types.
Effect of the EtOH Price on the Break-Even Price of H2. The

last chapter of the techno-economic analysis focuses on the
effect of the EtOH price on the hydrogen break-even price.
Therefore, the two case studies, which represent the technically
feasible operation range in feed flow rate, i.e., 10−50 t h−1, were
regarded. In both cases, the price of EtOH varied from −0.2 up
to 1 $ L−1, and the PBE was calculated. The concentration of
EtOH was 15 wt %. The results were compared with the average
prices of hydrogen produced by electrolysis (7.8 $ kgHd2

−1), SMR
(1.3 $ kgHd2

−1), and SMR with carbon capture (SMR + CC, 1.9 $
kgHd2

−1) in Germany between 2020 and 2022. The prices of H2

from the different technologies are taken from George et al.,82

who investigated thoroughly the impact of state-induced price
components on the levelized costs of green, blue, and gray
hydrogen in Germany up to 2050. The average electricity price
for large industrial consumers in the German market varied in
the range of 73.5−78.7 $ MWh−1.82 The H2 selling prices that
are used from their study are the ones where no excise tax and
price for CO2 emissions for SMR and SMR+CC are considered.
The results are depicted in Figure 13.
The lowest price of EtOH, which is −0.2 $ L−1, generates the

lowest PBE of 2.2 and 0 $ kgHd2

−1 for 10 and 50 t h−1, respectively.
The base case was 0.56 $ L−1, accounting for 9.0 $ kgHd2

−1 at 10 t
h−1 and 6.8 $ kgHd2

−1 at 50 t h−1. To compete with electrolysis,
prices lower than 0.4 $ L−1 are required for the SCWG of 10 t
h−1, whereas a price lower than 0.6 $ L−1 is needed for 50 t h−1.
Likewise, 50 t h−1 can generate hydrogen at the same price as
SMR + CC when the feedstock price equals 0.01 $ L−1.
However, negative feedstock prices are needed to reach the
value of SMR (i.e., lower than −0.06 $ L−1). For 10 t h−1, the
lowest EtOH price is insufficient to compete with the price of
hydrogen from SMR + CC. Therefore, for this technology to be

Figure 11. Component cost allocation of direct operating expenditures (OPEXdir) for the case of 15 wt % EtOH with (a) 10 and (b) 50 t h−1.

Figure 12. Effect of the percentage changes in the price of various
parameters on PBE, for the case of 15 wt % EtOHwith 10 t h−1 feed flow
rate.
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competitive with the others, given that the capacity is in the
range of 10−50 t h−1, the price of the raw material must be
reduced considerably. Fortunately, biomass offers this possi-
bility.
Alternative waste biomass resources that can be applied in

SCWG include microalgae, glycerol, sewage sludge, phenol,
sugar cane bagasse, and palm oil mill effluent.12,83,84 If crude
glycerol is used, for example, with a unit cost of 0.21 $ kg−1,81

this process will produce H2 with a PBE in the range 3.2−5.4 $
kgHd2

−1, from 50 to 10 t h−1, respectively. Due to its excessive
production compared to its demand, its price may fall
further.77,81 According to Thilakaratne et al.,85 algae costs can
vary from 0.35 to 7.32 $ kg−1, depending on their geographic
location, strain’s properties, extraction and cultivation methods.
If algae were used, a minimum price in the range of 4.0−6.2 $
kgHd2

−1 (for 50 and 10 t h−1, respectively) would be possible.
However, this technology can become extremely expensive if the
highest unit price is considered. In the case of sewage sludge,
there is a revenue associated with its collection and treatment.
Gasafi et al.75 used a revenue of around 0.26 $ kgdry matter−1. By
using this value as a negative feedstock price, the PBE price falls in
the aforementioned range of 0−2.2 $ kgHd2

−1 (for a feed flow rate
in the specified range of 10−50 t h−1). Even higher revenues for
sewage sludge can be used, e.g., 0.481 $ kgdry matter−1.
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Consequently, with appropriate incentives, sewage sludge
gasification can be as competitive as steam reforming of natural
gas.
The use of real biomass feedstocks is associated with certain

technical challenges. Most of them contain inorganic salt
building elements, which can lead to metals corrosion,
clogging,8,13,81,86 and even deactivate the SMR catalyst.87 The
separation of salts can be achieved by specially designed
arrangements of the SCWG reactor8,86,88 or by a continuous
treatment upstream of the SCWG reactor.25 In particular,
sewage sludge requires a feed conditioning process before
gasification.25 Gasafi et al.75 estimated that the feeding
equipment accounts for roughly 3.5% of the equipment
purchasing costs. A decisive element in the design of this
technology is the eventual presence of sulfur in the biomass, as
the sulfur-containing species, especially the H2S, can poison the
SMR and WGS catalysts.51,89,90 The adsorption of H2S can be

done in an adsorber filled with a ZnO-based adsorbent that can
work under high temperatures (400 °C).12,87 These technical
modifications lead to additional equipment purchasing costs
that, in turn, increase production costs. In some cases, they even
increase the OPEXdir, e.g., for the case of H2S adsorption.
However, as the sensitivity analysis showed, a decrease in
feedstock costs is likely to outweigh and should most probably
prevail over the additional investment costs, leading to a lower
PBE. Similarly, the increase in electricity and adsorbents demand
is expected to be less significant than the decrease in feedstock
costs.

■ CONCLUSIONS
A new kinetic model based on Xu and Froment’s model was
developed for the steam reforming of the product gas from
EtOH SCWG, a reforming process that has yet to be studied
extensively. The resulting model simulated the experimental
data adequately, predicting the influence of temperature and
GHSV, while moderate overestimations were found for the
pressure effect. This model is not universal and should only be
implemented in a similar reaction system to the one presented in
this study, i.e., very low partial pressure of methane and with the
consideration of possible internal diffusion control limitations
under atmospheric pressure and high temperature.
The techno-economic analysis addressed a hydrogen

production process by gasifying biomass model compounds
with supercritical water and subsequent steam reforming of the
gasification product. As already used in the experimental work,
ethanol was used as a biomass model compound and its use
accounts for a baseline case. The steam reformer uses the entire
amount of water from the feedstock without intermediate
separation. The energy needs of the steam reformer are met by
the oxyfuel combustion of the residual gas and a small part of the
produced hydrogen. Oxyfuel combustion is implemented using
oxygen separated from air, so that carbon dioxide is produced at
sufficiently high purity to be sold. In addition to hydrogen and
carbon dioxide, high and low pressure steam is produced, which
can serve as a sales product in adjacent chemical plants.
The economic analysis of the proposed process was based on

the break-even price of the hydrogen produced. It was found that
the price of hydrogen can be reduced significantly with
increasing ethanol concentration, from 40.1 $ kgHd2

−1 for 8 wt
% EtOH to 17.9 $ kgHd2

−1 for 20 wt % EtOH, at 1 t h−1 feed flow
rate. In practice, however, technical constraints such as
gasification efficiency do not allow very high concentrations of
organics. Therefore, the concentration proposed for this
chemical process is 15 wt %. A further reduction in the
hydrogen break-even price was achieved by increasing the feed
flow rate. A sharp reduction was possible up to 50 t h−1, with the
hydrogen price falling to 6.8 $ kgHd2

−1, but further capacity
increases did not lead to significant differences. The latter results
are consistent with the constraints imposed by biomass
feedstock availability, making the upper feed rate limit 50 t h−1.
A sensitivity analysis was performed and found that the most

significant contributor to the break-even price of H2 was the
price of EtOH. The current price of ethanol does not accurately
represent other waste biomass feedstocks with high water
content; hence, other values were considered. The value of
crude glycerol enabled the production of H2 with a minimum
break-even price of 3.2 $ kgHd2

−1, at 50 t h−1 and 15 wt % EtOH,
approximately 2.4 times lower than the current price of

Figure 13. Break-even price of hydrogen as a function of the purchasing
price of EtOH, for SCWG of 15 wt % EtOH with 10 and 50 t h−1 feed
flow rate. Prices of hydrogen from different production technologies are
added from literature and are related to the average prices in Germany
in the years 2020−2022.82
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hydrogen produced by electrolysis in Germany. Using sewage
sludge may result in the highest possible profitability due to the
revenues associated with its treatment. A feedstock price in the
range of −0.26 to 0 $ kg−1 leads to a break-even price between 0
and 1.8 $ kgHd2

−1, which falls to the same current price range with
the conventional technologies, i.e., of natural gas steam
reforming and steam reforming with carbon capture. These
findings, however, rule out the specific technical modifications
that must be integrated when dealing with actual waste biomass,
e.g., salt separation, which are expected to increase the final
break-even price of H2 somewhat.
Future research should assess this process when real waste

biomass is implemented, thus providing a more accurate
estimate of the hydrogen break-even price. In addition, different
arrangements between energy-intensive units and heat ex-
changers can be investigated and combined with an exergy
analysis to make the overall process depend as slightly on the
external energy supply as possible.
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